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Optimisation of fine chemistry syntheses is often restricted to a dissociated ap-
proach of the process, lying in the separated determination of optimal conditions of each
operating step. In this paper, an optimisation framework integrating a global optimisation
approach is presented. Based on an the accurate modelling of reaction-separation pro-
cesses linked with an efficient SQP method, this framework allows optimising various
fine chemistry syntheses. The purpose of the present paper focuses on the validation and
the application of this framework. Thus, compared with a classical approach, the applica-
tion to a propylene glycol synthesis highlights the benefits and the limits of the proposed

methodology.
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Introduction

The synthesis of fine chemicals or pharma-
ceuticals, widely carried out in batch processes,
implies many successive reaction and separation
steps. Thus, synthesis optimisation is often re-
stricted to the determination of the optimal operat-
ing conditions of each step separately. This ap-
proach is based on the use of reliable optimisation
tools and has involved the development of various
optimal control studies in reaction and distilla-
tion.!2

Nevertheless, such an approach does not de-
finitely lead to the optimal conditions for a global
synthesis. For example, optimising the conver-
sion of a reaction for which separation between
the desired product and the by-products is more
difficult than between the reactants, will involve
an important operating cost, due to further diffi-
culties in the separation scheme. Thus, necessity
to simultaneously integrate all the process steps
in a single global optimisation approach clearly
appears. Recent issues in the dynamic simula-
tion and optimisation have been exploited to
accomplish this goal. Thus, in literature optimi-
sation works based on a global approach recently
appears.’= These works because of the global pro-
cess configuration (e.g. reactive distillation pro-
cess), because of the modelling simplifications
and because of the optimisation procedure do not
allow grasping the benefits linked to a global ap-
proach.

The purpose of the present study is to propose,
by mean of a global synthesis optimisation frame-
work, a comparison between a classical and a
global optimisation approach. Applied to a standard
reaction-separation  synthesis, this comparison
emphasises the characteristics of each approach.
This paper is also divided into two parts. The first
part details the optimisation framework, based on a
dynamic simulator associated with an efficient opti-
misation method and presents the associated valida-
tion carried out through a process of methyl acetate
production. The second part focuses on the optimi-
sation of propylene glycol synthesis and highlights
the global approach benefits and limits.

Simulation environment

Because of the step by step structure of global
syntheses, the simulation tool developed is based on
a hybrid modular model. The continuous part repre-
sents the behaviour of batch equipments, the dis-
continuous part, the train of the different steps oc-
curring during the synthesis of a product. The mod-
ular description integrates three detailed modules: a
feed-batch reactor module, a column module, an
overhead condenser module. By association of
these modules, various fine chemistry processes can
be represented: fine chemical reactor, evaporator re-
actor, reactor with overhead condenser, reactor with
overhead column, batch distillation column, reac-
tive batch distillation column, etc.
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Model equations

The rigorous and detailed description of each
module involves modelling aspects resulting on a dif-
ferential algebraic equations (DAE) system. Differen-
tial equations consist of total and component material
balances, total energy balance and continuity equation
in the case of steam vapour heating. Algebraic equa-
tions are composed of vapour-liquid equilibrium rela-
tionships, summation equations and physical property
estimations. In order to simplify the model establish-
ment, the following assumptions are applied:

— perfect mixing,
— vapour-liquid equilibrium with possible in-
troduction of Murphree,

— negligible vapour holdup. Chemical reac-
tions in the vapour phase are not considered,

— constant volume of liquid holdup (except for
the reactor),

— total condenser with a possible sub-cooling.

In order to be able to represent a wide variety
of fine chemistry processes, a general model inte-
grating simultaneously the three modules has been
considered. Then, according to the synthesis pro-
cess, the column and/or the condenser are neglected
by an efficiency and a holdup set to zero. Hence,
the general process model scheme is as shown in
figure 1, with plates numbered from top to bottom.
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Fig. 1 — Model general scheme

Several literature works have influenced estab-
lishment of the reactor model®’ and of the column
and condenser models®°. According to these works,
for a generic plate k, representing either the reactor,
either the condenser or either a column tray, the fol-
lowing equations can be written:

Total mass balance

du
T;:Fk + (1= S Wi +(1=S )DL — (1)

Vi =L+ D, > CsY x v v + R L
i

Component i mass balance

d(uy xy)

TR =S i @)

H1= S Lixio = Vivi — Lixg
+ ECsi’j X rj}vk + R Lyx{
J

Energy balance

d(uy )

dr = Feh + (1= S Wi H o 3)

+(1— 515—1 Woy_yhy_y =ViH\ = Ly

+

2 AHr! X r/ )vk + R Lihy + Oy
J

Equilibrium relationship
Vin(l—e) e Kix, = =0 (4

Vapour enthalpy balance (for column only)

Hey(—e)+e H —H =0 Q)

For the condenser, plate 1:
01 =U o4 Ao o (T = T)) = (1= S, W,AHe,,  (6)
e=1 R, =0

For the reactor, plate n:
00 =Uiiwdiow(Try = Ty), ey =1 R, =0 (7)

In order to keep a general formulation of the
equations system, a general reflux term has been
defined into mass and energy balances (R,L,).
Physically, the liquid reflux from the condenser is
introduced in the top of column (second stage).
Consequently, vector R, represents the plate k re-
flux ratio (with R, =0 ifk =2 and R, = R if k = 2)
and L, the reflux flow rate descended from the con-
denser.

Previous equations constitute the basic mathe-
matical model. Summation equations, equations of
the thermodynamic models (molar enthalpy, molar
holdup and VLE constant), side streams equations
and thermal equations complete this mathematical
model. Thermal modelling is particularly detailed in
order to allow temperature control, notably during
constant temperature policy. A heat transfer fluid
circulating in the jacket ensures heating and cool-
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ing. Thus, equations 8 to 10 describe the reactor
thermal behaviour. Correlations based on the geo-
metrical characteristics of the reactor are used to
determine heat transfer coefficients.'® A complete
physical property estimation system with associated
data bank is also used!’.

Reactor wall energy balance

dr.,
merprw TzUr,rwAr,rw (Tn _Trw) (8)
+Urw,ambArw,amb(Tamb - Trw )

Dy bt CPrw nt Pie (T = Ty )

Jacket energy balance

My Cpyg o U vy nf Arw it (Tew

U e jw Anf jw (Tjw

—Twe) )

- Thf)
+D1Cpie P (Tof — T )

Jacket wall energy balance

dr;

w

dt

U 1t jw An jw (The = Tiw)

ijijw = ij,ambAjw,amb(Tamb - Tjw) (10)

Numerical solution

The complete model representing the dynamic
behaviour of global syntheses leads to a set of dif-
ferential and algebraic equations, with the following
characteristics:

— huge dimension,
— strong non-linearity,
— stiffness.

DISCo,!? a general solver of DAE system,
based on the Gear method obtains the numerical so-
lution of the developed model. Besides its accuracy
and numerical robustness, DISCo allows from its
events detection facilities and automatic initialis-
ation procedure, to develop a complex procedure of
the dynamic process management.

Process dynamic management

The global synthesis treatment requires to sim-
ulate the train of different steps and particularly to
account for the startup and the shutdown of these
steps. Thus, one process step is divided into many
modelling sub-steps. Rigorous modelling requires a
specific model for each of these subs-steps and so
transitions from one to another may lead to discon-
tinuities in the mathematical model structure. The

management procedure of this dynamic consists of
the following scheme:

— detection of the associated event (i.e. for
evaporation: temperature reaching the bubble
point),

— resulting modifications in the mathematical
model, corresponding to the occurring step,

— accurate initialisation of the new mathemati-
cal model,

— integration of the new mathematical model.

The relative heaviness of this procedure is
however compensated, in CPU time terms, by the
DISCo integration velocity and accuracy, due to the
use of operator sparse and to its automatic initialis-
ation procedure for the new DAE system. This pro-
cedure has been satisfactorily validated in the con-
text of batch distillation columns startup.

Experimental validation

The global synthesis model involves different
modelling aspects: reaction and separation aspects.
In order to validate simultaneously all these aspects,
a complex process of reactive batch distillation has
been studied. It has to be noted that separation as-
pects have also been separately validated on an in-
dustrial solvent changing process'3.

Experimental

Bonnaillie et al.'* considered a methyl acetate
production process by reactive distillation. The
batch pilot plant and the experimental results of
their study have been exploited in the validation of
the general model of the present work. The batch
pilot plant involves a glass reactor with an overhead
distillation column. The bottom plant is composed
of a stirred jacketed glass reactor of 5 litres volume.
The jacket is provided with a heat transfer fluid cir-
culating in a boiler at around 160 °C. The overhead
distillation column consists of a multiknit packed
column (50 cm in length and 10 cm in diameter)
with a condenser and a distillate tank. The con-
denser involves a spiral coil heat exchanger pro-
vided with cooling water. An adjustable timer regu-
lates periodic switching between distillate tank and
reflux to the column, with a constant reflux policy.

0 0

= P
CH,OH+CH,C_ == H,0+CH,C_ (1)
OH O-CH,

Methanol Acetic acid
(65 °C) (118 °C)

Water Methyl acetate
(100 °C) (57 °C)

Production of methyl acetate is ensured by the
addition of acetic acid to methanol with sulfuric
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acid as homogeneous catalyst, as can bee shown on
the reaction scheme (11). Comparison of boiling
point temperatures shows the higher volatility of
methyl acetate relative to the other components.
Thus, methyl acetate removals, by distillation, en-
able the reaction to reach higher conversion than
theoretical equilibrium value. Three experiments
have been exploited: experiment with reaction only,
experiment with distillation only (following a reac-
tion phase), experiment of reactive distillation, i.e.
coupling of reaction and distillation. The experi-
mental conditions are listed in table 1.

Table 1 - Experimental conditions
Experiment Initi?;tilz)lolar Reflux ratio Efgﬁlgnsf
a Reaction 1.4 0 5 ml
b Distillation 1.4 2.5 5 ml
¢ Coupling 1.4 o, 2.5 5 ml

Simulation validation

In order to verify the mathematical model ac-
curacy, the experiments carried out by Bonnaillie et
al." have been simulated. The same thermody-
namic (NRTL) and kinetic models have been used.
It has to be noted that reaction rate model is a sim-
ple kinetic model (12), in agreement with data re-
ported in literature!®.

_EA
r=k_,.. exp|——
ester p( RT ) Keq

Ci,0 " CwMea
Caac " Cwmeon — = (12)

with:
K.y — pre-exponential factor = 3300 1 - mol ™" -
mn!' - ml"! H,SO,

E, - activation energy = 41800 J - mol™!

ester

simulations are compared to samples withdrawn
into the reactor (fig. 2 to 4). Figure 3 and 4 show,
during distillation and coupling experiments, light
differences between experimental and simulated
compositions. These differences are explainable, on
the one hand by the strong thermodynamic
non-ideality of the mixture and on the other hand by
the kinetic model simplicity. In fact complex kinetic
models'® and models taking into account the
non-ideality of the mixture and so integrating ther-
modynamic models'”'® would probably provide
more accuracy. Nevertheless, the good agreement
between experiments and their mathematical repre-
sentations allows validating the simulation environ-
ment. Simulations also show, through coupling re-
sults, the advantages linked to reactive distillation
and emphasise the necessity of taking into account
all the synthesis operating steps (in this case, reac-
tion and distillation) in optimal conditions determi-
nation.

Dynamic optimisation

Various successive operating steps generally
constitute a global synthesis: reaction steps, concen-
tration and purification steps. Thus, taking into ac-
count each step influence in the determination of
the synthesis optimal operating conditions appears
necessary. Consequently, optimisation variables of
the global problem consist of the specific control
variables of each step: reactor temperature or reac-
tants addition rate for reaction step, reflux ratio for
distillation step, etc. Specificities of the different
process steps, for example production rate or prod-
uct purity for reaction step, are then considered as
global final constraints. Thus, the dynamic optimi-
sation problem of global syntheses consists of a
general optimal control problem.

K. — equilibrium constant 1.0
— -----Acetic Acid - Sim  ------- Methanol - Sim —— Methyl Acetate - Sim ----- Water - Sim
5
Simulations are based on the 4 Acetic Acid - Exp = Methanol - Exp * Methyl Acetate - Exp ¢ Water - Exp
0.8

description of the packed column
by means of discrete stages with

c
. S
constant volume holdup and inte- 35 06
grating Murphree efficiency (see = \
model  equations).  Previous ;3 04

work'4 shows that the considered
packed column comprises 6 theo-
retical stage and studies the influ-
ence of the kinetic and thermody-
namic modelling on the represen-

tation accuracy. 100
. Time (min
For each experiment (reac- (i)
tion, distillation and coupling) the Fig. 2 — Variation of reactor composition with time for reaction experiment
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- 0/,/
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spect to control variables. For
global syntheses, owing to pro-
cesses complexity, analytic ex-
pression of gradients is not avail-
able. In this case, a numeric esti-
mation can be provided by sensi-
tivity equations or finite differen-
tiation methods which constitute
the computationally more effi-
cient methods?>. The use of spe-
cific tools (specific DAE solver'?
and specific optimisation me-
thod?!) can not afford to easily de-

velop sensitivity equations

' method. Consequently, gradients

. ) 190 estimations are performed by fi-
m min . . . R

ime (min) nite differentiation method. The

Fig. 3 — Variation of reactor composition with time for distillation experiment use of finite differentiation suffers

from the need for careful selection

of the perturbation size and for

Acetic Acid - Sim Methanol - Sim — Methy| Acetate - Sim Water - Sim numerous additlonal lntegratlons

1.0 - 4 Acetic Acid - Exp = Methanol - Exp * Methyl Acetate - Exp ¢ Water - Exp Of the mathematiCal mOdel. OnCe

T more, DISCo integration velocity

Molar fraction

.

allows reducing the CPU time.

Comparison of
optimisation approaches

The purpose of the present
study lies in the comparison be-
tween a traditional (dissociated)
and a global optimisation ap-
proach, on a standard synthesis

Time (min)

Fig. 4 — Variation of reactor composition with time for reactive distillation experiment

Non-linear programming (NLP) technique is
used for solving the dynamic optimisation problem.
This NLP approach involves transforming the gen-
eral optimal control problem, which is of infinite di-
mension (the control variables are time-dependant),
into a finite dimensional NLP problem by means of
control vector parameterisation (CVP).! According
to this parameterisation technique, the control vari-
ables are restricted to a predefined form of temporal
variation which is often referred to as a basis func-
tion: Lagrange polynomials (piecewise constant,
piecewise linear) or exponential based function.?

A successive quadratic programming (SQP)
method?! is applied to solve the resultant NLP. The
chosen optimisation method requires in addition to
the values of the objective function and the con-
straints, the knowledge of their gradients with re-

example. Thus, a simple reac-
tion-separation process of propyl-
ene glycol production has been
successively optimised according
to each approach.

Propylene glycol production

Industrially, propylene glycol is obtained by
hydration of propylene oxide to glycol. In addition
to monoglycol, smaller amounts of di- and
triglycols are produced as by-products, according to
the following reaction scheme:

C3H6O + Hzo rﬁl C3H802
C;HO + C3H{0, —— C¢H,,0; (13)

Water is supplied in large excess in order to fa-
vour propylene glycol production. The reaction is
catalysed by sulfuric acid and takes place at room
temperature. In order to dilute the feed and to keep
the propylene oxide soluble in water, methanol is
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also added. The reaction is carried out in a 5 litre
stirred-jacketed glass reactor. Initial conditions de-
scribed by Furusawa et al.>* have been applied: an
equivolumic feed mixture of propylene oxide and
methanol is added to the reactor initially supplied by
water and sulfuric acid, for a propylene oxide con-
centration of 2.15 mol - L. In agreement with previ-
ous works reported in literature?-3, kinetic parame-
ters of the reaction model are summarised in table 2.

Table 2 - Kinetic model of propylene glycol formation

Pre-exponen-| Activation Reaction Heat of
Reaction tial factor energy apparent reaction
(L - mol™" - |(Kcal - mol! order -1
) K (Kcal - mol™)
s7) A B
1 1.22 108 18.0 1 1 -20.52
2 1.39 10'° 21.1 11 -27.01
3 9.09 10'! 23.8 11 -25.81
—E
Arrhenius law r = k-exp (R—T“) (410 B

According to components bubble point (table
3), separation of propylene glycol involves the dis-
tillation of the methanol and the resultant reactants
(for the most part water). Propylene glycol and
by-products are then recovered from the boiler. The
process overhead batch distillation column consists
of a packed column of 50 cm in length and 10 cm in
diameter. A condenser equipped with a complex
controlled reflux device completes this process. A
heat transfer fluid supply reactor jacket with a tem-
perature varying from 10 to 170 °C according to the
operating steps. The geometric characteristics of the
column are the same as the esterification column
ones. Hence, the behaviour of the
column is assumed to be repre-

sented by 6 theoretical stages with |
constant volume holdup.

50
Reaction optimisation .

Optimal control problem of
reactions generally involves two
contradictory criteria: the operat-
ing time and the reactants conver-
sion. Thus, in the case of the pres-
ent work, the optimisation study b
amounts in the determination of
the optimal profiles of tempera-
ture and reactants addition, for an
operating time objective function
with an acid conversion constraint
set up to 95.5 %. Within the con-

Teemparabue (C)
] e
(=] (=

(=]

Table 3 - Components separation characteristics
Component Bubble point temperature (°C)
Propylene oxide 34
Methanol 65
Water 100
Propylene glycol 182
Dipropylene glycol 233
Tripropylene glycol 271

text of an industrial reactor, the considered tempera-
ture consists in the heat transfer fluid temperature.

Two different optimal control problems have
been studied with or without a production constraint
on the by-products amount: by-products amount in-
ferior to 3.5 % of the total produced amount. In
these problems, the temperature profile of the heat
transfer fluid is discretised in five identical time in-
tervals. Piecewise constant parameterisation of the
temperature has then been adopted. Reactant addi-
tion flow rate has also been discretised in five inter-
vals, but only the four last ones have the same size.
Then, the time of the first interval and the value of
the piecewise constant constitute the optimisation
variables of the feed flow rate. The optimisation re-
sults are given on figures 5 and 6.

Optimisation results show that a batch addition
of the reactant constitutes the best feed profile. Ac-
cording to the reaction scheme (consecutive-com-
petitive reactions) these profiles could be a priori
determined.?®?” The configuration of the activation
energies implies that a temperature increase favours
the production of by-products. Thus, it appears that,
in optimal profiles, the temperature is maintained
low and particularly with a by-products constraint.
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Fig. 5 — Optimal reaction profiles without by-products constraints
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At the end of the reaction step, the
reactor temperature increases in
order to respect the conversion
constraint (95.5 %).

Distillation optimisation

Optimal control of a batch
distillation column consists in the
determination of the suitable re-
flux policy with respect to a par-
ticular objective function (e.g.
profit) and set of constraints (e.g.
product purity). In the purpose of
the present work, the optimisation
problem is defined with an operat-
ing time objective function and
purity constraints set on the re-
covery ratio (90 %) and on the
propylene glycol final purity
(80 % molar). Different basis
functions have been adopted for
the control vector parameterisa-
tion of the problem: piecewise
constant and linear with five iden-
tical time intervals and a hyper-
bolic tangent function. Optimal
reflux profiles are determined
with the final conditions of the
previous optimal reactions as ini-
tial conditions. The optimal pro-
files of the resultant distillations
are presented on figures 7 and 8.

The determination of the op-
timal reflux profiles leads to
equivalent results in the case of
propylene glycol production with
or without by-products constraint.
In fact, due to a reaction step car-
ried out with large water excess,
the compositions at the beginning
of the separation step are quite
identical, independently of the
considered production.

For a given production (with
or without by-products constraint),
independently of the considered
profile, the optimal solution ap-
pears to be the same, with an ac-
curate representation by continu-
ous profiles (figures 7 and 8).
This equivalence highlights the
strong non-linearity of the optimi-
sation problem and the difficulty
to find suitable optimal solutions.
Moreover, in the cases of
piecewise linear and hyperbolic
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Fig. 6 — Optimal reaction profiles with a by-products constraint
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tangent reflux profiles, initials conditions (initial
value of optimisation variables) are extrapolated
from the optimal piecewise constant profile. This
procedure contributes to the obtaining of optimal
profiles close to the piecewise constant one. Spe-
cific initial conditions according to the considered
parameterisation profile should probably lead to
different solutions and then to conclude in the con-
tinuous profiles superiority (hyperbolic tangent,
piecewise linear).

Global synthesis optimisation

In this part of the study, optimisation of the
production is carried out according to a global ap-
proach. The reaction step and the successive distil-
lation step intervene simultaneously in the evalua-
tion of the optimal operating conditions. In order to
compare these results with the classical approach
ones, like in the previous studies, an operating time
criterion has been chosen. Thus the optimisation
problem lies in the minimisation of the operating
time required for the propylene glycol synthesis.

According to the previous optimisations, two
kinds of propylene glycol production have been
studied: a production with yield and purity con-
straints and a production with in addition a by-prod-
ucts constraint. In order to compare the different op-
timisation approaches, the same constraints have
been adopted. Thus, the constraints on the final con-
ditions for the global approach are the following:

—yield = 86 % (Conversion = 95.5 % during re-
action and recovery ratio = 90 % during distillation),

— propylene glycol final composition = 80 %
molar,

— by-products amount recovered < 3.8 % of to-
tal produced amount recovered (only for synthesis
with a by-products constraint).

Control variables of the
global  synthesis optimisation
problem consist of the different
control variables of reaction and
distillation steps extended to the
total operating time: heat transfer
fluid temperature, reactants addi-
tion flow rate and reflux ratio.
Thus, except for the reactants ad-
dition, discretisation of the control
variables differs from previous
sections. The temperature is rep-
resented by a piecewise constant
profile with six time intervals and
a variable size for the last one.
This discretisation offers an accu-
rate temperature profile (with five
intervals) in the beginning of the
synthesis, when temperature vari-

200

150

Temperalui ("C)

50

4%

ations have the most influence on the propylene
glycol production. The last interval appears to be
dedicated to the separation, when heat transfer fluid
temperature reaches its maximal value. Reflux is
assumed to be total during the reaction step and the
column startup, with a constant volume holdup for
each theoretical stage. Then, reflux ratio is repre-
sented by piecewise constant or linear (5 identical
intervals) or by a hyperbolic tangent function.

Because of the configuration of the propylene
glycol reaction scheme (consecutive-competitive
reactions), a batch profile also constitutes the opti-
mal solution of reactants introduction in the case of
a global approach. Thus, in order to simplify results
presentation, optimal profiles of reactants addition
are not given. The optimal temperature conditions
lead to a temperature profile of the heat transfer
fluid divided in two parts. The first part represents a
pure reaction step in which temperature is main-
tained low in order to favour propylene glycol pro-
duction. The second part consists of a separation
step with a maximal heat transfer fluid temperature.
As opposition to a classical approach, in this case,
these reaction and separation steps are not dissoci-
ated, separation beginning before the end of propyl-
ene glycol formation.

During the optimisation study, the influence of
different reflux profiles (piecewise constant or lin-
ear, hyperbolic tangent function) has been evalu-
ated. Like in distillation optimisation and for the
same reasons, variation of reflux policy leads to the
same optimal reflux profile and does not affect the
other optimal operating conditions. Nevertheless,
hyperbolic tangent profiles appear better allowing
slightly reduction of the operating time. Conse-
quently, only reflux optimal profiles based on hy-
perbolic tangent function are described in results
graphical representations: figures 9 and 10.
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Fig. 9 — Optimal profiles for global synthesis without by-products constraints
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Comparison of optimisation
approaches

The different optimisation
approaches are compared in terms
of optimal control variables (fig-
ures 11 and 12) and in terms of
objective  function (operating
time, table 4). Propylene glycol
synthesis involves three control
variables: reactants introduction,
heat transfer fluid temperature, re-
flux policy. Whatever the optimi-
sation approach is, a batch profile
always constitutes the optimal so-
lution of reactants introduction.
Hence, the comparison of control
variables is reduced to the com-
parison of temperature and reflux
policy.

In the case of a global ap-
proach, the optimal temperature
profile of heat transfer fluid in-
volves a shorter pure reaction
step. The beginning of distillation
(maximal value of the heat trans-
fer fluid temperature) occurs ear-
lier, before the total conversion of
propylene oxide, revealing a cou-
pling between the reaction and the
separation steps. Optimal solu-
tions based on a classical ap-
proach, because of the dissociated
consideration of the operating
steps can not integrate such a cou-
pling. This coupling involves a
particular temperature profile, ly-
ing during pure reaction step, ini-
tially in an increased reaction
temperature and then in an en-
hanced cooling in order to com-
pensate the by-products formation
during the separation beginning
and to obtain the desired final
production.

The global approach im-
proves the determination of the
optimal operating conditions, re-
sulting in an operating time reduc-
tion, from 9 to 14 %. This reduc-
tion appears as the consequence
of the coupling between reaction
and separation steps resulting in a
faster reaction and an earlier sepa-
ration. Nevertheless, an addition
of constraints to the synthesis op-
timisation problem, by restricting
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Fig. 10 — Optimal profiles for global synthesis with a by-products constraint
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Fig. 11— Comparison of the optimal operating conditions according to the optimisa-
tion approach in the case of propylene glycol synthesis without by-products constraints
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Fig. 12— Comparison of the optimal operating conditions according to the optimisa-
tion approach in the case of propylene glycol synthesis with a by-products constraint
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Table 4 — Comparison of operating times according to the optimisation approach

Classical approach

Global approach

Variables Constraints Op. Time Variables Constraints Op. Time
Reaction 12 2 1 h 04 min
Synthesis ) .
without Separation 4 2 3 h 02 min
by-products Global 16 4 4 h 06 min 17 2 3 h 30 min
constraint
Gain 14 %
Reaction 12 3 1 h 34 min
Synthesis ) .
with Separation 4 2 3 h 02 min
by-products Global 16 5 4 h 36 min 17 3 4h 11 min
constraint
Gain 9 %

the coupling influence, leads the global approach
nearer a dissociated approach and so reduces the
possible benefits. Consequently, global optimisation
approach appears attractive in the case of high cou-
pling synthesis (e.g. synthesis capable to be per-
formed by reactive distillation processes) and offers
only few improvements in high constrained synthe-
sis problems.

Conclusion

The study reported in this paper lies in the use
of a general optimisation framework dedicated to
global syntheses and based on a global approach.
In contrast with a classical approach, a global ap-
proach simultaneously integrates all operating steps
in the determination of a process optimisation con-
ditions and so takes into account possible coupling
between steps. The resultant benefits of this meth-
odology have been clearly demonstrated in an ex-
ample of reaction solvent choice.?®

The dynamic simulation aspects of this frame-
work have been validated through the study of a re-
active batch distillation process of methyl acetate
production. In spite of the strong coupling between
reaction and separation (i.e. between kinetic and
VLE modelling aspects) of the reactive distillation,
the framework successfully provides accurate and
reliable representations of various experiments.

The developed framework presents the capabil-
ity of solving optimal control problems by a global
and also a classical approach. The application of
this characteristic to a propylene glycol synthesis
provides a relevant comparison leading to strategic
conclusions about global approach advantages.
Thus, outwards cases of global process (e.g. reac-
tive distillation process) in which a global approach
constitutes the only optimisation alternative, global
approach appears more favourable in cases of low

constrained processes. Such “freedom” provides the
possibility to couple operating steps and so to real-
ise resultant benefits. Introduction of constraints in
the optimisation problem restricts this possibility
and then reduces the influence of a global approach.
For high constrained processes, unfortunately the
majority of fine chemistry processes, the global ap-
proach tends towards a classical dissociated ap-
proach and then provides few improvements. Nev-
ertheless, in such cases our framework offers the
advantage of an estimation of these improvements.

Notation

A - heat transfer area, m?

C - concentration, mol - 1!

Cp - specific heat, J - kg'' - K'!

Cs - stochiometric coefficient

D - heat transfer fluid flow rate, m> - s/
Ea - activation energy, J - mol™!

— Murphree efficiency

— molar flow rate of feed, mol - s!

— liquid molar enthalpy, J - mol™!

— vapour molar enthalpy, J - mol!

— VLE constant

— molar flow rate of liquid, mol - s!
— mass, kg

— rate of heat transfer, J « s

— reaction rate, mol - m> - s’

— reflux ratio

— liquid side stream coefficient

— vapour side stream coefficient

— time, s

— temperature, K

— heat transfer coefficient, J] - m2 - K! - s
— molar holdup, mol

— molar flow rate of vapour, mol - 5!
- volume, m?

T ST ONTLERIQI NRT SO
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X — liquid mole fraction
y - vapour mole fraction
Greek letters

AHc — molar condensation heat, J - mol™!
AHr — formation enthalpy, J - mol™!
p  — density, kg - m™

Subscripts

amb — ambiant medium

— condenser

— condenser cooling fluid
— heat transfer fluid

— jacket wall

— plate index

— total number of plates
— reactor

— reactor wall

— —. el e)
2" P RERS

Superscripts

in - inlet

f - feed

i — component index

] — reaction index

* — vapour liquid equilibrium
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