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Cycles are a major part of the ongoing investigation and investment to valorize low grade industrial waste heat [START_REF] Jouhara | Waste Heat Recovery Technologies and Applications[END_REF][START_REF] Varga | Comparison of Low Temperature Waste Heat Recovery Methods[END_REF][START_REF] Van De Bor | Low Grade Waste Heat Recovery Using Heat Pumps and Power Cycles[END_REF] .

Since F-gas regulations [START_REF]Council of 16 April 2014 on Fluorinated Greenhouse Gases and[END_REF] , and Kigali and Kyoto protocols before that, HFCs are being replaced by low GWP alternatives, namely HFOs refrigerants. Considering pure refrigerants, the list of promising candidates is reduced as the constraints increases, whether it is environmental, thermodynamical, economical, security ones or others. A handful is then considered by most of the scientific community for investigations [START_REF] Mclinden | A Thermodynamic Analysis of Refrigerants: Possibilities and Tradeoffs for Low-GWP Refrigerants[END_REF] .

Zeotropic mixtures of refrigerant can be a great solution. First, the glide inherent of zeotropic mixtures allows to better fit the temperature of the heat source, reducing exergetic losses and increasing efficiency [START_REF] Braimakis | Exergetic Performance of CO2 and Ultra-Low GWP Refrigerant Mixtures as Working Fluids in ORC for Waste Heat Recovery[END_REF] , especially at low temperatures [START_REF] Chys | Potential of Zeotropic Mixtures as Working Fluids in Organic Rankine Cycles[END_REF][START_REF] Heberle | Zeotropic Mixtures as Working Fluids in Organic Rankine Cycles for Low-Enthalpy Geothermal Resources[END_REF] . Second, mixing low GWP refrigerant with their high performances HFCs predecessor allows to find a common middle ground resulting in similar performances with low GWP. Mixtures can be a way to mitigate the undesirable properties of pure refrigerants and allows for a bigger list of refrigerants to be considered, in combination with others.

R1234yf is the main candidate for the replacement of R134a in HVAC applications [START_REF] Pabon | Applications of Refrigerant R1234yf in Heating, Air Conditioning and Refrigeration Systems: A Decade of Researches[END_REF] , while R1233zd(E) is mainly investigated to replace R245fa 10 in ORCs [START_REF] Eyerer | Experimental Investigation of Modern ORC Working Fluids R1224yd(Z) and R1233zd(E) as Replacements for R245fa[END_REF][START_REF] Yang | Simultaneous Experimental Comparison of Low-GWP Refrigerants as Drop-in Replacements to R245fa for Organic Rankine Cycle Application: R1234ze(Z), R1233zd(E), and R1336mzz(E)[END_REF] and HPs [START_REF] Jiang | Theoretical Performance Assessment of Low-GWP Refrigerant R1233zd(E) Applied in High Temperature Heat Pump System[END_REF] . Thermophysical properties data are essential for the selection of the best working fluid. In particular, adequate equipment are needed for the measurement and identification of the phase diagram [START_REF] Coquelet | Experimental Determination of Phase Diagram and Modeling: Application to Refrigerant Mixtures[END_REF] .

Previous research provided isothermal vapor-liquid equilibria (VLE) data for different mixtures with R1234yf [START_REF] Abbadi | Experimental Measurements and Modelling of Vapour-liquid Equilibria for Four Mixtures of 2,3,3,3-tetrafluoropropene (R1234yf) with 1,1,1,2-tetrafluoroethane ([END_REF][START_REF] Juntarachat | Experimental Measurements and Correlation of Vapor-Liquid Equilibrium and Critical Data for the CO2 + R1234yf and CO2 + R1234ze(E) Binary Mixtures[END_REF][START_REF] Madani | Isothermal Vapor-Liquid Equilibrium Data for the Trifluoromethane (R23) + 2,3,3,3-Tetrafluoroprop-1-Ene (R1234yf) System at Temperatures from 254 to 348 K[END_REF][START_REF] Yang | Critical Properties and Vapor-Liquid Equilibrium of Two near-Azeotropic Mixtures Containing HFOs[END_REF] . This paper focuses on the isothermal VLE data of mixtures with R1233zd(E) and R1233xf, a refrigerant which constitutes one of the main building blocks in the synthesis of R1234yf [START_REF] Teinz | Catalytic Formation of 2,3,3,3-Tetrafluoropropene from 2-Chloro-3,3,3-Trifluoropropene at Fluorinated Chromia: A Study of Reaction Pathways[END_REF] . HCl + R1233zd(E) mixture is also included in the measurements. While it is not a refrigerant mixture, HCl can be found after the synthesis of R1233zd(E) as impurity. It is therefore useful to plot this mixture's phase diagram in order to properly separate them.

Vapor pressure of R1233zd(E) have been measured by several laboratories [START_REF] Mondéjar | Thermodynamic Properties of Trans-1-Chloro-3,3,3-Trifluoropropene (R1233zd(E)): Vapor Pressure, (p, ρ, T) Behavior, and Speed of Sound Measurements, and Equation of State[END_REF][START_REF] Sakoda | Measurements of Vapor Pressures for Trans-1-Chloro-3,3,3-Trifluoropropene (R1233zd(E)) and Cis-1,1,1,4,4,4-Hexafluoro-2-Butene (R1336mzz(Z))[END_REF][START_REF] Di Nicola | Saturated Pressure Measurements of Trans-1-Chloro-3,3,3-Trifluoroprop-1-Ene (R1233zd(E))[END_REF] . VLE mixture data involving R1233zd(E) found in the open literature concern R1233zd(E)+HC-600a [START_REF] Brown | Vapor Phase PvTx Measurements of Binary Blends of Trans-1-Chloro-3,3,3-Trifluoroprop-1-Ene + Isobutane and Cis-1,3,3,3-Tetrafluoroprop-1-Ene + Isobutane[END_REF] and R1233zd(E)+R1234yf [START_REF] Abbadi | Experimental Measurements and Modelling of Vapour-liquid Equilibria for Four Mixtures of 2,3,3,3-tetrafluoropropene (R1234yf) with 1,1,1,2-tetrafluoroethane ([END_REF] systems.

The only data found in the open literature on R1233xf concern pure vapor pressure measurement [START_REF] Zhang | Vapor Pressures of 2-Chloro-3,3,3-Trifluoropropene (HCFO-1233xf)[END_REF] and VLE data of the mixtures R1234yf+R1233xf [START_REF] Abbadi | Experimental Measurements and Modelling of Vapour-liquid Equilibria for Four Mixtures of 2,3,3,3-tetrafluoropropene (R1234yf) with 1,1,1,2-tetrafluoroethane ([END_REF][START_REF] Yang | Trifluoropropene (HCFO-1233xf) and 2-Chloro-3,3,3-Trifluoropropene (HCFO-1233xf) + 2-Chloro-1,1,1,2-Tetrafluoropropane (HCFC-244bb)[END_REF] and R1233xf+HCFC-244bb [START_REF] Yang | Trifluoropropene (HCFO-1233xf) and 2-Chloro-3,3,3-Trifluoropropene (HCFO-1233xf) + 2-Chloro-1,1,1,2-Tetrafluoropropane (HCFC-244bb)[END_REF] . Measurements of R1233xf saturation liquid density are provided in the supporting information, Table S. 1.

Hence, we provide in this work isothermal vapor-liquid equilibria (VLE) data of different HCFO/HFC mixtures obtained with a static-analytic method. We then correlate the data with the Peng-Robinson equation of state [START_REF] Peng | A New Two-Constant Equation of State[END_REF] (PR) and a modified Patel-Teja cubic equation of state (NEoS 27 ), both associated with a Mathias-Copeman alpha function [START_REF] Mathias | Extension of the Peng-Robinson Equation of State to Complex Mixtures: Evaluation of the Various Forms of the Local Composition Concept[END_REF] and classical van der Waals mixing rules.

Experimental

2.1 Materials. The five refrigerants and three natural products used for the vapor-liquid equilibrium (VLE) measurements are listed in Table 1, along with the details about their ASHRAE denomination, chemical formula, CAS number, name of the supplier and the product purity indicated by the supplier and verified by GC. No further purification of the chemical products was needed. Degassing was performed when loading the chemicals into the equilibrium cell. *: Checked with Gas Chromatograph

Experimental apparatus.

The equipment used for the VLE measurements is based in a static-analytic method with liquid and vapor phase sampling using capillary samplers ROLSI® [START_REF] Laugier | New Apparatus to Perform Fast Determinations of Mixture Vapor-Liquid Equilibria up to 10 MPa and 423[END_REF] .

The equipment can be categorized under « Analytical technique with sampling, isothermal AnT » according to the Dohrn et al. classification [START_REF] Peper | High-Pressure Fluid-Phase Equilibria: Trends, Recent Developments, and Systems Investigated (2009-2012[END_REF] .

The equipment is identical to the one used in previous similar measurements [START_REF] Abbadi | Experimental Measurements and Modelling of Vapour-liquid Equilibria for Four Mixtures of 2,3,3,3-tetrafluoropropene (R1234yf) with 1,1,1,2-tetrafluoroethane ([END_REF][START_REF] Juntarachat | Experimental Measurements and Correlation of Vapor-Liquid Equilibrium and Critical Data for the CO2 + R1234yf and CO2 + R1234ze(E) Binary Mixtures[END_REF][START_REF] Boonaert | Vapor-Liquid Equilibrium Measurements for 5 Binary Mixtures Involving HFO-1336mzz(E) at Temperatures from 313 to 353 K and Pressures up to 2.735 MPa[END_REF][START_REF] Valtz | Experimental Measurements and Modelling of Vapour-Liquid Equilibrium of 2,3,3,3-Tetrafluoropropene (R-1234yf) + 1[END_REF][START_REF] Wang | Vapor-Liquid Equilibrium and Molecular Simulation Data for Carbon Dioxide (CO2) + trans-1,3,3,3-Tetrafluoroprop-1-Ene (R-1234ze(E)) Mixture at Temperatures from 283.32 to 353.02 K and Pressures up to 7.6 MPa[END_REF] . Validation of the experimental setup can be found in previous publications [START_REF] Juntarachat | Experimental Measurements and Correlation of Vapor-Liquid Equilibrium and Critical Data for the CO2 + R1234yf and CO2 + R1234ze(E) Binary Mixtures[END_REF][START_REF] Valtz | Experimental Measurements and Modelling of Vapour-Liquid Equilibrium of 2,3,3,3-Tetrafluoropropene (R-1234yf) + 1[END_REF] . The main part of the apparatus is the equilibrium cell, where the two-phase equilibrium takes place. The flow diagram of the apparatus is displayed in Figure 1. The apparatus is equipped with a thermo-regulated liquid bath where the equilibrium cell is immersed. The bath ensures the control of the temperature within 0.01 K.

The temperature measurements inside the equilibrium cell are performed using two platinum resistance thermometer probes (Pt100), inserted into the top and bottom flanges of the equilibrium cell. During measurements, the temperature difference between these two probes was lower than the uncertainty of measurement. Two additional temperature probes are used to control the temperature inside the thermal press used to load the chemical products into the equilibrium cell.

The Pt100 probes are connected to a data acquisition unit (HP34970A). The Pt100 probes are calibrated against a 25 Ω reference platinum resistance thermometer (Pt25 -Hart Scientific). The Pt25 reference probe was calibrated by the "Laboratoire National d'Essais de Paris" based on the 1990 International Temperature Scale (ITS 90). The temperature accuracy is estimated to be within ± 0.03 K. The pressure is measured using one of the two pressure transducers (Druck, 0-3 MPa, 0-30 MPa)

installed on the apparatus. The choice of pressure transducer is dependent upon the maximum pressures generated by the system studied. The two pressure transducers are also connected to the data acquisition unit. The pressure transducers were calibrated against a pressure automated calibrator (GE Sensing, model PACE 5000). The pressure accuracy of the transducers is estimated to be within ± 0.0004 MPa. Type B uncertainties [START_REF] Jcgm | Evaluation of Measurement Data -Guide to the Expression of Uncertainty in Measurement[END_REF] were considered for the determination of temperature and pressure uncertainties.

The molar compositions of the phases in the cell are determined after analysis of liquid and vapor samples by a gas chromatograph (PERICHROM, model PR2100) equipped with a thermal conductivity detector (TCD). The analytical column within the gas chromatograph is a RESTEK, 1% RT-1000 on Carboblack B, 60/80 mesh (length: 2.4m, diameter: 2mm from RESTEK, ID Silcosteel).

The TCD is calibrated by introducing manually known amounts of each pure compound (for the system studied) into the injector of the gas chromatrograph, using an automatic syringe. The calibration equation was fitted to relate the response of the TCD to the amount of the component introduced. The relative accuracy for each mole number is given in Table 2. The determination of the uncertainty of the mole [START_REF] Taylor | Guidelines for Evaluating and Expressing the Uncertainty of NIST Measurement Results[END_REF] takes into account the repeatability of the measurement (type A according to the GUM), the calibration of the TCD and the purity of the chemicals. The molar fraction is determined from the number of moles of each compound in the analyzed sample, given by for the liquid phase. Detailed calculations of the uncertainties are provided in the Supporting information.

Experimental procedure.

At ambiant temperature, the equilibrium cell and its loading lines are made under vacuum. A first thermal press is loaded with one of the compounds, the second press with the other compound. The liquid bath is set to the desired temperature. When the equilibrium temperature is reached (the equilibrium temperature is reached when the Pt100 probes give the same temperature value within their temperature uncertainty for at least 10 minutes), an amount of about 5 cm 3 of the less volatile component is introduced into the equilibrium cell. Its vapor pressure is then measured at the equilibrium temperature.

Then, given amount of the second component (the more volatil) are introduced in successive steps, leading to equilibrium with different composition mixtures in order to have sufficient data points to cover the two-phase envelope.

The equilibrium inside the cell is assumed to be reached when the pressure is stable for at least 10 minutes within ± 0.001 MPa under continuous stirring.

For each equilibrium condition, six or more samples of both vapor and liquid phases are taken using the capillary sampler ROLSI ®,36 (Armines' patent FR 2853414) and analyzed in order to verify the repeatability of the measurements, as to have a standard deviation less than 1%.

Experimental measurements

The VLE measurements of the eight binary mixtures have been carried out in this work, considering two isotherms for each mixture (three in the case of two of those mixtures). Results from measurement and modeling are compiled in Tables 3 to 10 with expanded uncertainties for temperature, pressure and molar fractions at the bottom of each The binary systems studied are n-Butane + R1233zd(E) (Figure 2), HCl + R1233zd(E) (Figure 3), CO 2 + R1233zd(E) (Figure 4), R134a + R1233zd(E) (Figure 5), R152a + R1233zd(E) (Figure 6), R245fa + R1233zd(E) (Figure 7), R134a + R1233xf (Figure 8) and R245fa + R1233xf (Figure 9). U(T, k=2) = 0.08 K, U(P, k=2) = 0.001 MPa, U(x 1 ,y 1, k=2) = 0.04. U(T, k=2) = 0.1 K, U(P, k=2) = 0.01 MPa, U(x 1 ,y 1, k=2) = 0.04. U(T, k=2) = 0.1 K, U(P, k=2) = 0.01 MPa, U(x 1 ,y 1, k=2) = 0.02. U(T, k=2) = 0.1 K, U(P, k=2) = 0.0008 MPa, U(x 1 ,y 1, k=2) = 0.02.

Figure 2 : P-xy phase diagram of n-Butane -R1233zd(E) binary system. Experimental values: 323.27 K (○) and 353.23 K (□). Modelling results: Peng-Robinson (Solid lines), NEoS (Dashed lines). Table 3 : Experimental and modeling vapor-liquid equilibria of n-Butane(1) + R1233zd(E)(2) at temperature T, liquid composition x, gas composition y, and pressure P for a number of samples n, and associated standard deviation of composition σ

Experimental

Figure 7 : P-xy phase diagram of R245fa-R1233zd(E) binary system. Experimental values: 323.27 K (○) and 353.27 K (□). Modelling results: Peng-Robinson (Solid lines), NEoS (Dashed lines). Table 8 : Experimental and modeling vapor-liquid equilibria of R245fa(1) + R1233zd(E)(2) at temperature T, liquid composition x, gas composition y, and pressure P for a number of samples n, and associated standard deviation of composition σ

Experimental

Figure 8 : P-xy phase diagram of R134a -R1233xf binary system. Experimental values: 298.30 K (○), 323.38 K (□) and 348.27 K (Δ). Modelling results: Peng-Robinson (Solid lines), NEoS (Dashed lines). Table 9 : Experimental and modeling vapor-liquid equilibria of R134a(1) + R1233xf(2) at temperature T, liquid composition x, gas composition y, and pressure P for a number of samples n, and associated standard deviation of composition σ

Experimental

Figure 9 : P-xy phase diagram of R245fa-R1233xf binary system. Experimental values: 323.40 K (○) and 353.27 K (□). Modelling results: Peng-Robinson (Solid lines), NEoS (Dashed lines). Table 10 : Experimental and modeling vapor-liquid equilibria of R152a(1) + R1233xf(2) at temperature T, liquid composition x, gas composition y, and pressure P for a number of samples n, and associated standard deviation of composition σ

Experimental

Modelling

In order to correlate the data, bubble pressure algorithm [START_REF] Sandler | Biochemical, and Engineering Thermodynamics[END_REF] (and isothermal flash algorithm [START_REF] Michelsen | Thermodynamic Models: Fundamentals & Computational Aspects[END_REF] in the case of CO 2 -R1233zd(E) at 333K) have been used with the Peng-Robinson equation of state [START_REF] Peng | A New Two-Constant Equation of State[END_REF] (PR EoS) and a modified Patel-Teja equation of state, referred as NEoS [START_REF] Coquelet | Prediction of Thermodynamic Properties of Refrigerant Fluids with a New Three-Parameter Cubic Equation of State[END_REF] .

(

In the Peng-Robinson case, Ω a = 0.45724 and Ω b = 0.0778, while with the NEoS we have to solve system of equations 7 to 9 :

Where Z c,opt is an optimized critical compressibility factor adjusted from the experimental VLE and liquid density data in order to improve the prediction of liquid densities.

Both models are coupled with the Mathias-Copeman (MC) alpha function [START_REF] Mathias | Extension of the Peng-Robinson Equation of State to Complex Mixtures: Evaluation of the Various Forms of the Local Composition Concept[END_REF] :

If T < T c : (10) 
If T ≥ T c: (11) m 1 , m 2 and m 3 are three adjustable parameters fitted on the experimental pure component data.

For the mixtures, the classical van der Waals (vdW) mixing and combining rules were used for the calculations, as defined by: (

Where z i is the mole fraction of the component i, a i the energy parameter, b i is the covolume parameter of the component i and k ij is the binary interaction parameter. N is the number of components in the system. The vdW mixing rules were chosen for their simplicity, ease of computing and also to be able to use a predictive binary interaction parameter. The binary interaction parameter was fitted on experimental VLE data to account for the molecular interactions occurring, and the α-function parameters (m 1 , m 2 , m 3 ) were fitted to the pure compound data, in order to accurately represent the vapor pressures. The objective function used to fit the model to the experimental data, for the PR -MC combination for pure components is given by: (

We add the liquid molar volume to this objective function in the case of the NEoS -MC combination:

In the case of mixtures, the objective function used if of the form:

Where N is the number of points, P exp the experimental bubble pressure, P calc the calculated bubble pressure, v L,exp the experimental liquid molar volume, v L,calc the calculated liquid molar volume, y 1,exp the experimental vapor molar fraction of component 1 and y 1,calc the calculated vapor molar fraction of component 1.

The critical temperature, pressure and the acentric factor of the refrigerants, used for the modeling, are reported in Table 11. We have used vapor pressure data found in the literature when possible or the vapor pressure predicted by REFPROP 10.0 otherwise. Values of the Mathias -Copeman α-function parameters and optimized Z c are given in Table 12. Parameters of the Antoine equation (equation 19) are computed and given in Table 12, as the equation is useful for initialization in the bubble point algorithm.

(

) 19 
With P sat , the vapor pressure of pure component in bar, T, the temperature in K and A, B, C, three adjustable parameters referred as m 1 , m 2 and m 3, respectively, in Table 12. Standard deviation of these parameters are provided in supporting informations.

Indicators AAD and BIAS for a thermodynamic quantity (U) are defined by Equations 20 and 21: For the mixtures, binary interaction parameters for both models as well as AAD and BIAS on bubble pressure and vapor molar fraction are provided in Table 13. 

(20) (21) 

Discussions

Pure components. The NEoS used in this paper has similar performances, or slightly less performant, than PR EoS for representing vapor pressure of pure components, but it is much more appropriate for liquid densities (especially because parameters are regressed from liquid densities as well).

Butane + R1233zd(E). The P-x,y phase diagram (Figure 2), show that both models depict the experimental data with accuracy, with no appreciable differences. However, the relative volatility plots (Figure S1) show that the Peng-Robinson model seems to be more effective, specifically for representing data points closer to the azeotrope.

From the P-x,y phase diagram we could say that both models depict the experimental data witch accuracy with no appreciable differences. However, looking at the relative volatility plots, we can see that, for the 333K data, the PR model seems to be more effective, specifically for representing data points closer to the azeotrope. At the higher temperature of 353K, both models give the same results. Error in butane K-values are plotted in Figure S2. They are all within 3%.

HCl + R1233zd(E).

The P-xy phase diagram exhibits typical behavior for a mixture of different size molecules (that we also find in CO 2 + R1233zd(E)) with negative deviation from Raoult's law.

The error in HCl K-values (Figure S4) is within 1.5% and both models show the same performances. But looking at the relative volatility (Figure S3), we can see large differences between the model and the experimental data at 263.21 K.

CO 2 + R1233zd(E). Like the HCl + R1233zd(E) mixture, we can see a typical P-xy phase diagram for mixtures of different sized molecules. We can also observe the negative deviation from the ideal behavior.

K-values (Figure S6) would be within 5% deviation if not for one result of the NEoS model. Since for the temperature above the critical temperature of CO 2 both models exhibit the same trend in K-value errors, we accept this data point and conclude that NEoS model is less performant than the PR EoS in this case.

Looking at the relative volatility plots (Figure S5), the PR model seems to be doing better at higher temperatures.

R134a + R1233zd(E). P-xy phase diagram of R134a + R1233zd(E) are typical of mixture of similar type molecules, with a slight positive deviation from Raoult's law.

K-values (Figure S8) analysis show that models correspond to experimental data within 10%, with the highest deviation at low R134a mole fractions. Deviation in relative volatility (Figure S7) in consistent with this analysis since deviation is a bit higher than 10% (from 7.5 to 13.5% for both models and both temperatures).

R152a + R1233zd(E). The P-xy phase diagram is, again, typical of mixture of similar type molecules with a slight positive deviation from ideal behavior. We can notice a difference in vapor pressure prediction between PR and NEoS model (same as with butane).

The error in K-values (Figure S10) are basically within 10% deviation, with the same behavior seen on the R134a + R1233zd(E) mixture, a high deviation at low R152a mole fractions. Relative volatility deviations (Figure S9) are below 20%.

R245fa + R1233zd(E).

The P-xy phase diagram shows a narrow liquid-vapor equilibria lens with an azeotropic behavior. Both models are undistinguishable. But, enhancing the view of each isotherm, we notice that both models struggle to represent VLE data.

Errors in K-values (Figure S12) are within 3% and, one again, higher deviations are found at the high molar fraction of the more volatile compound. Deviations in relative volatilities (Figure S11) are within 4%.

R134a + R1233xf.

Phase diagrams are consistent with a mixture of similar type molecules, with a slight positive deviation from the ideal behavior. Both models exhibit the same performances. Errors in Kvalues (Figure S14) are all within 4%. Relative volatilities (Figure S13) are within 5.5%.

R245fa + R1233xf.

Same interpretations than for the other R245fa mixture. Also, error in K-values (Figure S16) are within 5% with the same trend of high deviation for the low molar fraction of the more volatile component. Relative volatilities (Figure S15) are within 6%, which is consistent with K-values errors.

Overall, binary interaction parameters are similar for PR and NEoS, though they are lesser for the NEoS, meaning that they basically provide the same correction.

Conclusions

This paper presents new experimental VLE data for mixtures of refrigerants. Data have been correlated with NEoS and PR EoS with Mathias-Copeman alpha-function and classical mixing rules. Data representation by these models is not always good (deviation higher than 10%) and one should exercise careful attention when using these data sets.

Mixtures R134a+R1233zd(E), R152a+R1233zd(E) and R134a+R1233xf are similar. They exhibit a nearideal behavior, showing just a slight positive deviation from Raoult's law. CO 2 and HCl in mixture with R1233zd(E) are also similar. Their P-xy phase diagrams are typical of type I, according to van Konynenburg and Scott classification 46 , for mixtures of different sized molecules. Though it looks like both NEoS and PR models are struggling to accurately correlate this type of mixtures.

R245fa in mixture with either R1233zd(E) or R1233xf show a similar behavior, with a closed lens and an azeotropic behavior. It looks like it is difficult for both models used in this paper correlate this kind of behavior.

We find a similar kind of phase diagram for the n-Butane+R1233zd(E) mixture, although not as pronounced.

The modified Patel-Teja equation of state has similar performances than the PR EoS for correlating phase equilibria but better represent liquid densities. In order to further the comparison, mixture density measurements are needed.
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Finally, the uncertainty related to the calibration of the GC is a type B uncertainty. Since composition is computed from peak areas:

Where n 1 and n 2 are mole numbers of component 1 and 2, respectively, calculated from peak areas according to:

Where A i and B i are parameters computed while calibrating the GC and S i is the peak area of component i. So, the uncertainty is given by: With:

And :

With:

Relative uncertainties of the peak areas are given in table 

  pump HVAC: Heating, Ventilation and Air conditioning MC: Mathias-Copeman MM: Molecular Mass NEoS: New Equation of State ORC: Organic Rankine Cycle PR: Peng-Robinson ROLSI: Rapid On-Line Sampler Injector TCD: Thermal Conductivity Detector vdW: van der Waals VLE: Vapor-liquid equilibrium Symbols a: Energetic parameter of the cubic equation of state b: Co-volume c: Third parameter of the cubic equation of state F: Function k: Binary interaction parameter m: Parameter of the Mathias-Copeman alpha-function N: Number of points P: Pressure R: Universal Constant for Ideal Gas (taken as 8.3144598 J.mol -1 .K -1 ) dependent part of the energetic parameter in the cubic equation of state α 12: Relative volatility of component 1 relative to component 2 σ: Standard deviation Ω: Parameter of the cubic equation of state ωHVAC systems and especially Organic Rankine Cycles (ORCs), Heat Pumps (HPs) and Kalina

Figure 3 :

 3 Figure 3 : P-xy phase diagram of HCl -R1233zd(E) binary system. Experimental values: 263.21 K (○) and 283.28 K (□). Modelling results: Peng-Robinson (Solid lines), NEoS (Dashed lines).

Figure 4 :

 4 Figure 4 : P-xy phase diagram of CO 2 -R1233zd(E) binary system. Experimental values: 278.28 K (○), 302.59 K (□) and 333.17 K (Δ). Modelling results: Peng-Robinson (Solid lines), NEoS (Dashed lines), ▲: Predicted critical point at 333.17 K

Figure 5 :

 5 Figure 5 : P-xy phase diagram of R134a-R1233zd(E) binary system. Experimental values: 303.07 K (○) and 333.23 K (□). Modelling results: Peng-Robinson (Solid lines), NEoS (Dashed lines).

Figure 6 :

 6 Figure 6 : P-xy phase diagram of R152a-R1233zd(E) binary system. Experimental values: 303.10 K (○) and 333.23 K (□). Modelling results: Peng-Robinson (Solid lines), NEoS (Dashed lines).

  

Table 1 : Chemical sample: Refrigerants used for the experimental measurements with supplier and purities.

 1 

	Compounds	ASHRAE	Formula CAS number Supplier	Purity*
		name				
						% vol.
	n-Butane	R600	C 4 H 10	106-97-8	Sigma-Aldrich 99.95
	Hydrogen chloride	/	HCl	7647-01-0	Alpha gaz	99.8
	Carbon dioxide	R744	CO 2	124-38-9	Air liquide	>99.995
	1,1,1,2-tetrafluoroethane	R134a	C 2 H 2 F 4	811-97-2	Climalife	>99
	1,1-difluoroethane	R152a	C 2 H 4 F 2	75-37-6	Dehon	>99
	1,1,1,3,3-pentafluoropropane R245fa	C 3 H 3 F 5	460-73-1	Honeywell	>99
	Trans-1-chloro-3,3,3-	R1233zd(E) C 3 H 2 F 3 Cl 102687-65-0	Synquest	>97
	trifluoropropene					
	2-chloro-3,3,3-	R1233xf	C 3 H 2 F 3 Cl 2730-62-3	Synquest	>99
	trifluoropropene					

Table 2 : Mole number relative accuracy (in %) of TCD for each component in each system. Binary system Component 1 Component 2
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	Butane + R1233zd(E)	1.0	1.8
	HCl + R1233zd(E)	1.4	2.0
	CO 2 + R1233zd(E)	1.2	2.5
	R134a + R1233zd(E)	2.4	2.0
	R152a + R1233zd(E)	0.9	2.5
	R245fa + R1233zd(E)	0.6	2.0
	R134a + R1233xf	0.9	0.7
	R245fa + R1233xf	0.5	0.6

Table 4 : Experimental and modeling vapor-liquid equilibria of HCl(1) + R1233zd(E)(2) at temperature T, liquid composition x, gas composition y, and pressure P for a number of samples n, and associated standard deviation of composition σ
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		4,0									
		3,5									
		3,0									
	(MPa)	2,5									
	Pressure	1,5 2,0									
		1,0									
		0,5									
		0,0									
			0	0,1	0,2	0,3	0,4	0,5	0,6	0,7	0,8	0,9	1
							Molar fraction of HCl		
				Experimental			NEoS	Peng-Robinson
	P		n	x 1	σ x1	n	y 1	σ y1	P calc	y 1,calc	P calc	y 1,calc
	MPa								MPa		MPa
							T = 263.21 K			
	0.3724	7	0.145 0.0005	5	0.904 0.0040 0.3385 0.9131 0.3238 0.9101
	0.6398	7	0.280 0.0003	7	0.948	0.002 0.6209 0.9553 0.5975 0.9546
	0.8918	8	0.414	0.001	6	0.964 0.0006 0.8916 0.9714 0.8659 0.9715
	1.1387	8	0.552	0.002	6	0.971 0.0004 1.1584 0.9805 1.1388 0.9811
	1.3812	7	0.689	0.002	8	0.982	0.001 1.4076 0.9867 1.4036 0.9876
	1.6113	15	0.812 0.0009	6	0.989 0.0003 1.6198 0.9913 1.6377 0.9922

Table 5 : Experimental and modeling vapor-liquid equilibria of CO 2 (1) + R1233zd(E)(2) at temperature T, liquid composition x, gas composition y, and pressure P for a number of samples n, and associated standard deviation of composition σ
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			Experimental				NEoS	Peng-Robinson
	P	n	x 1	σ x1	n	y 1	σ y1	P calc	y 1,calc	P calc	y 1,calc
	MPa							MPa		MPa	
						T = 278.28 K				
	0.5924		0.157	0.003	7	0.891 0.0006 0.5929 0.8972 0.5888 0.8979
	1.1946		0.337	0.004	7	0.949 0.0003 1.2214 0.9511 1.2170 0.9523
	1.7595		0.487	0.008	6	0.963 0.0008 1.7595 0.9676 1.7603 0.9689
	2.3972	14	0.656	0.006	6	0.974 0.0008 2.3825 0.9787 2.3972 0.9799
	2.9288		0.786	0.007	7	0.976 0.0006 2.8877 0.9855 2.9186 0.9866
	3.3214		0.873	0.007	6	0.989 0.0009 3.2602 0.9903 3.3033 0.9912
	3.6022		0.930	0.003	5	0.994 0.0004 3.5325 0.9940 3.5828 0.9946
						T = 302.59 K				
	0.8490		0.134 0.0002	5	0.804 0.0003 0.8490 0.8099 0.8483 0.8128
	1.4973		0.254	0.001	6	0.884 0.0006 1.4969 0.8884 1.4973 0.8915
	2.5524		0.439 0.0005	6	0.933 0.0005 2.5578 0.9319 2.5641 0.9352
	3.5084		0.597 0.0008	5	0.954 0.0003 3.5274 0.9500 3.5443 0.9533
	4.5134	11	0.739 0.0008	5	0.967 0.0003 4.4778 0.9619 4.5075 0.9650
	5.3020		0.837 0.0003	5	0.975 0.0002 5.2266 0.9702 5.2624 0.9729
	6.0944		0.920 0.0004	6	0.984 0.0003 6.0014 0.9797 6.0333 0.9816
	6.3110		0.940 0.0004	5	0.986 0.0003 6.2188 0.9828 6.2475 0.9844
						T = 333.17 K				
	1.0618		0.0949 0.002	8	0.584	0.004 1.0887 0.6112 1.0956 0.6188
	2.0540		0.225 0.0008	4	0.761	0.006 2.1078 0.7813 2.1218 0.7890

Table 6 : Experimental and modeling vapor-liquid equilibria of R134a(1) + R1233zd(E)(2) at temperature T, liquid composition x, gas composition y, and pressure P for a number of samples n, and associated standard deviation of composition σ
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		1,8									
		1,6									
		1,4									
		1,2									
	(MPa)	1,0									
	Pressure	0,8									
		0,6									
		0,4									
		0,2									
		0,0									
		0	0,1	0,2	0,3	0,4	0,5	0,6	0,7	0,8	0,9	1
						Molar fraction of R134a			
				Experimental			NEoS	Peng-Robinson
	P	n	x 1	σ x1	n	y 1	σ y1	P calc	y 1,calc	P calc	y 1,calc

Table 7 : Experimental and modeling vapor-liquid equilibria of R152a(1) + R1233zd(E)(2) at temperature T, liquid composition x, gas composition y, and pressure P for a number of samples n, and associated standard deviation of composition σ
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		1,6									
		1,4									
		1,2									
	(MPa)	1,0									
	Pressure	0,6 0,8									
		0,4									
		0,2									
		0,0									
			0	0,1	0,2	0,3	0,4	0,5	0,6	0,7	0,8	0,9	1
							Molar fraction of R152a		
					Experimental			NEoS	Peng-Robinson
	P		n	x 1	σ x1	n	y 1	σ y1	P calc	y 1,calc	P calc	y 1,calc
	MPa								MPa		MPa
							T = 303.10 K			
	0.2338	8	0.114	0.00047	5	0.360	0.00075 0.2313 0.3873 0.2336 0.3953
	0.3042	5	0.224	0.00107	9	0.547	0.00086 0.2998 0.5720 0.3024 0.5766
	0.3880	7	0.373	0.00214 10	0.698	0.00134 0.3880 0.7191 0.3880 0.7186
	0.4783	9	0.551	0.00203	9	0.812	0.00061 0.4871 0.8274 0.4801 0.8229
	0.5729	8	0.741	0.00442	9	0.905	0.00011 0.5885 0.9085 0.5707 0.9028
	0.6275	7	0.856	0.00093	9	0.948	0.00031 0.6495 0.9499 0.6240 0.9454

Table 11 : Pure components molecular properties, from REFPROP 10.0 (values for the R1233xf are taken elsewhere) with critical temperature Tc, critical pressure Pc, acentric factor ω, and molecular weight MM
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	Compounds	Tc	Pc	ω	MM
		K	MPa		g.mol -1
	Butane	425.13	3.796	0.201	58.122
	HCl	324.68	8.314	0.129	36.461
	CO 2	304.13	7.377	0.224	44.010
	R134a	374.21	4.059	0.327	102.03
	R152a	386.41	4.517	0.275	66.05
	R245fa	427.01	3.651	0.378	134.05
	R1233zd(E)	439.6	3.624	0.303	130.50
	R1233xf 24	439.98	3.322	0.187	130.50

Table 12 : Optimized parameters m 1 , m 2 and m 3 of the Mathias-Copeman α-function for use with NEoS and Peng-Robinson equations of state, and parameters of the Antoine equation, with absolute average deviation AAD, and BIAS for vapor pressure and liquid molar volume of pure components, along with experimental critical compressibility factor Zc
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							Pressure	Molar volume
	Component	Zc*	Model	m 1	m 2	m 3		
							AAD BIAS AAD BIAS
							%	%	%	%
			Antoine 4.8494 1581.1 58.0851 0.3	-0.06	/	/
	Butane 39	0.2829	NEoS	0.4099 0.2118 -0.6214	0.3	-0.2	4.6	-0.3
			PR	0.757 -1.7872 9.2248	0.2	-0.006	7.5	-6.4
			Antoine 4.8439 1026.5 25.9588 5.7	-5.4	/	/
	HCl 40	0.2772	NEoS	0.3108 0.1611 0.1331	0.2	-0.008	1.9	-0.02
			PR	0.6127 -0.3747 0.6941	0.2	-0.05	4.2	-4.2
			Antoine 4.8089 921.6	8.9734	0.3	-0.1	/	/
	CO 2 41	0.2889						
			NEoS	0.4584 0.1425 0.6610	0.3	0.1	2.0	-0.04

Table 13 : Binary interaction parameters kij, of NEoS and Peng-Robinson equations of state at temperature T, with associated absolute average deviation AAD and BIAS on equilibrium pressure P and gas composition y
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	System	Model	Temperature	k ij	AAD P BIAS P AAD y 1 BIAS y 1
			K		%	%	%	%
	Butane +	NEoS	323.27	0.0430	0.6	-0.3	0.6	0.6

  2, so: ASSOCIATED CONTENT (46) van Konynenburg, P. H.; Scott, R. L.; Rowlinson, J. S. Critical Lines and Phase Equilibria in Binary van Der Waals Mixtures. Philos. Trans. R. Soc. Lond. Ser. Math. Phys. Sci. 1997, 298 (1442), 495-540. https://doi.org/10.1098/rsta.1980.0266.
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Appendices

A. Uncertainty calculations.

Temperature and pressure. Several samplings are made for each composition measurement and the mean is the value presented in the tables of this paper:

Hence, the uncertainty of the temperature is composed of a type A uncertainty, related to the repeatability of the measurement, and a type B uncertainty, related to the calibration of the temperature probe:

The repeatability component can be considered equal to the standard deviation s, of the n samplings:

Where s²(T) is the variance and s(T) the standard deviation.

The same can be said for the pressure measurements and the same method of uncertainty assessment is made.

Composition. The uncertainty on the molar liquid and vapor fractions are dependent on the number n of samplings made, of the purity of the components and the uncertainty related to the GC, so that: With :

Where σ is the standard deviation (see uncertainty of temperature).

With p 1 the purity of the component 1 (the more volatile) and p 2 the purity of the component 2.

Supporting Information available.

Relative volatility plots for all binary systems studied. Error in Kvalues for all binary systems studied. Values of standard deviation of Antoine's equation parameters with methodology. Methodology for the critical point determination of system CO2 + R1233zd(E). Values of saturated liquid density of R1233xf, with associated methodology.