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Abstract:

Taylor flows are of great interest for industrial application where efficient gas absorption is needed. 
Literature however scarcely relates to the gas-side mass transfer coefficient  in Taylor flows. In this 𝑘𝐺
work, the authors selected and developed an experimental method, based on bubble expansion 
record, to estimate  value in a millimetric channel of circular section, fed with nitrogen gas and pure 𝑘𝐺
ethyl acetate ( ). The experiments provided an order of magnitude of a few mm.s-1 at least for , 𝐸𝐴 𝑘𝐺
for a two-phase velocity  ~ 0.1 m.s-1.𝑈𝑇𝑃

CFD simulations completed the experimental investigation and further estimated the order of 
magnitude, with  m.s-1 when  m.s-1. The transport of  inside the 𝑘𝐺  10 ―2 0.09 < 𝑈𝑇𝑃 <  0.18 𝐸𝐴
bubble suggests a significant contribution of diffusion in regard with the convective effects.  is found 𝑘𝐺
to be sensitive to , and to the temperature via the gas diffusivity and also via the bubble expansion 𝑈𝑇𝑃
leading to an increase in bubble velocity. The dependence of the gas-side Sherwood number to the 
Péclet number is similar to previously reported observations concerning a spherical bubble freely rising 
in quiescent liquid.

This study thus provides the means to evaluate the gas-side resistance for any gas-liquid system in 
Taylor flows, a resistance that was usually simply dismissed in previous works. As an example, the 
authors demonstrated that, in Taylor flows, for a gas-liquid system of industrial interest (diluted  𝐶𝑂2
in 30 wt.% N-methyldiethanolamine aqueous solution), gas-side mass transfer resistance is lower than 
the liquid-side one by at least one order of magnitude.

1 Introduction

1.1 Context and objectives of the study

Since the 90’s, micro- or milli-structured devices have often been considered for a range of possible 
applications in process engineering, where mass or heat transfer in a gas-liquid system is needed. In 
these contactors, several flow regimes can be observed, depending on the gas and liquid flow rates. 
Milli-channel reactors operating in the Taylor flow regime represent a particularly interesting option 
in this respect. This flow regime shows a periodic pattern consisting in a continuous train of bubbles 
separated by liquid slugs. Amongst its benefits, one can mention a moderate pressure drop, a high 
contact area between phases, and a strong liquid recirculation within the liquid slugs, giving rise to 
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nearly plug flow behavior [1, 2, 3, 4]. This recirculation, together with the presence of a thin lubrication 
film between bubbles and channel wall, and with the large achievable surface-to-volume ratio, 
intensify gas-liquid mass transfer efficiency: Taylor flow leads to gas-liquid volumetric mass transfer 
coefficient  as high as 1.6 s-1 [5]. Thus, cutting-edge technologies of milli-structured reactors have 𝑘𝐿𝑎
been investigated for some 30 years, as monolith reactors, for mass transfer limited gas-liquid 
reactions [6, 7]. If needed, catalyst can be deposited on channel wall in a layer of 10-30 µm. Similarly, 
gas cleaning processes are considered in thin channels [8, 9, 10, 11].

To conceive and design gas-liquid technologies, reliable upscaling laws are needed to estimate mass 
transfer efficiency. The absorption rate of gases in liquids depends on the gas-side and liquid-side 
resistances. Literature offers several experimental or numerical studies about liquid-side mass transfer 
coefficient  (or ) in Taylor flow [5, 12, 13, 14, 15, 16, 17, 18]. However, concerning gas-side mass 𝑘𝐿 𝑘𝐿𝑎
transfer coefficient in segmented flow, data are scarce.

Gas-side resistance is usually assumed to be negligible in regard with liquid-side one [12, 14, 16, 17, 
19, 20], even though, for gas mixtures and components showing a high solubility in the liquid phase, 
and/or involved in a fast chemical reaction in the liquid phase - as  in aqueous sodium hydroxide (𝐶𝑂2

) solutions, this hypothesis may be wrong and needs to be verified.𝑁𝑎𝑂𝐻

In this work, the authors investigate through both experimental and numerical approaches the gas-
side mass transfer resistance in Taylor flow under determined conditions in which it may impact the 
overall mass transfer rate.

1.2 State of the art: gas-side mass transfer investigation
1.2.1 Mass transfer limitations

Within transfering gas-liquid systems, in the vicinity of each side of the interface, thin layers of 
concentration gradient exist, where mass transfer resistance takes place. The simplest model - and the 
easiest to use – is the two-film model proposed by Lewis and Whitman in 1924 [21] To estimate the 
relative importance of gas-side mass transfer, it is recalled that the overall resistance to mass transfer 
between the two phases is the sum of the resistances from each side of the interface:

For physical absorption:

1
𝐾𝐺𝐿

=
1
𝑘𝐿

+
𝐻 ∙ 𝑅 ∙ 𝑇

𝑘𝐺
(1)

For reacting systems:

1
𝐾𝐺𝐿

=
1

𝐸 ∙ 𝑘𝐿
+

𝐻 ∙ 𝑅 ∙ 𝑇
𝑘𝐺

(2)

In these equations,  is the Henry’s constant (standing for the solute gas solubility) in mol.m-3.Pa-1,  𝐻 𝑇
the temperature (K),  the universal gas constant (J.K−1.mol−1),  and  the liquid-side and gas-side 𝑅 𝑘𝐿 𝑘𝐺
mass transfer coefficients, respectively (m.s-1),  the overall mass transfer coefficient (m.s-1) and  𝐾𝐺𝐿 𝐸
the mass transfer enhancement factor (dimensionless) due to the chemical reaction in the liquid phase.

The mass transfer coefficients obey to:

𝑁𝐴 = 𝑘𝐺(𝐶𝐺 ― 𝐶𝐺,𝑖) = 𝑘𝐿(𝐶𝐿,𝑖 ― 𝐶𝐿) (3)

where  is the solute mass transfer flow rate per unit interfacial area (mol.m-2.s-1),  is the solute 𝑁𝐴 𝐶𝐺

concentration in the bubble,  the solute concentration in the bulk liquid phase, and  and  the 𝐶𝐿 𝐶𝐺,𝑖 𝐶𝐿,𝑖

solute concentration each side of the interface (concentrations in mol.m-3 of the considered phase). 
Equation (3) implies that the determination of each mass transfer coefficient would require the 
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measurement of the interfacial and bulk concentrations of the solute. However, even recent 
experimental techniques cannot reach local concentration close enough to the interface. The 
individual film coefficients can thus only be accurately determined under experimental conditions 
where mass transfer resistance on one side can be neglected.

1.2.2 Measurement techniques for gas-side mass transfer investigation

Gas cleaning operations have developed since the beginning of the 20th century. Thus, in the 40’s, a 
large number of authors have focused on the evaluation of the volumetric mass transfer coefficients 𝑘𝐿

 and , and also on the available interfacial area  in various contactors.𝑎 𝑘𝐺𝑎 𝑎

In a recent review, Hegely and his collaborators [22] collected and compared measurement 
approaches for mass transfer coefficients and interfacial area in packing columns. They described the 
equipments and operating procedures and discussed the experimental accuracy. Values of  and  𝑘𝐺 𝑘𝐿
are generally obtained by dividing  by the specific interfacial area , which is issued from separate 𝑘𝐺𝑎 𝑎
measurements. Errors in  then propagate into the mass transfer coefficients.𝑎

To obtain the value of , the liquid-side mass transfer resistance has to be negligible or known. In 𝑘𝐺
theory, the liquid-side mass transfer resistance is negligible only if the liquid phase is purely the solute, 
i.e. there is no concentration gradient on liquid side. In all other cases, the contribution of the liquid-
side resistance has to be assessed.

The methods for investigating  can be classified into three groups related to the principle of the 𝑘𝐺
measurement:

(i) Vaporization of a pure liquid:

The mass transfer driving force stands in the gas phase near the interface and involves the equilibrium 
concentration of the liquid specie in the gas phase. The equilibrium temperature is assumed to be that 
of the liquid. The accuracy of the temperature measurement is thus crucial: Hegely and co-workers 
[22] claim that, for experiment performed at 293 K with water, a 1 K error induces a 6% change in the 
vapor pressure. If the system operates within 20% of saturation, the  value will show 30% 𝑘𝐺𝑎
uncertainty. The liquid temperature must be stable too, within 0.2 K [22], to minimize the heat transfer 
in the liquid phase. Note that the reverse process - dehumidification or condensation - may also be a 
method to measure .𝑘𝐺𝑎

(ii) Physical absorption (or desorption):

This strategy consists in using a solute whose solubility in the liquid is high enough to minimize liquid-
side resistance. For instance, if the liquid phase is water, the gaz phase may be acetone, ammonia or 
methanol in air. However, the liquid-side resistance cannot be fully negligible, and has to be quantified 
in order to determine .𝑘𝐺𝑎

(iii) Chemical absorption:

The liquid-side resistance can be strongly reduced if a chemical reaction consumes the solute and if its 
rate is high enough to eliminate the solute from the liquid film near the interface. Typically, a basic 
aqueous solution, such as  or , is used to absorb an acidic solute, such as , , or .𝑁𝐻3 𝑁𝑎𝑂𝐻 𝐻2𝑆 𝑆𝑂2 𝐶𝑂2

1.2.3. Gas-side mass transfer coefficient for conventional gas-liquid technologies
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Based on these measurement methods, many empirical correlations have been published for these 
parameters relating them to the operating conditions, type of contactor, packing geometry, and 
physical properties of the phases.

Vidwans and Sharma [23] reviewed the first established correlations for  in packed columns, and 𝑘𝐺𝑎
also provided their own measurements with Raschig rings and Intalox saddles, based on the absorption 
of a dilute gas with fast reaction on liquid side. These authors varied the gas and liquid flow rates and 
used solute gases with contrasted solubilities. They observed that the correlations for  did not 𝑘𝐺𝑎
always agree with respect to the dependence on gas diffusivity or Schmidt number. These 
discrepancies ensue the various experimental methods applied to various apparatus, and evidence 
that these methods need a cautious evaluation. Roustan [24] provided for  orders of magnitude of 𝑘𝐺
0.03 to 0.07 m.s-1 in random packed columns (depending on the studied gas-liquid system). Razi and 
colleagues [25] compared the predictions of correlations for structured packings, which resulted in  𝑘𝐺
values varying from 0.01 to 0.08 m.s-1 for absorption of  from flue gas in Monoethanolamine (𝐶𝑂2

 solution.𝑀𝐸𝐴)

Gas-side coefficient has been investigated in bubble columns too. For instance, Cho and Wakao [26] 
measured the overall coefficient  in a pilot column. They used aqueous solutions containing a 𝐾𝐺𝐿𝑎
dilute organic solute, which was stripped by nitrogen bubbles. The six chosen organic solutes show 
contrasted solubilities in water. The authors measured the time evolution of the solute concentration 
in the liquid phase and gathered the results in a plot of  versus ( ). They then obtained a 1/𝐾𝐺𝐿𝑎 𝐻𝑅𝑇
straight-line whose origin ordinate is  and whose slope is . They inferred  values 1/𝑘𝐿𝑎 1/𝑘𝐺𝑎 𝑘𝐺𝑎
between 0.1 and 1 s-1. They derived a correlation for , which is valid in bubble column for a single 𝑘𝐺𝑎
nozzle and (with a different multiplying constant) for a bundle of three porous tubes. This correlation 
shows that, as for packings [23],  is related to the square root of the solute diffusivity in the gas 𝑘𝐺𝑎
phase (in an analogous way to  which is related to the square root of the solute diffusivity in the 𝑘𝐿𝑎
liquid phase).

It may be interesting to relate these experimental values to the theoretical gas-side coefficient for a 
single spherical bubble rising in a quiescent liquid, as determined by direct numerical simulations [27]. 
For Reynolds numbers (related to the bubble diameter and velocity) ranging from 0.1 to 100, the 
authors show that the asymptotic value of the gas-side Sherwood number (obtained when ) 𝑡  
reaches a maximum value of 18 at very high Péclet number, assessing previous numerical and 
analytical works. For a 2 mm bubble containing  in nitrogen and slowly rising in water at 293 K, this 𝐶𝑂2
corresponds to  ~ 0.14 m.s-1. Note that, for a motionless bubble, the asymptotic Sherwood number 𝑘𝐺
stands around 6.5.

1.2.4 Gas-side mass transfer in Taylor flow

As mentioned, the evaluation of the gas-liquid mass transfer coefficient in Taylor flow has been the 
subject of a wide number of articles. However, it is observed that the proposed correlations for the 
liquid-side coefficient can lead to contrasted values, differing by up to one order of magnitude [5], due 
to the complex feature of mass transfer in this type of flow. Very few works (mentioned here after) 
focus on  measurement in Taylor flow, either for micro- or milli-channels, and even for fast reactions 𝑘𝐺
and gas mixtures. A fortiori, to the authors’ knowledge, the spatial evolution of  along the channel 𝑘𝐺
in Taylor flow has never been studied. As mentioned in section 1.1, many experimental works 
dedicated to gas-liquid mass transfer in slug flow assume that the gas phase resistance is negligible, 
even though the gas species to be transferred is mixed with other species in the gas phase. However, 
some authors estimate the  contribution within the overall mass transfer coefficients via numerical 𝑘𝐺𝑎
calculations.
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Shao and colleagues [28] modelled the transfer of  from a gas mixture (5% vol.  in ) into an 𝐶𝑂2 𝐶𝑂2 𝑁2
aqueous  solution, considering that the phenomenon on gas side is purely diffusive. They 𝑁𝑎𝑂𝐻
observed weak concentration gradients in the gas phase for either physical mass transfer and reactive 
absorption. Sobieszuk and collaborators [29] modelled these phenomena in a 0.4 mm diameter 
channel by use of the numerical tool COMSOL®. They also concluded that depending on the solute gas 
solubility, the liquid-side resistance is not always the major one. For instance, in the case of physical 
absorption of a poorly soluble solute (  < 10-2 mol.m-3.Pa-1), liquid-side mass transfer resistance is 𝐻
prevailing. However, when a fast chemical reaction takes place in the liquid phase, the liquid-side 
resistance decreases when the enhancement factor increases: the gas-side resistance may not be 
always negligible for gases of medium to high solubility (  > 10-4 mol.m-3.Pa-1) over the classical range 𝐻
of  values – between 1 and 100 [21].𝐸

For Taylor flows, it is then not possible to state that one of the mass transfer resistances prevails. 
Detailed investigations have to be performed.

1.3 Adopted approach

Among the experimental methods reported above, the vaporization of a pure liquid has been preferred 
because it ensures that there is no liquid-side resistance. The method only requires knowing the 
vapour pressure of the chosen liquid, but no kinetic law nor solubility data in liquid are needed.

In this work, experiments are performed using nitrogen gas and pure organic liquid in Taylor flow in a 
single channel of 2 mm of inner diameter and 1 m of length. For several experiments (stable Taylor 
flows at various flowrates and temperatures), images of bubbles are recorded along the channel 
thanks to a high-speed camera, far enough to the channel inlet and outlet as to avoid flow disturbance. 
Bubble size is determined thanks to the shadowgraphy technique and to image analysis. A 1-D model 
is developped with MATLAB® which relates local bubble size in the channel to the local solute 
concentration and total pressure. Thanks to this model, the comparison of the measured bubble size 
with the calculated ones allows identifying the coefficient .𝑘𝐺

The objective is to sort out the question of the gas-side mass transfer significance by determining its 
order of magnitude, and to investigate its sensitivity to the hydrodynamic characteristics of the flow. 
Thus, numerical simulations are performed to describe and analyze the phenomena at bubble scale, 
to assess the trends and order of magnitude observed for the experimental values of , and to 𝑘𝐺
investigate its sensitivity to parameters outside of the experimental operating envelope (e.g. 
temperature, flow velocity and solute diffusivity). These issues are discussed in detail in the following 
sections.

2 Experimental set-up and procedures

2.1 Fluids selection

For the experiments, an inert gas and a volatile solvent are needed. Nitrogen is selected, as poorly 
soluble in liquids. To measure bubble size via the shadowgrapy technique with satisfactory accuracy, 
bubble volume must grow along the channel with more than 10% of relative variation. At atmospheric 
pressure, the solvent vapour pressure shall then be higher than 10,000 Pascal. However, temperature 
control is difficult as heat losses at channel inlet and outlet cannot be fully avoided. As a consequence, 
experiments are performed at moderate temperature (293 K – 323 K). In this range, solvent with 
sufficient vapour pressures have been considered: chloroform, methanol, benzene, methyl acetate, di-
ethyl ether, acetone, ethyl acetate and ethanol. Most of them have been dismissed because of their 
toxicity or possible interaction with the pilot seals. Ethyl acetate ( ) is chosen. Thermodynamic 𝐸𝐴
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equilibrium at atmospheric pressure shows 10% of ethyl acetate in nitrogen gas at 293 K, and 38% at 
323 K.

Antoine’s law used in this work to calculate the ethyl acetate vapour pressure is given by equation (4), 
which uses the coefficients recommended by [30]:

𝑙𝑜𝑔10(𝑃𝑣𝑎𝑝
𝐸𝐴 ) = 4.22809 ―

1245.702
𝑇 ― 55.189 (4)

with  in bar and  in K.𝑃𝑣𝑎𝑝
𝐸𝐴 𝑇

Useful physico-chemical properties of  and nitrogen are gathered in Table 1.𝐸𝐴

Temperature 
(K)  (kg.m-3)𝜌  (Pa.s)𝜇  (N.m-1)𝜎

𝐸𝐴

(liquid)

𝑁2

(gas)

𝐸𝐴

(liquid)

𝑁2

(gas)
𝐸𝐴

293 897 1.16 4.27·10-4 1.75·10-5 2.36·10-2

323 863 1.06 2.04·10-4 1.90·10-5 2.04·10-2

Table 1. Physico-chemical properties of ethyl acetate and nitrogen under atmospheric pressure. “EA” stands for ethyl acetate.

2.2 Single channel setup

The experimental set-up (Figure 1) consists in a vertical cylindrical capillary glass tube made with 
20.01 mm internal diameter and 1 m length. The liquid (ethyl acetate, >99%, Acros OrganicsTM, Fisher 
Scientific S.A.S., France) is circulated into the channel from a reservoir tank (mixed and saturated by 
bubbling nitrogen) using a gear pump (Tuthill D-series, Bronkhorst® France) controlled by a Coriolis 
mass flow instrument (Bronkhorst® France, mini-CORI FLOWTM, 0-15 kg.h-1).

Figure 1. Scheme of the experimental single channel set-up.
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The gas supplied from a  gas cylinder (4.5 grade: >99,995%, Linde Gas, Linde France S.A.) is regulated 𝑁2
at 1.2 bara and a thermal mass flow controller (Brooks SLA5850S, 0-15 normal liters per hour (NL.h-1)) 
adjusts its flow rate. The two phases are contacted through a T-junction embedded in a Teflon piece 
before entering the single channel in upflow mode. They are disengaged in a gas-liquid separator made 
of Teflon: the gas is vented to an extraction unit, while the liquid phase is stored in a separate tank. A 
0.6 m long cylindrical jacket made of transparent methyl metacrylate insures temperature control in 
the channel. In this jacket, water circulates in co-current mode, the temperature of which is regulated 
at the desired value. Heating strings are placed around channel inlet and outlet and regulated at the 
desired temperature to minimize heat losses. Pt100 probes are located on the liquid line before the 
gas-liquid injector and after the gas-liquid separator.

2.3 Shadowgraphy equipment

Shadowgraphy images were acquired by a high-speed sCMOS camera (PCO Edge 5.5, Photon Lines SAS) 
with a resolution of 2560x402 px2. The camera was equipped with a 105 mm f/2.8 Nikon lens. Several 
regions of interrogation (ROI) were investigated along the channel. Each of them was 10 cm long to 
insure to catch a significant bubble size increase. This lead to spatial definition of 40 µm.px-1 in the 
axial direction. The lowest ROI started 9 cm above the T-junction. A LED panel (Phlox®, 20 x 20 cm2, 
continuous light source, Phlox Corp, France) was settled behind the channel and lighted the ROI. A 
stand allowed moving the camera vertically along the circular double jacket. The camera and the LED 
panel were set at the middle of the considered interrogation area.

2.4 Experimental procedure and selected operating conditions

For each experiment, the tube was initially fed with gas, and then with liquid to prevent liquid entering 
the gas line. The temperature was set to 293 K or to 323 K, to limit the heat losses and to fulfill an 
observable bubble size growth along the visualization zone. The two phases flowed at the desired 
temperature and left the channel at atmospheric pressure. Prior to the experiments, a dedicated study 
was performed to check the flow regimes obtained with different flow rates of nitrogen and ethyl 
acetate. The gas flow rate was then set in the range [0.4-6.8] NL.h-1, and the liquid one in the range 
[0.4-1.13] L.h-1 to ensure the Taylor flow regime. The flow was recorded over a long time (up to 4 hours) 
to check for its stability. A sequence of 4,000 frames was then taken for each ROI, which corresponds 
to recording durations of 33 to 40 s. Note that 3,000 frames were usually large enough to reach 
converged time-averaged values of the deduced bubble features, and that the experiments which did 
not fulfill this criterion after 4,000 images were rejected. The acquisition frequency and exposure time 
were set between 100 and 120 Hz and between 1 and 2 ms, respectively, depending on the flow 
conditions. These values allowed capturing the gas-liquid flow features and getting precise bubble 
images.

In a preliminary study, the various flow regimes observed in the channel were determined for the 
system  at 293 K and 323 K, when varying gas and liquid flow rates. This led to the selected 𝑁2 ―𝐸𝐴
operating conditions (Table 2). The latter allow estimating, for the inlet conditions, the meaningful 

non-dimensional numbers for Taylor flow: the Capillary number ( ), the Weber number 𝐶𝑎 =
µ𝐿 ∙ 𝑈𝐵

𝜎𝐿

 and the bubble Reynolds number  where  is the bubble velocity (𝑊𝑒 =
𝜌𝐿 ∙ 𝑈2

𝐵 ∙ 𝑑𝑐

𝜎𝐿 ) (𝑅𝑒𝐵 =
𝜌𝐿 ∙ 𝑈𝐵 ∙ 𝑑𝐵

𝜇𝐿 ), 𝑈𝐵

along the channel.

The flow regime was laminar in the liquid slug, since  was low (<1200).  values varied between 𝑅𝑒𝐵 𝐶𝑎
0.910-3 and 210-3, showing the predominance of surface tension effects over viscous force, and  𝑊𝑒
values ranged between 0.6 and 1.5, so inertial effects were not significant in the experiments. 
Therefore, bubbles exhibited the “ideal” shape [5]: a cylindrical body with two half-spheres added.
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Case 
N°

 𝑇𝑖𝑛
𝐸𝐴

(K)
 𝑇𝑖𝑛

𝑗𝑎𝑐𝑘𝑒𝑡
(K)

 (K)𝑇𝑜𝑢𝑡
𝑗𝑎𝑐𝑘𝑒𝑡

Number of 
recorded 

series

 𝑄𝐺
𝑁2

(NL.h-1)
 (L.h-𝑄𝐿

𝐸𝐴
1)

 𝑓𝑎𝑐𝑞
(Hz)

 (bar)𝑃𝑡,0

1 298.3 295.4 291.1 15 0.5 0.5 100 1.06

2 324.7 322.2 321.4 10 0.5 0.5 100 1.06

3 323.9 322.2 321.5 10 0.5 0.5 100 1.06

4 293.3 - * - * 11 0.5 0.5 120 1.07

5 324.1 322.1 321.3 11 0.5 0.5 120 1.06

6 322.6 322.2 321.4 8 0.75 0.75 120 1.06

Table 2. Summary of investigated conditions.
* No circulation in the double jacket for this experiment.

2.5 Image processing

The Image Processing Toolbox of MATLAB® R2019.a was used to monitor the recorded images and to 
extract bubble features. The procedure is well-known (see for example [18]) and consisted in steps of 
binarization of bubble images, bubble labelling, calculation of bubble features (volume, surface area, 
velocity) according to their location, which are briefly described below.

Binarization of the bubble images
Before any processing, the 8-bit grayscale images were converted into 64-bit images. A ‘blank image’ 
of the liquid-filled channel (without bubble) was created from all bubble images of the sequence by 
retaining only the brightest pixels from one image to the other. This ‘blank image’ was subtracted from 
the bubble image to remove the channel wall. The image contrast was enhanced before 
transformation of the grayscale image into binary image using an automatic thresholding. The contour 
of the bubbles was smoothed by removing isolated pixels and performing morphological operations 
(e.g. closing operation). The interior area of the bubbles was filled by setting the interior pixels to “1” 
value.

Bubble labelling and calculation of bubble features
Each ROI of the channel showed from 10 to 18 bubbles on one single image, depending on the flow 
conditions. On each binarized ROI image, “objects” (bubbles) were detected thanks to preprogrammed 
MATLAB® function, and the image was split into interrogation areas (IA) of unit cell size (each IA 
contains one bubble). Depending on the position of these IA in the ROI, bubbles, when complete, were 
labelled “1”, “2” … “ ”, from left to right (Figure 2), i.e. in the direction of bubble motion. For each IA 𝑛
“ ”, image analysis allowed the determination of bubble length ( ), and of mass center location, using 𝑖 𝐿𝐵
adapted MATLAB® functions. It is important to note that, the channel being surrounded by the water-
filled circular double jacket, images of the flow suffered from optical distortion in the radial direction. 
So, it was not intended to extract directly bubble volumes from the images, but bubble lengths only, 
as this parameter was obtained on channel axis without any distortion. The volume and surface (  𝑉𝐵
and , respectively) were then computed for each bubble under the assumption of ideal shape. 𝑆𝐵
Finally, for each IA, the time-averaged position of its center was calculated and stored, and bubble 
lengths were time averaged. The respective maximum relative deviations on these averages are 25% 
on the position of the center and 10% on .𝐿𝐵

For all operations from binarization, the processing of 4,000 images needed a total CPU time of ~60 
minutes on a laptop computer running 64-bit Windows 10 with Intel Core i7 8850H@2.6-4.3 GHz and 
64 Gb-RAM.
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Figure 2. Illustration on grayscale images of the series of labelled Interrogation Areas, as defined in the ROI, and of their 
evolution in time. About half of the ROI is shown here. Experiment performed at  = 293 K, acquisition frequency: 100 Hz.𝑇

3 Evaluation of the local gas-side mass transfer coefficient 𝒌𝑮

3.1 1-D model for gas-side mass transfer in Taylor flow

In this section, the gas-side coefficient  is related to the time evolution of bubble size during the 𝑘𝐺
journey of the unit cell along the channel, with the aim to identify the value of  through the 𝑘𝐺
comparison of modelled and measured bubble sizes. So, in the model, all parameters are deduced 
either from known information at channel entrance (gas and liquid flow rates, pressure) or from a 
reference bubble size, as measured close to channel end. This is detailed here after.

3.1.1 Model background and founding equations

Temperature is considered uniform in the entire zone where the double jacket surrounds the channel. 
Bubble diameter ( ) is assumed constant along the channel, since bubble velocity variation is small 𝑑𝐵
enough to neglect the variation of Capillary number (and thus that of the lubrication film thickness). 
Since the solubility of nitrogen in ethyl acetate ( ) is negligible, total pressure variation and  𝐸𝐴 𝐸𝐴
vaporization are the only phenomena affecting bubble length ( ). To model the evolution of  along 𝐿𝐵 𝐿𝐵
the channel, a balance in  is applied to a current unit cell:𝐸𝐴

𝑁𝐺
𝐸𝐴 = 𝑘𝐺(𝐶𝐺,𝑖

𝐸𝐴 ― 𝐶𝐺
𝐸𝐴) (5)

where  is the molar flow rate of transferred  per unit interfacial area,  is the concentration 𝑁𝐺
𝐸𝐴 𝐸𝐴 𝐶𝐺,𝑖

𝐸𝐴
in  at interface (gas-side), and  is the bulk concentration in  inside the bubble.𝐸𝐴 𝐶𝐺

𝐸𝐴 𝐸𝐴

 being pure in this work, , where  is the gas-phase  concentration in equilibrium 𝐸𝐴 𝐶𝐺,𝑖
𝐸𝐴 = 𝐶𝐺, ∗

𝐸𝐴 𝐶𝐺, ∗
𝐸𝐴 𝐸𝐴

with the bulk liquid-phase  concentration.𝐸𝐴

The gas phase being composed mainly of nitrogen, and used at moderate pressure and temperature, 
ideal gas law applies, and  can be expressed as:𝐶𝐺, ∗

𝐸𝐴

𝐶𝐺, ∗
𝐸𝐴 =

𝑃𝑣𝑎𝑝
𝐸𝐴

𝑅 ∙ 𝑇
(6)
5)

where  is the  saturation vapour pressure. The transferred  rate is then writen:𝑃𝑣𝑎𝑝
𝐸𝐴 𝐸𝐴 𝐸𝐴
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𝑁𝐺
𝐸𝐴 =

𝑘𝐺

𝑅 ∙ 𝑇(𝑃𝑣𝑎𝑝
𝐸𝐴 ― 𝑃𝐸𝐴) (7)

In the considered unit cell, the time evolution of the number of  moles in the bubbles is:𝐸𝐴

𝑑𝑛𝐺
𝐸𝐴

𝑑𝑡 = 𝑁𝐺
𝐸𝐴 ∙ 𝑆𝐵 =

𝑘𝐺 ∙ 𝑆𝐵

𝑅 ∙ 𝑇 (𝑃𝑣𝑎𝑝
𝐸𝐴 ― 𝑃𝐸𝐴) (8)

and can be expressed in terms of the total number of gas moles in the bubble (as nitrogen transfer is 
neglected):

𝑑𝑛𝐺
𝐸𝐴

𝑑𝑡 =
1

𝑅 ∙ 𝑇 ∙
𝑑
𝑑𝑡

(𝑃𝑡 ∙ 𝑉𝐵)
(9)

Taking bubble shape in account, bubble volume  and bubble surface  are defined as:𝑉𝐵 𝑆𝐵

𝑉𝐵 = (𝐿𝐵 ― 𝑑𝐵)
𝜋𝑑𝐵

2

4 +
𝜋
6𝑑𝐵

3 (10)

𝑆𝐵 = (𝐿𝐵 ― 𝑑𝐵)𝜋𝑑𝐵 + 𝜋𝑑𝐵
2 (11)

Derivative of equation (9) writes:

𝑑𝑛𝐺
𝐸𝐴

𝑑𝑡 =
1

𝑅 ∙ 𝑇(𝑉𝐵 ∙
𝑑𝑃𝑡

𝑑𝑡 + 𝑃𝑡 ∙
𝜋𝑑𝐵

2

4 ∙
𝑑𝐿𝐵

𝑑𝑡 ) (12)

For the considered unit cell, the axial position in the channel and travelling time can then be related 
as:

𝑈𝑇𝑃 ∙ 𝑑𝑡 = 𝑑𝑧 (13)

Note that, as bubble volume varies along the channel, so does . Combining equations (8), (12) and 𝑈𝑇𝑃
(13) gives:

𝑑𝐿𝐵

𝑑𝑧 = (𝑘𝐺 ∙ 𝑆𝐵

𝑈𝑇𝑃
(𝑃𝑣𝑎𝑝

𝐸𝐴 ― 𝑃𝐸𝐴) ― 𝑉𝐵 ∙
𝑑𝑃𝑡

𝑑𝑧 ) (𝑃𝑡 ∙
𝜋𝑑𝐵

2

4 ) (14)

Equation (14) applies to the local considered unit cell, i.e. to a specific axial position . In the following 𝑧
steps, the  coefficient is considered invariant along the flow. So, in this equation, all parameters vary 𝑘𝐺
along , except for  and . It is recalled that the objective is to access to the time evolution of , to 𝑧 𝑑𝐵 𝑘𝐺 𝐿𝐵
compare it to measured values, and thus to identify . To do so, calculation of , , , ,  (and 𝑘𝐺 𝑑𝐵 𝑉𝐵  𝑆𝐵 𝐿𝐵,0 𝑃𝑡
its derivative), , and , is needed. Their expressions will be derived later.𝑈𝑇𝑃 𝑃𝐸𝐴

Variation of total pressure along the channel:

Total pressure includes hydrostatic pressure and shear stress between fluids as well as friction against 
the channel wall:
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𝑑𝑃𝑡

𝑑𝑧 =
𝑑𝑃ℎ𝑦𝑑𝑟𝑜𝑠𝑡𝑎𝑡𝑖𝑐

𝑑𝑧 +
𝑑𝑃𝑓𝑟𝑖𝑐𝑡𝑖𝑜𝑛

𝑑𝑧
(15)

Neglecting the gas phase contribution to the hydrostatic pressure, it comes:

𝑑𝑃ℎ𝑦𝑑𝑟𝑜𝑠𝑡𝑎𝑡𝑖𝑐

𝑑𝑧 = ― (1 ― 𝜀𝐺) ∙ 𝜌𝐿 ∙ 𝑔 (16)

where  is the local gas holdup within the flow.𝜀𝐺

The derivative expressed in equation (16) is negative for ascending flows.

To evaluate pressure loss due to friction in Taylor flow, the model derived by Warnier and colleagues 
was chosen [31], as it applies to a millimetric circular channel under similar hydrodynamic conditions 
to those of the present work. This model is valid for  < 0.01,  < 150 and negligible velocity of the 𝐶𝑎 𝑅𝑒𝐵
liquid in the film surrounding the gas bubbles. Accounting for the fraction of channel length occupied 
by the slugs, it gives:

𝑑𝑃𝑓𝑟𝑖𝑐𝑡𝑖𝑜𝑛

𝑑𝑧  =  ―  𝑓𝑠 ∙
4
𝑑𝑐

(1
2𝜌𝐿 ∙ 𝑈𝑇𝑃

2)( 𝐿𝑆

𝐿𝐵 + 𝐿𝑆) (17)

where  is the modified Fanning friction factor, taking into account the presence of the gas bubble in 𝑓𝑠
the unit cell:

𝑓𝑠 =
16

𝑅𝑒𝑇𝑃
∙ (1 +

7.16 × 3
2

3

32 ∙ 𝑑𝑐 ∙
𝑓𝐵

𝑈𝐿𝑆
∙ ( 1

𝐶𝑎1/3 + 3.34 ∙ 𝐶𝑎)) (18)

with  the two-phase Reynolds number   the bubble frequency defined as:𝑅𝑒𝑇𝑃 (𝑅𝑒𝑇𝑃 =
𝜌𝐿 ∙ 𝑈𝑇𝑃 ∙ 𝑑𝑐

𝜇𝐿 ), 𝑓𝐵

𝑓𝐵 =
𝑄𝐺

𝑉𝐵
(19)

and  are the local values of the volumetric gas flow rate and the bubble volume, respectively (𝑄𝐺 𝑉𝐵 𝑉𝐵 
being given by equation (10)).

In addition, in the present work, pressure measurements at channel inlet and outlet for Taylor flows 
lead to adjust the model through a multiplying factor . Then it comes:𝑓𝑐𝑜𝑟𝑟

𝑑𝑃𝑓𝑟𝑖𝑐𝑡𝑖𝑜𝑛

𝑑𝑧 =  ― 𝑓𝑐𝑜𝑟𝑟 ∙ 𝑓𝑠 ∙
4
𝑑𝑐

(1
2𝜌𝐿 ∙ 𝑈𝑇𝑃

2)( 𝐿𝑆

𝐿𝐵 + 𝐿𝑆) = ― 𝑓𝑐𝑜𝑟𝑟 ∙ 𝑓𝑠
4
𝑑𝑐

(1
2𝜌𝐿 ∙ 𝑈𝑇𝑃

2)𝑈𝐿𝑆

𝑈𝑇𝑃
(20)

where  is the superficial velocity of liquid phase.𝑈𝐿𝑆

Note that the factor  is identified for each performed experiment.𝑓𝑐𝑜𝑟𝑟

Finally, when combining equations (15), (16) and (20), the variation in total pressure along the tube 
writes:

𝑑𝑃𝑡

𝑑𝑧 = ― (1 ― 𝜀𝐺) ∙ 𝜌𝐿 ∙ 𝑔 ― 𝑓𝑐𝑜𝑟𝑟 ∙ 𝑓𝑠 ∙
4
𝑑𝑐

(1
2𝜌𝐿 ∙ 𝑈𝑇𝑃 ∙ 𝑈𝐿𝑆) (21)

This expression requires in addition the calculation of the gas phase hold-up .𝜀𝐺

Gas volume fraction in the unit cell :𝜺𝑮
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The different velocities of the system are linked all together and lead to the determination of gas 
volume fraction:

𝑈𝐺𝑆 = 𝛽𝐺 ∙ 𝑈𝑇𝑃 = 𝜀𝐺 ∙ 𝑈𝐵 (22)

where  represents the ratio between volumetric gas flow rate and total fluid flow rate.𝛽𝐺
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Constant bubble diameter :𝒅𝑩

Lubrication films are too thin to be measured as the camera had to record a large ROI to catch several 
neighbouring bubbles (see section 2.3). To obtain their value, the two-phase velocity at bubble 
entrance  is first calculated on the basis on fluids flow rates. Bubble velocity at channel entrance, 𝑈𝑇𝑃,0

, is then calculated thanks to the Bretherton model [32] by solving the following implicit equation:𝑈𝐵,0

𝑈𝐵,0 ― 𝑈𝑇𝑃,0

𝑈𝐵,0
= 1.29 × (3 ∙ 𝐶𝑎0)

2
3 (23)

Then, lubrication film thickness  can be obtained via the relation developped by Aussilous and Quéré 𝛿𝑓
[33]:

𝛿𝑓

𝑑𝑐
=

0.66·𝐶𝑎0

2
3

1 + 3.33·𝐶𝑎0

2
3

(24)

Bubble diameter is deduced from:

𝑑𝐵 = 𝑑𝑐 ― 2𝛿𝑓 (25)

Knowing , bubble volume and bubble surface can be calculated thanks to equations (10) and (11), 𝑑𝐵
using the current solved value of .𝐿𝐵

Boundary value : 𝑳𝑩,𝟎

 is deduced from the bubble volume at channel inlet  through equation (10).𝐿𝐵,0  𝑉𝐵,0

At any axial position in the channel, the various volumes can be expressed as:

𝑉𝑈𝐶 =
𝑉𝐿

1 ― 𝜀𝐺
(26)

𝑉𝐵 = 𝜀𝐺𝑉𝑈𝐶 (27)

It comes:

𝑉𝐵 =
𝜀𝐺

1 ― 𝜀𝐺
𝑉𝐿 (28)

Liquid volume is unknown, but remains unchanged all along the channel. Based on this statement and 
on equation (28), bubble volume at any axial position in the channel – for example  which is 𝑉𝐵,0
unknown – can be deduced from gas features measured at a reference axial position:

𝑉𝐵,0 =
𝜀𝐺,0

1 ― 𝜀𝐺,0
∙

1 ― 𝜀𝐺

𝜀𝐺
∙ 𝑉𝐵 (29)

where the gas phase hold-up at the channel entrance, , is estimated from equation (22) using  𝜀𝐺,0 𝑈𝐵,0
given by equation (23).

The chosen reference position corresponds to the end of the zone which is surrounded by the double 
jacket. Indeed, this is the farthest position from channel entrance, and the equilibrium between gas 
and liquid phases is assumed to be reached at that point. This reference axial position is called . 𝑧 ∗

There, the different variables are defined: , ,  et . These 𝑉𝐵 = 𝑉𝐵
∗ 𝐿𝐵 = 𝐿𝐵

∗ 𝜀𝐺 = 𝜀𝐺
∗ 𝑃𝐸𝐴 = 𝑃𝑣𝑎𝑝

𝐸𝐴
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equilibrium parameters are obtained from processing the images recorded in the farthest IA from 
channel entrance, within the farthest ROI.

Two-phase velocity :𝑼𝑻𝑷

The liquid flow rate is assumed to be constant along the channel. On the contrary, the gas flow rate 
increases because of  vaporization. As a consequence, so does . The superficial gas velocity is 𝐸𝐴 𝑈𝑇𝑃
related to the total gas molar flow rate  and to the channel cross section :𝐹𝐺

𝑡 𝐴𝑐

𝑈𝐺𝑆 =
𝐹𝐺

𝑡 ∙ 𝑅 ∙ 𝑇
𝑃𝑡 ∙ 𝐴𝑐

(30)

where:

𝐹𝐺
𝑡 =

𝑃𝑡

𝑃𝑡 ― 𝑃𝐴𝐸
∙ 𝐹𝐺

𝑁2,0 (31)

(the molar nitrogen flow rate  remaining unchanged).𝐹𝐺
𝑁2

Partial EA pressure  and corrective factor  for friction pressure evaluation:𝑷𝑬𝑨 𝒇𝒄𝒐𝒓𝒓

Thus, the total volumetric gas flow rates at any location  can be linked to its value at channel entrance:𝑧

𝑃𝑡 ∙ 𝑄𝐺 =
1

1 ― 𝑦𝐸𝐴
∙ 𝑃𝑡,0 ∙ 𝑄𝐺,0 (32)

where  is the current molar fraction in  as corresponding to the  gas concentration .𝑦𝐸𝐴 𝐸𝐴 𝐸𝐴 𝐶𝐺
𝐸𝐴

In an analogous way, at the UC scale:

𝑦𝐴𝐸 = 1 ―
𝑃𝑡,0 ∙ 𝑉𝐵,0

𝑃𝑡 ∙ 𝑉𝐵
(33)

Equation (33) is used to relate  molar fractions at current position  and at the reference position:𝐸𝐴 𝑧

𝑦𝐸𝐴 = 1 ― (1 ― 𝑦 ∗
𝐸𝐴) ∙

𝑃 ∗
𝑡 ∙ 𝑉 ∗

𝐵

𝑃𝑡 ∙ 𝑉𝐵
(34)

Expressing  with use of  and  gives:𝑦𝐸𝐴 𝑃𝐸𝐴 𝑃𝑡

𝑃𝐸𝐴 = 𝑃𝑡 ― (𝑃 ∗
𝑡 ― 𝑃𝑣𝑎𝑝

𝐸𝐴 ) ∙
𝑉 ∗

𝐵

𝑉𝐵
(35)

To complete this equation, the equilibrium total pressure is needed. It is reached by integration of 𝑃 ∗
𝑡  

equation (21) from channel entrance to the current  position. To obtain an algebraic explicite 𝑧
expression for , it is considered here that  and  (whose values are taken at  and  𝑃 ∗

𝑡 𝜀𝐺 𝑈𝑇𝑃 𝑧 ∗ 𝑧𝑜𝑢𝑡,
respectively) are almost constant along the channel. This assumption sounds relevant since these 
variables reach their reference values soon after channel entrance. It comes:

𝑃 ∗
𝑡 = 𝑃𝑡,0 ― (1 ― 𝜀 ∗

𝐺 )𝜌𝐿 ∙ 𝑔 ∙ 𝑧 ∗ ― 𝑓𝑐𝑜𝑟𝑟 ∙ 𝑓𝑠 ∙
4
𝑑𝑐

(1
2𝜌𝐿 ∙ 𝑈𝑇𝑃,𝑜𝑢𝑡 ∙ 𝑈𝐿)𝑧 ∗ (36)

So, to reach the value of  at the current position  in the channel through equation (35), one still 𝑃𝐸𝐴 𝑧
needs to evaluate  and . These values will result from simultaneous solving of two non-linear 𝜀 ∗

𝐺 𝑓𝑐𝑜𝑟𝑟
algebraic equations:
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- The first equation describes nitrogen molar conservation in the bubble from channel entrance 
to the equilibrium position; in this goal, equation (35) is used for  ( and 𝑧 = 0 𝑃𝐸𝐴 = 0) 
combined with the expression of bubble volume ratio (equation (29)):

𝑃𝑡,0(1 ― 𝜀 ∗
𝐺 )

𝜀𝐺,0

(1 ― 𝜀𝐺,0) ― (𝑃 ∗
𝑡 ― 𝑃𝑣𝑎𝑝

𝐸𝐴 )𝜀 ∗
𝐺 = 0 (37)

- The second one results from integration of pressure gradient (equation (21)) from channel 
inlet to channel outlet (it is recalled that equation (21) holds the unknown parameter ):𝑓𝑐𝑜𝑟𝑟

𝑃𝑡,0 ― 𝑃𝑡,𝑜𝑢𝑡 ― (1 ― 𝜀 ∗
𝐺 ) ∙ 𝜌𝐿 ∙ 𝑔 ∙ 𝑧𝑜𝑢𝑡 ― 𝑓𝑐𝑜𝑟𝑟 ∙ 𝑓𝑠 ∙

4
𝑑𝑐

(1
2𝜌𝐿 ∙ 𝑈𝑇𝑃,𝑜𝑢𝑡 ∙ 𝑈𝐿)𝑧𝑜𝑢𝑡 = 0 (38)

This equation shows the total pressures at both ends of the channel, and : is 𝑃𝑡,0 𝑃𝑡,𝑜𝑢𝑡 𝑃𝑡,0 
measured, and  is considered equal to the atmospheric pressure.𝑃𝑡,𝑜𝑢𝑡

3.1.2 Model solving strategy

The variables ,  , , ,  and  are now expressed as functions of the two unknown 𝑑𝐵 𝑉𝐵, 𝑆𝐵  𝜀𝐺 𝑈𝑇𝑃 𝑃𝐴𝐸 𝑓𝑐𝑜𝑟𝑟
parameters  and . Variables ,  and  are computed first (from algebraic equations (36) to 𝐿𝐵 𝑃𝑡 𝑃 ∗

𝑡 𝜀 ∗
𝐺 𝑓𝑐𝑜𝑟𝑟

(38)) from a specific routine. The final system to be solved consists in two non-linear differential 
equations (equations (14) and (21)) in which the two unknowns  and  appear. The coefficient  𝐿𝐵 𝑃𝑡 𝑘𝐺
is a parameter to be tuned so that the calculated values of  match the experimental ones.𝐿𝐵

The boundary conditions to be used are:

𝑃𝑡(𝑧 = 0) = 𝑃𝑡,0 (39)

𝐿𝐵(𝑧 = 0) = 𝐿𝐵,0 (40)

 is the guessed bubble size at channel entrance, as estimated from bubble volume values at 𝐿𝐵,0
different axial positions in the channel.

The entire system of equations is solved using MATLAB® (R2019a).

3.2 CFD approach for gas-side mass transfer assessment and analysis

3.2.1 Modeling framework and settings

The  mass transfer is very fast, which compromises the accuracy of experimental  measurements. 𝐸𝐴 𝑘𝐺
As mentioned in the introduction, numerical simulations allow assessing the measured values – or at 
least their order of magnitude –, as well as investigating the impact of experimental parameters such 
as temperature, flow velocity and solute diffusivity outside of the operating envelope of the present 
experimental tool.

These simulations involve the description of phenomena at the bubble scale, through the continuity 
and momentum equations (for each phase), and the transport equation for  species in the gas 𝐸𝐴
phase. These equations and their relevant respective boundary conditions, as well as the selected CFD 
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software (COMSOL Multiphysics®), are reported in details in recent works [34, 35], which deal with the 
transfer of a pure gaseous species towards a liquid and thus numerically describe the liquid phase only. 
In these works, as well as in prior studies [36, 37], the unit cell (UC) approach is applied to describe 
Taylor flow in a cylindrical vertical milli-channel. It consists in modelling the phenomena for a single 
UC in a reference frame moving with the bubble. In this frame, the numerical problem is thus unsteady, 
and specific phenomena linked to disturbance at channel inlet and outlet are not described. To account 
for UC upward motion, the channel wall is considered to move at the velocity .― 𝑈𝐵

Inside the UC, the bubble is surrounded by two liquid slug halves. In the present work, the 
thermodynamic equilibrium is set for  as boundary condition at the interface (concentration: , 𝐸𝐴 𝐶𝐺, ∗

𝐸𝐴 )
to compute  concentration inside the bubble. As  vapor is transferred to the gas phase, bubble 𝐸𝐴 𝐸𝐴
volume increases, and force balance at the interface induces bubble surface distortion. This is 
computed thanks to the moving mesh approach, based on the Arbitrary Lagrangian−Eulerian (ALE) 
method, which is directly available in COMSOL Multiphysics®. Despite  vaporization, temperature 𝐸𝐴
is assumed uniform in the UC: in other words, vaporisation heat is supposed efficiently carried away 
through the double jacket.

As the bubble expands in the UC while slug volume is constant, its velocity  increases. The wall 𝑈𝐵
velocity has thus to be adjusted all along bubble rise, in order to keep bubble position stable at UC 
center. This is performed by a numerical PID controller, specifically developped and linked to the 
computation.

Another specific difficulty in this work lays in the boundary conditions to be set at entrance and outlet 
faces of the modelled UC. In COMSOL Multiphysics® periodic conditions can be set, meaning that 
identical velocity profiles are specified for these two faces, and that a value is imposed as pressure 
drop ( ) over the UC. However, this value is unknown a priori, and crucial for gas phase description. 𝛥𝑃𝑡
A different approach is then adopted, where the UC is considered “open” (no periodic conditions but 
inlet and outlet boundary conditions). Authors who adopt this strategy [34, 38] recommend insuring 
the Poiseuille velocity profile at UC inlet face, together with a condition of fixed total pressure at outlet 
face. Pressure drop across the UC volume is then computed, as well as the velocity profile at outlet 
face. The velocity profiles at UC boundaries ought to be very similar: this point has to be checked.

3.2.2 Modeling strategy

As bubble expands within the UC, the liquid flow structure is impacted as well as  mass transfer. 𝐸𝐴
Therefore, the momentum equations and the transport equation for  are coupled and thus 𝐸𝐴
simultaneously solved. The problem is of course unsteady.

Note that COMSOL Multiphysics® does not take into account the mass source due to bubble growth 

(i.e. induced by interface motion: ). This contribution has to be added.𝐶𝐺, ∗
𝐸𝐴

𝑑𝑉𝐵

𝑑𝑡

The increase of UC length is equal to that of bubble length, according to:

𝑑𝐿𝑈𝐶

𝑑𝑡 =
1

𝜋𝑟2
𝑐

∙
𝑑𝑉𝐵

𝑑𝑡 (41)

So, a UC inlet and outlet boundaries are set to move, their velocity being equal to .±
1
2 ∙

𝑑𝐿𝑈𝐶

𝑑𝑡

The mass transfer coefficient  is then calculated as follows:𝑘𝐺

𝑘𝐺 = ( 𝛷𝐺
𝐸𝐴

𝐶𝐺, ∗
𝐸𝐴 ― 𝐶𝐺

𝐸𝐴,𝑎𝑣
) ∙

1
𝑆𝐵

(42)

where  is the diffusive mass transfer rate (in mol.s-1) of transferred  at bubble interface, which 𝛷𝐺
𝐸𝐴 𝐸𝐴

is computed through concentration gradient integration along bubble surface, and  is the 𝐶𝐺
𝐸𝐴,𝑎𝑣

average  concentration in the bubble.𝐸𝐴
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3.2.3 Domain meshing

The UC domain to be meshed is divided into four regions: the two slug halves at UC ends, the bubble 
itself and the liquid zone close to the gas-liquid interface comprising the lubrication film between the 
bubble and the channel wall. A free mesh – composed of triangular cells – is built for these areas (Figure 
3) and is refined in the vicinity of boundaries. On both sides of bubble surface and at channel wall, 
concentration and velocity (respectively) gradients may be sharp. So, a specific “boundary layer” mesh 
type is used there: composed of thin quadrangles, these mesh layers offer several cells normal to the 
boundary, thus allowing accurate gradient calculation.

Figure 3. Mesh of the computed domain, zoomed into the areas close to the interface, and into the bubble nose and the 
lubrication film.

A specific study has been performed to check for the results sensitivity to the mesh and cell size, 
varying the number of cells in the boundary layers (from 6 to 12) and the maximum cell size near the 
interface and at the inlet/outlet domain boundaries. The coarsest mesh contained ~60,000 cells and 
the most refined one ~190,000 cells. Finally, depending on the considered geometry (i.e. on bubble 
and slug sizes), the used mesh contains ~160,000 cells, with ~60,000 quadrangles. The boundary layers 
offer 8 cells in the normal direction from interface or wall. For this selected mesh, the average quality 
values (ranging from 0 to 1) are 0.78 and 0.75 for the skewness and growth rate respectively (the value 
of 1 corresponds to the highest mesh quality for the considered metric).

4 Results and discussion

4.1 Experimental results for coefficient 𝒌𝑮

As example, case n°3 (see Table 2) is analysed here after in detail. For this experiment, performed at 
324 K, a comparison is made on Figure 4a between the measured bubble lengths  (red marks) and 𝐿𝐵
the 1D-model predictions (solid lines). On this figure, the various ROIs are easily recognised as distinct 
groups of red marks, where each mark corresponds to an individual interrogated area (IA). For all the 
ROIs, the slope is similar, showing slow bubble expansion. A good agreement is found between 
experiment and model for any  value from 410-3 m.s-1.𝑘𝐺
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The 1D-model allows evaluating bubble volume variation at short times, i.e. before bubbles reach the 
first ROI: whatever the value of , a fast expansion, due to  transfer, is observed, related to the 𝑘𝐺 𝐸𝐴
large local difference in  partial pressure . Further on, all computed curves meet the 𝐸𝐴 (𝑃𝑣𝑎𝑝

𝐸𝐴 ― 𝑃𝐸𝐴)
same constant moderate slope. At this stage, the curves predict the experimental values - except for 
one ROI where the measured values for  on the images are higher (+2%) than the overall trend, due 𝐿𝐵
to a possible local optical distortion. This slope actually corresponds to the pressure drop along the 
channel. Indeed, it is deduced from Figure 4b that, when this slope occurs, the equilibrium in  is 𝐸𝐴
reached for the liquid and gas phases: the bubble length profiles along the channel thus converge to 
the same trend line for the different  values.𝑘𝐺

(a) (b)

Figure 4. (a) Plot of bubble length along the channel: experimental values (red marks) and 1D-model predictions for various 
 values (solid lines); (b) plot of  partial pressure along the channel according to the 1D-model for  = 410-3 m.s-1. 𝑘𝐺 𝐸𝐴 𝑘𝐺

Experimental case n°3 (323.9 K).

So, the 1D-model clearly points out that the  transfer is very fast and that it is almost completed 𝐸𝐴
before the flow enters the lowest ROI. As a consequence, bubble lengths extracted from images in this 
first ROI can only lead to a lower bound value of .𝑘𝐺

As above mentioned, a corrective factor  is used in equation (21) to adapt the friction pressure 𝑓𝑐𝑜𝑟𝑟
model [30] so that the calculated values of total pressure match the ones measured at channel inlet 
and outlet. For experimental case n°3, it is found  = 3.26. As expected from equation (38),  𝑓𝑐𝑜𝑟𝑟 𝑓𝑐𝑜𝑟𝑟
strongly depends on the total pressure measured at channel inlet, as shown in Table 3 for experiment 
n°3. Indeed, as the friction pressure represents a moderate part of the total pressure (less than 20%), 
a small difference in  has a strong impact on  values. The pressure transducer is set 0.4 m 𝑃𝑡,0 𝑓𝑐𝑜𝑟𝑟
upstream from the channel inlet. Therefore, in the model, the value of  compensates for the 𝑓𝑐𝑜𝑟𝑟
uncertainty in the inlet pressure, which is known within ±0.01 bar. However, it should be noted that 
this uncertainty does not have a significant impact on the  profile predicted by the model for a given 𝐿𝐵

 value (Figure 5).𝑘𝐺
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 (bar)𝑃𝑡,0  (-)𝑓𝑐𝑜𝑟𝑟

1.05 0.87

1.06 (measured value) 3.26

1.07 5.69

Table 3. Sensitivity analysis for  to the uncertainty on the inlet total pressure. Experimental case n°3 (323.9 K).𝑓𝑐𝑜𝑟𝑟

Figure 5. Impact of the pressure uncertainty on the  profile predicted by the model. .𝐿𝐵 𝑘𝐺 = 4 ∙ 10 ―3 𝑚.𝑠 ―1

For each of the performed experiments, the lower bound value of  value is identified, which allows 𝑘𝐺
the 1D-model to match the respective experimental data. For instance, as for case n°3,  values are 𝐿𝐵
shown in Figure 6 for cases n° 4 and 6, together with the computed values from the 1D-model, with  𝑘𝐺
values in the range 2·10-3 to 1·10-2 m.s-1. From these two similar experiments (same fluids and 0.090 < 

 < 0.14 m.s-1), any value above 4·10-3 m.s-1 is in fact convenient for all experiments.𝑈𝑇𝑃
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(a) (b)

Figure 6. Variation of bubble length along the channel according to experimental values (red marks) and 1D-model predictions 
(continuous lines): (a) experimental case n°4 (  = 293.3 K); (b) experimental case n°6 (  = 322.6 K), 2 <  < 10.10-3 m.s-1 in 𝑇 𝑇 𝑘𝐺
the 1D-model.

4.2 Analysis of gas-side mass transfer by means of direct simulation

Thanks to direct simulations of  vaporization in an isothermal UC travelling in a channel, wider 𝐸𝐴
ranges of operating conditions are investigated without any of the experimental bias as flow instability 
or temperature gradients. As mentioned, these simulations do not describe the injection of the two 
fluids, leading to mass transfer coefficients  related to developped Taylor flows. In the following, the 𝑘𝐺
impacts of the two-phase velocity, the flow rates ratio, the flow temperature and the diffusivity in gas 
phase of the transferred species are studied. The results – in terms of  – are also compared to mass 𝑘𝐺
transfer in a spherical bubble freely rising in a stagnant liquid.

4.2.1. Reference layout

Here after, the numerical simulation of experimental case n°4 is described (see Table 2), in which 
temperature is 293 K (leading to the lowest bubble expansion thus allowing for possible model 
simplification), the inlet flow rates are  and , corresponding to 𝑄𝐺

𝑁2 = 0.5 𝑁𝐿.ℎ ―1 𝑄𝐿
𝐸𝐴 = 0.5 𝐿.ℎ ―1 𝑈𝑇𝑃

 m.s-1 and to  = 0.5 (where ). The UC length is set at 10 mm, as measured on = 0.088 𝛽𝐺 𝛽𝐺 =  
𝑄𝐺

𝑁2

𝑄𝐺
𝑁2 + 𝑄𝐿

𝐸𝐴

the recorded images at the inlet of the lowest ROI.

The computation involves the transient solving of the Navier-Sokes equations as well as  transfer 𝐸𝐴
from the liquid phase into the bubble. A profile corresponding to Poiseuille law is set on the inlet face, 
the average velocity being . At the beginning of the calculation, the bubble is given the “ideal” 𝑈𝑇𝑃
shape and contains no , except for the interface concentration which is set at . Then, the bubble 𝐸𝐴 𝐶𝐺, ∗

𝐸𝐴
grows because of  vaporization while travelling along the channel. It finally reaches a stable size 𝐸𝐴
corresponding to the thermodynamic equilibrium in . This final size is defined from equation (35) 𝐸𝐴
by:

𝑉𝐵,𝑚𝑎𝑥

𝑉𝐵,0
=

1

(1 ― 𝑃𝑣𝑎𝑝
𝐸𝐴 𝑃𝑡)

(43)
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At 293 K and for atmospheric pressure, the volume increase (experiment n°4) is found to be 11%. The 
numerical simulation is in perfect agreement with this estimated expansion. The main features of the 
simulation results will be presented here after to assess the reliability of the computations.

4.2.2 Hydrodynamics analysis

The two-phase simulation performed with the ALE moving mesh module describes accurately the 
phases interactions, and the bublle distortion by viscous and capillary forces. The velocity field 
stabilizes rapidly (less than 1 s of physical time).

Bubble shape and lubrication film

The Capillary number is low (  = 1.6710-3), leading to a negligible bubble distortion: its nose is slightly 𝐶𝑎
elongated, its rear barely flattened and shows a discreet bump (Figure 7).

Figure 7. Bubble shape (dashed line), and pressure profile along the UC: pressure on channel axis (dash-dotted line) and at the 
channel wall (solid line). Simulation of reference case (experimental case n°4).

This shape agrees with the recorded images of bubbles in experimental case n°4 (Figure 8a). It is 
interesting to mention that Triplett et al. [39] obtained a similar shape for the air-water system and for 
an even larger capillary number (510-3), in a circular channel of 1.1 mm of inner diameter (Figure 8b). 
Note that, for  twice larger and for temperature at 323 K, the bumps at bubble rear are more 𝑈𝑇𝑃
pronounced.

Figure 8. Images of bubbles whose shape is similar to the one predicted: (a) -ethyl acetate system,  = 2 mm,  = 770 𝑁2 𝑑𝑐 𝑅𝑒𝑇𝑃

and  = 1.6710-3; (b) Triplett et al. [39], air-water system,  = 1.1 mm,  = 400 and  = 510-3 (values for  are given 𝐶𝑎 𝑑𝑐 𝑅𝑒𝑇𝑃 𝐶𝑎 𝑅𝑒𝑇𝑃
for illustration (and not  values) since  is not provided in Triplett et al.’s work).𝑅𝑒𝐵 𝑈𝐵

Therefore, the lubrication film thickness varies along the bubble from 16 µm (at bubble rear) to 25 µm 
(bubble center), whereas the estimated thickness of 18 µm for an “ideal” shape bubble (used as initial 
thickness).

Pressure profile
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Far from the bubble in the UC, the pressure drop (induced by friction effect and static pressure 
variation) occurs at constant rate (Figure 7), as expected for flows close to the Hagen-Poiseuille 
reference. Near bubble rear, interface distortion generates pressure oscillations, while pressure drops 
drastically at bubble nose. In the area of constant thickness lubrication film, shear stress is negligible 
and pressure is stable.

Thus, pressure variation along UC axis is significant along the liquid slugs only. For the simulated case, 
pressure drop across the UC is 47.4 Pa.

Velocity profiles and streamlines

The simulation is run without periodicity condition for inlet and outlet faces. Thus, the outlet velocity 
profile is checked and found to be identical to the inlet one (Poiseuille profile, with less than 2% 
difference), assessing the periodicity of the flow for the UC borders, even for this short UC. The 
lubrication film is observed to be quasi-stagnant. However, a short area of liquid acceleration exists at 
bubble rear where the film slightly slims.

Streamlines are shown in Figure 9. Circulation loops appear inside the liquid slugs, as well as inside the 
bubble, near its nose and rear and in the vicinity of the lubrication film. This has often been observed 
for simulated Taylor flows (see for instance [34]).

Figure 9. Streamlines in the bubble and in the liquid slugs. Zoomed view for bubble rear (as slightly distorted). Reference case 
(experimental case n°4).

4.2.3 Transport phenomena inside the bubble

Mass transport of  inside the bubble is simultaneously solved. The gas diffusivity of  in nitrogen 𝐸𝐴 𝐸𝐴
has been estimated to 8.810-6 m2.s-1 from the Fuller et al.’s correlation [40].

Contour of  concentration in the bubble and time variation of the average concentration𝑬𝑨

The field of  concentration in the bubble at different instant times is shown in Figure 10a, while the 𝐸𝐴
UC travels along the channel. Gradients in  concentration exist near the interface all around the 𝐸𝐴
bubble, and are confined within a quasi-constant thickness film. Slight disturbance of this layer is due 
to the gas circulation loops and to the interface distortion. Such a concentration distribution suggests 
a diffusion-controlled transport. Note that this has been observed in the numerical results from 
Colombet et al. [27], dealing with a bubble rising freely in a stagnant liquid. The limited contribution 
of convective effects for  transport inside the bubble induces a limited impact of the two-phase 𝐸𝐴
velocity , as will be discussed later.𝑈𝑇𝑃
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(a) (b)

Figure 10. Mass transport inside the bubble: (a) successive  concentration fields; (b) time-evolution of the average  𝐸𝐴 𝐸𝐴
concentration. Reference case (experimental case n°4).

The average  concentration inside the bubble increases up to a plateau value (Figure 10b) when 𝐸𝐴
thermodynamic equilibrium is reached: 99.9% of  was obtained in 0.1 s for the reference case, 𝐶𝐺, ∗

𝐸𝐴
which corresponds to a distance of ca. 1 cm travelled by the UC. This confirms that the equilibrium is 
rapidly reached, as observed in the experiments. What is more, the disturbances due to the phases 
entrance in the channel are not accounted for in these numerical computations, and the bubble is 
considered free of any  at the initial step.𝐸𝐴

Mass transfer coefficient 𝒌𝑮

The time evolution of the  coefficient is presented in Figure 11. When the simulation starts, values 𝑘𝐺
as high as 0.1 m.s-1 are observed. Indeed, at the beginning,  concentration at interface is very 𝐸𝐴
different from the average bubble concentration. Then  sharply decreases, reaches a minimum 𝑘𝐺
before stabilizing after 0.2 s. Again, such a behavior was reported in the work of Colombet et al. [27] 
for a free rising bubble with bubble Péclet numbers of 80 and 160. In the present work,   20.𝑃𝑒

Figure 11. Time-evolution of the  coefficient along computational calculations. Reference case (experimental case n°4).𝑘𝐺
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4.2.4 Influence of operating conditions on 𝑘𝐺

The following parameters are successively varied:

- two-phase velocity ,𝑈𝑇𝑃
- ratio between volumetric gas and total flow rates ,𝛽𝐺
- temperature  (two values are checked: 293 and 323 K).𝑇

Table 4 gathers the stabilized  values. Note that, for the study of the first two parameters, 𝑘𝐺
hydrodynamics was modelled first and mass transport of  inside the bubble was computed 𝐸𝐴
afterwards by use of a fixed velocity field (thus neglecting bubble volume expansion), because these 
computations run much faster.
Results obtained at 293 K confirm that the method is then reliable: only 5% discrepancy (4.2210-2 vs. 
4.4510-2 m.s-1) was observed between the derived  value and the value from the simultaneous 𝑘𝐺
modelling of coupled phenomena.

Sensitivity analysis to : , , 𝑈𝑇𝑃 𝐷𝐸𝐴 ― 𝑁2 = 8.810 ―6 𝑚2.𝑠 ―1  𝛽𝐺 = 0.5 𝑇 = 293 𝐾

 (m.s-1)𝑈𝑇𝑃 0.088 0.044 0.180

 (m.s-1)𝑘𝐺 4.2210-2 2.9510-2 5.8910-2

Sensitivity analysis to : , , 𝛽𝐺 𝐷𝐸𝐴 ― 𝑁2 = 8.810 ―6 𝑚2.𝑠 ―1  𝑈𝑇𝑃 = 0.088 𝑚.𝑠 ―1 𝑇 = 293 𝐾

𝛽𝐺 0.5 0.3 0.7

 (m.s-1)𝑘𝐺 4.2210-2 3.9910-2 4.1710-2

Sensitivity analysis to : ,𝑇 𝑈𝑇𝑃 = 0.088 𝑚.𝑠 ―1  𝛽𝐺 = 0.5

𝑇 (𝐾) 293 323

(m2.s-1)𝐷𝐸𝐴 ― 𝑁2 8.810-6 1.010-5

 (m.s-1)𝑘𝐺 4.4510-2 5.1710-2

Table 4. Effect of operating parameters onto the  value. Hydrodynamics and mass transport were computed sequentially 𝑘𝐺

for the sensitivity analysis to  and  at 293 K, but simultaneously for  effect.𝑈𝑇𝑃 𝛽𝐺 𝑇

On the investigated range, when  is doubled,  is increased by 40%. This suggests that the latter 𝑈𝑇𝑃 𝑘𝐺
is linked to the square root of the two-phase velocity. Such a scaling relation is conventionally proposed 
by authors for  estimation, for non-reactive absorption systems [15, 20, 41]. Thus, convective effects 𝑘𝐿
contribute to gas-side mass transfer.

Flow rates ratio  whose value is close to that of the gas volume fraction ( , shows a minor impact 𝛽𝐺, 𝜀𝐺)
on  for a given two-phase velocity  So, even for long bubbles, the structure of concentration 𝑘𝐺, 𝑈𝑇𝑃.
gradients in the vicinity of the interface (Figure 10a) is conserved.

The  value is obviously sensitive to temperature: from 293 K to 323 K (bubble expansion being 𝑘𝐺
accounted for), it increases by 16%. However, in this range, physico-chemical properties of the 
considered fluids do not significantly vary (see Table 1) and hydrodynamics are not modified. One key-
phenomenon is the increase with temperature of  diffusivity in nitrogen, which is calculated to be 𝐸𝐴
10%, according to literature [40]. Bubble expansion contributes too: at 323 K, bubble volume expands 
by 59% whereas it expands by 11% at 293 K. So, bubble velocity is significantly higher at 323 K, leading 
to  increase, as mentioned earlier (without accounting for its effect,  would increase by 10% only).𝑘𝐺 𝑘𝐺

As a conclusion from this numerical study, for the  system and for 0.09 <  < 0.18 m.s-1, the 𝑁2 ―𝐸𝐴 𝑈𝑇𝑃
 coefficient varies in the range 2·10-2 and 6·10-2 m.s-1, depending on bubble velocity. 𝑘𝐺
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These calculations confirm the lower bound value of  that has been experimentally pointed out (  𝑘𝐺 𝑘𝐺
> 4·10-3 m.s-1) for the same order of magnitude of .𝑈𝑇𝑃

4.2.5 Extrapolation to other gas-liquid systems

To widen the discussion to other gaseous systems – in particular systems of industrial interest, as those 
involved for gas sweetening ( ) or  capture from flue gas ( ) – gas diffusivity  𝐶𝑂2 ― 𝐶𝐻4 𝐶𝑂2 𝐶𝑂2 ― 𝑁2 𝐷𝐺
is to be varied in the gas-side mass transfer computations. For instance,  diffusion coefficient in 𝐶𝑂2
nitrogen is 1.6710-5 m2.s-1 at 298 K following Ellis and Holsen [42], i.e. twice the  diffusivity in 𝐸𝐴
nitrogen.
For this study again, hydrodynamics is modelled first and mass transport of  inside the bubble is 𝐸𝐴
computed afterwards, based on the converged velocity field. Here,  is varied in a far larger range 𝐷𝐺
(210-7 to 510-5 m2.s-1), leading to values for Péclet number ( ) from 3 to 1,000. This allows plotting 𝑃𝑒
the Sherwood number ( ) versus . It is interesting to compare these results to those which were 𝑆ℎ 𝑃𝑒
numerically obtained for a free rising bubble in stagnant liquid [27], as transport phenomena inside 
the bubble and concentration layers at bubble surface have surprisingly been found similar for these 
two kinds of bubble (section 4.2.3).
The diffusivity value is found to drastically impact : starting with a value of 510-7 m2.s-1, an increase 𝑘𝐺
of by a factor 10 or 100 results in a  increase by a factor 6.6 or 30, respectively.𝐷𝐺 𝑘𝐺

As mentioned in section 1.2.3, Colombet and co-workers [27] investigate the gas-side mass transfer 

for a free bubble, by varying Sherwood and Péclet numbers: and . They report 𝑆ℎ =
𝑘𝐺 ∙ 𝑑𝐵

𝐷𝐺
, 𝑃𝑒 =

𝑈𝐵 ∙ 𝑑𝐵

𝐷𝐺

that the plot of the asymptotic Sherwood value  (obtained when ) with respect to  exhibits 𝑆ℎ 𝑡   𝑃𝑒
two plateaus (Figure 12): when ,  reaches its minimal values (6.58), and, when ,  𝑃𝑒→0 𝑆ℎ 𝑃𝑒→∞ 𝑆ℎ
extends to its maximal value (~18). Convective effects, when intensified in regard with diffusive ones, 
have thus a limited impact onto gas-side mass transport.

Interestingly, for confined Taylor bubbles, the sigmoidal shape of  plot versus  is also true (Figure 𝑆ℎ 𝑃𝑒
12), though the bounding values are found slightly different: for , the minimum  value 𝑅𝑒𝐵 = 387 𝑆ℎ

is 5.7 (corresponding to  for  at 293 K in a 2 mm channel), the maximum one 𝑘𝐺 = 2.510 ―2 𝑚.𝑠 ―1 𝐸𝐴
is ~20. These discrepancies may be attributed to the difference in shapes of the two considered 
bubbles, or to the fact that, for Taylor bubbles,  is not equal to the relative velocity between the 𝑈B
phases. However, the observed similarities confirm that convective effects are limited inside the Taylor 
bubbles too.
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Figure 12. Evolution of  number versus  number, and comparison to the numerical results obtained by Colombet et al. 𝑆ℎ 𝑃𝑒
[27] for a free bubble rising in a stagnant liquid.
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4.3 Mass transfer resistances in Taylor flow for industrial applications

The mass transfer resistances on both sides of gas-liquid interface,  and  can now be (𝐻𝑅𝑇)/𝑘𝐺
1

(𝐸𝑘𝐿)
compared for a gas-liquid system of industrial interest. As an example, absorption of  from natural 𝐶𝑂2
gas at 293 K by means of amine aqueous solutions is refered to. Natural gas is here modelled as a 
mixture of methane (95% vol.) and carbon dioxide (5% vol.), and an aqueous solution with 30 wt.% of 
N-methyldiethanolamine ( ) is selected.𝑀𝐷𝐸𝐴

On the one hand, the experimental lower bound value of  (4·10-3 m.s-1) obtained from experiments 𝑘𝐺
of  vaporization in nitrogen is considered. This value may be corrected by the square roots of the 𝐸𝐴
considered gas diffusivities, as usually advised in the literature [23]; however the diffusivity of  in 𝐸𝐴
nitrogen and that of  in  are very close (~8·10-6 m2.s-1). According to [43], the Henry constant 𝐶𝑂2 𝐶𝐻4

for  in  at 293 K is 3·10-4 mol.m-3.Pa-1. This leads to  < 185 s.m-1.𝐶𝑂2 𝑀𝐷𝐸𝐴 ( 
𝐻𝑅𝑇

𝑘𝐺
)

𝑚𝑎𝑥

On the other hand, the minimum and maximum  numbers (5.7 and 20 respectively) obtained from 𝑆ℎ
the numerical study (section 4.2.5) are scaled with  diffusivity in  and with the channel 𝐶𝑂2 𝐶𝐻4
diameter used in this work (2·10-3 m) to get another estimation for : values of 2.3·10-2 m.s-1 and 𝑘𝐺

8.0·10-2 m.s-1 (respectively) are obtained. This leads to 9 <  < 32 s.m-1.
𝐻𝑅𝑇

𝑘𝐺

Available correlations from the literature [12, 18, 44] allow estimating the liquid-side mass transfer 
coefficient  at 293 K in the range of gas and liquid flow rates (  m.s-1) considered in the 𝑘𝐿 𝑈𝑇𝑃~0.1
present work. When needed in the correlation, the interfacial area or bubble size were assumed similar 
to those measured in this work. This led to . In this system (30 wt.% 3.910 ―5 < 𝑘𝐿 < 3.410 ―4 𝑚.𝑠 ―1

 in water, 293 K, 1 atm),  is estimated between 1 and 2, using kinetics data from Rinker et al. 𝑀𝐷𝐸𝐴 𝐸
[43]. It comes: 1.5103 <  < 2.6104 s.m-1.

1
𝐸𝑘𝐿

Therefore, in these operating conditions, the gas-side mass transfer resistance is always lower than 
12% of the liquid-side one, as  is higher than 4·10-3 m.s-1, according to the experimental results. 𝑘𝐺
However, as explained in previous sections, the  vaporization is so fast that the measured  value 𝐸𝐴 𝑘𝐺
is a lower bound value.
Thus, the gas-side mass transfer resistance in Taylor flows for a  system 𝑁2 ― 𝐶𝑂2 ―𝑀𝐷𝐸𝐴 ― 𝐻2𝑂
would be negligible (less than 2%) when the two-phase velocity is about 0.1 m.s-1.

5 Conclusions

Previous works on Taylor flow have not investigated the significance of the gas-side mass transfer 
coefficient  so far. In this work the authors selected and developed an experimental method, based 𝑘𝐺
on bubble expansion record, to estimate  value in a circular channel (1 m long, 2 mm inner diameter) 𝑘𝐺
fed with nitrogen gas and pure ethyl acetate ( ).  transfer was found very fast. For practical 𝐸𝐴 𝐸𝐴
constraints, images could not be recorded close enough to channel entrance. However, the recorded 
images proved that the order of magnitude of is at least a few mm.s-1 when  ~ 0.1 m.s-1.𝑘𝐺 𝑈𝑇𝑃

CFD simulations advantageously completed the experimental investigation and further estimated the 
order of magnitude:  m.s-1 when  m.s-1. The migration of  vapour  𝑘𝐺 10 ―2 0.09 < 𝑈𝑇𝑃 <  0.18 𝐸𝐴
inside the bubble suggests a significant contribution of diffusion in regard with the convective effects. 

 is found to be sensitive to  and to the temperature, but not to the gas volume fraction. Both the 𝑘𝐺 𝑈𝑇𝑃

time-evolution of and the relationship between the asymptotic Sherwood value  ( ) and 𝑘𝐺 𝑆ℎ 𝑡
bubble Péclet number are found similar to the observations from Colombet and co-workers [27] 
concerning a spherical bubble freely rising in quiescent liquid.
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For the first time, to the authors’ knowledge, these results allow assessing the gas-side mass transfer 
resistance for any gas-liquid system in Taylor flow. As an illustration, it was evidenced that, for a gas-
liquid system of industrial interest (absorption of  in aqueous solution of ), gas-side mass 𝐶𝑂2 𝑀𝐷𝐸𝐴
transfer resistance is lower than the liquid-side one by at least one order of magnitude, confirming the 
assumption of negligible gas-side resistance usually made in this field.
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Notations

Acronyms

ALE Arbitrary Lagrangian−Eulerian

EA Ethyl Acetate

IA Interrogation Area

MEA MonoEthanolAmine

MDEA N-MethylDiEthanolAmine

ROI Region Of Interrogation

UC Unit Cell

Roman letters

Cross section, m-2𝐴

Constants for the Polák and Mertl [30] model; A and B dimensionless, C in K𝐴, 𝐵, 𝐶

Specific interfacial area, m-1𝑎

Concentration, mol.m-3𝐶

Diffusivity, m2.s-1𝐷

Diameter, m𝑑

Enhancement factor, (-)𝐸

Molar flow rate, mol.s-1𝐹

Acquisition frequency, s-1𝑓𝑎𝑐𝑞

Corrective factor for the Fanning factor in the model of Warnier et al. [31], (-)𝑓𝑐𝑜𝑟𝑟

Fanning factor in the Warnier model [31], (-)𝑓𝑠

Gravitational constant, m.s-2𝑔

Henry constant, mol.m-3.Pa-1𝐻

Mass transfer coefficient, m.s-1𝐾 𝑜𝑟 𝑘

Length, m𝐿
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Molar flow rate per unit interfacial area, mol.m-2.s-1𝑁

Mole number, mol𝑛

Pressure, Pa𝑃

Volumetric flow rate, m3.s-1𝑄

Universal gas constant, J.mol-1.K-1𝑅

Radius, m𝑟

Surface, m2𝑆

Temperature, K𝑇

Time, s𝑡

Velocity, m.s-1𝑈

Volume, m3𝑉

Gas phase molar fraction, (-)𝑦

Coordinate, m𝑧

Dimensionless numbers

Capillary number, 𝐶𝑎 𝐶𝑎 =
µ𝐿 ∙ 𝑈𝐵

𝜎𝐿

Péclet number, 𝑃𝑒 𝑃𝑒 =
𝑈𝐵 ∙ 𝑑𝐵

𝐷𝐺

Reynolds number, 𝑅𝑒 𝑅𝑒 =
𝜌𝐿 ∙ 𝑈 ∙ 𝑑

𝜇𝐿

Sherwood number, 𝑆ℎ 𝑆ℎ =
𝑘𝐺 ∙ 𝑑𝐵

𝐷𝐺

Weber number, 𝑊𝑒 𝑊𝑒 =
𝜌𝐿 ∙ 𝑈2

𝐵 ∙ 𝑑𝑐

𝜎𝐿

Greek letters

Ratio between superficial gas velocity and two-Phase velocity, (-)𝛽

Related to a variation, (-)∆

Thickness, (m)𝛿

Volumetric fraction, (-)𝜀

Dynamic viscosity, Pa.s𝜇

Density, kg.m-3𝜌

Surface tension, N.m-1𝜎

Diffusive mass transfer rate, mol.s-1𝛷

Subscripts ou superscripts

Related to species A to be transferred𝐴

Related to average value𝑎𝑣

Related to the bubble𝐵

Related to the channel𝑐

Related to Ethyl Acetate𝐸𝐴
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Related to experiment𝑒𝑥𝑝

Related to lubrication film𝑓

Related to the gas phase𝐺

Interface𝑖

Defined at channel inlet𝑖𝑛 𝑜𝑟 0

Related to the liquid phase𝐿

Related to maximum value𝑚𝑎𝑥

Related to nitrogen𝑁2

Defined at channel outlet𝑜𝑢𝑡

Superficial (for velocities), or related to slug (for length)𝑆

Related to the Two-Phase flow𝑇𝑃

Total (pressure)𝑡

Related to Unit Cell𝑈𝐶

Vapour equilibrium (for partial pressure)𝑣𝑎𝑝

Defined at liquid-vapour equilibrium∗
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Highlights

- Local mass transfer in gas-liquid upward Taylor flow studied by shadowgraphy method
- Evaporation of ethyl acetate into nitrogen flow to evaluate gas-side coefficient kG

- Bubble length evolution described by a model including mass transfer & pressure drop
- Direct numerical simulation of solvent vaporization including Taylor bubble expansion
- Study of temperature, two-phase velocity & gas diffusivity effects on kG
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