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Abstract

A new model implemented in the neptune cfd code is used to study steam condensation in the
presence of air in a mini-channel of opening 100 pm. This model is the Full Generalized Large
Interface Model. It combines a sub-grid approach and an interface capturing approach. The sub-
grid approach is used to compute the small flow structures, which can be small bubbles or droplets,
while the interface capturing approach is used to compute the large flow structures, which can be
gas or liquid films, large bubbles or large drops. It is conceived to simulate a wide range of flow
configurations, without the need for the grid cells to be smaller than the smallest flow structures.
The results show that the model is able to reproduce all the flow patterns experimentally observed
in mini-channels in the analysed range of control parameters. Both the pressure drop and the
Nusselt number (dimensionless wall heat flux) are found to be in good agreement with experimental
correlations from the literature.

Keywords: condensation, mini-channel, computational fluid dynamics, multi-regime, pressure

drop, Nusselt number

1. Introduction

The understanding and modeling of two-phase flows in confined geometries like mini-channels
and cracks is a major issue for many industries. Examples include the electronics, automotive,
aeronautics and chemical industries (Chen et al., 2014; Da Riva et al., 2012; Ganapathy et al.,
2013; Hu and Chao, 2007; Wu and Cheng, 2005; Yin et al., 2015; Zhang et al., 2016b; Zhao et al.,
2015), with systems such as compact heat exchangers, micro-pumps and micro-reactors, but also

the nuclear industry (Davy et al., 2020; Mimouni et al., 2019; Rastiello et al., 2015). Indeed, in a
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nuclear power plant, in the event of a loss-of-coolant accident, steam and fission products would be
released in the containment building. In the case of a double wall concrete containment (no steel
liner), the increase in pressure and temperature could lead to the opening of preexisting cracks and
to the creation of new cracks (opening of the order of 100 pym) in the inner wall, through which gas
and fission products could escape. Two phenomena could have an impact on the gas leakage rate.
The first is steam condensation on the internal wall and inside the cracks, which could result in
their clogging by drop, films and/or slugs. The second is concrete thermal deformation, which could

result in variations in the crack opening.

The present work focuses on the first of the two phenomena described above, i.e., steam condensa-
tion in confined geometries. Recent numerical work on condensation in mini-channels is summarized
in Table 1. Da Riva and Del Col (2011, 2012); Da Riva et al. (2012) carried out a series of studies on
condensation of R134a (1,1,1,2-tetrafluoroethane) in a 1 mm diameter circular mini-channel. They
found that, at high mass fluxes, the heat transfer coefficient (ratio of wall heat flux to difference in
temperature between the solid surface and the surrounding fluid area) can only be predicted correctly
if liquid turbulence is taken into account. Yin et al. (2015) studied condensation of water vapor in a
1 mm diameter circular mini-channel in the presence of a non-condensable gas (air, oxygen, helium
or hydrogen). They found that the existence of a non-condensable gas led to a decrease in the
interfacial mass transfer rate (mass exchanged at the gas-liquid interface per unit area and per unit
time) and in the heat transfer coefficient. Zhang et al. (2016a,b, 2017) conducted a series of studies
on condensation of R410A (mixture of difluoromethane and pentafluoroethane) in mini-channels of
various shapes and sizes. They found that the heat transfer was stronger in flattened and helical
microfin tubes than in smooth circular tubes. Based on the results obtained for smooth circular
tubes, they proposed two new correlations, one for the frictional pressure drop and another for the
heat transfer coefficient. Zhao et al. (2015) studied condensation of R22 (chlorodifluoromethane) in
a 0.91 mm hydraulic diameter mini-channel. They developed a flow regime map and proposed new
correlations for the frictional pressure drop and the heat transfer coefficient. In all these studies,
the flow regime is annular. The volume-of-fluid (VOF) method is used under steady-state assump-
tion. The mass and energy transfer terms, computed using the model of Lee (1980), are based on a

constant that is problem-dependent.

Two other studies worth mentioning are those of Chen et al. (2014) and Ganapathy et al. (2013).
Chen et al. (2014) studied condensation of FC-72 (perfluorohexane) in a 1 mm hydraulic diameter
mini-channel. They were able to observe various flow regimes, including smooth annular, wavy
annular, slug and bubbly flow. They found these flow patterns to be consistent with the experimental
data of Kim et al. (2012) and Wang et al. (2002). Ganapathy et al. (2013) investigated condensation
of R134a (1,1,1,2-tetrafluoroethane) in a 0.1 mm hydraulic diameter mini-channel. They observed

flow patterns similar to those mentioned previously (with, in addition, droplet flow). They found
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the frictional pressure drop and the Nusselt number (dimensionless heat transfer coefficient) to be
in good agreement with a number of correlations from the literature. In these two studies, the VOF
method is also used. Unlike previously, no steady-state assumption is made. Concerning phase
change, the model used by Chen et al. (2014) is similar to that of Lee (1980). The model used by
Ganapathy et al. (2013) is close to that presented in Section 2.4.2.

It is important to note that, in the studies mentioned previously, all the gas-liquid interfaces are
supposed to be fully resolved, even the smallest ones. The main drawback of this kind of approach is

its computational cost, since it requires the use of very fine meshes and thus very small time steps.

Table 1: Computational condensation studies found in the literature. 2D stands for “two dimensions”, 3D for “three
dimensions”, A for “annular flow”, B for “bubbly flow”, C for “circular cross-section”, CF for “circular flattened
cross-section”; D for “droplet flow”, H for “horizontal”; I for “infinite cross-section”, M for “microfin tube”, NCG for
“non-condensable gases”, R for “rectangular cross-section”, S for “slug flow”, SC for “semi-circular cross-section”, V

for “vertical” and VOF for “volume-of-fluid method”.

Authors Orientation, geometry, diameter, fluid Regime(s) Approach

Chen et al. (2014) H, R, 1mm, FC-72 D, A'S, B 3D, VOF
Da Riva and Del Col (2011) Hand V, C, 1mm, R134a A 3D, VOF, steady
Da Riva and Del Col (2012) H, C, 1mm, R134a A 3D, VOF, steady
Da Riva et al. (2012) H, C, 1 mm, R134a A 3D, VOF, steady

Ganapathy et al. (2013) H, 1, 0.1 mm, R134a A, S, B 2D, VOF
Yin et al. (2015) H, C, 1 mm, water and NCG A 3D, VOF, steady
Zhang et al. (2016a) H, C, 0.25-4 mm, R410A A 3D, VOF, steady
Zhang et al. (2016b) H, CF, 3.78 mm, R410A or R134a A 3D, VOF, steady
Zhang et al. (2017) H, C and M, 4.54 mm, R410A A 3D, VOF, steady
Zhao et al. (2015) n/a, SC, 0.91 mm, R22 A 3D, VOF, steady

The present work aims to assess the ability of a new model implemented in the neptune_ cfd
code! to correctly predict steam condensation and resulting flow patterns in mini-channels. This
model is the Full Generalized Large Interface Model (Davy et al., 2020). It combines a sub-grid
approach and an interface capturing approach. The sub-grid approach is used to compute the small
flow structures, which can be small bubbles or droplets, while the interface capturing approach is
used to compute the large flow structures, which can be gas or liquid films, large bubbles or large
drops. It is conceived to simulate a wide range of flow configurations, without the need for the grid
cells to be smaller than the smallest flow structures. It also has the advantage that no empirical

constant is used for phase change.

1The neptune_ cfd code is jointly developed by EDF, CEA, Framatome and IRSN
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The document is organized as follows. The balance equations solved by the code are given in
Section 2.1. The model employed is presented in Sections 2.2 to 2.4. The numerical setup and the
assumptions done are detailed in Section 3. In Section 4, the flow patterns obtained by simulation are
qualitatively compared with experimental views from the literature. In addition, the pressure drop
and the Nusselt number are quantitatively compared with experimental correlations. Conclusions

are drawn in Section 5.

2. Modeling strategy

2.1. Gowverning equations

Two computational fields are used: a gas field (g) and a liquid field (). The following mass,

momentum and energy balance equations are considered for k = g and k = I:

0

o7 (awpr) + ¥ - (awprly) = Tpoi + T, (1)
0 .
= () + V- (arprlly 9 Uy) = —anY P+ Y- oy (Z, + )| +awprg + Lok (2)

0 oP
~ (arpeHy) + N - (pr HiUy) = ap—- — V-

5 % Y (%Qk + pr> + U e +psk + Qi -

3)

Hy, Q o Qf"i, Uy, ok, Pk, ;k and ;kRe are, respectively, the average total enthalpy, heat flux density,
turbulent heat flux density, average velocity, volume fraction, density, viscous stress tensor and
Reynolds stress tensor of phase k. g is the gravity. P is the pressure (assumed to be the same
for both fields). I p—ks I'p—k, and II,,x denote, respectively, the momentum, mass and energy
transfers from phase p to phase k. I',,_,; denotes the mass contribution to phase k induced by wall
condensation and ¢,,_,; denotes the energy contribution to phase k induced by wall condensation
and/or wall sensible heat transfer. These equations are solved with the neptune_cfd code. This
code is based on the finite volume discretization method and uses a SIMPLE (Semi-Implicit Method

for Pressure Linked Equations) algorithm as solution procedure.

2.2. The Full Generalized Large Interface Model

The models available in the code are listed in Table 2. The model used in the present work
is the newly developed Full Generalized Large Interface Model (FGLIM). This model uses both a
sub-grid approach, like in the Standard Dispersed Model, and an interface capturing approach, like
in the Large Interface Model, and switches between the two according to the composition of the
considered cell. Closures for sub-grid droplets, corresponding to Case 1 in Fig. 1, are applied in the
cells with a liquid volume fraction lower than af””, and closures for sub-grid bubbles, corresponding

to Case 3 in Fig. 1, are applied in the cells with a liquid volume fraction greater than a%”’". In

both cases, the interface is not explicitly modeled. In a cell, all the droplets/bubbles have the
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same diameter, velocity and temperature. The diameter is obtained by solving a transport equation
on the interfacial area. Closures for large interfaces (i.e., interfaces “captured" by several cells),
corresponding to Case 2 in Fig. 1, are applied in the cells with a liquid volume fraction between
a,z:”f and of"?. An additional equation, called interface sharpening equation, is solved to maintain
constant the large interface thickness. However, unlike in codes based on the one-fluid formalism, no
additional equation is required for large interface advection, since a mass balance is solved for each
phase (see Section 2.1). To avoid superimposing closures corresponding to the sub-grid approach
and to the interface capturing approach, a weighting is done between the closures for the sub-grid
droplets (respectively, sub-grid bubbles) and the closures for the large interfaces in the cells with a

sup

lim lim and % )

liquid volume fraction between a?”f and a;"™ (respectively, between o}
The FGLIM can be seen as an extension of the Generalized Large Interface Model, the latter
including Cases 2 and 3 but not Case 1 and using different closures laws for mass, momentum and

energy. It worth noting that the two models completely rely on the volume fraction. Cells with

ap > afim cannot be treated as droplets, cells with a; < af”’" cannot be treated as bubbles and cells

with o < oz;‘nf p

or oy > ;""" cannot be treated as large interfaces. It is also worth noting that the
FGLIM has already been validated on several test cases, involving droplets, bubbles and/or large
interfaces (not provided here for consistency, since they do not involve mini-channels). Different
combinations for aj™, al™ and a"? were tested and the best results were obtained for o™/ = 0.4,

aéim = 0.5 and a;"" = 0.6. Therefore, these values are kept for use in the present work.

Table 2: Models for gas-liquid flows available in the neptune_cfd code. FGLIM stands for “Full Generalized Large
Interface Model”, GLIM for “Generalized Large Interface Model”, LBM for “Large Bubble Model”, LI for “large
interface”, LIM for “Large Interface Model” and SDM for “Standard Dispersed Model”.

Model Reference(s) Bubbles Droplets LI
SDM (bubbles) Mimouni et al. (2010, 2011) Yes No No
SDM (droplets) Mimouni et al. (2010, 2011) No Yes No

LIM Coste and Lavieville (2008, 2009); Coste (2013) No No Yes

LBM Denefle et al. (2015); Fleau et al. (2015) Yes No Yes

GLIM Mérigoux et al. (2016); Mer et al. (2018) Yes No Yes

FGLIM Davy et al. (2020) Yes Yes Yes

2.3. Closure laws for bubbles and droplets

2.8.1. Interfacial momentum transfers for bubbles and droplets

As in the Standard Dispersed Model, for bubbles and droplets, the momentum transfers read

as the sum of a drag force FP | an added mass force AM , a lift force FL, a wall force FV and a
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turbulent dispersion force F' TD.

lc—>d_ Id—)c_Fc—>d+Fc—>d+Fc—>d+Fc—>d+Fc—>d’ (4)

where the subscript ¢ stands for “continuous” and the subscript d for “dispersed". In the following,
for droplets (¢ = g and d = 1), only the drag force is taken into account. The drag coefficient is
obtained from the correlation of Gobin et al. (2003). For bubbles (¢ =1 and d = g), only the drag,
added mass and lift forces are taken into account. The drag, added mass and lift coefficients are
obtained from the correlations of Ishii and Zuber (1979), Zuber (1964) and Tomiyama et al. (2002),
respectively. Expressions of these forces are given in Table 3, in which dy refers to the droplet/
bubble diameter. It is given by: dg = &"d” with afi"t the interfacial area concentration. The latter
is obtained by solving an additional transport equation, which takes into account size variation due
to phase change for droplets (Mimouni et al., 2010, 2011) and due to phase change, coalescence
and break-up for bubbles (Guelfi et al., 2007). The model of Ruyer et al. (2007) is used for bubble

coalescence and break-up.

Table 3: Expressions used for the drag, added mass and lift forces. Cx = {Cp,Can,CL}.

Force Expression C'x for droplets Cx for bubbles
FP., —g‘;—jCDpc WW,—-U.l(U;—U.) Gobin et al. (2003) Ishii and Zuber (1979)

F —aaCanmpe (% DD%C) - Zuber (1964)
FL.  —aqCrp. Uy, —~U)N(NAU) - Tomiyama et al. (2002)

2.3.2. Interfacial energy and mass transfers for droplets
For droplets, the energy and mass transfers from the liquid to the gas are computed using the

expressions proposed by Mimouni et al. (2010, 2011):

6a

0, = d2 “Nug - A - (11 = Ty) 5)
6o

Fl%g = d2 Sh D (ps,sat (ﬂ) - }/Spg) : (6)

D is the diffusion coefficient of steam in air. It is obtained from the correlation of Oran and Boris
(1981): D = 4.88 x 10*4é, with T' computed as an average between the gas temperature Ty
and the liquid temperature T;. Nu, and Sh, are the gas Nusselt and Sherwood numbers. They
are obtained from the correlations of Ranz and Marshall (1952): Nug = 2 + O.56Re§lPrg% and
Shg = 2+O.56Re§lch%, with Rey = 2 oo the liquid particle Reynolds number, Pr, = %ﬂ

g 9

the gas Prandtl number and Scy = Ag and g are the gas heat

capacity, thermal conductivity and molecular viscosity. Yy and ps sar = ps (Psat, T') are the steam

mass fraction and saturation density. The steam mass fraction is given by: Y, =1 —Y,, with Y,
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the air mass fraction, obtained by solving an additional transport equation (Mimouni et al., 2010,
2011).

The energy and mass transfers from the gas to the liquid are deduced from:

My = -1y — T gHiae (7)

Dy =Ty, (8)

Hjqy is the latent heat. It is given by: Hyo = Hy — H;.

2.8.8. Interfacial energy and mass transfers for bubbles

For bubbles, the energy transfer from the gas to the liquid is computed using the expression

proposed by Manon (2000):

6

Hg—)l:dif'Nul'Al'(Tsat_Tl) . (9)
g

Like the gas Nusselt number, the liquid Nusselt number Nu; is obtained from the correlation of Ranz

. Nu — }pd i I (o
and Marshall (1952): Nu; = 2 + 0.56 Rej, Pr?, with Rep, = ————"—~

o the gas particle Reynolds

number and Pr; = ”’)\—C:p’ the liquid Prandtl number. Cp;, \; and p; are the liquid heat capacity,
thermal conductivity and molecular viscosity. Tsq¢ is the saturation temperature.

The energy transfer from the liquid to the gas is computed as:

psCp

g = agoy g (Tsat - Tg) . (10)

In fact, this term is a penalty term, whose purpose is that the gas temperature remains close to the
saturation temperature. Therefore, the characteristic time 7 has no physical meaning. It is chosen
equal to the time step, so that T, ~ Ty, is met at each iteration in cells with bubbles.

The mass transfers are deduced from:

Hg%l + Hlﬁg

r =-I =
g—l l—g
Hiqt

2.3.4. Wall energy and mass transfers for droplets

At the wall, the mass transfers are computed using the expression proposed by Mimouni et al.

(2010, 2011):

S d
Fw—>g - *Fw—ﬂ - V * Ngite " T+ Shg -D- EI . (ps,sat (Tw) - Y;pg) . (12)

Nsite 18 the number of droplets formed at nucleation sites per unit area. It is given by: ngie = =54,

4A
md;

with A; the fraction of area affected by the liquid. S/v is the ratio of the surface of the boundary

face to the volume of the boundary cell. T, is the wall temperature.

The energy transfers are computed as:

Pw—g = Pcond 1 Psp,g » (13)
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Pw—l = Psp,l - (14)

©Pcond is the condensation flux. It is deduced from: @eond = LwosgHiar- @sp,g and g, are the
single-phase gas and liquid heat fluxes. They are obtained from: ¢y, 4 = (1 — A1) hioe,g (Tw — Ty)
and @sp 1 = Arhioe (Tw — 1), with hioc g and hyoe,; the gas and liquid local heat transfer coefficients.
These coefficients are given by: hjoc i = %’“ - ¢, with A the distance from the wall to the center of
the boundary cell and ¢; a dimensionless rescaling factor equal to unity in the laminar flow regime

and provided by an analytical wall function in the turbulent flow regime.

2.4. Closure laws for large interfaces

2.4.1. Interfacial momentum transfers
For large interfaces, the momentum transfers read as the sum of a generalized drag force F?,

which allows to couple the gas and liquid velocities, and a surface tension force F" ST,

Lg=—1,  +Fo =FP +F;". (15)

=l—g

FP is computed using a combination of the expression proposed by Coste (2013) in the framework
of the Large Interface Model and the expression proposed by Mimouni et al. (2017) in the framework
of the Large Bubble Model:

FPy=aga (ff+0(fg = 1)) (U~ Uy) - (16)

ff, f& and 0 are given by: ff = 183—;5’ (1+0.15Rey), f2 = 18(’;—%7 (14 0.15Rep,) and § = L (1 — cos (Tey)),
with Rey,; and Re,, defined in Section 2.3.2 and Section 2.3.3, respectively. Originally introduced in
the Large Bubble Model, F°T is computed the same way as in this model, i.e, using the Continuum

Surface Force approach of Brackbill et al. (1992):
Fiy =—oV-(n)Va. (17)

n,; is the interface normal pointing towards g. It is given by: n; = H%%EH. o is the surface tension.

F ,bo? is split between the gas and the liquid by weighting by the volume fraction:
FPT = apEyy - (18)

In order to maintain constant interface thickness, which is required to accurately compute the
interface normal, an additional equation, called interface-sharpening equation, is solved for each

field k in the cells assumed to contain a portion of large interface:

0
%% 19 oy (1 - ) ) = =¥ o, (19
with Ar = % and € = %, corresponding to a thickness of 5 cells of size Az.
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2.4.2. Interfacial energy and mass transfers

For large interfaces, the energy transfers are computed using the expressions proposed by Fleau

(2017) in the framework of the Large Bubble Model:

g = agauAVT, - Vay, (20)

Hg%l - a’gal)\lyjjl Va. (21>

In the neptune cfd code, the gradients are computed using a five-cell stencil. Fleau (2017) showed
that this could be a problem for temperature. Indeed, for a given interface cell, the stencil used to
compute, e.g., the liquid temperature gradient could include cells with only gas, in which the liquid
temperature does not make sense. As an alternative, the author proposed the following modified
expression, based on the fact that condensing steam or evaporating liquid must be at saturation
).

In the present work, since air is present, Egs. (20) and (21) are weighted by Y. The resulting

temperature: VTy = (Tsar — Tk) (% + %{/ + ilz

expressions are successfully validated by comparison with analytical data in a 1D phase change case
based on the Stefan problem. However, for the sake of brevity, the results are not provided.

The mass transfers are deduced from the same equation as Eq. (11).

3. Problem setup

3.1. Computational domain and boundary conditions

An air-steam mixture is injected into the two-dimensional mini-channel of opening d = 100 pm
and length [ = 3cm presented in Fig. 2. Flow rate, temperature and composition boundary con-
ditions are imposed at the inlet, a pressure boundary condition is imposed at the outlet and a
temperature boundary condition is imposed at the walls. Values used for these boundary conditions
are given in Table 4. The outlet pressure P°“ is set to 140 bar. Indeed, the final purpose is to assess
the performance of the FGLIM at both low and high pressures, but the present work is restricted
to high pressures. The air inlet mass fraction Y™ is set to 1%. This low value aims to prove the
ability of the FGLIM to take into account non-condensable gases while ensuring an important level
of condensation. The gas inlet temperature T, qi" is set to Tsq: + 12K and the wall temperature T,
to either Tsq — 15K or Tsqr — 25K (an exception is made for Calculation 0, which will be used
for a single-phase flow verification; in this calculation, to avoid the formation of liquid, both T;”
and T, are set above Ts,;). The gas inlet mass flow rate per unit area G is varied between 20 and
50kgm 257!, to be able to observe a wide range of flow regimes. The physical properties are auto-
matically computed using the CATHARE tables (Emonot et al., 2011). For the sake of information,
the values at saturation are provided in Table 5. An adaptive time-stepping strategy is adopted.

and pk/\écpk %7 with At the time

At
Az

The maximum Courant and Fourier numbers, defined as ||U,||

step and Ax the grid spacing, are set to 1 and 10 for both the gas and the liquid.
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Table 4: Boundary conditions values for the various calculations performed in the present work. G the (gas inlet)

mass flow rate per unit area, Tgi" the gas inlet temperature, P°%“t the outlet pressure and T, the wall temperature.

Calculation number [nlet , Walls

Gkegm™?s7!] T [K] T, [K]
0 20 650 620
1 20 622 595
2 30 622 595
3 40 622 595
4 50 622 595
5 20 622 585
6 30 622 585
7 40 622 585
8 50 622 585

Table 5: Physical properties at saturation. During the computation, the physical properties are automatically com-

puted using the CATHARE tables (Emonot et al., 2011).

Property k=g k=1 Two phases
o [Nm™1] - - 72 %1073
Ap [Wm™ K] 0.0707 0.472
wi [Pas] 229 x 1075 814 x 1075 -
pr [kgm™3] 86.8 624 -
Cpr [JTkg ' K1 11424 7752.6 -

3.2. Turbulence

In the present work, the gas and liquid Reynolds numbers are defined as:

Gx,D
Re, = —o=h (22)
Hg
1-— D
Re; = 761( ng) h , (23)
l

with Dp, = 2d the hydraulic diameter and z, the flow quality, i.e., the ratio of vapor mass flow rate
to total mass flow rate (see Section 3.6 in the following). An estimation of the gas Reynolds number
at the inlet (where z, = 1) Re;" is given in Table 6. For all the calculations, Reé” is far below
the critical value of about 2000 for smooth circular pipes, above which the flow is considered to be
turbulent. Therefore, no turbulence model is used for the gas field. No turbulence model is used for

the liquid field either, since Re; is expected to be lower than Re,.

10
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Table 6: Estimation of the gas Reynolds number (Eq. (22)) at the inlet.

Calculation number 0 1 2 3 4 5 6 7 8

Reé” 174 174 261 348 435 174 261 348 435

3.8. Gravity, roughness and wettability

Gravity is neglected. Indeed, the E6tvos number, defined as the ratio of gravitational to surface
tension forces, is below the critical value of 0.88 proposed by Suo and Griffith (1964). Other criteria
can be found in the literature (Brauner and Moalem-Maron, 1992; Cornwell and Kew, 1993), but
this one is the most restrictive.

In the following, the results are compared with experimental correlations. Most of the experi-
ments have used slightly rough and slightly hydrophilic surfaces. In the present work, for the sake of
simplicity, roughness is neglected. Concerning wettability, for the large interfaces, a neutral contact
angle of 90° is used. The advantage is that no contact angle model is required, the value of 90° being

enforced via the null flux condition applied by the code to the volume fraction at the wall.

3.4. Mesh

A mesh convergence study is performed. Four Cartesian meshes are considered. To maintain
a constant interface resolution, cubic cells are used. The number of cells in the z-direction N, is
varied between 10 and 30. Calculation 4 is used for comparison between the various meshes. The
quantities of interest are the gas and liquid volume fractions, velocities and temperatures. These
are averaged over time according to the following formulas: ay = (ag), Up = {(@xprU)/(arp,) and
Ty, = (arxpeCpiTi) /(aspiCpi), where () denotes the time average. The results are shown in Fig. 3 for
the gas phase. Convergence is reached for N, = 25. Indeed, the profiles obtained with N, = 30
are almost the same. Therefore, the mesh corresponding to N, = 25 is kept for use in subsequent
calculations. It ensures that the hydrodynamic and thermal boundary layers are properly solved. It
is worth noting that, with this mesh, the time steps used by the code, resulting from the conditions
on the Courant and Fourier numbers set in Section 3.1, are of the order of 10~%s, which is very
small. It is also worth noting that the models used for dynamics and phase change (presented in
Sections 2.3 and 2.4) act differently according to the mesh resolution. However, the present results
show that, once convergence is reached, similar levels of volume fraction, velocity and temperature

are obtained.

3.5. Awveraging procedure

In the following, the correlations to which are compared the results are one-dimensional corre-

lations. Therefore, the problem variables are averaged over the cross-section. The expressions used
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are given in Table 7. An area-weighted average is performed for volume fraction, surface tension
and pressure. A volume-fraction-weighted average is performed for thermal conductivity, viscosity,
density and specific heat capacity, to take into account only the regions where phase k is present. A
volume-fraction- and density-weighted average is performed for velocity, since the conserved quan-
tity is agprUi. A volume-fraction-, density- and heat-capacity-weighted average is performed for

temperature, since the conserved quantity is agprHy = arprCprT}.

Table 7: One-dimensional quantities used in the following.

Ok Cross-sectional averaged ¢y
A, O, P é fz ¢kd$
Prd
/\ka BEs Pk Opk M
fz arpdz
U f agprPrde
kY fx agprdx

fz akprCprdrdz

Ty
fw agprCprdz

3.6. Flow quality

Another quantity used in the following is the flow quality, defined as the ratio of vapor mass flow

rate to total mass flow rate:

U, .,d
g = fz QgPglUg,ydT . (24)
fg; (agpgUq,y + cupiUsy) dz

Using the cross-sectional averaged quantities in Table 7, Eq. (24) can be rewritten as:

-1
2y = (1 1 Ui C””l) . (25)

Ugy g pg

A usual assumption is that the ratio of gas to liquid velocity, called slip ratio, is unity. The flow
quality then simply corresponds to the static vapor quality (vapor mass fraction). This assumption
is valid for flow regimes like droplet flow and bubbly flow, but is not valid for flow regimes like
slug/plug flow, where there is a liquid film surrounding the vapor slugs. In the present work, as the

latter flow regime is expected to occur, no assumption is made on the slip ratio.

3.7. Single-phase flow verification

Before detailing the results for two-phase flow, a verification is first performed for single-phase
flow. The purpose is to ensure that single-phase heat transfer is correctly computed and to help
understanding the results provided in the following. Calculation 0, in which no liquid is formed, is
used. The quantity considered is the Nusselt number, which, in the present section, is computed as:

Dy

Nugy, g = SV (26)
g

12



235

240

245

with hgp 4 the single-phase gas heat transfer coeflicient, obtained from:

hsp,g = T@si,gT : (27)
w g

WYsp,gs 1w and T, are given, respectively, in Section 2.3.4, Table 4 and Table 7. Fig. 4 shows Nugy 4
as a function of 4¥/Re, Pr,D,,. Two regions can be distinguished: a region in which Nugy, , decreases,
corresponding to the development of the hydrodynamic and thermal boundary layers and referred to
as hydrodynamic and thermal developing region, and a region in which Nusp 4 is constant, referred
to as fully developed region. A good agreement is obtained with the analytical solution of Kays and

Crawford (1993):
Nug,y = T7.54, (28)

which is valid only in the fully developed region. Fig. 5 shows l/y foy Nugp ¢dy’ as a function of

4Y/Re,Pr,Dy. A good agreement is obtained with the analytical solution of Mercer et al. (1967):

Re, PryDy, \ 12
0.066 (T)

1 (v
— / Nugp ,dy’ = 3.77 + (29)
2y Jo ’

0.7
1+ 0.1Pr987 (RegZ;gDh)

which is valid in both the hydrodynamic and thermal developing region and the fully develop region.
Note that it is consistent with Eq. (28) (2 x 3.77 = 7.54). These results indicate that single-phase

heat transfer is correctly computed. Two-phase heat transfer is investigated in the following.

4. Results

4.1. Flow patterns

4.1.1. Droplet flow regime

The droplet flow regime is observed in all the calculations performed. It is shown in Fig. 6a. It
is characterized by the nucleation of small droplets on the walls. Once formed, these droplets are
entrained by the gas and slide along the walls. They are sub-grid droplets, which means that, at

this location, the model uses the closures in Sections 2.3.1, 2.3.2 and 2.3.4.

4.1.2. Smooth and wavy annular flow regimes

The smooth and wavy annular flow regimes are also observed in all the calculations performed.
As shown in Figs. 6b and 6¢, the liquid flows on the walls as a film while the gas flows in the center.
The two regimes can be distinguished by the shape of the interfaces, flat in one case and wavy in
the other. Waves might result from a Kelvin-Helmholtz instability (Carey, 1992). Unlike in the
droplet flow regime, the interfaces can be distinguished. Therefore, at this location, the model uses

the closures in Section 2.4.
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4.1.8. Slug flow regime

The length of the zone in which the previous flow regimes occur increases with flow rate. As
a consequence, the slug flow regime is only observed in Calculations 1, 2, 5 and 6. It is shown in
Fig. 6d. It is characterized by an alternation between large bubbles and liquid slugs, the liquid slugs
resulting from the merging of two high-amplitude waves (see Fig. 7). Like in the smooth and wavy
annular flow regimes, the interfaces can be distinguished, which means that, at this location, the

model uses the closures in Section 2.4.

4.1.4. Comparison with experimental flow patterns

A qualitative comparison is made with the experiments of Hu and Chao (2007) and Wu and
Cheng (2005). The channel geometry used in these experiments is close to that of the present work
(hydraulic diameter between 73 and 237 pm and length of 2.8 cm for Hu and Chao (2007); hydraulic
diameter of 82.8 pm and length of 3cm for Wu and Cheng (2005)). The working fluid is the same.
However, the operating conditions are different. Flow regimes similar as those mentioned previously
are observed, which indicates that the model is able to capture all the flow regimes that would occur

in a real system.

4.2. Frictional pressure drop

4.2.1. Computation and correlations used for comparison

The frictional pressure drop is quantified using the model of Lockhart and Martinelli (1947), in
which:

) g
dP
)
2 _ f
W) fyg
2
X =4/, (32)
l

¢7 and @7 are called two-phase multipliers and X is called Martinelli parameter. (4P/dy);; is the
frictional pressure gradient assuming the liquid flows alone in the tube, (4F/dy) 7. the frictional
pressure gradient assuming the gas flows alone in the tube and (4£/dy) f the actual frictional pressure

gradient. (47/ay), ~and (4P/dy),, are computed as:

P 2(1—g,)°

(%)= o (33)
dy £l 2p Dy,

dy f.9 2pgl)h ’
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with fg and f; the gas and liquid friction factors, obtained from:

96

fi= Rey’ (35)
96
fo = Rey” (36)

(4P/ay) ; is computed as:
dpP dpP dpP
(), ().~ (w). 0
dy ) ¢ dy /, dy ),
with (4P/dy), the total pressure gradient, obtained from the variable P solved by the code, and

(4P /ay), the acceleration pressure gradient, obtained from the expression proposed by Martinelli

and Nelson (1948):
dp d [ 2 (1—m,)
—) =G| L+ g : 38
(dy>a dy (O‘gpg (L—ag)p (38)

The multiplier ¢7 given by Eq. (30) is compared with that given by:

c 1
¢l 71+i+

=+ 33 (39)

with X obtained from Eq. (32) and C obtained from the correlations in Table 8. These correlations
have been established using data points coming from phase change experiments conducted in mini-
channels. The correlations used are those of Hwang and Kim (2006), Kim and Mudawar (2012),
Li and Wu (2010), Mishima and Hibiki (1996) and Zhang et al. (2010). An additional correlation,
corresponding to the average of the previous ones, is employed. In the following, the multiplier ¢?
given by Eq. (30) is denoted ¢12,num while that given by Eq. (39) is denoted ¢?* eopy K € [1,6]. ¢12,num

and (bl expr K€ [1,6] are averaged over time. The mean relative error is computed as:

MREk _ Z Z ¢l ,num (bl Flnum — Flexp 7 (40)

l ea,p

with N, the number of points (cells) in the y-direction.

4.2.2. Discussion of the results

Figs. 8 and 9 show, respectively, (bimm and the flow quality as a function of y for all the
calculations performed. gi)ﬁnum decreases to unity as the flow quality, inversely related to the amount
of liquid, decreases to zero, which is consistent. At given y, ¢l27num increases with flow rate, due to
the fact that the flow quality increases and thus the amount of liquid decreases.

Fig. 10 shows (bl num and (bl cupr K€ [1,6] as a function of y for Calculations 1 to 4. ¢l2,num
agrees qualitatively well with ¢?* capr k€ [1,6].

The mean relative error is given in Table 9 and shown on the parity plot in Fig. 11. It is
interesting to observe the relatively good accuracy of the correlation of Mishima and Hibiki (1996),

which does not depend on the flow characteristics (it does not depend on any dimensionless number)
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and is, in principle, not suited for horizontal configurations. A very good agreement is obtained with
the correlation of Zhang et al. (2010). However, it is difficult to know if this correlation is more
reliable than the others. Indeed, it is one of the most appropriate in terms of fluids and number of
data points but one of the least appropriate in terms of diameter. Overall, the mean relative error is
comprised between —26.8 % and 27.3 %, which is comparable with the values found in the literature
for pressure drop. The mean relative error obtained with the average correlation is 0.289 %, which
is very low. Therefore, the frictional pressure drop and more globally flow dynamics is considered

to be well predicted by the model.

4.8. Nusselt number
4.8.1. Computation and correlations used for comparison
In this section, the Nusselt number is computed as:

hipDh

Nuyy, = , 41
utp >‘b ( )
with Ay, the two-phase heat transfer coefficient, obtained from:
Pw—g + Pw—1
hip = ————— . 42
tp T’w o Tb ( )

Pw—g and @y, are given in Section 2.3.4 and Ty, is given in Table 4. The bulk thermal conductivity

Ay and the bulk temperature T} are given by:

1
== / (aghy + ) de @)
T, = fw (O‘QPQCpng + apCpTh) dz ”

[ (egpgCpg + c1piCpy) dz

As previously, a comparison is made with experimental correlations. The correlations used,
provided in Table 10, are those of Chato (1962), Kaushik and Azer (1988), Shah (2009) and Singh
et al. (1996). Since they originally not depend on the amount of air, as usually done in the literature,
they are weighted by a so-called degradation factor, denoted f,.. The latter is obtained from the

expression proposed by Kunh et al. (1997):

Fae = Fea fres s (45)
with fpe1 and fpe o given by:
Fren = ;}N (1+7.32x 107*Re;) , (46)
(1—2.601Y27%) if Y, <0.1
fne2 = ; (47)

(1—YQ2292) otherwise

ONu[§,near Deing the ratio of liquid film thickness with interfacial shear to film thickness without

interfacial shear, assumed to be close to unity here due to small shear stress at the interface. An
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Table 8: Correlations for C' in Eq. (39). The corresponding ¢>12 is denoted ¢l2 fzp, k€ [1,6].

Correlation Dy, [mm] Fluid(s)  Points Expression for C
Hwang and Kim (2006)  0.244-0.792  R134a 7 0.227Re;452 X ~0-32 )y ~0.82
Kim and Mudawar (2012)  0.0695-6.22 22 fluids 7115 3.5 x 107 Ref;* Lags (£
Li and Wu (2010) 0.148-3.25 12 fluids 769 11.9B0%4
Mishima and Hibiki (1996)  1.05-4.08  Air-Water 299 21 (1 — e~ 0-319Dm)
Zhang et al. (2010) 0.07-6.2 10 fluids 2201 21 (1 — e~ ")

Average correlation -

Bo = 9(pi — p4) D}, /o (Bond number); Lag = rsoDPn/u? (Laplace number based on gas); N = 1/9/g(p: — p,)D? (confine-

ment number); Re;, = GPn/y, (Reynolds number assuming only liquid).

Table 9: Mean relative error (MRE) on ¢? (Eq. (40)).

Correlation MRE [%]
Hwang and Kim (2006) 15.7
Kim and Mudawar (2012) 16.2
Li and Wu (2010) ~26.8
Mishima and Hibiki (1996) 27.3
Zhang et al. (2010) —8.36

Average correlation 0.289
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additional correlation, corresponding to the average of the previous ones, is employed. In the follow-
ing, the Nusselt number obtained from Eqs. (41) to (44) is denoted Nuyyp nym while that obtained
from the correlations in Table 10 is denoted Nuf, ..., k € [1,5]. Nupnum and Nuf, .., k € [1,5]

are averaged over time. The mean relative error is computed as:

Nutp num —Nuk oz
MRE;, = Z Z . IieEp (48)

4.8.2. Discussion of the results

Fig. 12 shows Nugp pum as a function of y for all the calculations performed. The profiles
can be decomposed into four regions: two developing regions, where Nup num decreases, and two
developed regions, where Nup nym is constant or almost constant. The transition from the first
developed region to the second developing region occurs when a; > a4 and thus ¢, = @y,

b R %fz o dz and Ty, ~ fz oquCpszdz/fw aipCpide. The constant value reached by Nuyp num in
the developed regions is close to that predicted by single-phase flow theory (see the single-phase flow
verification performed in Section 3.7). At given y in the entrance region (first developing region),
Nuyp num increases with flow rate, due to the fact that both ¢conq and @) 4 increase.

Fig. 13 shows Nuipnum and Nufpymp7 k € [1,5] as a function of y for Calculations 1 to 4.
Since the correlations assume the flow to be fully developed, Nuf, ..., k € [1,5] is only shown in
the second developed region (see paragraph above). Qualitatively speaking, a good agreement is
obtained between Ny num and Nuf, ..., k € [1,5].

The mean relative error is given in Table 11 and shown on the parity plot in Fig. 14. Excellent
agreement is obtained with the correlation of Chato (1962). This correlation is considered to be the
most reliable for the present calculations. Indeed, it is completely based on the analytical solution
of Nusselt (1916) for laminar condensation on a plate. The worst agreement is obtained with the
correlation of Shah (2009). However, less confidence is placed in this correlation than in the others.
Indeed, even if few authors, such as Borchman (1967), have found it to give acceptable predictions in
the laminar flow regime, the fact remains that it has originally not been developed for laminar flows
(a large part of the data on which it is based corresponds to the turbulent flow regime). Excluding
this correlation, the mean relative error is comprised between —35.3 % and 37.2 %, which is of the
same order of what can be found in the literature. The mean relative error obtained with the average
correlation is —13.4 %, which is reasonable. Therefore, the Nusselt number and more generally heat

transfer is considered to be correctly predicted by the model.

4.4. Generalization of the results obtained for the Nusselt number

The purpose of this section is to find a relevant dimensionless coordinate for plotting the Nusselt
number defined by Egs. (41) to (44). As shown in Fig. 15, the dimensionless coordinate 4¥/pj, Re, Pr,

used for single-phase flow (see Section 3.7) is not appropriate. Indeed, the curves corresponding to
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Table 10: Correlations for the Nusselt number. The corresponding Nusselt number is denoted /N ufp’ caps & € [1,5].

Correlation Dy, [mm)] Fluid(s) Points Expression for Nu, eqp
Chato (1962) 14.5-27.9  Air-Water, R113  n/a fne - 0.555 (%)1/ ’
Kaushik and Azer (1988) 12.5-17.8  R11, R113 n/a fre - 2.078 ReQ:507 P/ (%)0'198 po1s
Shah (2009) 249 17 fluids 1189 fo - [0.023Re)SPrit (15—;9)” o+ 1.32Re,, " Ga'V |
Singh et al. (1996) 11 R134a n/a foe- [0.2339Re?‘5Pr?'330 +0.0025 (Gelre) 't (97 — 9)]

Average correlation - - - _

Ga = gri(p1 = pg)D;, /2 (Galileo number); Ja = ©pi (Tsar = Tw)/H,,, (Jakob number); n = 0.0058 4+ 0.557P, (exponent); P, = P/p, with
GeqDnfyy with Geq = G (1 —xy) + Grgr/P1/p, (equivalent Reynolds number); o =

(1 — 24)%8 4 3.82070(1 — 2,)001 /poss (coefficient); Azg = xim — gout (flow quality variation); § = 2arccos (2ag — 1) (coefficient).

P. the critical pressure (reduced pressure); Reeq

Table 11: Mean relative error (MRE) on the Nusselt number (Eq. (48)).

Correlation MRE [%]
Chato (1962) —6.77
Kaushik and Azer (1988) —18.8
Shah (2009) 37.2
Singh et al. (1996) -35.3

Average correlation —-13.4
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Calculations 1 to 4, characterized by T;" — Ty = 27K, do not overlap with those corresponding to
Calculations 4 to 8, characterized by T, ;" — T, = 37K. This is due to condensation, which depends
on both Tg” and T,,. Based on these considerations, the following new dimensionless coordinate is
proposed:

dyJa*

* 49
Y = DuRe,Pr,’ (49)

with Ja* a modified Jakob number based on Tg" —Ty:

*

Hlat '
As shown is Fig. 16, this new dimensionless coordinate allows all the curves to overlap. An expression
could be derived by curve fitting and could then be used for one-dimensional calculations. Note that

this expression would only be valid for Y;/" = 0.01 and T;" — T,, > 27K. A more general analysis

should be conducted to provide an expression valid for all values of Y™ and T;" — T,.

5. Conclusion

A new model implemented in the neptune_cfd code was used to simulate steam condensation in
the presence of air in a mini-channel of opening 100 pm. Various flow patterns, including droplet,
smooth annular, wavy annular and slug flow, were observed. These flow patterns were found to be
consistent in nature with those observed experimentally. The results were compared with various
experimental correlations from the literature. The considered quantities were the pressure drop and
the Nusselt number. They were predicted with minimal absolute mean relative errors of, respectively,
0.289 % and 13.4 %, which was considered indicative of a reasonably good accuracy of the model.
The present work shows the relevance of the proposed model for the simulation of condensing two-
phase flows in mini-channels, and more generally for the simulation of two-phase flows with phase
change involving large deformable interfaces, small dispersed bubbles and small dispersed droplets.
Its application to model cracks for the prediction of the leakage rate in the event of an accident
is possible, but corresponding calculations would be time consuming, due to the fact that most of
the accident scenarios last several days and that the dimensions of the problem imply the use of
small time steps. A solution could be to perform 1D calculations, allowing for larger cells and thus
larger time steps. The gas and liquid frictional pressure drops, as well as the gas and liquid wall
heat fluxes, could be obtained from standard laws and the condensation flux deduced from the law

Nuyy, = f (y*) proposed in Section 4.4.
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Nomenclature

Roman letters

a’™t Interfacial area concentration m~!

A Fraction of area affected by the liquid -

c Rescaling factor for hjo. -

C Force coefficient -

Cp Specific heat capacity Jkg ' K™!
d Diameter m

D Diffusion coefficient m?s~!

Dy, Hydraulic diameter m

f Friction factor -

Jnes fneds fne2a  Degradation factor -

1o Function for drag computation kgm 357!
F Force density kgm™2s72
g Gravity ms?2

G Mass flow rate per unit area kgm 257!
h Heat transfer coefficient Wm2K™!
H Average total enthalpy Jkg™!

I Interfacial momentum transfer kgm™2s72
Ja* Modified Jakob number -

MRE Mean relative error -

n Interface normal -

Ngite Number of droplets per unit area m~2

Nu Nusselt number -

P Pressure Pa

Pr Prandtl number -

Q Heat flux density Wm?2

Re Reynolds number —

S Surface-to-volume ratio m~!

Sc Schmidt number -

Sh Sherwood number -

T Temperature K

U Average velocity ms~!

T, Y, 2 Cartesian coordinates m

X Martinelli parameter -

Tg Flow quality -

Y Mass fraction -

22



Y Dimensionless y-coordinate

Greek letters

« Volume fraction

—

Interfacial mass transfer

Distance from wall to center of boundary cell

At Time step

Ax, Ay, Az Grid spacing in x-, y-, z-direction

€ Interface sharpening coefficient
0 Drag relaxation coefficient

A Thermal conductivity

I Molecular viscosity

II Interfacial energy transfer

p Density

o Surface tension

D) Stress tensor

T Characteristic time for bubbles
%] Wall energy transfer

@? Two-phase multiplier

Wm— K-

—1,-1

Wm3
kgm™3

-2

kgs

kgm~1s™2

Wm—2
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Subscripts and superscripts

a

AM

m
nf

int

lat
lim
loc
num
out
pl
bg

Re

Sp
sat
ST
sup
TD
tot

ip

w, W

x7y7Z

Air

Added mass
Bulk
Continuous
Condensation
Dispersed
Drag
Experimental
Gas

Inlet

Inferior
Interfacial
Liquid

Lift

Latent

Limit

Local
Numerical
Outlet

Liquid particle
Gas particle
Quenching
Reynolds
Steam
Single-phase
Saturation
Surface tension

Superior

Turbulent dispersion

Total
Two-phase
Wall

z-, Y-, z-component
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Figure 1: Principle of the Full Generalized Large Interface Model. The model uses a sub-grid approach in Cases 1 and
3 and an interface capturing approach in Case 2. Closures for mass, momentum and energy used in Cases 1 and 3 come
from the Standard Dispersed Model for droplets and the Standard Dispersed Model for bubbles, respectively. Those

used in Case 2 come from the Large Interface Model. afnf, a%im and alsup are set to 0.4, 0.5 and 0.6, respectively.
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Figure 2: Computational domain and boundary conditions. Dimensions are: d = 100 pm and | = 3cm. Mass flow
rate, temperature and composition are imposed at the inlet, pressure is imposed at the outlet and temperature is

imposed at the walls.
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Figure 3: Permanent profiles of gas volume fraction (top), y-component of the gas velocity (bottom left) and gas
temperature (bottom right) obtained in Calculation 4 at y = 0.01 m for the various meshes studied
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Figure 4: Evolution of Nusp,g (Egs. (26) and (27)) as a function of 4¥/Re,Pr,D,. Comparison is made with the
analytical solution of Kays and Crawford (1993) (Eq. (28)) in the fully developed region.
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Figure 5: Evolution of 1/y foy Nugp,gdy’ (with Nugp g given by Eqgs. (26) and (27)) as a function of 4¥/Re,Pr,D,,.

Comparison is made with the analytical solution of Mercer et al. (1967) (Eq. (29)) in both the hydrodynamic and
thermal developing region and the fully developed region.
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Figure 6: Flow patterns obtained in the present work (top line; gas in blue; liquid in red; flow from left to right).
Qualitative comparison is made with the experiments of Wu and Cheng (2005) (middle line; flow from right to left)
and Hu and Chao (2007) (bottom line; flow from right to left).
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Figure 7: Transition from wavy annular to slug flow (gas in blue; liquid in red).
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Figure 8: Evolution of ¢?  (Eq. (30)) along the mini-channel for all the calculations performed (left axis range is
based on Fig. 10).
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Figure 9: Evolution of the flow quality (Eq. (25)) along the mini-channel for all the calculations performed.
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Figure 10: Comparison between ¢l2 num, a0d ¢l2 k k€ [1,6] for Calculations 1 to 4. ¢l2 num 18 obtained from Eq. (30)
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Figure 11: Parity plot of ¢>l2k
obtained from Eq. (30) while ¢?
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k € [1,6] versus ¢? at various locations along the mini-channel.
k € [1, 6] is obtained from Eq. (39) and Table 8.
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Figure 12: Evolution of Nu¢p num (Egs. (41) to (44)) along the mini-channel for all the calculations performed.
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Nutp num is obtained

from Egs. (41) to (44) while Nuffp,mz77 k € [1,5] number is obtained from Table 10.
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Figure 14: Parity plot of Nufp&wp, k € [1,5] versus Nu¢p num at various locations along the mini-channel. Nugp num

is obtained from Egs. (41) to (44) while Nufp’emp, k € [[1, 5] is obtained from Table 10.
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Figure 15: Evolution of Nutp num (Egs. (41) to (44)) as a function of 4¥/Re,Pr,D, for all the calculations performed.
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Figure 16: Evolution of Nu¢p num (Egs. (41) to (44)) as a function of 4v/a” /Re, Pr, D, for all the calculations performed.

45



	Introduction
	Modeling strategy
	Governing equations
	The Full Generalized Large Interface Model
	Closure laws for bubbles and droplets
	Interfacial momentum transfers for bubbles and droplets
	Interfacial energy and mass transfers for droplets
	Interfacial energy and mass transfers for bubbles
	Wall energy and mass transfers for droplets

	Closure laws for large interfaces
	Interfacial momentum transfers
	Interfacial energy and mass transfers


	Problem setup
	Computational domain and boundary conditions
	Turbulence
	Gravity, roughness and wettability
	Mesh
	Averaging procedure
	Flow quality
	Single-phase flow verification

	Results
	Flow patterns
	Droplet flow regime
	Smooth and wavy annular flow regimes
	Slug flow regime
	Comparison with experimental flow patterns

	Frictional pressure drop
	Computation and correlations used for comparison
	Discussion of the results

	Nusselt number
	Computation and correlations used for comparison
	Discussion of the results

	Generalization of the results obtained for the Nusselt number

	Conclusion

