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Abstract 20 

This research investigated the impact of draw solute and membrane material on the 21 

economic balance of a forward osmosis (FO) system pre-concentrating municipal sewage 22 

prior to an anaerobic membrane bioreactor (AnMBR). Eight and three different draw 23 

solutes were evaluated for cellulose triacetate (CTA) and polyamide thin film composite 24 

(TFC) membranes, respectively. The material of the FO membrane was a key economic 25 

driver since the net cost of TFC membrane was substantially lower than the CTA 26 

membrane. The draw solute had a moderate impact on the economic balance. The most 27 

economically favourable draw solutes were sodium acetate and calcium chloride for the 28 

CTA membrane and magnesium chloride for the TFC membrane. The FO+AnMBR 29 

performance was modelled for both FO membrane materials and each draw solute 30 

considering three FO recoveries (50, 80 and 90%). The estimated COD removal 31 

efficiency of the AnMBR was similar regardless of the draw solute and FO membrane 32 

material. However, the COD and draw solute concentrations in the permeate and digestate 33 

increased as the FO recovery increased. These results highlight that FO membranes with 34 

high permselectivity are needed to improve the economic balance of mainstream AnMBR 35 

and to ensure the quality of the permeate and digestate. 36 

Keywords 37 

Forward osmosis (FO); Anaerobic membrane bioreactor (AnMBR); Anaerobic digestion; 38 

Reverse osmosis (RO); Draw solute; Techno-economic evaluation  39 



3 

 

1. Introduction 40 

Climate change and resource depletion are pushing a paradigm shift in wastewater 41 

treatment plants (WWTPs) to maximise the recovery of resources and reduce the 42 

consumption of chemicals and energy (Zhang and Liu, 2022). In this new paradigm, 43 

membrane bioreactors play a central role since these technologies provide a physical 44 

barrier for solids and pathogens, which allows producing high-quality effluents and 45 

improving the performance of the bioreactor (Krzeminski et al., 2017). 46 

Anaerobic membrane bioreactor (AnMBR), which combines membrane technology and 47 

anaerobic digestion, is an interesting biotechnology for municipal sewage treatment 48 

(Vinardell et al., 2020b). In AnMBRs, the sewage organic matter is transformed into 49 

methane-rich biogas and the biomass is completely retained by the membrane (Anjum et 50 

al., 2021; Hu et al., 2021). Several full-scale AnMBRs have already been implemented 51 

for the treatment of different types of industrial wastewater (Zhen et al., 2019). However, 52 

full-scale implementation of AnMBRs for municipal sewage treatment is limited because 53 

municipal sewage is typically less concentrated and represents a larger volumetric flow 54 

rate than industrial wastewater. The high volumetric flow rate and the low organic matter 55 

concentration of municipal sewage: (i) increases the AnMBR capital and operating costs, 56 

(ii) decreases the methane productivity per m3 of sewage, and (iii) increases the total 57 

amount of methane dissolved in the effluent (Ferrari et al., 2019; Zahedi et al., 2021). 58 

Accordingly, it is important to develop technologies for sewage pre-concentration to 59 

improve the competitiveness of AnMBR for municipal sewage treatment. 60 

Forward osmosis (FO) is an emerging membrane technology to pre-concentrate 61 

municipal sewage with low energy input, low fouling and high rejection of organic matter 62 
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(Awad et al., 2019; Wang and Liu, 2021). FO is spontaneously driven by the osmotic 63 

pressure difference between the feed solution and the saline draw solution (Blandin et al., 64 

2021). The osmotic pressure gradient between both solutions drives the permeation of 65 

water from the feed solution to the draw solution through the dense FO membrane 66 

(Almoalimi and Liu, 2022). The most used materials for FO membranes are cellulose 67 

triacetate (CTA) and polyamide thin film composite (TFC) (Kim et al., 2022). The 68 

application of FO pre-concentration allows increasing the sewage organic matter 69 

concentration and decreasing the volumetric flow rate (Ansari et al., 2017). Moreover, a 70 

regeneration technology (e.g. reverse osmosis (RO), nanofiltration, membrane 71 

distillation) is typically used to re-concentrate the draw solution and produce high-quality 72 

water from the diluted draw solution (Cabrera-Castillo et al., 2021; Kim et al., 2017). The 73 

combination of FO, RO and AnMBR technologies for municipal sewage treatment can 74 

provide potential economic advantages in comparison with typical WWTP configurations 75 

(Vinardell et al., 2020a). 76 

Draw solute selection is important since it affects the water and solute fluxes through FO 77 

membranes (Ansari et al., 2015; Arcanjo et al., 2020). Small inorganic solutes (e.g. NaCl, 78 

KCl) have been widely used as draw solutes because they feature high diffusivities and 79 

mitigate the detrimental effect of internal concentration polarisation (ICP) on water flux 80 

(Lutchmiah et al., 2014; Shaffer et al., 2015). However, these solutes generally feature 81 

high reverse solute fluxes (RSF) due to their high diffusivity (Zou et al., 2019). The RSF 82 

from the draw to the feed solution: (i) increases the salinity of the sewage and (ii) 83 

increases the draw solution replenishment costs (Ferby et al., 2020). The higher salinity 84 

in the pre-concentrated sewage could partially inhibit anaerobic bacteria with a direct 85 

impact on the AnMBR biogas production and effluent quality (both permeate and 86 
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digestate) (Vinardell et al., 2021). Therefore, the selection of the draw solute should 87 

contemplate both FO and AnMBR performance since solute selection can have a high 88 

impact on the technical and economic feasibility of combining both technologies. 89 

Few studies have evaluated the impact of the draw solute on FO and anaerobic digestion 90 

performance (Ansari et al., 2015; Bacaksiz et al., 2021). Bacaksiz et al. (2021) evaluated 91 

the performance of different inorganic and organic draw solutes in the FO system and the 92 

inhibitory impact of these solutes on anaerobic digestion. The authors showed that the 93 

draw solute has a direct impact on the water flux and RSF of the CTA FO membrane. 94 

Anaerobic digestion batch experiments showed that the RSF of inorganic draw solutes 95 

could inhibit the anaerobic digestion process, while organic draw solutes could increase 96 

methane production. Finally, Bacaksiz et al. (2021) conducted a preliminary economic 97 

analysis and reported that CaCl2, MgCl2, HCOONa and CH3COONa were the most 98 

economically favourable draw solutes. However, the economic analysis only included the 99 

draw solute purchase cost, but did not include all the capital, operating costs and revenue 100 

(e.g. FO installation, labour, maintenance, membrane replacement, electricity production) 101 

influenced by the draw solute and FO membrane material. To the best of the authors’ 102 

knowledge, the combined impact of draw solute and FO membrane material on the 103 

economic balance of a system combining FO and AnMBR technologies has not yet been 104 

evaluated. Accordingly, a detailed techno-economic analysis is needed to understand how 105 

these factors influence the economic feasibility of an FO+AnMBR system for municipal 106 

sewage treatment. 107 

The main objective of this study is to evaluate the impact of draw solute and FO 108 

membrane material on the economic balance of an FO+AnMBR system for municipal 109 

sewage treatment. To this end, two FO membrane materials (CTA and TFC) and eight 110 
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different draw solutes (NaCl, MgCl2, KCl, CaCl2, Na2SO4, MgSO4, Ca(NO3)2 and 111 

CH3COONa) were considered for the techno-economic analysis.  112 

2. Methodology 113 

2.1 Design criteria and draw solutes selection 114 

Figure 1 shows the FO+AnMBR configuration evaluated in this study. The chosen 115 

configuration was a closed-loop scheme using a synthetic solution as a draw solution. The 116 

diluted draw solution was regenerated by means of RO to re-establish the initial osmotic 117 

pressure and to produce high-quality water. The draw solute was replenished (by topping 118 

up with salts) to keep the osmotic pressure constant in the loop despite losses of the draw 119 

solute through FO and RO membranes. The FO recovery was fixed at 80% because this 120 

is one of the most used FO recovery values in the literature for FO pre-concentration 121 

systems before anaerobic digestion (values range between 50 and 90%) (Ansari et al., 122 

2018; Vinardell et al., 2021). The pre-concentrated municipal sewage was considered to 123 

be fed to an AnMBR configured as a continuous stirred tank reactor. The membranes 124 

were submerged in a separate membrane tank where gas sparging was applied to control 125 

the membrane fouling extent since this is the most common strategy for membrane 126 

fouling control in AnMBRs (Maaz et al., 2019). The AnMBR was considered to be 127 

operated at a solids retention time (SRT) of 60 days and at an hydraulic retention time 128 

(HRT) of 1 day (Vinardell et al., 2020a). 129 

The selection of the draw solutes used for the economic evaluation was performed from 130 

available data for CTA and polyamide TFC commercial membranes. Regarding CTA 131 

membranes, seven inorganic and one organic draw solutes were evaluated: NaCl, MgCl2, 132 

KCl, CaCl2, Na2SO4, MgSO4, Ca(NO3)2 and CH3COONa (Achilli et al., 2010; Ansari et 133 
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al., 2015). Regarding TFC membranes, three different inorganic draw solutes were 134 

evaluated: NaCl, MgCl2 and MgSO4 (Sanahuja-Embuena et al., 2019). This research did 135 

not  include the same draw solutes for both membranes due to the limited data available 136 

in the literature regarding draw solute permeability in TFC membranes. The osmotic 137 

pressure of the draw solution before entering to the FO modules was considered to be 28 138 

bar for all the solutes, which is within the osmotic pressure range reported in previous 139 

studies (Achilli et al., 2010; Sanahuja-Embuena et al., 2019). The concentration of each 140 

draw solute at this osmotic pressure can be found in Table 1. 141 

The economic analysis was conducted for a high-sized WWTP treating 100,000 m3 d-1 of 142 

municipal sewage (500,000 population equivalent). The municipal sewage was pre-143 

filtered (~50 µm) before FO to prevent substantial fouling and clogging in the FO 144 

membranes and to decrease the amount of suspended solids fed to the AnMBR. The pre-145 

filtered municipal sewage contained a total chemical oxygen demand (COD) 146 

concentration of 420 mg COD L-1, which was fractionated in biodegradable soluble COD 147 

(64.3%), inert soluble COD (19.1%), biodegradable particulate COD (7.1%) and inert 148 

particulate COD (9.5%) (Vinardell et al., 2020a). 149 

2.2 FO process design and modelling 150 

The water flux (JW) and RSF (JS) through dense FO membranes were modelled for all 151 

draw solutes and both membranes. Eq. (1) and Eq. (2) were used to model JW and JS, 152 

respectively (Tiraferri et al., 2013). These equations considered that the active layer faced 153 

the feed side and included the effect of (i) dilutive ICP on the support layer, (ii) 154 

concentrative external concentration polarisation (ECP) on the active layer and (iii) RSF 155 

from the draw solution to the sewage (Blandin et al., 2015). 156 
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where Jw is the water flux (L m-2 h-1), JS is the reverse draw solute flux (g m-2 h-1), A is 159 

the water permeability (L m-2 h-1 bar-1), B is the draw solute permeability (L m-2 h-1), ᴨD 160 

is the osmotic pressure in the draw solution (bar), ᴨF is the osmotic pressure in the feed 161 

solution (bar), cD is the draw solute concentration in the draw solution (g L-1), cF is the 162 

draw solute concentration in the feed solution (g L-1), k is the mass transfer coefficient of 163 

the draw solute (L m-2 h-1), D is the self-diffusion coefficient of the draw solute (L m-1 h-164 

1) and S is the membrane structural parameter (m). A, B and S parameters are widely used 165 

in FO research because they allow comparison of FO performance regardless of the 166 

operating conditions (Tiraferri et al., 2013). 167 

The intrinsic membrane parameters (i.e. A and S) for CTA and TFC membranes were 168 

obtained from Coday et al. (2013) and Sanahuja-Embuena et al. (2019), respectively. The 169 

parameter B, which depends on both the membrane and the draw solute, was obtained 170 

from Achilli et al. (2010) and Ansari et al. (2015) for CTA membrane, and from Sanahuja-171 

Embuena et al. (2019) for TFC membrane. In these publications, the CTA membrane was 172 

a commercial FO membrane from Hydration Technology Innovations (HTI) (Albany, 173 

USA) and the TFC membrane was a commercial FO membrane from Aquaporin 174 

(Kongens Lyngby, Denmark) (Sanahuja-Embuena et al., 2019). HTI CTA membrane and 175 

Aquaporin TFC membrane parameters A, B and S were chosen as they were available in 176 

the literature and are representative for commercial CTA and TFC membranes. Detailed 177 
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information about the A, B and S parameters as well as about the properties of the 178 

different draw solutes can be found in Table 1. 179 

2.3 Modelling AnMBR performance 180 

The AnMBR performance was modelled for the different FO alternatives (i.e. draw 181 

solutes, membrane materials and FO recoveries) to calculate the COD removal, the 182 

amount of methane recovered and the quality of the permeate. The presence of draw 183 

solute in the pre-concentrated sewage due to RSF could partially inhibit anaerobic 184 

biomass (i.e. Na+, K+, Ca2+, Mg2+), introduce an electron acceptor (i.e. SO4
2- and NO3

-) 185 

and/or introduce an electron donor (i.e. CH3COO-). The concentration of each draw solute 186 

in the AnMBR influent can be found in Table S1 of the supplementary information.  187 

A steady state mass balance was used to model the AnMBR including a non-competitive 188 

inhibition function to determine the impact of draw solute concentration on anaerobic 189 

digestion performance (Eq. (3)). Subsequently, the total organic matter concentration in 190 

the AnMBR permeate was calculated using Eq. (4): 191 

Q0 · SS,0 − km,ac ·
SS

SS+KS,ac
·

KI50

KI50+Scat
Xac · V = Qe · SS                                                                Eq. (3) 192 

Se = SS + SI                                                                                                                                        Eq. (4) 193 

where Q0 is the pre-concentrated sewage flow rate (m3 d-1), SS,0 is the biodegradable 194 

organic matter (particulate and soluble) concentration in the pre-concentrated sewage (kg 195 

COD m-3), km,ac is the specific maximum uptake rate for acetogenic methanogens (kg 196 

COD kg-1 CODcell d
-1), Ss is the soluble biodegradable organic matter concentration in 197 

the AnMBR and in the permeate (kg COD m-3), KS,ac is the half-saturation constant for 198 

acetogenic methanogens (kg COD m-3), KI50 is the 50% inhibitory constant for the draw 199 
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solute (kg COD m-3), Scat is the cation concentration (i.e. Na+, K+, Ca2+, Mg2+) of the draw 200 

solute in the AnMBR (kg COD m-3), Xac is the biomass concentration of acetogenic 201 

methanogens, which was considered to be a 10% of the biomass (kg CODcell m-3) 202 

(Ariesyady et al., 2007), V is the volume of the AnMBR (m3), Qe is the permeate flow 203 

rate (m3 d-1), Se is the total soluble organic matter concentration in the AnMBR permeate 204 

(kg COD m-3) and SI is the soluble inert organic matter concentration in the influent (kg 205 

COD m-3). The model parameters used in Eq. (3) can be found in Table S21 of the 206 

supplementary material. Eq. (3) and Eq. (4) assumed that: (i) methanogenesis is the rate-207 

limiting step, (ii) all the biodegradable particulate organic matter is solubilised in the 208 

AnMBR because of the high SRT (60 days), (iii) particulate organic matter hydrolysis 209 

does not generate soluble inert material, (iv) the AnMBR waste sludge flow rate is 210 

negligible compared to the permeate flow rate and (v) the KI50 values are literature 211 

averages and potential acclimation to inhibitors was not considered. 212 

The methane production was calculated considering: (i) the biodegradable COD removed 213 

in the AnMBR, (ii) the presence of electron acceptors (i.e. SO4
2- and NO3

-) from the draw 214 

solution that could consume part of the COD, (iii) the presence of external COD coming 215 

from the draw solution (i.e. acetate) that could be an additional organic source for 216 

methane production and (iv) that a fraction on the methane remains dissolved in the 217 

effluent, which was calculated with Henry’s law. It was considered that the organic matter 218 

consumed when sulphate and nitrate were contained in the pre-concentrated sewage 219 

corresponded to 2.01 mg COD mg-1 SO4
2--S and 2.86 mg COD mg-1 NO3

--N, respectively 220 

(Metcalf & Eddy, 2014).  221 

2.4 Costs and revenue calculation 222 
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Draw solution has a direct impact on the FO capital and operating costs since it affects 223 

the water and the draw solute RSF through FO membranes. The RSF could also impact 224 

the amount of methane recovered in the AnMBR and the quality of the permeate. This 225 

section describes the costs and revenue considered for the economic evaluation. The cost 226 

calculation was conducted considering a fixed FO recovery of 80% and a draw solution 227 

osmotic pressure of 28 bar for all draw solutes and FO membrane materials (see Section 228 

2.1). It is worth mentioning that the costs and revenue that were not influenced by the 229 

draw solute or the FO membrane material were not considered for the economic 230 

evaluation (e.g. AnMBR capital and operating costs, RO capital costs, energy 231 

consumption, water production) since these costs and revenue are assumed to be similar 232 

regardless of the draw solute and FO membrane material used. Table S3 of the  233 

supplementary material shows detailed information about the parameters used for costs 234 

and revenue calculations. 235 

2.4.1 FO capital and operating costs  236 

The methodology used to calculate the capital costs of the FO system can be found in 237 

Vinardell et al. (2020a), who adapted the methodology proposed by Blandin et al. (2015) 238 

to estimate the FO costs. Briefly, the capital costs of the FO system were estimated 239 

considering relationships with capital costs of typical full-scale spiral wound RO systems 240 

since (i) RO systems are rather similar to FO systems and (ii) there are more data available 241 

concerning the costs of RO systems than FO systems (Blandin et al., 2015). Firstly, a 242 

benchmark RO scenario was established, which corresponded to an RO installation 243 

requiring a similar membrane area than the FO installation using NaCl as a draw solute. 244 

The capital cost of the benchmark RO scenario was estimated (i) considering an RO 245 

membrane cost of  21 € m-2 (Valladares Linares et al., 2016) and (ii) using the RO cost 246 
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distribution shown in Table S43 of the supplementary material. Second, the capital cost 247 

of the FO system for the NaCl was estimated (i) considering an FO membrane cost of 55 248 

£ m-2 (49 € m-2) (Valladares Linares et al., 2016) and (ii) considering that specific cost 249 

contributors of the RO system could be partially (or totally) extendible to FO capital costs 250 

(e.g. civil engineering, equipment and materials, pumps) (Table S43). Finally, the FO 251 

capital costs for all the other draw solute scenarios were calculated from the FO capital 252 

costs of the NaCl scenario and considering that specific cost contributors were dependent 253 

on the FO membrane area (Table S43). The capital costs dependent on the FO membrane 254 

area were included in the economic evaluation since the costs that did not depend on the 255 

FO membrane area were not influenced by the draw solute and, therefore, are out of the 256 

scope of the present study. 257 

The operating costs of the FO system accounted for membrane replacement, labour and 258 

maintenance. The membrane replacement cost was calculated assuming a membrane 259 

lifetime of 4 years (Yangali-Quintanilla et al., 2015). The labour and maintenance costs 260 

were considered to be dependent on the size of the FO installation. Specifically, the labour 261 

and maintenance costs accounted for 1% and 2.25% of the capital costs, respectively 262 

(Fritzmann et al., 2007; Vinardell et al., 2020a). 263 

2.4.2 Draw solution replenishment costs 264 

The draw solution needs to be replenished due to losses of draw solute through both FO 265 

and RO membranes. Draw solute losses through FO membranes were calculated for each 266 

solute using Eq. (2) (see Section 2.2), while the draw solute losses through RO 267 

membranes were calculated using the Reverse Osmosis System Analysis (ROSA) 268 

software (Filmtec Corporation, US). Detailed information of the input parameters to 269 
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ROSA can be found in Table S5 of the supplementary material. The purchase cost of each 270 

draw solute was obtained from Bacaksiz et al. (2021) and is reported in Table 1. 271 

2.4.3 Energy production 272 

The energy production was calculated considering a methane calorific value of 55 MJ kg-273 

1 (Metcalf & Eddy, 2014). The produced methane was combusted in a CHP unit with 274 

electrical and thermal efficiencies of 33 and 55%, respectively (Riley et al., 2020; 275 

Vinardell et al., 2021). The capital and operating costs of the CHP unit were 712 € kWel
-276 

1 and 0.0119 € kWhel
-1, respectively (Riley et al., 2020). The lifetime of the CHP unit was 277 

considered to be 20 years (Whiting and Azapagic, 2014). The electricity produced in the 278 

CHP unit was considered to be sold at a price of 0.1283 € kWh-1 (Eurostat, 2021). 279 

2.5 Economic evaluation 280 

The capital expenditures (CAPEX), operating expenditures (OPEX) and electricity 281 

revenue were calculated for the different draw solutes and FO membranes. Eq. (5) and 282 

Eq. (6) were used to calculate the present value (PV) of the gross cost and electricity 283 

revenue, respectively. Subsequently, the PV of the net cost was calculated as the 284 

difference between the PV of the gross cost and the PV of the electricity revenue (Eq. 285 

(7)). 286 

PVGC = CAPEX + ∑
OPEXt

(1+i)t
T
t=1                                                                                                    Eq. (5)  287 

PVER = ∑
ERt

(1+i)t
T
t=1                                                                                                                     Eq. (6) 288 

PVNC = CAPEX + ∑
OPEXt−ERt

(1+i)t
T
t=1                                                                               Eq. (7) 289 
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where PVGC is the PV of the gross cost (€), PVER is the PV of the electricity revenue (€), 290 

PVNC is the PV of the net cost (€), CAPEX is the capital expenditure (€), OPEXt is the 291 

operating expenditure at year t (€), ERt is the electricity revenue at year t (€), i is the 292 

discount rate (5%) and T is the plant lifetime (20 years). 293 

3. Results and discussion 294 

3.1 Impact of draw solute and membrane material on the economic balance of the 295 

FO+AnMBR system 296 

Figure 2 illustrates the PV of the gross cost, electricity revenue and net cost for the 297 

different draw solutes and both membrane materials. The results show that the net cost of 298 

TFC membrane was substantially lower than the net cost of the CTA membrane 299 

regardless of the draw solute. The difference between both membranes can be mainly 300 

attributed to the higher water permeability and higher solute selectivity of TFC membrane 301 

in comparison with CTA membrane (Table 1). From these results, it is possible to 302 

conclude that the enhanced permselectivity (A/B ratio) (Shaffer et al., 2015) achieved 303 

with TFC membrane is an important factor influencing the economics of the process. The 304 

structural parameter (S), which relates to the properties of the membrane support layer, 305 

was lower for TFC membrane than for CTA membrane (Table 1). In this study, the 306 

membrane properties of the TFC membrane were obtained from Sanahuja-Embuena et 307 

al. (2019), who used a commercial Aquaporin membrane module and reported S values 308 

lower than commercial CTA membranes. Achieving a low S parameter is important to 309 

decrease the effect of ICP on the support layer and to increase the effective osmotic 310 

pressure difference between the draw and feed solutions (Blandin et al., 2015). These 311 

results illustrate that the improved properties of novel TFC membranes allowed 312 

increasing the water flux and reducing the draw solute flow rate through the FO 313 



15 

 

membranes, which had a direct impact on FO installation and draw solution 314 

replenishment costs. However, further research is necessary to better understand the 315 

impact of membrane material on the economic balance of the FO+AnMBR system by 316 

using other commercial CTA and TFC membranes. 317 

The draw solute had a moderate impact on the economic balance of the FO+AnMBR 318 

system (Figure 2). Regarding CTA membrane, CH3COONa and CaCl2 were the most 319 

economically competitive draw solutes. CH3COONa featured a slightly lower net cost 320 

than CaCl2 despite the higher gross cost of CH3COONa. This can be attributed to the 321 

higher electricity revenue achieved in the AnMBR when using CH3COONa as draw 322 

solute since the fraction of CH3COONa that permeates from the draw solution to the 323 

sewage through the FO membrane is converted into methane. The net cost of MgCl2 and 324 

Na2SO4 were slightly higher than CH3COONa and CaCl2. Despite its relatively low FO 325 

membrane fluxes (~4.6 L m-2 h-1 LMH), Na2SO4 was one of the most economically 326 

favourable draw solutes (Table 1). The good economic prospect of Na2SO4 can be 327 

attributed to the relatively low RSF of Na2SO4 through FO membranes (~2.5 g m-2 h-1) 328 

that decreased the replenishment costs of the draw solute. However, the presence of 329 

sulphate in the pre-concentrated sewage decreases the amount of energy recovered in the 330 

AnMBR because of the competition between methanogens and sulphate reducing bacteria 331 

(SRB) for the available organic matter (Figure 2). Additionally, the higher concentration 332 

of sulphate in sewage increases the production of H2S in the AnMBR that could (i) 333 

partially inhibit anaerobic microorganisms, (ii) increase the requirements for biogas 334 

desulphurisation and (iii) reduce the durability of the infrastructure and hinder the long-335 

term operability of the AnMBR (out of the scope of the present study).  336 



16 

 

Figure 2 also shows that the economic balance of NaCl, Ca(NO3)2 and KCl was little 337 

attractive since these solutes featured the highest RSF (>4 g m-2 h-1) despite achieving 338 

relatively high FO membrane fluxes (>5.7 L m-2 h-1). This is particularly important for 339 

Ca(NO3)2 because high RSF increases the concentration of nitrate in the sewage that, in 340 

turn, decreases the amount of organic matter available for methane production (Figure 2). 341 

Furthermore, high RSFs could enhance biofouling and scaling on FO active layer due the 342 

interaction of the sewage compounds with the draw solute cations (i.e. Na+, Ca2+, Mg2+) 343 

(She et al., 2012; Zou et al., 2019). These results illustrate that the selection of a suitable 344 

draw solute for FO+AnMBR system requires a compromise solution considering the 345 

capability of the draw solute to achieve high water fluxes with limited RSF. 346 

Regarding TFC membrane, MgCl2 was the most economically favourable draw solute 347 

followed by NaCl and MgSO4 (Figure 2). This is in agreement with the net cost results 348 

obtained with CTA membrane since the same trend was observed for these three solutes. 349 

However, further experimental work is needed to expand the results of the TFC 350 

membrane by testing other draw solutes, such as KCl, CaCl2, Na2SO4, Ca(NO3)2 and 351 

CH3COONa. Finally, it is worth mentioning that MgSO4 was not economically 352 

favourable for none of the membranes since this draw solute (i) featured a noticeably 353 

lower FO membrane flux in comparison to the other draw solutes and (ii) produced a 354 

limited amount of methane in the AnMBR due to the presence of sulphate in the pre-355 

concentrated sewage. 356 

3.2 Gross cost distribution 357 

Figure 3 shows the gross cost distribution for the different draw solutes and both 358 

membranes. Regarding CTA membrane, the capital cost of the FO system represented the 359 

highest cost contributor (33-39%) for MgCl2, CaCl2, Na2SO4, MgSO4 and CH3COONa 360 
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(Figure 3B). The replacement of the FO membranes during the plant lifetime represented 361 

the second highest impact for these five draw solutes (31-37%). This shows that the costs 362 

associated with the FO installation had a high impact on the net cost for MgCl2, CaCl2, 363 

Na2SO4, MgSO4 and CH3COONa. Similar results were obtained for the TFC membrane 364 

since the FO capital cost (33-39%) and FO membrane replacement cost (31-36%) 365 

represented the two highest cost contributors for MgCl2 and MgSO4 (Figure 3B). 366 

However, in absolute values, the gross cost contribution of the costs related to FO 367 

installation (i.e. FO capital cost, FO membrane replacement cost, FO draw solution 368 

replenishment cost, maintenance cost and labour cost) were noticeably reduced when 369 

using the TFC membrane because of the better flux performance than CTA membrane 370 

(Figure 3A). These results highlight the importance of achieving high water 371 

permeabilities for the FO+AnMBR system. 372 

The FO draw solution replenishment cost represented the highest cost contributor for 373 

CTA membrane using NaCl, KCl and Ca(NO3)2 (29-39%) as draw solutes (Figure 3B). 374 

The high impact of FO draw solution replenishment on the net cost for these three draw 375 

solutes can be attributed to: (i) the high RSF (>4 g m-2 h-1), which increased the necessity 376 

to replenish the solute to keep the draw solute osmotic pressure constant and (ii) the higher 377 

water flux (>5.7 L m-2 h-1) of these solutes, which minimised the contribution of FO 378 

installation to the net cost. The draw solution replenishment cost also represented the 379 

highest cost contributor for TFC membrane when using NaCl (32%) as draw solute 380 

(Figure 3B). However, in absolute values, the gross cost contributor of draw solution 381 

replenishment was also reduced with the TFC membrane because TFC membrane 382 

featured a lower RSF and a higher permselectivity than CTA membrane (Figure 3A). For 383 
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all draw solutes, the CHP capital and operating costs did not have a high impact on the 384 

net cost since their contribution was below 5% of the gross cost contribution. 385 

3.3 Sensitivity analysis 386 

Figure 4 illustrates the net cost of the different draw solutes and membranes for a ±30% 387 

variation of the most relevant economic parameters. The results show that the FO 388 

membrane cost variation had the highest impact on the net cost for all the draw solutes 389 

except for KCl (CTA membrane) and NaCl (TFC membrane). The variation of FO 390 

membrane cost affects both the initial investment and the cost to replace the FO 391 

membranes during the plant lifetime. These results highlight that FO membrane flux is a 392 

key economic driver in the FO+AnMBR system since this determines the FO membrane 393 

area required, which is directly correlated with the FO membrane purchasing and 394 

replacement cost. The variation of the FO membranes lifetime also had a high effect on 395 

the economic balance. This points out the importance to extend the lifetime of FO 396 

membranes to further improve the competitiveness of the system, which could be 397 

achieved by optimising the FO operational conditions and chemical cleaning strategy (Im 398 

et al., 2020). The chemical cost variation had the highest impact on the net cost for KCl 399 

and NaCl in CTA and TFC membranes, respectively (Figure 4). This can be directly 400 

attributed to the high RSF of these draw solutes for CTA and TFC membranes. 401 

Figure 4 results also show that the electricity price variation led to small and moderate 402 

changes in the net cost for CTA and TFC membranes, respectively. For CTA, the impact 403 

of electricity price variation on net cost was nearly negligible for Na2SO4, MgSO4 and 404 

Ca(NO3)2 since these solutes substantially decreased the production of methane in the 405 

AnMBR and made the electricity revenue irrelevant in comparison to the other cost 406 

contributors. Conversely, the impact of the electricity price variation on the net cost was 407 
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relatively high when using CH3COONa as a draw solute since this solute increased the 408 

methane production in the AnMBR. The electricity price variation had a higher impact 409 

on the TFC economic balance since (i) the methane production is similar regardless of 410 

the type of FO membrane used and (ii) the FO-related costs are lower for TFC than for 411 

CTA membranes. These results imply that the superior performance of the TFC 412 

membranes makes the relative importance of electricity revenue higher for TFC 413 

membranes than for CTA membranes. 414 

3.4 Impact of draw solute on permeate quality and AnMBR performance 415 

Table 2 shows the COD concentration (both influent and permeate), draw solute 416 

concentration and methane production of the AnMBR for the different draw solutes, 417 

membrane materials and FO recoveries. Besides the 80% FO recovery used in the 418 

previous sections, this section included two additional FO recoveries (i.e. 50 and 90%) to 419 

better understand the impact of sewage pre-concentration on the AnMBR performance 420 

(i.e. methane production and permeate quality). 421 

Table 2 results show that the AnMBR COD removal efficiency was similar regardless of 422 

the draw solute and FO membrane material since the permeate COD concentration 423 

remained rather constant at a specific FO recovery condition. These results indicate that, 424 

despite the sewage pre-concentration and RSF, inhibition of the anaerobic biomass would 425 

have a minor impact on AnMBR performance (Table 2). Besides the great adaptability of 426 

anaerobic biomass to operate under harsh conditions, the slight loss of activity due to 427 

inhibition could be mitigated by increasing the concentration of active biomass in the 428 

AnMBR (Chen et al., 2008). The loss of activity could also be mitigated by the capability 429 

of the AnMBR to retain specific microorganisms able to tolerate higher inhibitory 430 
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concentrations regardless of their doubling time and aggregation properties (Dereli et al., 431 

2012; Puyol et al., 2017). 432 

Methane production was similar for NaCl, MgCl2, KCl and CaCl2 regardless of the FO 433 

membrane material and FO recovery (Table 2). However, methane production 434 

substantially decreased when using Na2SO4, MgSO4 and Ca(NO3)2 as draw solutes since 435 

these solutes decreased the amount of organic matter available for methanisation. For 436 

these draw solutes, the amount of methane produced progressively decreased as the FO 437 

recovery increased due to the higher concentration of draw solute in the pre-concentrated 438 

sewage at higher FO recoveries. This was particularly noticeable for Ca(NO3)2 since the 439 

RSF of Ca(NO3)2 was substantially higher than MgSO4 and Na2SO4. Accordingly, the 440 

high presence of nitrate in the pre-concentrated sewage sharply decreased methane 441 

production at FO recoveries of 80 and 90%. CH3COONa achieved the highest methane 442 

production among the different draw solutes because this draw solute increased the 443 

amount of easily biodegradable organic matter in the pre-concentrated sewage, which 444 

allowed maximising methane production in the AnMBR. 445 

Increasing the pre-concentration factor has a direct impact on AnMBR permeate quality. 446 

The permeate COD concentration increased as the FO recovery increased, increasing both 447 

the  concentration of biodegradable organic matter (SS) and the concentration of soluble 448 

inerts (SI). This phenomenon was particularly important for the high FO recovery 449 

scenarios (80 and 90%) since the permeate COD concentration could exceed the 450 

European Union COD discharge limits (<125 mg COD L-1) (CEC, 1991). Additionally, 451 

the nitrogen and phosphorus concentrations in the permeate also increase with the FO 452 

recovery. For this reason, the implementation of post-treatments would be necessary to 453 
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meet the effluent discharge limits for COD and nutrients when FO and AnMBR 454 

technologies are combined.  455 

The draw solute concentration also increased with the FO recovery. For the CTA 456 

membrane, the NaCl concentration increased from 0.65 to 5.89 mg L-1 as the FO recovery 457 

increased from 50 to 90% (Table 2). However, the NaCl concentration in the pre-458 

concentrated sewage was substantially decreased using TFC membrane due to its higher 459 

permselectivity. Compared to the CTA membrane, TFC membrane decreased the NaCl, 460 

MgCl2 and MgSO4 concentrations in the pre-concentrated sewage by 3, 8 and 11 times, 461 

respectively (Table 2). These results indicate that high FO recoveries could result in a 462 

permeate and digestate with a high salinity concentration, which could limit their 463 

application in agriculture as irrigation water and fertilizers (Vinardell et al., 2021). The 464 

production of digestates with high salinities would make necessary to apply other 465 

management alternatives such as incineration or landfilling. Accordingly, restricting the 466 

FO recovery could be used as a strategy to (i) meet the effluent discharge requirements 467 

and (ii) improve the quality of the permeate and digestate to make it suitable for 468 

agricultural application. These two factors are paramount to make the FO+AnMBR 469 

approach environmentally and technically feasibility. 470 

4. Conclusions 471 

The techno-economic analysis of the FO+AnMBR system showed that FO membrane 472 

material was a determinant economic factor since the net cost of the TFC membrane was 473 

substantially lower than the CTA membrane. The draw solute had a moderate impact on 474 

the FO+AnMBR system economic balance. The capital cost of the FO system was the 475 

most important cost contributor for MgCl2, CaCl2, Na2SO4, MgSO4 and CH3COONa (33-476 



22 

 

39%), whereas while the FO draw solution replenishment was the most important cost 477 

contributor for NaCl, KCl and Ca(NO3)2 (29-32%). The most economically favourable 478 

draw solutes were CH3COONa and CaCl2 for the CTA membrane and MgCl2 for the TFC 479 

membrane due to their capacity to achieve relatively high water fluxes with low RSF. The 480 

AnMBR COD removal efficiency (>90%) was similar regardless of the draw solute and 481 

membrane material. However, FO recoveries above 80% could compromise the 482 

fulfilment of the permeate discharge requirements. Future experimental research using 483 

different commercial CTA/TFC FO membranes and draw solutes is needed to expand and 484 

complement the results obtained in the present study. Overall, the results from this techno-485 

economic study highlight that selecting FO membranes and draw solutes capable to 486 

achieve high water fluxes with reduced RSF is crucial to boost the economic 487 

competitiveness of the system and fulfil the permeate discharge requirements. 488 
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Table 1. A, B and S parameters as well as main properties and costs for the different draw solutes and membranes under study. 

 CTA Membrane TFC Membrane 

 NaCl MgCl2 KCl CaCl2 Na2SO4 MgSO4 Ca(NO3)2 CH3COONa NaCl MgCl2 MgSO4 

A (L m-2 h-1 bar-1)a 0.55 0.55 0.55 0.55 0.55 0.55 0.55 0.55 1.71 1.71 1.71 

S (mm)a 0.463 0.463 0.463 0.463 0.463 0.463 0.463 0.463 0.14 0.14 0.14 

B (L m-2 h-1)b 0.303 0.215 0.363 0.268 0.091 0.04 0.15 0.073 0.240 0.07 0.01 

D (×10-9 m2 s-1)c 1.47 1.05 1.86 1.13 0.76 0.37 1.28 1.44 1.47 1.05 0.37 

k (×105 m s-1)d 1.99 1.59 2.32 1.67 1.28 0.79 1.81 1.96 1.99 1.59 0.79 

Initial osmotic pressure (bar) 28 28 28 28 28 28 28 28 28 28 28 

Initial draw solute concentration (g L-1)e 35.2 34.2 47.0 43.8 84.7 141.3 87.2 55.9 35.2 34.2 141.3 

Cation concentration (g L-1) 13.8 8.7 24.7 15.8 27.4 28.5 21.3 15.7 13.8 8.7 28.5 

Anion concentration (g L-1) 21.4 25.5 22.3 28.0 57.3 112.8 65.9 40.2 21.4 25.5 112.8 

Draw solute purchase cost (€ mol-1)f 0.016 0.025 0.020 0.015 0.013 0.017 0.038 0.034 0.016 0.025 0.017 

a Coday et al. (2013) for CTA membrane and Sanahuja-Embuena et al. (2019) for TFC membrane. 

b Calculated from data provided by Achilli et al. (2010) and Ansari et al. (2015) for CTA membrane and Sanahuja-Embuena et al. (2019) for TFC membrane. 

c Achilli et al. (2010) for NaCl, MgCl2, KCl, CaCl2, Na2SO4 and MgSO4, Irvine et al. (2013) for Ca(NO3)2 and Ansari et al. (2015) for CH3COONa. 

d The k parameter was calculated from Sanahuja-Embuena et al. (2019) equations and parameters. 

e Achilli et al. (2010) for NaCl, MgCl2, KCl, CaCl2, Na2SO4, MgSO4 and Ca(NO3)2 and calculated from data provided by Arcanjo et al. (2020) for CH3COONa. 

f Data obtained from Bacaksiz et al. (2021).  
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Table 2. AnMBR performance and permeate quality for the different draw solutes and membranes under study. The AnMBR performance was modelled for an FO 

recovery of 50, 80 and 90%. 

  CTA Membrane TFC Membrane 

  NaCl MgCl2 KCl CaCl2 Na2SO4 MgSO4 Ca(NO3)2 CH3COONa NaCl MgCl2 MgSO4 

R=50% 

Influent COD concentration (mg L-1) 840 840 840 840 840 840 840 929 840 840 840 

Influent solute concentration (g L-1) 0.65 0.47 1.02 0.73 0.55 0.45 0.88 0.29 0.19 0.06 0.04 

Permeate COD concentration (mg L-1) 83.0 83.7 84.4 83.6 82.7 83.3 83.3 91.1 82.4 82.3 82.2 

Methane production (Nm3 d-1) 10,992 10,991 10,989 10,991 6,621 6,790 3,462 14,927 10,993 10,993 10,617 

Electricity production (kWh d-1) 39,968 38,964 39,960 39,964 24,076 24,690 12,589 54,278 39,971 39,9971 38,604 

R=80% 

Influent COD concentration (mg L-1) 2,100 2,100 2,100 2,100 2,100 2,100 2,100 2,454 2,100 2,100 2,100 

Influent solute concentration (g L-1) 2.61 1.88 4.07 2.93 2.20 1.80 3.53 1.16 0.78 0.23 0.16 

Permeate COD concentration (mg L-1) 176.5 179.4 182.7 179.2 175.3 177.7 178.0 189.5 173.9 173.6 173.2 

Methane production (Nm3 d-1) 11,745 11,743 11,742 11,744 4,753 5,023 0 18,053 11,747 11,747 11,145 

Electricity production (kWh d-1) 42,708 42,702 42,696 42,703 17,281 18,263 0 65,643 42,713 42,713 40,526 

R=90% 

Influent COD concentration (mg L-1) 4,200 4,200 4,200 4,200 4,200 4,200 4,200 4,998 4,200 4,200 4,200 

Influent solute concentration (g L-1) 5.89 4.22 9.16 6.58 4.96 4.04 7.93 2.60 1.75 0.52 0.36 

Permeate COD concentration (mg L-1) 331.6 338.8 347.3 338.3 328.9 334.7 335.3 344.8 325.5 324.8 324.0 

Methane production (Nm3 d-1) 11,996 11,994 11,993 11,995 4,130 4,433 0 19,096 11,998 11,998 11,321 

Electricity production (kWh d-1) 43,621 43,614 43,608 43,615 15,016 16,121 0 69,438 43,627 43,627 41,166 
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Figure 1. Closed-loop configuration integrating FO, RO and AnMBR technologies for municipal sewage treatment and water production (adapted from Vinardell et al. 

(2020a)).       
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Figure 2. Present value (PV) of the gross cost, electricity revenue and net cost for the different draw solutes and membranes under study. 
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Figure 3. Gross cost contribution for the different draw solutes and membranes under study. (A) Absolute 

gross costs distribution (€); (B) relative gross cost distribution (%). 
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Figure 4. Sensitivity analysis of the net cost for a ±30% variation of the most important economic parameters for the different draw solutes and membranes under 

study. 


