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Effect of Dual Impeller-Sparger Geometry on the Hydrodynamics
and Mass Transfer in Stirred Vessels

By Daniel Garcia-Cortés, Catherine Xuereb*, Patricia Taillandier, Ulises Jauregui-Haza, and Joél Bertrand

The understanding of the effect of impeller-sparger configurations on gas dispersion and mass transfer is very important to
improve the performance of gas/liquid contactor systems. The influence of the impeller positions, the upper turbine diameter,
the sparger ring diameter and its location in regard to the lower impeller on the power consumption, the volumetric mass-
transfer coefficient and the overall oxygen transfer efficiency were studied in a nonstandard curved bottomed reactor with an
agitated system with dual disk style turbines. In the range of the gas flow rates studied, the most efficient impeller-sparger
arrangement for the oxygen transfer is the impeller system with turbines of different diameters located at C = 0.25 and IC =
0.5, and with the sparger of smaller diameter than the lower impeller settled below the impeller. A new model to estimate
the k; a with an average relative error of 8 %, which takes the reactor operation conditions and the influence of the impeller-

sparger geometry into account, was also proposed.

1 Introduction

The gas/liquid contacting operations play an important
role in several industrial processes. In the biotechnological
industry, for example, oxygen transfer into the liquid phase
determines, in many cases, the efficiency of the fermentation
processes because of the low solubility of oxygen in aqueous
media. The gas/liquid dispersion processes typically rely on
the configuration of the disk style turbine in conjunction
with a sparger positioned below the stirrer [1]. However,
recently, attention has been paid to the influence of impel-
ler-sparger configurations on gas dispersion by Birch and
Ahmed [2] and on mass transfer by Rocha-Valadez er al. 3],
due to the necessity to improve the performance of gas/liq-
uid contactor systems. Nevertheless, the influence of the
impeller-sparger configurations in multi-impeller systems is
scarce even though these are often used industrially [4].

The gas/liquid dispersion process in flat bottomed reactors
equipped with four symmetrically located wall baffles and
with H > TV, the ring sparger smaller than the impeller
diameter and dual turbine impellers has been extensively
reported [5 8], but very little data concerning these aera-
tion-agitation systems with H = T and the ring sparger larger
than the impeller diameter are found in the literature [4,9].
On the other hand, few papers have been published on these
systems with curved bottomed reactors [10] and with baffles
located away from the wall.

The flows generated in vessels stirred with two turbine
impellers of diameters D = T/3 and H = T were extensively
studied by Rutherford et al. [11]. They stated that the flows
depend strongly on the clearance of the lower impeller
above the base of the vessel; the separation between the
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Talabot — BP 1301 - 31106 Toulouse Cedex 1, France.

1)  List of symbols at the end of the paper.

impellers and the submergence of the upper impeller below
the top of the liquid column height. Besides, they observed
three stable flow patterns called parallel, merging and diver-
ging flow patterns.

The influence of clearance between the impellers on the
hydrodynamics in different aerated-agitated standard sys-
tems has been studied by several authors [6,12]. Surprisingly,
agitation systems with dual turbine impellers of different di-
ameters have rarely been considered for gas dispersion.

The aim of this study is to evaluate the influence of the im-
peller positions, the upper turbine diameter, the sparger ring
diameter and its location with respect to the lower impeller
on the power consumption, the volumetric mass-transfer
coefficient and the overall oxygen transfer efficiency in a
nonstandard curved bottomed reactor with dual disk style
turbines and a ring sparger.

2 Experimental

The experiments were performed in a nonstandard curved
bottomed cylindrical tank with internal diameter T = 0.19 m
and a bottom curvature radius of r = 0.19 m, equipped with
various impeller-sparger configurations. Four baffles (0.1 T)
were symmetrically mounted at 0.009 m away from the wall.
The general layout of the aeration-agitation system and the
dimensions in millimeters (mm) of the disk style turbines
(DT) are shown in Fig. 1. The reactor was filled with water
up to a liquid height of H = T and sparged with air.

Two spargers with ring diameters of Sq = 0.65 Dy and Sy =
1.4 Dy, respectively were used. Both spargers had holes of
40 x 0.0006 m in diameter. Figs. 2 and 3, and Tabs. 1 and 2
detail the studied sparger locations and impeller configura-
tions. The gas flow rates changed in the experiments in the
range of 47 1835 L/h, which correspond to the range of flow
numbers (F1) 0.006 0.233, respectively.

The agitator shaft was extended to the bottom of the tank,
fitting in a Teflon-made hub, in order to avoid excessive
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Figure 2. Example of sparger locations for the impeller configurations B.

‘wobbling’ of the impeller. The rotational speed was 500 +
1 rpm in all experiments which corresponds to a Reynolds
number of 43800. The torque on the agitator shaft was mea-
sured by a torque-measuring coupler (Staiger and Mohilo)

1
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Figure 1. The vessel and impeller dimensions

(mm).
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Figure 3. Example of impeller configurations for sparger position M1.

mounted in the agitator shaft. The experimental value of the
torque was corrected for friction losses by measurements
performed in the empty vessel and was then used to calcu-
late the power consumption.



Table 1. Sparger locations.

Nomenclature Ring sparger Height from the reactor Clearance from the
diameter, mm bottom, z/T lower impeller to the
sparger, S/T
Ml 42 0.13 0.12aC/T=0.25
0.18aC/T=0.33
M2 92 0.13 0.12aC/T=0.25
0.18a C/T=0.33
M3 92 C/IT 0
M4 42 032aC/T=0.25 -0.07*
0.40a C/T=0.33
* The negative value means that the sparger is located above the lower impeller.
Table 2. Impeller configurations.
Impeller Nomenclature | Upper impeller | Lower impeller C IC
configuration
DT65 A - DT65 033T -
DT65 + DT65 B DT65 DT65 033T 033T
DT65 + DT52 C DT52 DT65 033T 033T
DT65 D - DT65 025T -
DT65 + DT65 E DT65 DT65 025T 05T
DT65 + DT52 F DT52 DT65 025T 05T

The volumetric mass transfer coefficient kya was mea-
sured using the startup dynamic method [13] with an oxygen
probe positioned at the mid-height of the tank. The experi-
mental data were nonlinearly regressed with a first-order
model taking the response time of the probe t into account,
which was equal to 7.2s, in order to calculate kja. The
choice of a first-order model for the gas phase is justified by
the fact that such simplified models still preserve the relative
order of merit of agitators, making them useful comparison
purposes [14]. Furthermore, for low kya values (< 0.06 s7),
like those obtained in this study, the difference between
first- and second-order (e.g., perfectly mixed or plug flow
models) methods is negligible [15].

C, k, at
Crp(t) =-*2 (1 - mexp(—t/r)
L

1
+kLarleXp(_kLat)) (1)

The overall transfer efficiency (OTE) was calculated from
the mass of oxygen transferred per hour divided by the
power consumption [10].

OTE =k;a C V{/P, )
All the experiments were carried out at 30 °C. At this tem-

perature the equilibrium concentration of oxygen in water is
7.63 mg Oy/mL [16].

3 Results and Discussion

3.1 Power Consumption and Hydrodynamics

The power input in the stirred tank reactor is the most
important characteristic of the aerated-agitated systems be-
cause both mixing and mass-transfer properties are mainly
dependent on them [17].

Hudkova et al. [6] pointed out that for a clearance between
impellers larger than 0.67 T the power drawn by the dual
impeller system approximates twice that of the single impel-
ler system. However, this maximum value can be reached at
an impeller spacing less than 0.67 T starting from a certain
value of the agitation speed [18,19]. The interpretation given
to this phenomenon is the decrease of the vertical amplitude
of the volume of influence of each turbine increasing the agi-
tation speed [19]. On the other hand, Kuboi and Nienow [9]
measuring the power consumption of a dual impeller system
in a standard reactor with C = IC = 1/3 Tand H = T, obtained
a power consumption of 1.5 times the power drawn by a sin-
gle impeller system. That coincides approximately with the
results of the measurements done by Rutherford et al. [11]
(Po/P; = 1.55) in a similar system to the previous one, in
which they observed a merging flow pattern. Rutherford et al.
[11] also reported that increasing the impeller clearance up
to 0.5 T, this ratio increased up to 1.85. This value denotes
that a certain interaction between impellers still exists,
however, in their study they found that starting from IC =
0.385 T a parallel flow pattern is already observed.



The results of the ungassed power consumption measure-
ment in the used reactor with different sparger-impeller ar-
rangements are shown in Tab. 3.

As can be observed, the power drawn in configurations A
and D are similar, which suggests that in the studied reactor
geometry, characterized by a location of the baffles away
from the wall and the bottom at 0.05 T and 0.25 T, respec-
tively and by the curved bottom, the variation of the clear-
ance of the impeller with regard to the bottom from 0.25 T
to 0.33 T does not have a significant influence on the power
consumption.

On the other hand, it is necessary to point out that in the
configurations E and B, where IC is equal to 0.5 T and
0.33 T, respectively, the ratios P,/P; of 1.46 and 1.24 were
obtained (that means a reduction of P,/P; of approximately
20 % with regard to that obtained by Rutherford et al. [11]),
which denotes that in the reactor with nonstandard geome-
try there is a strong interaction between the impellers.

In the case of configurations C and F, where the upper
impeller is 20 % proportionally smaller than the lower one,
the power consumption is similar to that of the configura-
tions with a single impeller (A and D). The probable cause
of this behavior is the compensation of the increase of the
power consumption due to the contribution of the upper im-
peller (1.1 W), with the decrease of the power drawn due to
the interaction between both impellers. This hypothesis can
be justified comparing the power consumption of the studied
dual impeller agitation systems with different dimensions (C
and F) with that of the dual impeller systems of equal di-
mensions (B and E). In the case of the configurations B and
E, the decrease of the power consumption due to the inter-
action between the impellers, with regard to the maximum
value of the power drawn by the system without interaction
between the impellers (sum of the power drawn by each im-
peller when acting alone [20]) were 76 and 54 %, respective-
ly. While, if the individual maximum contribution to the
power consumption of the two impellers of different dimen-
sions used in this study is compared, it could be observed
that the contribution to the power consumption of the
impeller of smaller dimensions would constitute around
30 % of the contribution of the greater impeller, which is, at
once, smaller than the decrease of the power consumption

Table 3. Power consumption in the ungassed systems.

obtained in the agitation systems with equal impellers (B
and E) with regard to the possible maximum.

As was emphasized by Nienow et al. [20], visualization of
the flow close to the agitator blades contributes to the under-
standing of gas dispersion processes. Gas filled cavities
formed behind the blades and the shape and size of the cav-
ities is one of the two parameters which control the power
drawn by the agitator at a particular speed and aeration rate;
the other one is the bulk flow. Both the cavity shape and the
bulk flow phenomena are affected by the presence of multi-
ple impellers on the shaft [6]. In turn, all these factors affect
the gas/liquid mass transfer performance. Thus, considera-
tion of all these factors has to be made for a proper assess-
ment of any advantage accruing from changes of the impel-
ler-sparger arrangement.

The variation of the power consumption ratio as a func-
tion of flow number, sparger clearance and ring sparger di-
ameter is shown in Figs. 4 and 5. In general, it can be noticed
that in all figures, the decrease of the power consumption in
the gassed reactor is lower in the sparger arrangements with
the largest ring diameter as has been reported before [4].
The difference between the power consumption curves in
the single impeller configuration (C = 0.33 T) with spargers
of different diameters (see Fig. 4a)), is based on the fact that
with the sparger of small diameter, the large cavities behind
the impellers are formed at low Fl, while with the larger
sparger the large cavities are formed at higher Fl. For this
reason, in the first case the decrease of the power consump-
tion is more abrupt than in the second one. It is worth to
point out that in the case in which the sparger is located level
with the impeller, the air bubbles arrive at the impeller indi-
rectly all the time [2].

In Fig. 4a) it can be observed that with the larger sparger
positioned below the impeller (M2) the power consumption
drop at very low air flow rates is more significant. This phe-
nomenon happens because at these gas flows, bubbles of
small diameter are obtained and the majority of them are
dragged directly toward the impeller by the liquid streams.
Increasing the air flow, the diameter of the bubbles grows
and the direct to indirect loading transition occurs. This fact
causes an increase of the power consumption until a maxi-
mum; a further increase of the Fl provokes a power con-

sumption decrease due to the
quantity of air that arrives indi-

Po, W rectly at the impeller. The same
phenomenon can be observed
Impeller Sparger arrangement .

configuration with other arrangements (e.g.,
M1 M2 M3 M4 M2D and M3D). Therefore, it
A 3.4+0.1 32+02 31+03 - can be concluded that the abrupt
B 420 £0.03 39104 40403 40204 variations observed in the Figs. 4
and 5 are caused by the changes
C 34403 29+03 3.0+0.1 25+0.1 in the flow pattern of the air bub-

D 35403 31+0.1 3.1+03 - bles inside the reactor.
E 51+03 51402 49402 48+0.6 The behavior of the curve M3B
- 24203 6103 22201 13107 is very similar to that of the curve
- I i M M2A (see Fig. 4b)). In this case,




the relative position between the upper impeller and the
sparger is similar to the relative position between the lower
impeller and the sparger in the system M2A. In the arrange-
ment M3B, at low FI, the small bubbles arrive directly at the
upper impeller ascending around the axis, although it is
worth pointing out that in the arrangement M2A the range
of Fl in which the bubbles arrive directly at the impeller is
smaller. This is caused by the fact that at the same gas flow
rate, the size of the bubbles in the arrangement M3B is
smaller than in the arrangement M2A because in the first
one, the sparger is located directly under the influence of
fluid streams coming from the lower impeller.

The decrease of the power consumption at low Fl in dual
impeller systems of different diameters and with the larger
sparger positioned below the lower impeller (M2C) is less
marked than in the arrangements M2A, M2B and M3B (see
Fig. 4c)). This is probably caused by the fact that the power
consumption drop provoked by the action of the bubbles on
the lower impeller is compensated by the power drawn of
the upper one. In the case of the arrangement M2B the
larger diameter of the upper impeller in comparison with
the arrangement M2C provokes a pumping capacity that is
high enough to drag the bubbles and this way it cannot com-
pensate for the fall of the power consumption of the lower
impeller.

(a) (b)

nc_’ 1,00 —+—M1A
o
0,80 - —x— M2A
—— M3A
0,60 -
0,40 -
0,20 T T T T 1
0,00 0,05 0,10 0,15 0,20 0,25
Fl

0,20 T T T T 1
0,00 00 0,10 0,15 020 0,25
Fl

The shape of the curve corresponding to the arrangement
of the single turbine with the sparger level to the impeller
(M3D) corresponds to the fact that the bubbles arrive at the
impeller indirectly and large cavities are formed at high Fl
values (see Fig. 5a)). On the other hand, the power con-
sumption of the dual turbine configuration with impellers of
different diameters and the sparger level to the lower tur-
bine show a remarkable variation (see Fig. 5¢)). In this case,
at low values of Fl, large cavities are observed in the upper
impeller. While increasing the Fl, the bubble diameters in-
crease, and the fluid streams cannot drag the dispersed bub-
bles towards the lower impeller. An increase in power con-
sumption is noted. A further increase of the Fl causes a new
fall in the power drawn until the large cavities are formed in
the lower impeller and the upper one is flooded at high Fl.

3.2 Mass Transfer

Variation of the overall volumetric mass transfer coeffi-
cient in the systems with different sparger-impeller arrange-
ments as a function of the flow number is shown in Figs. 6
and 7. The average relative error of k; a measurements was
smaller than 1.5 %.

0,40 -

0,20 T T T T 1

0,00 0,05 0,10 0,15 0,20 0,25
Fl

Figure 4. Power consumption in the reactor arrangement with C = 0.33 T. a) single impeller, b) dual impellers of the same diameter and c) dual impel-

lers of different diameters.
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Figure 5. Power consumption in the reactor arrangement with C = 0.25 T. a) single impeller, b) dual impellers of the same diameter and c) dual impel-

lers of different diameters.

Comparing the two previous figures, it can be observed
that the increase of the ky a at small values of the Fl is bigger
in the case of the agitation systems shown in the Fig. 7 where
the impeller clearance between the impeller and the bottom
is smaller and the clearance between the impellers is larger
(cases b) and c)). It can be noticed that, at Fl values greater
than 0.04, the best values of k; a are obtained with the spar-
gers of larger ring diameter.

3.2.1 Volumetric Mass-Transfer Coefficient Modeling

The volumetric mass-transfer coefficient has been the sub-
ject of study by different authors, who have proposed some
correlations for its estimation [10,21 29]. In this work, the
predictive capacity of several k; a models obtained in coales-
cence systems was evaluated for the different aeration-agita-
tion systems used. The average absolute error (AAE) and
average relative error (ARE) of estimation with each model,
evaluated in the following ranges of the variables 250 < P,/
Vi <850 W/m>; 1107 < vg <5107 m/s, are shown in Tab. 4.
As can be observed, the average relative error of estimation
in all the models is larger than 14 %, while the authors have
reported an ARE of estimation of 8 % with their experimen-
tal data. The model proposed by Nocentini et al. [25] overes-
timates the ky a found in this work, while the rest of the mod-
els underestimate it.

Taking this situation into account, all the kj a experimental
data was correlated as a function of the P,/V| and gas super-
ficial velocity by using the model proposed by Cooper et al.
[30].

k a= c(s—i)A(vG)B 3)

The model parameters A, B, and c, calculated by means of
the least-squares method, were A = 0.48, B = 0.59 and c =
0.035, obtaining this way an AAE and ARE of 0.0022 s
and 11.9 %, respectively. As can be remarked, the model pa-
rameters provide an improvement of only 2 %, approxi-
mately, in the fit of the experimental data.

This situation suggests that in Cooper’s kpa correlation,
the model parameters depend on the impeller-sparger geom-
etry [31]. This differs from the criterion that for a given val-
ue of power consumption per unit volume and superficial
gas velocity, the same mass transfer rate can be achieved
provided that the flow in the mixing vessel is fully turbulent
and the gas bubbles are well dispersed [21,32,33].

As a matter of fact, the impeller-sparger geometry has a
great influence on the mass transfer process because it deter-
mines the flow pattern of the air bubbles and, therefore,
whether or not bubbles are dragged directly or indirectly by
the flow streams toward the areas of maximum shear [2].
However, in the reviewed literature, no models appear to ex-
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Figure 6. Overall mass transfer coefficient in the reactor arrangement with C
=0.33 T. a) single impeller, b) dual impellers of the same diameter and c) dual
impellers of different diameters.

ist that take this influence into account. Besides, it was also
verified that there are different opinions about which vari-
able for the gas flow should be used in the correlations
(superficial gas velocity or volumetric gas flow rate per unit
volume) from the scaleup point of view. For example, Judat
[22] correlating the k; a data set measured in reactors of dif-
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Figure 7. Overall mass transfer coefficient in the reactor arrangement with C
=0.25T. a) single impeller, b) dual impellers of the same diameter and c) dual
impellers of different diameters.

ferent volumes found that only using the kj a as a function of
the power per unit volume and the superficial gas velocity
could correlate all the data in a curve, while Schliiter and
Deckwer [24] verified experimentally the same phenome-



Table 4. k; a estimation errors with different models.

Reference Models AAE,s' |ARE, %
28 -05
Smith [23] k a = 0.000125 (%) Fr‘Re" " FI'” (2) 0.0031 14.4
g
Nocentini et al. [25] 050
K a= 0015 (&) o 0.0025 142
V]_ G
Vasconcelos et al. [28] 066
_ L) 0.0036 171
k a = 0.0062 (VL) v,
0.593
Linek et al. [29] K a — 000495 <7s> 0.0038 17.9
. Vl, ¢

non, but with the ky a as a function of the power per unit vol-
ume and the volumetric gas flow rate. Keeping these evi-
dences in mind, it can be stated that more experimental data
are necessary to elucidate which of the two approaches is
more appropriate or in which case each variable should be
used. On the other hand, Schliiter and Deckwer [24] stressed
that if one does not consider any variations of the physico-
chemical properties and takes only the dependencies of kya
on the reactor operating conditions into account, the more
recently proposed correlations all reduce to one of the two
types, namely,

P A
kpan~ (\/_;,) (UG)B 4)

L
P A Q B
w3 (%)

In view of this fact, the experimental data have been cor-
related using both forms of the model that were modified by
adding a coefficient which takes the impeller-sparger geome-
try into account. In the literature reviewed, no modification
of Cooper’s model similar to this has been reported.

A
k a= CG—%) (vg) K (6)

L

P A o B
kja=c <Vi) <Vi> K (7)
8)

The coefficients of the previous equations were deter-
mined by means of a nonlinear regression, minimizing the
sum of the squares of the residuals by a Newton method.
The correlations obtained reduce the average absolute error
and the average relative error to 0.0015 s and 8 %, respec-
tively, in both cases. The parameters of the models are
shown in Tab. 5. An example of the agreement between
measurements and predictions using the model a) is pre-
sented in Fig. 8.

The significance of all the model coefficients was tested by
an analysis of variance (a Fischer test) in which the variance
of the residuals of the complete model was compared with
the variance of the residuals of the submodels whereby one
of the coefficients was suppressed with its respective vari-
able. This way, it was verified that all the values of F, were
greater than F,;, with a confidence level of 99 %.

3.3 Overall Transfer Efficiency

The overall oxygen transfer efficiency (OTE) corresponds
to the energetic cost for transferring a given quantity of oxy-

Table 5. Fitted parameters of the correlation equations.

Model A B c h f g
DA 043 0.54 0.056 -0.50 0.07 -0.08
a)k.a=c(3t) (v,)'K
VPN 043 0.54 0.023 -0.50 0.07 -0.08
bka=e(it) (i) K
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gen into the liquid phase. The OTE variation is shown as a
function of flow number and sparger position in the systems
with different impeller configurations in Fig. 9.

In Figs. 9a) and d) it is shown that in the single impeller
configuration the small sparger located below the impeller is
the most efficient. It is necessary to point out that although
Birch and Ahmed [2] reported that in the single impeller
configuration at C = 0.33 T the sparger located level with
the impeller provides the higher gas holdup. This does not
lead to the best oxygen transfer efficiency with the reactor
geometry used in this work.

On the other hand, in Figs. 9b) and c) it can be observed
that for weak values of the Fl the sparger configuration
located between the impellers is the most efficient for the
configurations with dual impellers located at C = 0.33 T. This
phenomenon is more evident in the configuration with both
impellers of different diameters.

In order to compare in a general way the different impel-
ler configurations with regard to the OTE, the values of the
OTE obtained with all the sparger configurations for each
impeller configuration were averaged (see Fig. 10).

As can be noticed, the impeller configuration F with C =
0.25 T where the impellers have different diameters was the
most effective for transferring oxygen through the gas/liquid
interface per unit of power consumed.

In the same way, to determine the most efficient sparger
configuration, the values of the OTE obtained with all the
impeller configurations for each sparger configuration were
averaged (see Fig. 11).

As can be observed in the figure, in general, the configura-
tion with the sparger of smaller diameter located below the
lower impeller was the most efficient among all the impeller
configurations.

3.3.1 Overall Transfer Efficiency Modeling

Bouaifi and Roustan [10] proposed a model to estimate
the OTE similar to the one used by Cooper ef al. [30] to esti-
mate the volumetric mass transfer coefficient:

Al
OTE =, (;5-) (vg)™ )
L

Evaluating the prediction capacity of the model with our
experimental data, an AAE and an ARE of 0.13 kgO,/kWh
and 15 % were obtained respectively. It is necessary to point
out that the liquid height (H = 2 T) and the range of super-
ficial gas velocity (5.4 107 < vg < 18 107 ms™) used by
Bouaifi and Roustan [10] in their experiments were higher
than those used in this study. The correlation of the experi-
mental data with the model improved the fit an AAE of
0.10 kgO»/kW h and an ARE of 12 %. Taking this into ac-
count, the model was modified introducing a coefficient that
considers the effect of the impeller-sparger geometry:

Al
OTE = ¢, 10° (f&) (vg) K1 (10)
VL
where s
L
Kl = exp(hDL BB‘I:“L) (11)

In this case, the AAE was 0.07 kgO,/kW h and the ARE
9 %. The determination of the coefficients and the analysis
of the significance were done in the same way described pre-
viously for the k;a model. It is necessary to point out that
from this analysis the coefficient of the parameter IC/D is
not significant. The coefficients of the two models are shown
in Tab. 6. The agreement between the experimental and cal-
culated data is presented in Fig. 12.

4 Conclusions

The impeller configuration with an upper turbine smaller
than the lower one could have a practical use due to the bet-
ter distribution of the power drawn in the bulk reactor vol-
ume, without a dramatic increase in the power demand.

Experimental results show that the greatest values of the
overall mass transfer coefficient in the different impeller
configurations studied were obtained at low gas flow rates
for the sparger with the ring diameter smaller than the
impeller diameter and positioned below the impeller. An
exception was the impeller configuration with impeller of
different diameters located at C = IC = 0.33, for which the
arrangement of the smaller sparger located between the
impellers was the best one. On the other hand, it was stated
that at higher gas flow rates the biggest values of kja are
obtained with the spargers of large ring diameter.
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Figure 9. OTE with the following impeller configurations: with C = 0.33 T (a) single impeller, b) dual impellers of the same diameter and c) dual impellers of
different diameters) and with C = 0.25 T (d) single impeller, ) dual impellers of the same diameter and f) dual impellers of different diameters).



OT.E kg02/ kWh
T

0,8 —+—A o B
08 + ——C —a—0D
04 - —o—E —w—F
021
0,0 + + + + + + i
0 0,01 0,02 0,03 0,04 0,05 0,06 0,07

A

Figure 10. OTE averaged in regard to sparger configurations for each impel-
ler configuration.

24

201

-]

OTE,kgO2/ kW h
T

08+
—— M1 —e— P
04+ ———MF M
0,0 ¥ t t ; t : ; y
0 00 0,02 0,03 0,04 0,05 0,06 0,07

Figure 11. Overall oxygen transfer efficiency averaged in regard to impeller
configurations for each sparger configuration.

Two new models to estimate the k; a and the overall oxy-
gen transfer efficiency were proposed, which take the reac-
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The results show that, in the studied range of gas flow
rates, the most efficient impeller-sparger arrangement for
the oxygen transfer is the impeller system with turbines of
different diameters located at C =0.25 and IC = 0.5 with the
small diameter sparger settled below the lower impeller.
Other arrangements could have other interesting capabili-
ties, for example, a larger capacity of gas dispersion, which
could allow to work at higher gas flow rates without flood-
ing. This point will be verified in further work.
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tor operating conditions and the influence of the impeller- Symbols used
sparger geometry into account. The models allow to esti-
mate the k; a and the overall oxygen transfer efficiency with A, A1, B, B1,
an average relative error of 8 and 9 %, respectively. fg.h Il model exponents, dimensionless
Table 6. Fitted parameters of the correlation equations.
Model Al | Bl | c | h | g
a) Coefficients obtained by Bouaifi and Roustan [10]
e ; i - -
OTE = ¢, (_.) _ -0.50 | 0.60 | 773 | |
Coefficients obtained in this study
-0.54 0.54 798 = -
b) -0.55 0.56 157 -0.10 -046




C [m]
C* [kg m™]

c,c, K, K1 [ ]

clearance of the impeller from the
tank bottom

equilibrium concentration of the
oxygen dissolved in water

model coefficients, dimensionless

Cyi [kg m™>] oxygen concentration in the feeding
gas

CL [kgm~] oxygen concentration in the liquid
phase

CLm [kgm™] oxygen concentration measured
experimentally with the oxygen probe

D [m] impeller diameter

Feal [] calculated Fisher criterion,
dimensionless

Fub [] tabulated Fisher criterion,
dimensionless

Fl [] flow number = Qg/ND’,
dimensionless

H [m] fluid height

IC [m] clearance between impellers

kra [s7] volumetric mass transfer coefficient

m [1] partition coefficient, dimensionless

Np [] impeller power number,
dimensionless

P, P [W] power consumption under gassed
conditions

P, [W] ungassed power consumption

Q, [m®s™]  volumetric gas flow rate

T [m] bottom curvature radius

Re [1] Reynolds number = pND?y,
dimensionless

S [m] clearance from the lower impeller to
the sparger

Sq [m] sparger diameter

t [s] time

T [m] inner vessel diameter

'S [m?] liquid volume in the vessel

z [m] height from the reactor bottom

Greek letters

T [s] response lag of the oxygen probe

VG [ms™] superficial gas velocity

p [kgm™] density

Subscripts

1,2 single or two impellers, respectively

L lower

Abbreviations

AAE average absolute error
ARE average relative error
OTE overall transfer efficiency
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