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Hydrodynamics and Mass Transfer
in Gas-Liquid Flows in Microreactors

Over the last ten to fifteen years, microreaction technology has become of 
increased interest to both academics and industrialists for intensification of mul-
tiphase processes. Amongst the vast application possibilities, fast, highly exother-
mic and/or mass transfer-limited gas-liquid reactions benefit from process minia-
turization. Recent studies of hydrodynamics and mass transfer in gas-liquid 
microreactors with closed and open microchannels, e.g., falling-film microreac-
tors, are reviewed and compared. Special attention is paid to Taylor or slug flow 
in closed channels, as this regime seems to be most adapted for practical engi-
neering applications.
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1 Introduction

The use of microreaction technology for applications in pro-
cess industries has developed significantly over the last decade
as a means of process intensification. Microreactors and mi-
crostructured process equipment offer high surface-to-volume
ratios, short diffusion and conduction paths, high interfacial
areas, and strictly controlled flow conditions which allow sig-
nificant intensification of mass and heat transfer processes as
well as inherently cleaner and safer chemical production. These
features are particularly attractive for fast, highly exothermic
(or endothermic) and/or mass transfer-limited reactions as well
as high-temperature and -pressure processes occurring espe-
cially in multiphase (gas-liquid, liquid-liquid, gas-solid, liq-
uid-solid, or gas-liquid-solid) systems [1, 97, 98]. Amongst the
different applications of microreactors, a number of studies
have demonstrated the potential of this type of technology for
difficult and typically dangerous gas-liquid and gas-liquid-solid
catalytic reactions, such as the direct synthesis of hydrogen
peroxide [2], direct fluorination [3–5], three-phase hydrogena-
tion reactions [6–9], and photochemical gas-liquid reactions
[10]. In addition to the demonstrative studies on the potential
application of gas-liquid microreactors, the literature involves

now more fundamental investigations concerning the opera-
tion of these devices and their design. Much effort has been
spent to understand the links between process parameters
(equipment design and operating conditions) and the gas-
liquid hydrodynamics as well as the intensification of mass
and heat transfer. In recent years, a number of comprehensive
review articles have appeared in the literature, dealing with
various aspects of gas-liquid flows in microreactors including
flow patterns [12], Taylor flow [11, 47, 96], and mass transfer
[100].

This review focuses on comparing our data on gas-liquid
hydrodynamics and mass transfer in microreactors with those
presented in the literature and on suggesting possible direc-
tions for future work. The article is divided into two sections:
open microchannels and closed microchannels. In microreac-
tors and microstructured process equipment, open microchan-
nels are grooves in a flat plate that are open on one side to
ensure contact with the other phase. Closed microchannels are
microtunnels of arbitrary cross-sectional shape through which
both phases are contacted simultaneously. Closed microchan-
nels are more commonly used in microreaction technology,
and a large number of fundamental studies have been devoted
to better understanding the flow structure and process intensi-
fication engendered by these devices. The first section on gas-
liquid flows in closed microchannels concentrates particularly
on Taylor flow, providing insight on bubble generation, liquid-
phase hydrodynamics, pressure drop, and mass transfer. The
second part on open microchannel devices deals with the gas-
liquid hydrodynamics and mass transfer in falling-film micro-
reactors.
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2 Closed-Channel Microreactors

2.1 Flow Regimes

The gas-liquid flow regime describes the spatial
distribution of the two-phase flow in the micro-
channels and is important because it strongly
influences the performance of the microreactor,
particularly in terms of pressure drop, heat and
mass transfer. A number of flow regimes can occur,
which depend on several factors, including the gas
and liquid flow rates, the fluid properties (e.g.,
surface tension, viscosity, density), the wettability
of the microchannel wall by the liquid (i.e., contact
angle) as well as the channel size and geometry
(including the channel cross section and inlet
geometry).

A large number of experimental studies pre-
sented in the literature have been dedicated to the
study of flow regimes in small tubes and micro-
channels. An extensive review of these studies has
been published by Shao et al. [12]. Five predomi-
nant flow regimes are typically observed: bubbly,
Taylor, Taylor-annular, annular, and churn flow.
Dispersed flow, which is commonly observed in
macroscale tubes, is rarely observed in microchan-
nels. Fig. 1 presents the flow regimes identified for
air-water flow at different superficial gas and liquid
velocities (UGS, ULS) in a 1-mm diameter circular
tube [13]. Although the exact positions of the tran-
sition lines between flow regimes depend on the
gas-liquid system studied, the arrangement and
size of the regions of the different flow regimes are
representative of a large number of systems.

The type of flow regime occurring in the micro-
channel strongly influences the performance of the
operation being carried out in the reactor and it is
therefore important to be able to predict the flow
regime generated. Flow regime maps, like that
shown in Fig. 1, depict the regions in which a given
flow pattern occurs as a function of operating con-
ditions, typically the superficial gas and liquid
velocities. A number of flow regime maps for gas-
liquid flow in microchannels have been proposed in the litera-
ture (e.g., [13–21]) for various channel sizes, cross sections
(circular, triangular, square, and rectangular) and materials as
well as fluid properties. Depending on these properties, the
boundaries between the different flow regimes may be shifted
to higher or lower superficial gas and liquid velocities. This
can be seen, e.g., in Fig. 2, where the flow pattern map
obtained by Sobieszuk et al. [16] in a 400-lm glass capillary
for N2-ethanol flow is compared with that obtained by Triplett
et al. [13]. The data by Sobieszuk et al. [16] do not show the
bubbly and churn flow regimes, as the experimental system
was designed to avoid these flow conditions.

Following a detailed analysis of the literature data, Shao et al.
[12] concluded that channel size, gas and liquid superficial
velocities, liquid-phase surface tension, and channel wettability

have the most significant effect on the position of the flow
regime boundaries. The dependency of the flow regime transi-
tions on the process conditions had already been remarked by
other researchers. Akbar et al. [20] and Waelchli and von Rohr
[15] proposed universal flow regime maps based on dimen-
sionless numbers. Akbar et al. [20] suggested the use of gas
and liquid Weber numbers, which take into account phase
velocity, channel size, fluid density, and surface tension as
coordinates of the flow regime map. On this basis, the compar-
ison of literature data on air-water flows in circular and near-
circular channels with dimensions of ∼1 mm showed very good
agreement as indicated in Fig. 3. However, this may not always
be the case, as demonstrated in Fig. 4 by Shao et al. [12]. They
reported relatively poor agreement between the flow map pro-
posed by Akbar et al. [20] and other experimental data where

Figure 1. Example of a flow regime map for gas-liquid flow in microchannels.
Adapted from [13].

0.01

0.10

1.00

10.00

0.01 0.10 1.00 10.00 100.00

UG [m/s]

U
L
[m
/s
]

Figure 2. Flow regime map obtained for N2-ethanol flow in a glass capillary,
d = 400 lm, adapted from [16]. Slug flow (�); slug-annular flow (�); annular
flow (�); flow transition lines from [13] (– - –).



the channel sizes are relatively larger or smaller than 1 mm and
fluids other than air and water are used. Another universal
map is that proposed by Waelchli and von Rohr [15] which
correlates the flow regimes using the Reynolds and Weber
numbers as well as the surface roughness of the microchannel.
Although the predicted transitions correspond well with the
authors’ experimental data, only three flow regimes (bubbly,
Taylor ,and annular flow) are accounted for and, therefore, do

not correspond well with a number of other
experimental data.

It is apparent that no single universal map,
which is independent of fluid and microchannel
characteristics, has successfully been derived for
the prediction of gas-liquid flow regimes. However,
the number of studies on this topic is significant
and the compiled data as well as the various flow
regime predictions available do allow the correct
order of magnitude of phase velocities to be selected
for a required flow regime. If the boundaries
between flow patterns are considered as transition
zones that occupy a finite area on the flow regime
map, then it should be possible to correctly predict
a particular flow pattern, provided that the condi-
tions do not fall too close to the boundaries of the
flow transition lines.

2.2 Taylor Flow

Amongst the different gas-liquid flow regimes in
microchannels, Taylor flow – or slug flow – is
one of the most interesting flow regimes for
chemical engineering applications. In addition to
the fact that this flow regime is obtainable for a
large range of gas and liquid flow rates, it is also

characterized by a high gas-liquid interfacial area for
mass transfer and relatively large bubble sizes which
facilitates phase separation. Moreover, circulatory flow
patterns exist in the liquid slug that allow good radial
heat and mass transport as well as low axial diffusion,
making this flow regime highly adapted to applications
that involve heat and mass transfer between the gas and
liquid and/or the liquid and channel wall [1, 22]. Over
recent years, important work has been dedicated to
Taylor flow in order to better understand the hydro-
dynamics, heat and mass transfer occurring in such
flows, and how it enhances transport phenomena.

2.2.1 Bubble and Slug Lengths

The length of bubbles and slugs in Taylor flow has a direct
impact on the performance of the gas-liquid application
since the size of the liquid slug, which plays an important
role in the rate of liquid recirculation, and the gas and
liquid volume fractions directly affect heat and mass trans-
fer. The dependency of bubble and slug lengths on operat-
ing parameters in both small tubes and microchannels
have been studied experimentally and numerically by var-

ious researchers [16, 23–29], and a number of different empiri-
cal correlations – often based on phase holdup and dimension-
less numbers (i.e., Re, Ca, We) – have been proposed. The
agreement between these different correlations, however, is not
always satisfactory. This is attributed to the fact that different
inlet geometries with or without premixing have been
employed since the bubble and slug lengths are strongly
dependent on the size and the type of the inlet.
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Figure 3. Universal flow map for gas-liquid flow in microchannels [20].

Figure 4. Comparison of the universal flow map for flow in tubes with
diameters greater and smaller than 1 mm [12].



Therefore, the understanding of the bubble generation
mechanism and the role of inlet geometry is highly important
for correct prediction of bubble (and slug) lengths, and several
studies have focused on this subject [30–34]. Garstecki et al.
[30] proposed the squeezing mechanism for Taylor bubble for-
mation in T-junctions when Ca <0.02 such that the interfacial
forces dominate the shearing forces and when inertia is negli-
gible (Re <1). Bubble generation is controlled by the pressure
drop across the forming bubble and is composed of two stages:
the filling stage where the bubble fills the main channel, and
the squeezing stage where the liquid flow starts squeezing the
bubble neck until pinch-off. Based on the characteristic times
for the filling and squeezing stages, they proposed a simple
model for bubble length:

LG

w
� a1 � a2

UG

UL
(1)

where a1 ≈ LG,fill/w and a2 ≈ win/w.
Van Steijn et al. [31] improved this model by taking into

account the leakage flow that occurs around the forming bub-
ble in rectangular channels and that increases the bubble size.
For microchannels with square cross section, they found that
the coefficients a1 = a2 = 1.5. The same authors later developed
a complete predictive model for the size of bubbles and drop-
lets generated in rectangular microchannels of arbitrary
dimensions and demonstrated how the parameters a1 and a2

depend on the dimensions of the T-junction [32].
Pohorecki and Kula [35] later proposed a switching mecha-

nism for the formation of Taylor bubbles in Y-junction micro-
channels and, consequently, a simple model for the prediction
of bubble sizes.

LG

d
∼1 � UG

UL
(2)

This model is almost identical to the formulation given by
Garstecki et al. [30] with the difference that the gas-to-liquid
inlet width ratio is not explicitly taken into account in Eq. (2)
since the gas and liquid inlets had the same dimensions.
Furthermore, it is interesting to point out that this model
was shown to correctly represent experimental bubble
lengths obtained in microchannels with both square and
circular cross sections and for varying fluid properties for
conditions: 10 < Re <350 and Ca <<1 [16]. The model is
also in very good agreement with the correlation provided
by Qian and Lawal [28] through their numerical work that
underlines the predominant effect of the flow rate ratio on
the bubble length compared with the effects of surface ten-
sion and viscosity.

In sum, the above presented studies are in good agree-
ment with one another and demonstrate that the size of
Taylor bubbles is independent of the fluid properties and
is a function of the microchannel geometry and the gas-to-
liquid flow rate ratio only. This is of course true in the
squeezing regime only when Ca <0.02 and inertia is negli-
gible. For Ca >0.02, however, the shear stresses start to play
a non-negligible role in the breakup process. Here, the
bubbles are generated in the shearing regime and their size
is controlled by the capillary number [33]. The transitional

regime between the squeezing regime and the shearing regime
is characterized by both, the pressure drop across the bubble
(or drop) and the shear stresses [33, 36–38]. Consequently,
these authors have demonstrated that the bubble size correlates
with a combination of the gas-to-liquid flow rate ratio and the
capillary number. The limit between the squeezing and shear-
ing regimes is, however, not well defined: several authors have
found the values of the critical capillary number to be around
0.002–0.006 (e.g., [36, 37, 39]), which is an order of magnitude
lower than values defined by Garstecki et al. [30] and de
Menech et al. [33]. This highlights that the effects of fluid
properties most probably cannot be neglected for a large range
of operating conditions when predicting the bubble size for
process engineering applications. It is also interesting to point
out that most studies on bubble (or drop) sizes do not con-
sider the effects of inertia of the flow. Yet, even at very low
capillary numbers (∼10–4) with a small amount of inertia
(1 < Re <10), the bubble generation mechanism is modified
and shows no negligible dependency on fluid properties [40].

2.2.2 Hydrodynamics in the Liquid Slug

A characteristic feature of gas-liquid Taylor flow is the recircu-
lation motion created within the liquid slugs due to the differ-
ence in the bubble and liquid velocities. In the frame of refer-
ence of the bubble, this is described by stagnation points at the
bubble nose and tail, which cause flow reversal and the crea-
tion of a recirculation motion along the length of the liquid
slug as indicated in Fig. 5. This behavior – which was first pos-
tulated by Taylor [41] in 1961 and has since been confirmed by
a number of experimental studies using particle image veloci-
metry (PIV) [15, 42–45] and computational investigations
[46–49] – is the origin of the intensified mixing [43], heat
[22, 50] and mass transfer [51–53] observed in such systems.

In a straight channel, the toroidal recirculation loop is sym-
metrical about the channel center line, and the radial position
of the center of the loop center varies as a function of the cap-
illary number. As Ca increases, the center of the recirculation

Figure 5. Recirculation flow patterns in a liquid slug of gas-liquid Taylor
flow measured by micro-PIV [54].



loop moves towards the channel center line, thereby reducing
the effective volume of recirculating liquid until the recircula-
tion motion vanishes and total bypass flow occurs [42, 46, 55].
The rate of recirculation in the liquid slug has also shown to
be highly dependent on the liquid slug length and the two-
phase superficial velocity [42, 45]. These researchers have dem-
onstrated that the recirculation rate increases with decreasing
slug length and increasing two-phase superficial velocity. The
results suggest that short, fast-moving liquid slugs are prefer-
ential for intensifying transport processes. However, the limits
to this claim still need to be identified. An increase in two-
phase velocity decreases the slug residence time, thus the time
for transfer, and it also may have some impact on the liquid
film thickness and effective recirculation volume. In heat
transfer applications, if the liquid slug is too short, heat trans-
fer may be hindered due to the dominating gas holdup [22].

When the gas-liquid Taylor flow passes through channel
bends, the hydrodynamics in the liquid slug are significantly
modified compared with the flow in a straight channel
[43–45, 49]. Fig. 6 indicates that the recirculating flow is no
longer symmetrical about the channel axis and the loops vary
in size. Transverse flow (normal to the streamwise direction) is
generated in the bend due to centrifugal forces [56]. The com-
bination of this transverse flow with the recirculation loops
creates a highly complex flow, which has shown to intensify
mixing in the slug significantly [43] and provides narrow resi-
dence time distributions [57]. Fries et al. [44] and Fries and
von Rohr [49] have also reported that the asymmetry of the
recirculation loops and the strength of recirculation depend on
microchannel geometry (dimensions, radius of curvature) as
well as on the superficial velocities of the gas and liquid phases.
Although these studies have shown the development of com-
plex flow behavior in microchannels bends, a complete de-

scription and analysis of the flow in three dimensions is still
required.

2.2.3 Liquid Film

Besides the lengths of bubbles and slugs in Taylor flow, the
description of the liquid film that surrounds the bubble body
is important. The existence of this thin liquid film plays an
important role in the hydrodynamics and transport phenom-
ena. There are a number of expressions given in the literature
for the calculation of d, the thickness of the lubricating film.
The most commonly used correlations are those proposed by
Bretherton [58], Schwartz et al. [59], and Aussillous and Quéré
[60] for the flow in cylindrical capillary tubes:

d
d
� 0�67Ca

2

3 for Ca <<100 and negligible inertial effects (3)

d
d
� 0�25Ca

1

2 for Ca <10–3 (4)

d
d
� 0�67Ca

2

3

1 � 3�33Ca
2

3

for Ca <100 and negligible inertial effects (5)

In cylindrical geometries where the effects of gravity and
inertia can be neglected, the liquid film around the bubble has
a constant thickness, which increases with the capillary num-
ber. Pohorecki and Kula [35] compared the values of the liquid
film thickness returned by Eqs. (3)–(5), as indicated in Tab. 1.
It can be seen that for small values of Ca (∼10–3), all three
expressions are in reasonable agreement. However, for higher
Ca (10–2–10–1), only expressions (4) and (5) are in good agree-

Figure 6. Recirculation flow patterns (reference frame of the bubble) between two Taylor bubbles in a microchannel bend. Inset: trans-
verse flow patterns in single-phase flow induced in the channel bend.



ment, since they have been corrected for higher capillary num-
bers.

In the case of non-negligible inertia, several researchers have
reported that for a constant capillary number, the liquid film
thickness first decreases and then increases with increasing
Reynolds number [61–63]. Han and Shikazono [63] have
demonstrated that for Ca ≥10–2 the inertial force influences the
liquid film thickness around the bubbles. For low and constant
values of Ca, the dimensionless liquid film thickness does not
vary with increasing Re, as predicted by Eqs. (3)–(5). However,
for constant Ca at values ≥10–2, the liquid film globally in-
creases with increasing Re. Consequently, the authors pro-
posed two correlations based on the Ca, Re, and We:

d
d
� 0�670 Ca

2

3

1 � 1�13 Ca
2

3 � 0�504 Ca0�672Re0�589 � 0�352 We0�629

Re � 2000

d
d
�

106�0
Ca

Re

� �2

3

1 � 497�0
Ca

Re

� �2

3 � 7330
Ca

Re

� �0�672 � 5000
Ca

Re

� �0�629

Re � 2000

�6�

The interest in monolith reactors in the early 1990s and in
microreactors more recently has led a number of researchers to
investigate the liquid film around Taylor bubbles in square
[19, 23, 47, 55, 64–66] and rectangular channels [67, 68]. Due
to the presence of the channel corners, the liquid film thick-
ness around the bubble varies. Kreutzer et al. [47] presented a
correlation for the film thickness in the diagonal direction of a
square channel via the dimensionless bubble diameter such
that:

dd

dH
�

���
2

�

2
� 0�35 � 0�25 exp��2�25Ca0�445� (7)

From this equation it can be concluded that with Ca → 0,
dd/dH tends towards a value of 0.107, i.e., the bubble never
occupies the entire cross section of the channel and there is
always liquid in the corners. Furthermore, the correlation indi-
cates that the film thickness is dependent only on the capillary
number, thereby assuming negligible inertial effects.

Han and Shikazono [66] extended their experimental work
in circular capillaries to square cross-sectional microchannels

and developed a correlation for the effects of inertia on the
liquid film thickness in the channel corner dd and the center
edge dc:

dd

dH
� 0�122 � 1�22Ca2�3

1 � 7�28Ca2�3 � 0�255We0�215
Re � 2000

dd

dH
� 0�122 �

1934
Ca

Re

� �2�3

1 � 1�156
Ca

Re

� �2�3 � 6�70
Ca

Re

� �0�215
Re ≥ 2000

(8)

dc

dH
≈ 0 for

dd

dH
�

���
2

� � 1

2

dc

dH
� dd

dH
for

dd

dH
≥

���
2

� � 1

2

(9)

According to Eq. (8), as Ca approaches zero and inertia
becomes negligible, the dimensionless liquid film thickness in
the channel corner tends to a value of 0.122 which is very simi-
lar to the limiting value predicted by Eq. (7).

Few studies have focused on the liquid film thickness
around bubbles in rectangular cross-sectional microchannels.
It is expected that the film thickness at the lateral walls differs
from that above and below the bubble, depending on the
aspect ratio of the microchannel [69, 70], and these differ of
course from the diagonal film thickness. Furthermore, when
inertial effects are non-negligible, the film thickness also varies
axially from the bubble nose to tail [68]. Yun et al [68] pre-
sented two correlations from their experimental data for the
minimum and maximum values of the lateral liquid film
thickness along the length of the bubble:

dmin

dH
� 0�02 We0�62

dmax

dH
� 0�39 We0�09

(10)

2.2.4 Pressure Drop

The total pressure drop of gas-liquid flows in microchannels
includes four different values [71]:

DPT = DPA + DPB + DPG + DPF (11)

where
DPA is the pressure drop due to acceleration [17]:

DPA�G2 x2

eG qG
� �1 � x�2

�1 � eG�qL

� �
outlet

� x2

eG qG
� �1 � x�2

�1 � eG�qL

� �
inlet

� �

(12)

DPB is the pressure drop over a moving bubble due to a
change of shape of the bubble front and bubble tail [58]:

DPB � 3�58
r

d�2

����������
9Ca23�

(13)

Table 1. Comparison of the values of relative lubricating film
thickness, d/d, calculated using different literature expressions.

Ca
10–3 10–2 10–1 100

Expression

d
d
� 0�67Ca

2

3 0.0067 0.031 0.145 0.67

d
d
� 0�25Ca

1

2 0.008 0.025 0.08 0.25

d
d
� 0�67Ca

2

3

1 � 3�33Ca
2

3

0.0064 0.026 0.083 0.152



DPG is the pressure drop due to gravity [71]:

DPG

L
� �eG qG � 1 � eG� �qL�g sin �a� (14)

DPF is the frictional pressure drop [17]:

DPF

L
� f qLu2

TP
2

d
eL (15)

The pressure drop contributions defined by Eqs. (12)–(14)
can be simply calculated from the experimental conditions.
Under simplifying assumptions – quasi-homogeneous mixture
or combination of the gas and liquid pressure drops using
fitted experimental multipliers, respectively – the frictional
pressure drop may be determined using the homogeneous or
Lockhart-Martinelli models. Lockhart and Martinelli [72] pro-
posed that the pressure drop in two-phase flow can be related
to the equivalent pressure drop in single-phase flow using a
two-phase parameter U:

DPF

L

� 	
TP

� �2
L

DPF

L

� 	
L

� �2
G

DPF

L

� 	
G

(16)

where UL is correlated as [73]:

�2
L � 1 � C

X
� 1

X2
(17)

and X is the ratio:

X2 �
DPF

L

� �
L

DPF

L

� �
G

(18)

The main difficulty encountered with the Lockhart-Marti-
nelli model is the determination of the C-factor. Tab. 2 sum-
marizes different C-factor correlations used for laminar gas-
liquid flows.

Tab. 3 presents a comparison of the C-factor values obtained
for a water-nitrogen system in a microchannel (d = 0.4 · 10–3 m)
using the above correlations. It can be seen that the correla-
tions from [73, 74, 76] are in a reasonable agreement, whereas
the correlation of Lee and Lee [75] approaches the other corre-
lations only for the highest values of the Re and Ca numbers.
According to the present authors’ experience, the correlation
of Sairson and Wongwises [76] may be recommended.

It should be pointed out that the simplifying assumptions
associated with both traditional models (homogeneous and
Lockhart-Martinelli) are rather unrealistic in the case of Taylor
flow. However, these models allow a correct order of magni-
tude estimation of the pressure drop with data that is simple
to retrieve. A more rational approach (ignoring the pressure
drop in the bubble regions, applying the Hagen-Poiseuille law
for the slug regions, and adding the Laplace pressure term) has
been given by Kreutzer and co-workers [47, 102]. However,
this approach requires the knowledge of the slug length which
renders it less practical from the engineering and industrial
point of view. For this reason we limited our analysis to the
two traditional models.

2.2.5 Mass Transfer

An important advantage of microreactors for gas-liquid reac-
tions is the significant intensification of the mass transfer pro-
cesses. For illustration, a comparison of the characteristic val-
ues governing gas-liquid mass transfer in a variety of
conventional equipment and microreactors is given in Tab. 4
from Yue et al. [51]. The values in this table indicate that the
volumetric mass transfer coefficient, kLa, is 101–102 times
greater in microreactors compared with that in conventional
process equipment. However, it is interesting to point out that
this intensification of mass transfer is principally due to a huge
increase in the specific interfacial area in microstructured
devices. The mass transfer coefficient itself is of the same order
of magnitude as that obtained in static mixers and tubular
reactors.

As mentioned earlier, the most interesting regime of the gas-
liquid flow in a microreactor is Taylor or slug flow. In this
regime, a number of contributions to the mass transfer pro-
cesses may be distinguished as demonstrated in Fig. 7 and
listed as: (1) bubble to wall through film; (1a) bubble to film;

Table 2. C-factor correlations for microchannels.

Author C-factor correlation

Chisholm [73] C = 5

Mishima and Hibiki [74] C = 21[1–e(–319d)]

Lee and Lee [75] C = 6.833 · 10–8k–1.317Re0.557Ca0.719

k � l2
L

qL r d
Sairson and Wongwises [76] C = 7.599 · 10–3k–0.631Re0.008Ca0.005

Table 3. Comparison of the values of the C-factor calculated using the various literature expressions.

Re 10 100 1000

Ca 10–3 10–2 100 10–3 10–2 100 10–3 10–2 100

Chisholm [73] 5 5 5 5 5 5 5 5 5

Mishima and Hibiki [74] 2.5 2.5 2.5 2.5 2.5 2.5 2.5 2.5 2.5

Lee and Lee [75] 6.4 · 10–4 3.4 · 10–3 0.091 2.3 · 10–3 0.012 0.33 8.2 · 10–3 0.043 1.19

Sairson and Wongwises [76] 3.4 3.4 3.5 3.3 3.3 3.4 3.2 3.3 3.4



(1b) film to wall; (2) bubble to slug; (3) slug to wall; (3a) slug
to film; (3b) film to wall.

If the channel wall takes part in the mass transfer process
(i.e., due to an active wall that is coated with a catalyst, for
example), then all the above-mentioned contributions may
occur simultaneously [101]. On the other hand, if the micro-
channel wall is a passive wall, then only processes (1a) and (2)
will occur [103–105].

Van Baten and Krishna [77] proposed that the gas-to-liquid
mass transfer process may be described as:

kLa = kLCaC + kLFaF (19)

According to this approach, the overall gas-liquid interfacial
area is composed of two parts: the area of bubble ends, or caps
(aC), and the area of the lubricating film between the bubble
and the channel wall (aF) [58–60, 78]. This distinction of these
two parts is very important since the contribution of the lateral
interfacial area, i.e., at the liquid film, to the total interfacial
area may exceed 90 %. Since the lubricating layer is usually
very thin (∼10–6 m), it is easily saturated with the absorbed
component or exhausted of the liquid-phase reactant, and thus
may cease to contribute actively to the mass transfer process. A
criterion that enables to identify whether the film contributes
to the mass transfer or not was developed by Pohorecki [78].

Older correlations for the mass transfer coefficients did not
differentiate between the above-described regions. In an early
study, Bercic and Pintar [79] proposed an empirical correla-
tion for the kLa based on experimental studies of the absorp-
tion of methane in water using circular capillaries of 1.5, 2.5,

and 3.1 mm diameter. They found that kLa
is dependent on both the gas and liquid
superficial velocities as well as the length of
the unit cell (LG + LL).

kLa � 0�111
UG � UL� �1�19

1 � eG� � LG � LL� �� �0�57 �20�

In another study, Vandu et al. [80] inves-
tigated the absorption of oxygen (from an
O2/N2 mixture) in water using capillaries
of square and circular cross sections (di-
ameter 1, 2, or 3 mm). They put forward
an empirical correlation for kLa indicating
that it is dependent on the gas and liquid
superficial velocities, the unit cell length,
and also the liquid phase diffusivity.

kLa � 4�5

����������������
D UG

LG � LL



1

d
(21)

More recently, Yue et al. [51] measured
the rate of pure CO2 absorption into a buffer solution of
K2CO3/KHCO3 in a Y-type rectangular microchannel (1 mm
deep, 0.5 mm wide). They proposed a correlation for kLa using
the Sherwood (Sh), Schmidt (Sc), and Reynolds numbers for
the liquid phase and the Reynolds number for the gas phase.

ShL a d � 0�084 Re0�213
G Re0�937

L Sc0�5
L (22)

Sobieszuk et al. [52] measured the CO2 rate of absorption
from the CO2/N2 mixture into a buffer solution of K2CO3/
KHCO3 in a Y-type capillary (0.4 mm diameter). They ob-
tained lower values of kLa than those calculated from the
Bercic and Pintar [79] and Vandu et al. [80] correlations.
However, very good agreement was observed with the data of
Yue et al. [34] for lower values of the apparent liquid velocity.
Nevertheless, Yue et al. [51] observed a much stronger influ-
ence of liquid velocity. Yue et al. [81] further proposed another
correlation for kLa:

kLa � 2

d

D UG

LG � LL

� 	0�5 LG

LG � LL

� 	0�3

(23)

This correlation, based on experiments performed for a
square cross-sectional microreactor with a hydraulic diameter
of 0.4 mm, gave somewhat higher kLa values, but still in the
same range.

Sobieszuk et al. [53] measured the interfacial area for gas-
liquid Taylor flow in a microchannel of 0.4 mm diameter using
Danckwerts’ chemical method (aD). The physicochemical sys-
tem investigated was CO2 absorption from a CO2/N2 mixture
into a K2CO3/KHCO3 aqueous buffer solution containing a
hypochlorite catalyst. They also measured the interfacial area
by a photographic method. This allowed the film (aF) and
caps’ (aC) interfacial area values to be determined indepen-
dently. The total interfacial area (aT) is the sum of aF and aC.
Fig. 8 demonstrates a reasonable agreement of the values deter-
mined geometrically using high-speed photography and those
obtained using Danckwerts’ chemical method.

Table 4. Comparison of mass transfer parameters in different gas-liquid contactors from
Yue et al. [51].

Type of contactor kL · 105 [m s–1] a [m2m–3] kLa · 102 [s–1]

Bubble columns 10–40 50–600 0.5–24

Couette-Taylor flow reactor 9–20 200–1200 3–21

Impinging jet absorbers 29–66 90–2050 2.5–122

Packed columns, concurrent 4–60 10–1700 0.04–102

Packed columns, countercurrent 4–20 10–350 0.04–7

Spray column 12–19 75–170 1.5–2.2

Static mixers 100–450 100–1000 10–250

Stirred tank 0.3–80 100–2000 3–40

Tube reactors, horizontal and coiled 10–100 50–700 0.5–70

Tube reactors, vertical 20–50 100–2000 2–100

Gas-liquid microchannel 40–160 3400–9000 30–2100

(1) (1a)
(1b)

(2)
(3)

(3a)
(3b)

Figure 7. Mass transfer contributions in the Taylor flow.



Sobieszuk et al. [53] also were able to determine the values
of kLF and kLC separately. As the experimental values kLC and
kLF were found to be very close, the authors chose to correlate
them in a traditional way, using the Sh, Re, and Sc:

Sh = 0.1 Re1.12Sc0.05 (24)

Sobieszuk et al. [53] also compared their own experimental
data obtained by means of chemical and physical absorption
methods with the literature correlations (Eqs. (20)–(23)), as
presented in Fig. 9. The correlations of Bercic and Pintar [79]
and of Vandu [80] give definitely higher values of the volu-
metric mass transfer coefficient, whereas those of Yue et al.
[51, 81] ndash; although differing from each other – are closer
to the results obtained by Sobieszuk et al. [52, 53]. Taking into
account that the data from Sobieszuk et al. [52, 53] have been
obtained using both physical and chemical methods and are
close to the newest data of Yue et al. [81], these data are to be
recommended.

Van Baten and Krishna [82] simulated liquid-to-wall mass
transfer for Taylor flow in circular capillaries. Based on 46 sim-
ulations, they proposed a correlation for liquid-to-wall mass
transfer coefficients:

Shw � b
Gza

tube

� a � 0�61 Gz0�025
slug

b � 0�5

Gzslug�eG

� �0�15 � Gzslug � LL D

d2 Ub

(25)

valid in the range Gztube <0.01 which is most important from
a practical point of view. The above correlation is in reasonably
good agreement with earlier experimental measurements by
Bercic and Pintar [79] and Horwath et al. [93]. However,
further research on liquid-to-wall mass transfer would be
desirable.

3 Open-Channel Microreactors

Open microchannels typically have the form of grooves etched
or cut in a flat plate and are open from one side to ensure con-
tact with the other phase. A typical example of an open micro-
channel apparatus is the falling-film microreactor (FFMR;
Fig. 10). In the FFMR, a thin film of liquid trickles over the
grooves due to gravitational forces and is open to the gas
phase.

3.1 Hydrodynamics

The hydrodynamics of the gas phase flow in FFMRs has
received relatively little attention. Commenge et al. [83] inves-
tigated the gas-phase residence time distribution (RTD) in an
FFMR and observed that the formation of recirculation loops
at the gas inlet and a jet effect considerably increased the mix-
ing within the gas phase. They used a tank-in-series model for
the gas mixing and found that the number of CSTRs (con-
tinuous stirred-tank reactors) is a simple function of the gas
Reynolds number.

As opposed to the gas flow, the hydrodynamics of liquid
flow in FFMR have been more intensively investigated. Yeong
et al. [84] measured the film thicknesses using reflection con-
focal microscopy and observed different cross-sectional pro-
files of the liquid film surface at various flow rates and in dif-
ferent microchannels. The influence of the contact angle on
the liquid profile in microchannels was examined as illustrated
in Fig. 11 [85, 86].

According to Zhang et al. [86], the increase of interfacial
due to this effect may exceed 50 %. However, for contact angle
values higher than 30° it does not exceed 20 %. Monnier at al.
[87] investigated the film stability in FFMRs. They observed
that when the liquid flow rate is lower than the minimal liquid
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Figure 8. Comparison of interfacial area values obtained by
Danckwerts’ and photographic methods; error bars mean the
95 % confidence limits [53].
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Figure 9. Comparison of different kLa values in microchannels
[53].

Figure 10. Falling-film microreactor, produced by the Institut für
Mikrotechnik Mainz GmbH.



flow rate, the film breaks into rivulets. Zhang et al. [86] pro-
posed a means to approximate the liquid film thickness follow-
ing the Nusselt theory:

d �
��������������
3 QLmL

n w g
3



(26)

However, this theory was developed for a flat plate, and
underestimates the film thickness in a groove or channel as
explained above.

3.2 Mass Transfer

Only recently studies have been devoted to gas-liquid mass
transfer in FFMRs. Commenge et al. [8] and Sobieszuk and
Pohorecki [89] measured the gas-side mass transfer coeffi-
cients kG via the absorption of SO2 and pure CO2 in NaOH
solutions, respectively. The measured kG were in the range of
10–3–10–2 m s–1, strongly depending on the gas velocity as pre-
dicted by the correlation proposed by Obein [94]:

ShG � 0�37 Re0�84
G Sc1�3

G (27)

For lower values of gas velocity, Sobieszuk and Pohorecki
[89] observed also a slight increase of the mass transfer coeffi-
cient with increasing liquid flow rate and explained this by the
fact that the gas phase may be accelerated by the liquid flow.

The liquid-side mass transfer coefficient in FFMRs has been
investigated using both experimental and computational tech-
niques. Zanfir et al. [90] firstly modeled the process of CO2 ab-
sorption into sodium hydroxide solutions using a 2D model
with no adjustable parameters, then compared the results with
experimental data and found a good agreement. Chasanis et al.
[91] and Al-Rawashdeh et al. [85] simulated the same system
using a rigorous 2D model and a pseudo-3D model, respec-
tively. Both approaches provided results which were in reason-
ably good agreement with the experimental data. The kL values
in an FFMR were measurement by Zhang et al. [86] and
Sobieszuk et al. [92]. Both groups used a CO2-NaOH system.
The values obtained by both groups are in very good agree-
ment and ranged from 7 · 10–7 to 13 · 10–5 m s–1. This is some-
what higher than predicted by the Higbie formula:

kL � 2

�������
D

p s


(28)

Since the contact time between the gas and the liquid in
FFMRs is relatively long, and, therefore, the liquid-side mass
transfer coefficients are relatively low, an interesting question

arises, whether the interfacial tension-driven cells may develop
in the limited space of a microchannel. This phenomenon,
which is called the Marangoni effect, might significantly
increase the mass transfer rate. One way of approaching this
problem is to measure the mass transfer rate in a microreactor
using a system known to exhibit the Marangoni effect in the
macroscale and to compare this rate with the value determined
for the analogous process without this effect. Sobieszuk et al.
[92] investigated the CO2 absorption in aqueous solutions of
monoethanolamine in an FFMR as a typical example of a pro-
cess in which the Marangoni effect is observed in larger appara-
tus, e.g., wetted columns and packed columns. They found a
significant enhancement (up to four times) of the absorption
rate in the FFMR and concluded that convection cells can devel-
op even in the limited space of a microchannel. Similar effects
were observed in packed columns by Warmuzinski et al. [95].

4 Conclusions

A large number of studies have been dedicated to both gas-
liquid hydrodynamics and mass transfer in microreactors and
microstructured equipment. Most of these studies have focused
on flows in closed microchannels (or small tubes), whilst open-
channel devices, such as falling-film microreactors, have
obtained less attention. Obviously, fundamental knowledge,
especially in the area of closed-channel gas-liquid flows, already
exists and many aspects are generally well understood. Never-
theless, some gaps in the knowledge are still remaining:
– Despite the large number of studies concerning character-

ization and prediction of gas-liquid flow regimes in closed
microchannels, no completely universal flow map exists.
Nevertheless, a large amount of data exists in this area there-
by making it possible to select the correct order of magni-
tude of phase velocities for a required flow regime.

– Amongst the different flow regimes, Taylor flow is probably
the most suitable for industrial applications due to the fact
that it can be obtained for a wide range of flow conditions,
it has a relatively high interfacial area, and it offers interest-
ing flow patterns which promote heat and mass transfer
processes.

– Simple mechanisms for the generation of Taylor flow have
been proposed and allow a reliable prediction of bubble and
slug lengths which depend uniquely on the gas and liquid
flow rates and channel dimensions if the capillary number is
low and inertial effects are negligible. However, when inertia
cannot be neglected, the effects of fluid properties most
probably cannot be neglected for a large range of operating
conditions when predicting the bubble size for process engi-
neering applications.

– The recirculation motion generated in the liquid slugs of
Taylor flow in straight channels has been largely character-
ized by both experimental and numerical techniques. In
meandering channels, this flow proved to become much
more complex, however, the 3D aspects of this flow still
require complete description and analysis. This may be pos-
sible with the development of 3D simulations or experimen-
tally using advanced techniques such as stereo- or confocal
micro-PIV.

GAS
LIQUID FILM

GRAVITY

Figure 11. Schematic view of the microstructured plate [85].



– The liquid film thickness surrounding the body of the Taylor
bubble in both circular and square cross-sectional channels
(or tubes) has been extensively well documented and a
number of correlations exist. The variations in film thick-
ness in rectangular cross-sectional channels are not well
characterized.

– The pressure drop in Taylor flow may be correctly estimated
by the Lockhart and Martinelli model for engineering pur-
poses despite the associated assumptions, and a number of
correlations for the C-factor are available. For the C-factor,
the correlation by Sairson and Wongwises [76] is recom-
mended.

– The description of gas-to-liquid mass transfer in Taylor flow
must take into account the contribution of two different re-
gions: the bubble caps and the lubricating liquid film. The
measurements of the interfacial area performed using both
physical and chemical methods indicate that for a suffi-
ciently high Reynolds number both regions are active in the
mass transfer process.

– The liquid-side volumetric mass transfer coefficient ob-
tained in microreactors is one to two orders of magnitude
greater than in conventional equipment. This increase is
predominantly due to an increase in the specific interfacial
area available for the mass transport process.

– Characteristic information on the operation of open micro-
channel devices, and in particular FFMRs, is relatively scarce
compared with closed-channel devices. The Nusselt formula
can be used as the first approximation of the liquid film
thickness in FFMRs, however, it underestimates the value in
grooved plates by about 10–30 %.

– The values of the liquid-side and gas-side mass transfer coef-
ficients in FFMRs are in the ranges of kL from 7·10–7 to
13·10–5 m s–1 and kG from 10–3 to 10–2 m s–1, respectively. The
kL values may by significantly increased by the Marangoni
(interfacial) effects.
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Symbols used

a [m2m–3] interfacial area per unit channel
volume

C [–] coefficient in the Lockhart-
Martinelli model

Ca [–] capillary number, two-phase,
UTPlL/r

d [m] diameter
D [m2s–1] diffusivity
f [–] friction factor
g [m s–2] gravitational acceleration
Gzslug [–] Graetz number for liquid slug,

LLD/(d2Ub)
Gztube [–] Graetz number for tube,

L(1–eG)D/(d2Ub)
kG [m s–1] gas-side mass transfer coefficient
kL [m s–1] liquid-side mass transfer coefficient
kS [m] surface roughness
kW [m s–1] liquid-to-wall mass transfer

coefficient
L [m] channel length
LG [m] bubble length
LL [m] liquid slug length
n [–] number of microchannels
DPA [Pa] pressure drop due to acceleration
DPB [Pa] pressure drop due to change

of shape of the bubble
DPF [Pa] frictional pressure drop
DPG [Pa] pressure drop due to the gravity
DPT [Pa] total pressure drop
Q [m3s–1] flow rate
Re [–] Reynolds number, UTPdqL/lL

ReG [–] Reynolds number, gas phase,
UGdqG/lG

ReL [–] Reynolds number, liquid phase,
ULdqL/lL

ScG [–] Schmidt number, gas phase,
lG/(qGD)

ScL [–] Schmidt number, liquid phase,
lL/(qLD)

ShG [–] Sherwood number, gas phase,
kGd/D

ShL [–] Sherwood number, liquid phase,
kLd/D

ShW [–] Sherwood number,
liquid-to-wall, kWd/D

U [m s–1] superficial velocity
Ub [m s–1] bubble velocity
w, win [m] width of microchannel,

microchannel inlet
We [–] Weber number, two-phase,

UTP
2dqL/r

WeG [–] Weber number, gas phase,
UG

2dqL/r
WeL [–] Weber number, liquid phase,

UL
2dqL/r

x [–] gas mass fraction
X [–] Lockhart-Martinelli parameter

Greek letters

a [–] parameter in Eq. (25),
a = 0.61(Gzslug)0.025

a1, a2 [–] parameters in Eq. (8)



b [–] parameter in Eq. (25),
b = 0.5(Gzslug/eG)–0.15

d [m] liquid film thickness
e [–] holdup
k [–] parameter, k= lL

2/(qLsd)
q [kg m–3] density
l [Pa s] dynamic viscosity
r [N m–1] surface tension
s [s] Higbie contact time
m [m2s–1] kinematic viscosity
� [–] two-phase multiplier in the

Lockhart-Martinelli model

Subscripts

c center
C cap of Taylor bubble
d diagonal
D Danckwerts’ method
F liquid film
G gas phase
L liquid phase
TP two-phase (gas + liquid)
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