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Abstract

A reactor model for the gas-phase production of ethylene has been developed to investigate the
effects of condensed mode operation, i.e., reactor operation in the presence of an induced
condensing agent (ICA). The ICA not only improves heat evacuation from the reactor, but it also
has a thermodynamic effect on the ternary system ethylene/ICA/polymer (such as co-solubility
and co-diffusion), which are often overlooked. The proposed model is based on the
compartmentalization of a fluidized bed reactor into a series of interconnecting CSTR tanks. It
includes three major lengths-scales: micro-scale (polymerization Kinetics, molecular weight
distributions), meso-scale (ternary thermodynamic model, single particle model, droplet
evaporation) and macro-scale modelling (populations balance equations). A criteria for defining
compartment height based on the modelling objectives of this work is also proposed and the
effects of number/height of compartments in the model predictions are studied. The model is
validated with patent data and shows good agreement with two sets of data from different
sources. The effects of two ICA (n-pentane or n-hexane) are studied and the results show that
increased ICA liquid content leads to less steep temperature profiles and increased production
rates. The effects of other operating conditions such as hydrogen content, operating temperature,
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liquid droplet size, polymer recovery height and liquid injection height are studied. They all
showed good agreement with the available experimental results found in the literature. A scale-

down exercise was also carried out where industrial and pilot scale reactors are compared.

1 Introduction

Polyethylene is the most widely produced thermoplastic in the world. The reactors for its
production have obviously been the target of multiple modelling [1]-[4]. Industrial processes for
PE production in gas-phase predominately use one or more fluidized bed reactors (FBR,
seeFigure 1), where a feed stream containing ethylene, hydrogen and other monomers, along with
inert gases, is fed at the bottom of the reactor through a distribution plate (and occasionally
through nozzles placed inside the lower portion of the reactor). The catalyst (or prepolymerized)
particles are fed to reactor just above this plate, where they are contacted with the monomer(s)
and a highly exothermic polymerization reaction takes place. The unreacted monomer(s),
hydrogen and inerts are recovered at the top of the bed after a disengagement zone, which is
meant to ensure that the gas does not carry solid particles into the recycle loop. The recycled
vapors are purged, compressed, and cooled. Make-up monomer, hydrogen, and eventually other
compounds are introduced before feeding this stream back into the reactor. The newly formed
polymer is recovered at the bottom of the bed through one or more discharge valves, and is fed

into a series of degassing tanks.
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Figure 1. Schema of a typical polyethylene polymerization process.

Recent advances in catalyst technology have made it possible to produce several tens of
kilograms of polymer per gram of supported catalyst. This, combined with the highly exothermic
nature of the reaction means that heat evacuation can be a challenge, and the upper limit on
polymer production rates (space-time yield) is often imposed by the amount of heat that can be
removed from the reactor. It is widely thought that most of the heat generated in the polymerizing
particles is removed by convective heat transfer between the particles and the gas phase as the
latter rapidly flows through the bed of hot particles. To further enhance the heat removal, the
inlet temperature of the gas can be lowered, but only to a certain point as large temperature
gradients in the reactor should be avoided for reasons linked to polymer quality, and the fact that
if the bed is too cold, the productivity will drop. Another means of improving heat transfer might

be to manipulate the gas velocity, although this is not practical for reasons linked to the



fluidization of the particles. If the velocity is too high, the particles are pneumatically conveyed
out of the bed which can cause problems downstream, and if it is too low, the bed will collapse.
An alternative to these two solutions presents itself when the physical nature of the feed stream is
altered. The heat capacity of the gas stream can be increased by adding inert alkanes, like
propane or isomers of butane, pentane or hexane. If such compounds are added in the vapor
phase, the reactor is working under super-dry mode. Even more heat can be removed if the
reactor is operating under condensed mode, where a fraction of these inert compounds is
condensed before being fed to the reactor. For this reason, the inert alkanes are known as
Induced Condensing Agents (ICA). In condensed mode, the liquid is sprayed into the reactor in
the form of small droplets. As soon as the liquid droplets reach a warm spot in the reactor they
evaporate, thereby providing local cooling where it is needed. The portion of the bed containing
a 3-phase mixture (gas, solid, liquid droplets) will depend on the inlet temperature, amount of

liquid in the feed, and the dew point of the feed stream.

However, adding ICA has more consequences than simply improving the heat removal. It has
been shown experimentally that adding an ICA has a measurable effect on the observed rate of
polymerization [5]-[7]. It turns out that the well-known co-solubility effect, where the
concentration of ethylene in the polymer amorphous phase is increased by the presence of a
heavier hydrocarbons, can increase the rate of polymerization and the average molecular weights
[5]-[9]. Furthermore, it has been shown that the presence of ICA in the amorphous polymer
phase can also effect the mass diffusion in the polymer: as the ICA swells the polymer particles,
it effectively increases the polymer free volume, which aids in the transport of monomer(s) from
the particle surface to the active sites [8], [10]. While the following issues will not be discussed

in this paper, it should be pointed out that the ICA also acts as a plasticizer, which is proven to



slow the crystallization rate [11]. Furthermore, a decrease in the melting point caused by the
presence of ICA can cause particles to be stickier and therefore increase agglomeration in the

reactor [11][12].

Given their commercial importance, gas phase polymerization processes have been the target of
multiple modelling efforts. The advantages and disadvantages of these different approaches have
been discussed in various review articles [1]-[4], [13], [14] which the reader is referred for a

detailed discussion. The general conclusions we draw from these modelling studies are:

1. For certain applications the well mixed simplification (i.e. the powder phase of the FBR
can be treated as an ideal continuous stirred tank reactor — CSTR) works well. For
instance, it can capture the over impact of changing feed rates and compositions, or
changes in the average reactor temperature on productivity and average polymer
properties. It cannot be used to predict variations in temperature and composition in the
bed.

2. Two phase models, which allow for the separate exist of bubble (gas) and emulsion
(dense powder with the gas phase at the minimum fluidization velocity) can provide
slightly more detail, in particular about heat transfer if one allows the bubble size to
change as a function of bed height.

3. In order to capture more complex phenomena, more complex models are required. For
instance, dividing emulsion and/or bubble phases up into compartments allows one to
estimate temperature gradients in the reactor, and thus to obtain a more accurate picture of
the evolution of polymerization rate and polymer properties, as well as phenomena such
as bed segregation. In theory, the use of compartmentalized models will also allow one to

include two- and three-phase regions in a reactor model.



4. The importance of including a separate bubble phase in the compartmentalized models is
not obvious. There appears to be limited impact on the heat removal in the reactor, but
this depends on a number of adjustable parameters, and eventually on the inclusion of a
limited fraction of the powder phase in the bubbles themselves.

5. There are very few models that account for the impact of gaseous ICA, and even fewer for
the presence of liquid ICA in the reactor. Mirzaei et al [15] employed the SL-EoS for the
calculation of ethylene concentration at the active sites in a super dry FBR, but their
thermodynamic model was only applied in a binary fashion, which left out the co-
solubility effect. Others [16], [17] developed a compartmentalized model with a plug flow
compartment at the bottom and one large CSTR-like compartment above it to account for
liquid evaporation at the bottom of the reactor, but no thermodynamic model was used to
include the impact of ICA. It appears that only Alves et al. [18] included the impact of
adding an ICA during the homopolymerization of ethylene while accounting for the co-
solubility effect. The simplified single phase CSTR approximation worked well in
predicting the increase in productivity, and decrease in catalyst mileage due to the co-
solubility effect [19]. However, the authors did not attempt to look at the impact of ICA
on polymer properties, nor did they include a single particle model, temperature gradients

in the bed or condensed mode operation.

In the current paper we have developed a model of a gas phase fluidized bed reactor to
investigate the effects of ICA during ethylene polymerization in dry, super dry and condensed
modes of operation. The model includes the compartmentalization of the bed, which allows to
include temperature gradients in the reactor, coupled with a single particle model and a ternary

thermodynamic model (SL-Eo0S) in order to describe the impact of ICA on solubility of ethylene



and on ethylene diffusion in the particles. Population balance equations (PBE) are included to
account for the impact of particle size on the polymerization rate, bed segregation and on particle
elutriation. Finally, a droplet evaporation model to account for the phase change of the ICA

introduced to the reactor.

2 Model Development

As we wish to predict the distribution of liquid droplets in the reactor, and to understand the
influence of ICA on the temperature profile of the bed, the reactor model will treat the FBR as a
cascade of interconnected compartments, where each compartment is assumed to behave like an
ideal continuous stirred tank reactor (CSTR). The compartments contain only the emulsion phase
(particles and gas). The model does not account for heat and mass transfer between the emulsion
phase and gas bubbles that most likely form in the FBR. As mentioned above and described by
Alves et al. [1], a separate bubble phase as the uncertainty in terms of estimating bubble size, and
mass and heat transfer between bubble and emulsion phase adds additional complexity to the
model that is not warranted in terms of the understanding obtained from the model. As it will be
shown below, treating the FBR as a cascade of “emulsion” CSTRs can adequately describe the
dynamics of the polymerization in such a reactor. Finally, although compartmentalization has
been used in previous studies (e.g. [20]-[22]), it seems that there has been no real discussion on
how to determine the compartment size. Therefore, the developed model includes bed

compartmentalization based on a well-defined criterion.

To model the FBR, we need:

1. A kinetic model to describe the rate of polymerization and polymer properties as a

function of temperature and composition.



. A thermodynamic model for diffusion and absorption of multicomponent mixtures in the
polymer phase of the particle covering the active sites.

. A model for transport of the sorbed species in the growing polymer particles to determine
the concentration of monomer at the active sites, and ideally a heat transfer model to
follow the particle temperature and the amount of heat released into the continuous phase
of the reactor.

. A population balance model to account for the impact of the particle size distribution and
to estimate phenomena such as elutriation and bed segregation under different reactor
conditions.

. A model for droplet evaporation. In condensed mode cooling, portions of the reactor
volume contain 3 phase mixtures of vapor, particles and evaporating liquid droplets. It is
important to understand where the droplets are in the reactor as this will have an impact
on the local temperature among other things.

. A model for the residence time distribution of the particles in the reactor (e.g. the

compartment model presented here).

The final point is the crux of the current paper, but it is necessary to discuss the first three points

as they will have an important impact on how the reactor behaves.

Model Compartmentalization

In the present model the FBR is divided into n compartments and each compartment is modelled

as a CSTR, as shown in Erreur ! Source du renvoi introuvable. (a). A gaseous stream, made

up of ethylene, hydrogen, nitrogen, and ICA is fed to CSTR 1. Condensed ICA can be injected at

any point in the reactor, although it is a common practice that this is injected at the bottom of the

bed alongside the gas. While the polymer is shown being recovered from CSTR 1 in this Figure,
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it can be assigned to any of the compartments in the model. Similarly, the catalyst or prepolymer
stream can be fed to any CSTR compartment as well. In each compartment, the gas fluidizes the
bed of particles, and drags a portion of the polymer to the compartment above, while the
remaining particles fall to the compartment below. Once the gas and solids reach the
disengagement zone, the superficial gas velocity drops due to a larger reactor diameter. As a
result, the majority of the solids that enter the disengagement zone fall back into the fluidized bed
(CSTR n), but a small fraction can eventually leave the reactor, entrained by the gas. Erreur !
Source du renvoi introuvable. (b) is a simplification of Erreur! Source du renvoi
introuvable. (a), where the particles are not allowed to fall from one compartment to the
compartment immediately below, rather they are always dragged to the compartment above.
Once the solids reach CSTR n, a fraction moves up to the disengagement zone, dragged by the
passing gas, while the remaining solids fall directly to the bottom of the reactor (CSTR 1) [23].
This simplification allows one to significantly reduce computation times and reduce the number
of streams between compartments, but at the cost of a less realistic picture of FBR operation. In
this work, a comparative exercise is performed which allows to see the difference between the

two approaches.
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Figure 2. Diagram of the modelling structures for: (a) complete model and (b) simplified model.

2.2 Kinetic Modeling

The kinetics of gas-phase polyethylene polymerization over heterogeneous Ziegler-Natta catalyst
has been extensively studied [2], [14], [24]-[27]. As the goal of the present study is to better
understand how ICA is distributed in the reactor and its influence on things like the temperature
profile of the bed, production rate and trends in terms of how the ICA can influence the
molecular weight, a simplified kinetic scheme has been employed to describe the polymerization

kinetics over a multiple-site Ziegler-Natta catalyst. We have therefore not included site activation
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and deactivation reactions, transfer to alkyl, etc. in the kinetic scheme. The main steps included

here are shown in Table 1.

Table 1. Mechanism for hydrogen effect on the polymerization rate of ethylene [24]. The

subscript k represents the active site type.

Step Chemical Equations Rate Constant ~ Description

Main polymerization reaction step. The

active chain of length n, P¥, reacts with an

Propagation PF+ M - Pk, ky
additional monomer  molecule, M,
increasing its chain length by one.
Growth termination reaction of live
polymer chains, forming dead polymer
Transfer to H, Pk + H, - Pk + Dk kk,
chains, D¥, and generate low-reactivity
metal hydride sites, P.
Initiation of PX sites with monomer, which
Initiation of Pk Pk+M — Pk kk,

starts a new live chain, PJf

Equation (1) describes the polymerization rate, Rp,(Rp = mol - meg 3 -s‘l) according to the

steps in Table 1.

KE[M]
Ry = ) IS AT (1)

Where [S*] is the concentration of active sites of type k and N is the number of different active

sites considered. The Kkinetic parameters considered in this study are shown in Table 2. It is
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important to mention that the effect of temperature on propagation rate constant was accounted

for by using Arrhenius Law.

Table 2. Kinetic Parameters used in this study [24], [28].

Units Active site 1  Active Site 2

kX, m’/(mol.s) 180 220

Ek J/mol 42000 42000
kK, m?*/(mol.s) 0.07 1.01

Kk, m*/(mol.s) 2 4

Initial Catalyst Active Site
mol/m?; 0.52 0.52
Concentration (Co*)

Active site fraction O] 0.3 0.7

The instantaneous molecular weight distribution for a multiple site can be easily obtained from

the following equations [24]:

Ny

w;(r) = Z my ;(2.3026 727y, ;e ki) @)
k=1

Where j is the compartment number,  number chain length and m; ; and 7, ; are obtain with
equation Erreur! Source du renvoi introuvable.a) and Erreur! Source du renvoi
introuvable.b).

Ry k

My,j = ZNS R
j=1"p.j

(22)
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_ kfylH,]
Ty = K] (2b)

The above equations provide a description of the instantaneous molecular weight distribution in a
given compartment. To account for the different conditions in each compartment, the molecular
weight distribution of the recovered polymer is obtained as per expression (3)Erreur ! Source

du renvoi introuvable., if the elutriation is negligible:

N
j=1 ’

Where Q,,,,; is the polymer production rate in each compartment.

2.3 Thermodynamic Model

The presence of ICA changes the solubility of ethylene in the amorphous phase of the polymer
through a phenomena known as the co-solubility effect [29]-[31]. This means that even if the
solubility of binary systems can be modelled with simple models like Henry’s law under certain
conditions, the thermodynamics of polymer systems is in fact non ideal. In cases such as those of
interest in this work, it is necessary to use a thermodynamic model that accounts for interactions
between the different components as soon as more than one penetrant is considered.  As
mentioned above, Alves et al [18] have shown that adding reasonable quantities of an ICA can
reduce the average residence time of the reactor by more than half because of the co-solubility
effect. Furthermore, the authors have shown that not accounting for the solubility effects results
in predicting the wrong trends in terms of production rate and catalyst mileage when comparing
different ICAs. Therefore, accurately modelling the solubility of ethylene and how its effected by
the presence of the ICA is of the upmost importance. In this work, the ternary system

Ethylene(1)/ICA(2)/PE(3) was modelled with the Sanchez-Lacombe Equation-of-State (SL-E0S).
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The polymer chains are treated as a set of connected beads on a lattice, where the presence of
empty sites is permitted in the lattice, but the lattice size is fixed [32]. Consequently, changes in

volume are controlled by changes in the number of holes [33].

For a polymer liquid, the SL-E0S in terms of reduced variable is given by:

_ 1
ﬁ2+P+T-[ln(1—ﬁ)+(1—;)-p_]=O 4)
Where g, P, T are the reduced density, pressure and temperature, and are defined as:

T=T/T*, P=P/P", p=p/p* (5)

Here, T*, P* and p* are, respectively, the characteristic temperature, pressure and close-packed
mass density, which completely characterize a pure fluid. r is the number of sites a molecule
occupies in the lattice. Any thermodynamic property can be utilized to determine these
parameters, but several authors have published tables where these molecular parameters are made

available [32]. This (and other equations of state) rely on a set of interaction parameters, k;;, that

j
need to be established for each system (polymer + penetrants) of interest. The k;; is dependent on
the solute(s)-polymer system used and correlated to the temperature and can be fitted when
experimental data is available [33]. Solubility data is often used for this end as it is commonly
found for binary systems, and while it is still scarce for more realistic mixtures, some data can be
found for ternary systems [34]. Details regarding the SL-EoS parameters and solution strategy

can be found elsewhere [28], [35]. The values of k;; used in this work were taken from the

correlations made available by Alves et al [10] and the values presented by Ben Mrad [34].

2.4 Single Particle Modeling
Gas phase polymerization of ethylene is performed using supported catalysts (or prepolymerized

supported catalysts). As soon as the particles are injected into the reactor, polymerization begins
14



on the surfaces of the pores of the support, immediately covering the active sites with a layer of
polymer. As the polymer layer accumulates, the initial support material fragments, and, ideally,
the catalyst particle is transformed into a single polymer. Monomer(s), hydrogen, and other
materials continue to sorb in the polymer layer, diffuse to the active sites where the
polymerization continues until the particles are withdrawn from the reactor. As more polymer
accumulates, the particle grows by expansion. Mass and heat transfer effects can be important in
determined concentration and temperature profiles in the growing particle, and as these can be
influenced by the amount and type of ICA present in the system, it is important to include particle

level models.

To estimate the concentration profile in the particles, the well-known diffusion reaction equation

was used:
aC;y 10 (,0Cy, (6)
o Diers ﬁﬁ(r ar ) R

boundary conditions are:

0C;
L(r=01t)=0 (©a)
ar
ac; 6b
Di,effa_;,p(r =R.(0)) = Sipal (66)
Initial Condition:
Cip(r,t =0) = Sipa (6¢)

Where C;, is the evolving concentration of species inside the pore space of the pseudo-
homogeneous phase that makes up the particle, t is the polymerization time, r is the radial

position in the particle, D; ¢ is the effective diffusion of the species in the macroparticle (i.e.

through the pseudo-phase composed of pores and polymer), and R, is the polymerization rate.
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Sipor 1S the solubility of a given species in the polymer phase, given by the Sanchez-Lacombe
EoS. Equation (6) was applied to both ethylene and hydrogen, to obtain their concentrations at

the active sites.
The effective diffusion is the result of two complementary processes:

e Diffusion of the gases though the particle’s pores;
e Diffusion of the penetrants the solutes through amorphous phase of the semicrystalline

polymer (the crystalline phase is considered to be impenetrable [36]).

The effective diffusion was calculated as described by Kanellopoulos et al [37]:

Diess = —Dig + (1 = )1 + 38D ™

where T is the tortuosity factor and ¢ is the particles porosity, D; , diffusivity of species i in a
multicomponent gaseous system, calculated according to Chapman-Enskog theory [38] and
shown in supporting information. D;,,, is the diffusivity of penetrant i in the semicrystaline
polymer, calculated according to Alves et al.[10]. It is important to note that the ICA has been
shown to increase the diffusivity of ethylene in the amorphous phase of the polymer, so this
effect needs to be accounted for better model predictions [10]. However, the diffusion of
hydrogen is assumed to be unaffected by the presence of ICA and has been calculated for the
system hydrogen/polymer. The value of 7 is assumed to be 10, which has been used in the past

for compact PE particles. [39][40].

Similarly, the temperature profile of the particles was obtained:

aT, 19 ( 0T, (8)
Pl 3¢ cﬁ@( 6_r>_ (AH )R,
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Boundary Conditions:

aT,
—@r=0,t)=0
ar

. (8a)
ke, (= Ru(0),6) = h(Ty = T,)
Initial Condition: (8b)
Ty(r,t =0) = Ty

(8¢)

where p, is the particle density, C, the heat capacity of the particle, T, the local particle
temperature, k. the particle effective thermal conductivity and AH,, the heat of polymerization.
T, the bulk temperature and T, , is the initial particle temperature. The convective heat transfer

coefficient, h, was calculated with the Nelson-Galloway correlation as suggested by Floyd et al.

[41], shown in supporting information. k. is assumed to be 0.48 W/(m K) [36].

2.5 Population Balance Equations
Continuing with the assumption that the compartments are perfectly back-mixed CSTRs, if no
agglomeration or attrition is considered, the steady state population balance equation for the

particles that ranges in size from D to D + AD is given as [42]:

compartment with size by polymerization compartment with size

( particles entering > (particles growing ) ( particles exiting )
+ —
between D,D + AD to size D,D + AD between D,D + AD

by polymerization due to elutriation

(particles 0utgrowing> (particles exiting compartment) 9
— — =0
a size D,D + AD with size between D,D + AD

It is important to note that, due to the well-mixed assumption, the particle size distribution of the

particles in the polymer recovery stream will be identical to that of the compartment where the

17



stream is recovered. Furthermore, equation (9) shows that elutriation is only possible from the n
CSTR compartment (top of the bed). For all other compartments, there is no elutriation.
Expressing the terms of equation (9) as a function of number density and the corresponding mass
flowrate in the different streams, equation (10) can be obtained [43]:

d[1h(D)Pour,;(D)]
dD (10)

3Whea,j

Fin,jPin,j(D) + Tlp(D)Pout,j(D) - Fout,jPout,j(D) - Wbed,j

— Fp P, j(D) =0
Where F represents a mass flowrate, P represents a number function density, D is the particle
diameter, w4 is the compartment bed weight (which depends on compartment height) and
Y (D) is the rate of particle growth. The subscripts in and out represent respectively, streams that
enter and exit the compartment. The subscript e refers to the elutriation stream and j refers to the

compartment number.
Equation (10) can be numerically solved when its terms are determined as follows:

e Rate of particle growth [42][21]:

3

D; i
VOEE 2

A—op7p ()

Where D; is the initial particle diameter, ¢ is the particle porosity, p is the particle density

and Ry, is the reaction rate.

e Flux of particles carried out of the bed due to entrainment [22], [43]:

Fe,jPe,j(D) = WbedKe(D)Pout,j (12)

Where K, is the elutriation rate constate, given as [43], [44]:
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5.4'ut Abed
= 23. - 1
K, = 23.7pguq exp( ” )Wbed (13)
e To account for particle size distribution in the feed stream [42]:
D
Poutj = f Poyt,j(D, Dy) Py, j(D;) dD; (14)
Dmin

Where D,y is the smallest particle that grow to size D, Py, ;(D,D;) is the fraction of
particles of size D grown from particles of size D; and Py, ;(D;) is the fraction of particles

of size D; on the inlet feed.

The steady state population balance could be obtained (equation (15)) by substituting equations
(11) to (13) in equation (10). This equation, applied to each compartment, has been numerically
solved following the approach of Selguk et al.[45].

dPout,j(D) _ 1

— Pout,j (D)
dD Wheq,j ¥ (D)

D

(Fin,1Pinj (D) = Fout,iPout,; (D) = Fe,jPe,;(D)) + (15)

2.6 Compartment height

Since the objective of this work is to model the effects of ICA on reactor operation, it is of
interest to be able to model the distribution of liquid in the reactor when running in fully
condensed mode, the axial temperature profile in the bed, as well as the co-solubility effects on
the solubility of ethylene in the amorphous polymer. As discussed above, the gas solubility in the
polymer and the Sanchez-Lacombe interaction parameter (k;;) are dependent on the temperature.
We propose to define the compartment height in such a way as to ensure that the temperature
changes between inlet and outlet of each compartment does not provoke a difference of more

than 10% in the solubility of ethylene in the amorphous polymer.
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The changes in ethylene solubility as a function of temperature in the ternary system ethylene/n-
pentane/polyethylene calculated are shown in Figure 3. The partial pressure of ethylene is kept
constant at 7 bar. The pressure of n-pentane is equal to the vapor pressure at each temperature,
because as shown by Zhou et al. [16], the biggest gradient of temperature occurs at the bottom of

the bed, where the gas-liquid-solid phases co-exist.

0,0180
0,0160
0,0140
0,0120

0,0100

Ethyelene Solubility (g/g,,)

0,0080

0,0060
45 65 85
Temperature (°C)

Figure 3. Relationship between the solubility of ethylene in the amorphous phase of the polymer
and temperature. The line represents the calculated values for ethylene solubility, obtained with

the SL-E0S, while the dots represent variation in 10% in solubility.

Analyzing the data in Figure 3, it is possible to see that at lower temperatures, changing the
temperate by 5°C provokes a change of 10% in the solubility of ethylene. Taking into account the
industrial bed temperature profiles presented by Zhou et al [16] and in patent [46], the bed height
was discretized in such a way that the maximum temperature difference between intervals is 5°C.
Figure 4 shows the temperature profiles in the bed in respect to bed height for the case of dry
mode (i.e. no ICA present) operation, where the heat transfer is the least favorable and therefore

has the steepest temperature increase at the bottom of the reactor. The continuous line shows the
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industrial data while the dots represent the 5 °C increments in the bed temperature, and denote

where a new compartment should start.

Bed Temperature (°C)

50 by
0,00 2,00 4,00 6,00 8,00 10,00 12,00
Bed Height (m)

Figure 4. Temperature profiles in the bed for dry mode (data published by Zhou et al [16]). The
red dots represent 5°C increments in the temperature and represent the height of the

compartments.

Figure 4 shows that the bottom of the reactor, where the gas-liquid-solid phases co-exist, needs to
be modelled with at least 6 compartments. To ensure that the top compartment has no liquid, i.e.
only gas and solid phases are present, an additional compartment has been added. The height of
the compartments used in this work is given in Table 3. The total bed height was chosen equal to
13.5 m based on information from a publication by Zhou et al. [16] so that we could compare our
simulated temperature profiles with the industrial data they provided. Simulations (see below)

were run with 16 compartments to validate this approach.

Table 3. Compartments height for a total height bed of 13.5m.

CSTR#  Compartment  bed height (m)
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height (m)

1 0.03 0.03
2 0.02 0.05
3 0.02 0.07
4 0.02 0.1
5 0.08 0.2
6 1.0 1.2
7 1.3 2.5
8 11.0 135

Unless stated otherwise, the inlet of catalyst has been set at 2 m, meaning that it is introduced in
the 7™ compartment, the polymer recover occurs at 1 m in the 6™ compartment and the liquid is

injected alongside the gas in compartment 1.

2.7 Evaporation Model

The liquid is distributed to the reactor in the form of small droplets, either using specialized spray
nozzles, deflector plates or other technology [47][48]. In this work, a uniform droplet size
distribution was assumed. The majority of the simulations, a droplet diameter (d,) of 200 pm
[49]-[52] was used, although a discussion on the effects of droplet size is also be presented. The

droplet evaporation rate is was described by Bird et al [38]:

— 2y X1€4,0 — XIcA,0
Eco = Kym(md, )1——951@40 (16)

In the above equation, E,, represents the evaporation rate (kg/s), x;c is the mole fraction of the
ICA vapor at the droplet surface and x;c4 oo IS the mole fraction of ICA in the bulk of the gas-
phase. K., is the mass transfer coefficient, calculated for the case of forced convection around

spheres [38]. The details concerning the estimation of K,,, are shown in supporting information.
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Assuming that the total number of droplets remains constant, the total evaporation for each

compartment (Ficaevap) and can be obtained by equation (17), where H; is the compartment

height and mgyopiee,; 1S the mass of one droplet in compartment j.

Hj
Whea,j
Ficaevap :f Ew j mdh (17)
5 roplet,j
3 Results

The data used across all simulations is shown in Table 4.

Table 4. Data used for all simulations

Parameter Units Value Ref
Reactor Diameter (d ) m 4.75 [19]
Reactor Bed Height (Hy) m 13.3 [19]
Catalyst Density (pc) kg/m® 2300 [28]
Catalyst Heat Capacity (Cp,) JI(kg.K) 2000 [28]
Polymer Heat Capacity (Cp,,) JI(kg.K) 2000 [28]
Heat of Reaction (AH) J/mol -107600 [28]
Fluidized Bed Porosity (&;) - 0.6 [18]

3.1 Model Validation
Model validation was carried out in two phases: comparison with patent data [19], found for the
homopolymerization of ethylene in the presence of gaseous ICA and through the replication of

the industrial temperature profiles presented by Zhou et al [16] for condensed mode operation.
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Both validation methods were performed using the complete model, shown in Erreur ! Source

du renvoi introuvable. (a).

3.1.1 Patent data validation

In the examples provided for the homopolymerization of ethylene on patent US 6864332 B2 [19]
certain runs contain a mixture of ICAs and ethylene. This implies that for thermodynamic
modelling, a quaternary system should be considered. However, there is a lack of experimental
solubility data that would allow fitting of the data the Sanchez-Lacombe interaction parameter
(kij). Therefore, the method for accounting for two ICAs described in our previous work has
been employed [18]. Furthermore, the effects of co-diffusion could not be modelled since we did
not have the necessary thermodynamic information, so the single particle model was not
applicable at this stage. Table 5 shows the comparison between the results presented in examples

7A and 7C of reference [19] and the results obtained in the simulations.

Table 5. Model validation with example 7A and 7C of patent [19]. The outlet temperature is the

temperature of the gas withdrawal at the top of the reactor.

7A° Sim.7A A(%) 7C  SIm.7C A (%)

PE Production Rate

(tonne/h) 16 15.7 -2% 28.9 28.8 0%
Inlet Temperature (°C) 35 35 - 35 35 -
Outlet Temperature
(°C) 88 87 -1% 88 87 -1%
Superficial Velocity
(m/s) 0.75 0.75 0% 0.75 0.75 0%
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Productivity
(Opo/9ca) 53,650 54,905 2% 29,700 29,691 0%

Residence Time
(h) 4.6 4.8 8% 2.5 3.1 19%

These preliminary simulations suggest that the model manages to capture the observed

temperature gradients and fluctuations in productivity reasonably well.

3.1.2 Temperature Profile Validation

The temperature profile in the bed was compared to the industrial results published by Zhou et al.
[16]. Since no kinetic constants or catalyst feed rate were provided by these authors, the catalyst
feed rate was adjusted to obtain similar production rates. The inlet conditions are shown in Table
6, as well as the obtained production rate and the liquid height. The liquid height is the height of
the bed where the co-existence of gas, liquid and solid phases is observed. Above this height is
assumed that only gas and solid phases are present. These values taken from Zhou et al. [16] and
are a result of their modelling work, not experimental values. Furthermore, in their work, they
considered that the liquid coated the particles and therefore the size of the droplet was that of the

size of the particle [16].

Table 6. Model validation with experimental data provided by Zhou et al. [16]. Liquid height
refers to the bed height where three phases (gas/liquid/solid)co-exist. The values calculated with

the proposed model are noted as “Sim”.
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Liquid Content (%)

0 2.3 8.1 15.9 20.5

Inlet Temperature (C) 538 548 541 468 445
Recycle gas flowrate (tonne/h) 1100 1118 1128 1200 1229
Production rate (tonne/h) 17.72 19.2 25.1 37.6 46.0
Sim production rate (tonne/h) 16.9 20.0 25.9 35.0 45.0
A (%) ¢) 5% 4% 3% 7% 6%
Liquid height (m) 0 0.43 1.02 2.1 2.4
Sim liquid height (m) 0 0.6 1.2 1.8 2.1
A (%) ¢) 0% 46% 17%  17% 13%

The predicted values for the production rate present only small differences to the industrial data

provided in the paper. While the liquid heights simulated with the model presented here are

slightly different from the simulated results proposed by Zhou et al., the trends are quite

encouraging. Furthermore, the droplets of liquid in our simulations are smaller than those in the

cited reference, as those authors they considered that the liquid coated the particles and therefore

the size of the droplet was that of the size of the particle. Furthermore, the model of Zhou et al.

[16] assumes that the bottom of the bed where the liquid is present moves in plug flow, whereas

the current model allows for back-mixing of the bottom compartments, so the physical

description of the reactor is different at this level.

Figure 5 shows the bed temperature profile for dry mode and for a liquid content of 15.8%. The

temperature profiles for the other liquid contents can be found in supporting information.
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Figure 5. Bed Temperature Profile for: (a) dry mode (i.e. no liquid fraction); (b) liquid fraction of

15.9%. industrial data obtained from Zhou et al. [16].

From these comparisons, we can be satisfied that the model developed here is able to describe the
experimental temperature profiles reasonably well for both the dry and condensed mode,
especially considering that we have no information on the kinetics of the catalyst used in
reference paper. The model can predict the trend for the temperature profiles, slightly deviating
from the experimental values at the bottom of the bed. We can therefore assume that this model is

valid and fit to describe the reactor behavior of a FBR for polyethylene production working under

condensed mode.

3.2 Case Studies

For the following case studies the inlet conditions are shown in Table 7.
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Table 7. Inlet parameters for the simulations.

Parameter Unit Value

Inlet gas temperature °C 54

Bulk temperature °C 85

Inlet gas flow rate mol/s 10000
Superficial Velocity m/s 0.75
Reactor Abs. pressure bar 22.4
Ethylene partial pressure bar 7

Hydrogen partial pressure bar 1

Nitrogen partial pressure bar 14.4 10 12.6

3.2.1 Case study I — Complete Vs Simplified Model

The simulations presented bellow aim to show the differences that one might obtain when
employing a simplified approach. The complete model and the simplified approach, shown in
Figure 2, have been compared. The results in terms of particle size distribution for both
approaches are shown in Figures 6 and 7, for two different superficial velocities and no ICA
present. The temperature at the top of the reactor has been kept constant at 85°C in both cases by
adjusting the catalyst feed rate. Figure 6 shows the particle size distribution at the top and bottom
compartments of the fluidized bed for a gas superficial velocity of 0.75 m/s. At this superficial
velocity, both models predict similar particle size distributions. Furthermore, no bed segregation
is observed, as the particle size distribution at the top is similar to that of the bottom of the bed,

which is expected and in well agreement with other authors [21], [23].
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Figure 6. Particle size distribution for the top and bottom compartments at a gas superficial

velocity of 0.75m/s.

Figure 7 reveals that decreasing the superficial gas velocity leads to not only bed segregation, but
to slightly different predictions from the two modelling approaches. It becomes clear that at lower
superficial velocity the particle size in the bed is no longer homogenous, with the bigger particles
not being fluidized and remaining at the bottom of the bed. The simplified approach predicts
smaller particles at the bottom than the complete approach, as a result of instantaneous recycling
of the particles to the bottom of the reactor. Furthermore, at the top of the bed, the simplified
approach predicts bigger particles than the complete model. This means that the bed segregation,

as calculated by the simplified approach is milder than that predicted by the complete approach.

29



18
16 - — — — Bottom- Complete ecccoe Bottom - Simplified
i Top - Complete — - - Top - Simplified
14 T 7z = N
: Z. \
12 T .-’ ". \
Py o . .’/ e \
T 10 + Y
s o \
S F [/ X\ \
- 8 . g /l . \
o \
6 / o/ \- \
.. / . \
xS \ .\
/ . \
2 O 7 : N
s \, S
0 Rl e s S S i)
0 500 1000 1500 2000 2500 3000
Dp (um)

Figure 7. Particle size distribution for the top and bottom compartments at a gas superficial

velocity of 0.25m/s.

The calculated production rates for both superficial velocities is shown in Table 8. Both
modelling approaches predict similar values for each superficial velocity. However, there is a 6%
deviation between the complete and simplified model when the superficial velocity is 0.25 m/s.
The same is true for the temperature profiles: both approaches are very similar, as shown in
Figure 8, but the temperature profiles predicted by both approaches diverge slightly for the lower
superficial velocity. In fact, the simplified model seams to predict a slightly higher temperature

profile than the complete model.

Table 8. Comparison of the production rate calculated by both modelling approaches and at two

different superficial velocities.

Superficial velocity Complete model Simplified model
A (%)

(m/s) (ton/h) (ton/h)
0.75 11.19 11.21 0.2
0.25 4.04 4.32 6.5
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Figure 8. Temperature profiles for both superficial velocities and modelling approaches.

From the results above, it becomes clear that the only major difference between these model is
the particle size distribution predictions. Therefore, if bed segregation is the subject of interest in
a modelling exercise, the complete approach might be better suited. However, at the industrially
pertinent gas velocities, the two approaches appear to predict very similar results. We will use the

complete model in the rest of this paper for the sake of completeness.

3.2.2 Case study Il — Effects of Number of Compartments

The effects of the number if compartments on the particle size distribution and temperature
profile of the reactor have been studied. The superficial velocity of the gas was kept at 0.75m/s
and the complete approach has been employed. Furthermore, no ICA was used in these
simulations. In one simulation, the number of compartments are those shown in Table 3 for a
total of 8 compartments plus a disengagement zone, and in a second simulation 16 compartments
plus a disengagement zone were used, where each compartment has half the height of those

shown in Table 3. This is a crucial exercise, as the definition of compartment height is not
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without its challenges. To the best of our knowledge, no other study in the open literature has

discussed in detail the importance of compartment height or proposed criteria to define it.

The results in terms of particle size distribution are shown in Figure 9, while the results in terms

of temperature are shown in Figure 10.
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Figure 9. Effect of number of compartments on the particle size distribution for the top and

bottom compartments.
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Figure 10. Effect of number of compartments on the temperature profile of the reactor.

The figures show that for the two sets of compartments simulates, the model predicts very similar
results. Slight differences in the temperature profile and PSD are most likely caused but the
catalysts being fed into a smaller compartment when the number of compartments is larger, and
therefore staying shorter amounts of time in it. Nevertheless, there appears to be no significant
difference as a function of the number of compartments, so the remainder of the simulations in
this paper will be carried out with 8 compartments, since this requires significantly less

computational time.

3.2.3 Case study 111 — Effects of n-pentane Vs n-hexane

The simulations presented in this section show how two different ICAs (n-pentane and n-hexane)
impact the reactor behavior, production rate, and final product particle size distribution. The bulk
temperature, meaning the temperature of the gas stream at the top of the reactor is kept at 85 °C,
by changing the inlet catalyst feed rate. Table 9 shows the simulation results in terms of
production rate, catalyst mileage, residence time, liquid height, and elutriated flowrate for

different liquid contents and both ICAs.
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Table 9. the simulation results in terms of production rate, catalyst mileage, residence time, liquid

height, and elutriated flowrate for n-pentane and n-hexane with different liquid contents.

Wiiq (%) n-Pentane n-Hexane

0 11 11
Production 5 20 18
rate (ton/h) 10 26 24
15 31 32
0 2491 2491
Catalyst 5 2388 3255
mileage (9/9) 10 1939 3002
15 1574 2763
0 3.0 3.0
Residence 5 2.0 2.7
time (h) 10 1.7 2.1
15 15 1.8
0 0.0 0.0
Liquid height 5 0.7 0.9
(m) 10 1.0 1.4
15 1.3 1.9
0 0.11 0.11
Elutriated 5 018 021
ﬂ((t);'ﬁ,r,ﬁt)e 10 032 035
15 0.47 0.49

The results show that at equal mass fractions in the feed, n-pentane seems leads to higher
production rates than n-hexane. n-Hexane provides a greater cooling effect than n-pentane, which
leads lower temperatures on the bottom compartments and, therefore a lower production rate (this
will be discussed further below). However, the catalyst mileage in both cases is very different.
For the case of n-pentane, it decreases 37% when increasing the liquid content to 15%. For n-
hexane, the catalyst mileage actually increases in comparison to the dry mode when small

amounts of liquid are present. Still, the more liquid is added, the lower the catalyst mileage. This
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is because n-hexane not only has more pronounced co-solubility effect, but it also has an
important co-diffusion effect. Figure 11 (a) shows the ethylene concentration in the amorphous
polymer for no ICA and for both n-pentane and n-hexane at 15% liquid fraction. It is clear that n-
hexane increases the solubility of ethylene in the amorphous phase (higher concentration of
ethylene at the surface of the particle), but it also shows that the co-diffusion effects ensure that
the concentration of ethylene at the active sites is higher. Figure 11 (b) shows the importance of
this co-diffusion effect. For both simulations the co-solubility effect of n-hexane was included,
therefore we observe the same solubility at the surface of the particle. However, the concentration
of ethylene at the active sites becomes lower as we move to the center of the particle if no co-
diffusion effects are taken into account. Furthermore, if the co-diffusion is not included, the

evolution of the catalyst mileage with the increased liquid content follows the trend seen for n-

pentane (Figure 12)
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Figure 11. Concentration of ethylene in an average size particle for: (a) no ICA present and for n-
pentane or n-hexane with a liquid fraction of 15%; (b) 15% liquid fraction of n-hexane with and

without the co-solubility effects (both simulations account for co-solubility effects).

35



1,4

1,2 -/\
110 _:“: ——_——

T
B
= KL ~-
(] S TSeao ~
L ~ . ST ——-
E og | Seel Tes
= 0'6 T I
2 C T
% 04 + n-Hexane co-diffusion
© E - = = n-Pentane co-diffusion

0,2 “ ----- n-Hexane no co-diffusion

C - - = n-Pentane no co-diffusion
0,0 +—————————

0,0 5,0 10,0 15,0 20,0
Wqu (%)

Figure 12. Effect of co-diffusion on normalized catalyst mileage for different n-hexane or n-

pentane liquid contents.

In Table 9 it is also shown that the average residence time in the reactor decreases with increased
liquid content, due to higher production rates. Furthermore, the increase in liquid content
increases the rate of elutriation. This is because the liquid that is fed into the reactor rapidly

evaporates and expands, increasing the superficial velocity of the gas at the top of the bed.

The results in terms of the effects of the two ICA in the temperature profiles of the reactor are
shown in Figure 13, and inside the particles in Figure 14. Figure 13 (a) and (b) show that the
higher liquid content, the less sharp the temperature gradient at the bottom of the reactor, with n-
hexane having a more pronounced cooling effect (Figure 13 (c)). The effects of ICA in the
temperature profile inside the particles of an average size is shown in Figure 14. The temperature
gradients present the same shape in all cases, with temperature shifts due to different
polymerization rates. This is an expected result, since the effects of heat of sorption/desorption of
the ICA and potential ICA effects on the thermal properties of the particle have not been

included, as the work of Alizadeh et al [53] has already showed that they can be dismissed.
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Figure 14. Particle Temperature ethylene in an average size particle when no ICA present, 15%

liquid fraction of n-pentane or 15% liquid fraction of n-hexane.

The effect of both ICAs on the particle size distribution was also been investigated. Figure 15
shows the results of the final product PSD (i.e. the PSD of the compartment where the polymer

has been recovered). The ICA is shown to slightly broaden the particle size distribution and to

increase the average particle size.
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Figure 15. PSD of the final product for the case for no ICA, n-pentane or n-hexane with a liquid

fraction of 15%.

3.2.4 Case Study IV — Effects of temperature in the presence of ICA
The effects of the temperature on the reactor production rate and catalyst mileage were
investigated for a super-dry mode operation (i.e. no liquid) with n-hexane as ICA, with a partial

pressure up to 0.6 bar.
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Figure 16. Effects of the temperature in the production rate of the reactor in the presence of n-

hexane.

Figure 16 shows that the production rate of the reactor increases with the temperature and the
increase of ICA. In Figure 17 however, it becomes clear that at lower temperatures there is an
increase of catalyst mileage. This is an expected result, previously reported in a semi-batch
experimental by Andrade [54]. At lower temperatures, the solubility of ethylene is higher and the
co-solubility effect is stronger and therefore there are competing effects between these and the
effects of temperature in the kinetic constants. This means that at 70°C the ICA has more
influence over the reaction rate than at 90°C, as shown in Figure 18. Furthermore, Andrade [54]

shows the effects on rate of reaction due to the presence of ICA are more noticeable at 70°C than

at higher temperatures.
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Figure 17. Effects of the temperature in the catalyst mileage in the presence of n-hexane.
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3.2.5 Case Study X — Effects of inlet temperature

The effects of inlet temperature on the condensed mode operation were investigated. For this, the
dry-mode operation (i.e. no ICA) with an inlet temperature of 54°C is compared with a super dry
mode operation, at the same inlet temperature, where the partial pressure of ICA is equal to the
partial pressure of ICA. The temperature of the inlet feed is then decreased, while the amount of
ICA remains the same, leading to the partially condensation of the ICA (see Table 10). n-Pentane

was used as ICA in these simulations and all other reactor parameters are kept constant.
The results in terms of the production rate and catalyst mileage are shown in Table 10.

Table 10. ICA partial pressure, ICA liquid content, production rate catalyst mileage for different

inlet temperatures.

Inlet T Inlet ICA partial Wiiq Production Catalyst
(®) pressure (bar) (%) rate (ton/h) mileage (9/9)
54 0 0 1141 244419
54 1.84 0 13.17 2183.76
44 1.35 5.07 22.35 1592.08
34 0.97 8.89 30.48 1227.12
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Analysing Table 10Erreur! Source du renvoi introuvable., it becomes clear that the
production rate increases with a decrease of inlet temperature, even when the amount of ICA fed
into the reactor is kept constant. This is because the lower feeding temperatures allow for more
heat to be removed from the reactor, but at the same time is condensing a part of the ICA,
meaning that even more heat can be removed by the evaporation phenomenon. Comparing these
results with those seen in case study Ill, it looks like dropping the feed temperature can lead to
higher production rates for the same amount of liquid content, but this comes at the cost of
inferior catalyst mileage. Although a bigger difference between the production rates of the two
case studies could be expected, one should keep in mind that in this case study, the amount of
ICA was kept constant, which is a contrast to case study Il, where more ICA is being fed into the

reactor to increase liquid content.

Because there are larger temperature gradients in the reactor at lower feed temperatures (see
Figure 19), the molecular weight distribution of the final polymer was also studied. The results
shown in Figure 20 confirm that decreasing the feed temperatures leads to a shift of the molecular
weight distribution towards bigger values, as decreases in the temperature increase the molecular
weight of the polymer.
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Figure 19. Effects of inlet temperature on reactor temperature profile. The simulations for no ICA

had an inlet temperature of 54°C.
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Figure 20. Effects of inlet temperature on the final product MWD.
3.2.6 Case Study V — Effects of Hydrogen
The effects of hydrogen on the reaction rate and on the molecular weight distribution (MWD)
where studied for the case of n-pentane being used as an ICA. The simulations were run at a
constant bulk temperature of 85°C and the partial pressure of hydrogen was varied between 0 and

3 bar.

The MWD of the recovered polymer for different hydrogen contents when no ICA is present are

shown in Figure 21.
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Figure 21. Log-scale mass chain length distribution for different hydrogen partial pressures in the

absence of ICA. Results shown for the recovered polymer.

In this Figure, effects of hydrogen are as expected: The increase in hydrogen partial pressure
shifts the molecular weight distribution to the left, decreasing the average molecular weight. In
Figure 22 the effects of liquid ICA when the partial pressure of hydrogen is kept constant at 3 bar
is shown. As expected the presence of more ICA shifts the molecular weight distribution to
higher values due to increased ethylene concentration at the active sites. This is very much in line
with the observations of Namkajorn et al. [7], who observed that adding ICA increases the

average molecular weight with respect to dry mode.
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Figure 22. Log-scale mass chain length distribution for hydrogen partial pressure of 3 bar and

liquid contents of n-Pentane varying from 0 to 15%. Results shown for the recovered polymer.

The effects of hydrogen in the reaction rate have also been studies in Figure 23, where the

normalized rates of reaction are shown.
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Figure 23. Normalized rate of reaction for different hydrogen and n-pentane contents.

In the figure above, the effects of hydrogen on the reaction rate are not very strong, with the

curves almost overlapping. Still, a trend can be seen where the presence of hydrogen slightly
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decreases the rate of reaction. This was an expected result, as the effects of hydrogen on the rate
of reaction are well known and where reported by Andrade [54]. In the developed model, there
were no parameters that linked the ICA and hydrogen, therefore no special correlation between

the two was observed.

3.2.7 Case Study VI — Effects of droplet size
The effects of droplet size in the reactor temperature profile as well as liquid hold-up height are
shown for droplets of size 50, 200, 500 and 1000 um. Both n-pentane and n-hexane were used as

ICA with 15% liquid content.

Figure 24 shows that increasing the droplet diameter increases the height of the reactor where the
gas-liquid-solid phases co-exists. The results shown here are in good agreement with the
projections proposed by Alizadeh et al [49]. Furthermore, as it is expected, it can be seen that n-
hexane has a slower evaporation rate and therefore the liquid height is higher than for n-pentane,

despite the fact that the number of moles of hexane is lower.

8
,F
4
4
'd
—_— 4
S e
o+~ 6 7]
<
6o
(]
e
o
34
i)
(@]
e
i
22
g --Ml--n-Hexane

—&— n-Pentane

0,0 200,0 400,0 6000 800,0 1000,0 1200,0

droplet size (um)

Figure 24. Liquid hold-up height in function of droplet diameter.
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Figure 25 shows the effects of droplet diameter in the reactor temperature profile for the case of
n-hexane. The results confirm that for droplets of 50 pum, which only occupy the bottom 0.27 m
of the bed, the temperature profiles becomes sharper than the for the other two droplet sizes
presented here. This is because since the liquid rapidly evaporates at the bottom of the reactor,
the bed more quickly stabilizes in temperature. Comparing 200 pm and 1000 pum droplet sizes
shows that the later presents the lesser sharp temperature profile of the two. This is because if the
droplets are 1000 um in diameter, they can reach up to 7.82 m in the bed, which means that the
heat removal due to vaporization is more dispersed through the bed. However as the polymer is
withdrawn at 1m of bed height (compartment 6), the product stream will contain large droplets
of liquid which could pose a problem for downstream degassing operations. It is also interesting
to see that the bottom of the reactor steeper temperature profile for 1000 um, because less liquid

is being vaporized in these compartments.
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Figure 25. Reactor temperature profile with n-hexane liquid fraction of 15% for different droplet

diameters of 50, 200 and 1000 pm.
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3.2.8 Case Study VII - Effects of Polymer Recovery Height
The effects of the polymer recovery height on the production rate, catalyst mileage and
temperature profile has been investigated at a catalyst feed rate of 6x10° kg/s and n-pentane

liquid content of 15%. To this end three different polymer recovery heights are examined:

e 4™ compartment, which comprises the bed between and 0.07 and 0.1 m;
o 6™ compartment, which comprises the bed between 0.2 and 1.2 m

e 8" (and last) compartment, which comprises the bed between 2.5 and 13.5 m.
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Figure 26. Temperature profiles for a different heights for polymer recovery. The catalyst feed
rate is kept constant at a value of 6x10° kg/s. n-Pentane was used as ICA with liquid content of

15%.

Figure 26 shows that recovering polymer at the 6™ or 8" compartment led to the same results in
terms of temperature profile. The difference between the bulk temperatures at the top of the bed
is only 0.22 °C. However, the simulation where the polymer is recovered at the 4" compartment

shows different results to those where the polymer is recovered higher in the reactor, with a
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difference of 3.4 °C between the bulk temperatures at the top of the bed. This is because when the
polymer is recovered from the reactor, a fraction of the liquid ICA is also recovered and thus
exits the reactor before evaporating, thereby decreasing the heat removal capacity of the bed.
This, combined with a constant catalyst feed flowrate, is reflected in an increase of reactor
temperature. The extent of liquid loss in regard to the inlet liquid feed can be found Table 11.
Since the polymerization is exothermal, the temperature rise is accompanied with a slight
increase in reactor production rate and consequent increase in catalyst mileage, also shown in

Table 11.

Table 11. Production rate, catalyst mileage and liquid loss for different heights for polymer

recovery.

Compartment # for Production Rate Catalyst Mileage  Liquid loss

polymer recovery (ton/h) (9/9) (%)
4 34.8 1669 2.6

34.0 1574 0.2

8 33.9 1568 0.0

3.2.9 Case Study VIII — Effects of Liquid Injection Height

The effects of liquid injection height in the temperature profile of the bed have been evaluated. In
the previous simulations, the liquid is assumed to be injected at the bottom of the bed. In the
following simulations, the liquid injection will be changed to 0.17, 1.17 and 2.47 m (respectively
compartments 5, 6 and 7). Furthermore, the catalyst inlet feed rate will be kept constant at 6x107

kg/s and n-pentane will be used as an ICA with liquid content of 15%.
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Figure 27. Temperature gradient of the bed for different liquid injection heights. The catalyst feed
rate is kept constant at a value of 6x10-3 kg/s. n-Pentane was used as ICA with liquid content of

15%.

As per Figure 27, when the liquid is injected at the bottom, the temperature gradient is less steep
in the lower compartments, but on the whole, the evolution of temperature in the reactor appears
to cause no observable change in the production rate. This can be explained by the fact that the

overall energy balance of the reactor is the same regardless of where the liquid is injected.

It is also interesting to see that the liquid height decreases when the liquid is injected higher up in
the reactor, as shown in Figure 28. This is because when injecting liquid at the bottom, the
temperature is lower, therefore the liquid takes longer to heat up and evaporate. If the liquid is
injected higher up, the temperature surrounding the droplets is higher, effectively heating up and

evaporating the liquid more quickly.
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Figure 28. Liquid height for different liquid injection heights. The catalyst feed rate is kept
constant at a value of 6x107 kg/s. n-Pentane was used as ICA with liquid content of 15%. A
Liquid height is the difference between the height the liquid reaches in the bed and liquid

injection height.

3.2.10 Case Study IX — Reactor Scale-Up/Scale-down

As the role of pilot plants units is to help understand what occurs in full scale reactors, either for
the introduction of new catalysts/grades (scale-up) or for trouble-shooting an existing process
(scale-down), it is useful to know if we can actually have the same temperature profiles in the
reactor. The current model was used to predict the behavior in a pilot reactor, with the
dimensions and other input parameters given in Table 12. This reactor is described with 7
compartments with the same height as for the full-scale model, described in Table 3, with the
exception of the 7" compartment, which now comprises a bed height between 1.2 and 1.7 m. The

simulations were run using n-pentane as ICA and 1 bar of hydrogen.

Table 12. Inlet parameters for the pilot scale simulations.
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Parameter

Unit Value
Reactor height m 1.7
Reactor diameter n 0.5
Inlet gas temperature °C 54
Inlet gas flow rate mol/s 110
Superficial gas velocity m/s 0.75

The obtained temperature profiles can be found in Figure 29. The results in terms of reactor
production rate, catalyst mileage, liquid height and average particle size can be found in Erreur !
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Figure 29. Temperature profiles of the bed for: (a) different liquid contents of n-pentane as ICA
in a pilot plant reactor. The temperature profile for the first 5 m of the full-scale reactor are also
shown for reference. (b) Comparison between full and pilot scales for 15% n-pentane liquid
fraction.

Figure 29 shows that the temperature profile of the pilot scale reactor mimics that of the full-

scale reactor and the effects of the ICA in the bed temperature profiles are as less pronounced that

those seen on the industrial scale simulations. This might be related to the fact that in these
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simulations a fixed temperature at the top of the bed has been imposed. However, in the pilot -
scale the bed never reaches a stable temperature, whereas in the industrial-scale reactor 80% of
the bed is above 84°C, which causes the normalized production rates and catalyst mileage to be

lower for the scale down reactor, as seen in Figure 30.
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Figure 30. Pilot scale vs full scale comparison of the normalized production rate (a) and catalyst

mileage (b) for different n-pentane liquid contents.

In terms of polymer properties , it is possible to see that the presence of ICA significantly
decreases the average particle size (Table 13) and that the particles have a smaller size than those
produced in the industrial scale reactor. This is because the residence time and the overall

temperature are lower than the full-size counterpart.

Table 13. Production rate, catalyst mileage, liquid height and average particle size for different
liquid contents in a pilot scale reactor.

Liquid content  Production Catalyst liquid height  Average particle
(%) Rate (ton/h)  Mileage (9/g) (m) size (um)
0 0.020 1916 0 537
5 0.031 1820 0.27 488
10 0.038 1462 0.34 429
15 0.047 1051 0.48 397
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The molecular weight distribution is also seen to shift towards bigger values in the pilot scale
reactor, as seen in Figure 31. As per Figure 29, the temperature profile shows that a larger portion
of the bed is at a lower temperature, meaning that a larger portion of the produced polymer is
formed in the cooler region of the bed when compared to the industrial scale. Andrade [26] also
investigated the temperature effects in the average molecular weight, and showed that it increased

with decrease reaction temperature.
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Figure 31. Molecular weight distribution for pilot and industrial scale reactors. Hydrogen partial

pressure was kept at 1 bar and 10% n-pentane liquid fraction was used as an ICA.

4 Conclusions

Modelling ethylene polymerization has been the target of multiple efforts, however the
thermodynamic effects that can be seen in in the presence of ICA are usually overlooked.
Therefore, a multi-scale compartmentalized, one phase model has been developed and integrated
with a thermodynamic model (SL-Eo0S), to capture the co-solubility and co-diffusion effects.
Furthermore, a simplified, easier to implement model is also proposed. A novel approach to

estimate compartment height was also discussed, based on the modelling objectives of this work.
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The model was initially validated with data from a patent and experimental temperature profiles
for condensed mode operation. The model has shown good agreement with both sources and was
considered fit to describe the process for gas-phase ethylene polymerization in a fluidized bed
reactor. The simplified and complete models were compared, and the simplified approach was
validated for the cases of higher superficial velocity where no bed segregation is observed. For
lower gas velocity, the models diverged in results. The effect of the number of compartments was
also studied. Doubling the number of compartments by halving their height halved, showed that
there is very little difference between the predicted PSD at the top and bottom of the bed, as well
as in the temperature profiles. We therefore used the criterion of defining the bed height to limit

solubility changes to 10%.

Simulations to study the impact of different ICA, reactor operating temperature, hydrogen
contents and liquid droplet sizes have also been made and compared to the available experimental
data. The model showed that it followed that same trends that had been experimentally observed.
The effects of the liquid injection height was also evaluated, and the results show that the overall
performance of the reactor remains unchanged. Furthermore, the importance of choosing

operating conditions for specific polymer properties has been shown.

The model was also applied to a pilot scale reactor, and the results produced show that this might
be useful tool for sale-up/down analysis. The results also show that the normalized production
rate and catalyst mileage of the pilot scale reactor decrease in comparison with the industrial

scale because the overall temperature gradient.
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