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1. Introduction

ABSTRACT

Direct Numerical Simulations of mass transfer within Taylor flows are carried out using the periodic unit-
cell approach by means of the Level-Set method, under the axisymmetric assumption. The considered
cases are based on the experimental study of Butler et al. [1] (absorption of gaseous species) for bubbles
of Reynolds numbers Re, > 200 and capillary numbers Ca > 10~3. Firstly, the hydrodynamics of five cases
are calculated up to steady state, after which the bubble shape, lubrication film thickness and velocity
profiles are compared to experimental and theoretical results. Using these converged hydrodynamics, the
transient mass transfer between the gas and liquid phases is then simulated, assuming no change in bub-
ble volume. The Péclet number Pe is varied between 10 and 900 by changing the diffusion coefficient, al-
lowing for new insight into local phenomena of mass transfer. In this way, the maximal transfer fluxes at
the interface are observed to be (i) close to the stagnation point at the film entrance, and (ii) at the rear
cap where the tangential velocity is greatest. As once as the mass transfer coefficient becomes constant,
the fluxes across the part of the interface in contact with the film and around the bubble caps are each
characterised by a local Sherwood number. The latter evolves by ,/Pey;,, across the film and is found to
be predictable by a simple model when Pey;,, > 1, where Peg;y, is the film Péclet number. Concerning the
caps, it evolves by +/Pe but only in a finite range of Pe, contrary to the common assumption of similarity
of transfer around the caps with that around a rising unconfined spherical bubble. Such local analyses
could be further used in multizone models of mass transfer for Taylor flows. Finally, a correlation is pro-
posed to scale the global Sherwood number Sh,, far from channel inlet, defined as a function of both a
Péclet number Per based on the relative velocity between the bubble and the two-phase flow, and the
gas volume fraction in the unit cell. Its predictions are discussed against experimental results at much
higher Péclet numbers, after showing that Sh,, is independent on the initial concentration distribution in
the liquid (the latter being sensitive to the injection conditions in experiments).

liquid phase, either in the presence or absence of chemical reac-
tion.

Gas-liquid Taylor flows, which consist of trains of bubbles sep-
arated by liquid slugs, with the bubbles being of comparable di-
ameter to that of the tube, are commonly encountered in milli-
metric or microfluidic devices used as microreactors or monolithic
chemical reactors. The existence of the Taylor flow regime depends
on the ratio of superficial gas and liquid velocities [2], and it is a
regime which is actively sought since it allows good controllabil-
ity of the reacting system and promotes enhanced heat and mass
transfer compared to other chemical reactors. Therefore, it is cru-
cial to characterise the transfer dynamics between the gas and the
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For the case of physical absorption of concentrated gas in the
surrounding liquid, resistance to transfer lies in the liquid phase.
In a train of Taylor bubbles, mass transfer has been experimentally
studied by several authors, based on either global measurements of
the liquid concentration at inlet and outlet of the capillary tube [3-
6], or, more recently, based on visualisation or measurement of the
concentration field in the liquid slug [1,7,8]. However, the effective
contributions from the different bubble zones in the whole transfer
process is still under debate.

Most of the existing studies are dedicated to producing global
correlations, either of the mass transfer coefficient k;a or the
global Sherwood number Sh, but these correlations generally badly
reproduce the influence of all the different parameters playing a
role in the mass transfer dynamics, possibly due to the difficulty
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Nomenclature

Bo Bond number (-)

C local mass concentration (mg/L)

c volume average mass concentration in the liquid
(mg/L)

Cc* mass saturation concentration (mg/L)

Ca capillary number (-)

D diffusion coefficient (m?/s)

d diameter (m)

g acceleration due to gravity (m/s2)
H Heavyside function

J mass transfer flux (mg/s)

j diffusion flux density (mg/m?/s)
k mass transfer coefficient (m/s)

L length (m)

n normal vector

P pressure (Pa)

Pe Péclet number (-)

Peg Péclet number based on the relative velocity (-)
R capillary channel radius (m)

Re Reynolds number (-)

r radial distance (m)

To radial position of vortex center (m)

r radial position of dividing streamline (m)
S surface area (m?2)

Sc Schmidt number (-)

Sh Sherwood number (-)

t, T time (s)

u,u,w velocity (radial and axial components) (m/s)
v volume (m?3)

We Weber number (-)

w relative slip velocity (-)

X coordinate (m)

Ax mesh spacing (m)

z axial distance (m)

Greek

1) average thickness (film or boundary layer) (m)
0 angle (rad)

K interface curvature

% dynamic viscosity (Pa.s)

o surface tension (N/m)

0 density (kg/m3)

[0) level set distance function (m)

& coordinate (m)

Subscripts

b bubble

bs bubble surface in contact with the slug
bf bubble surface in contact with the film
cir circulation

dif f diffusion

ds dividing streamline

film film

film,b  lubrication film in contact with the bubble (in be-
tween the two side stagnation points)

g gas phase

gs superficial gas phase

m mass boundary layer
min minimal

max maximal

n first normal derivative
nn second normal derivative

l liquid phase

loc local

Is superficial liquid phase
pred predicted

s slug

slug core slug core region
t tangential

tp two-phase

uc unit cell

r interface

00 steady state
Supercripts

Gh ghost values

in varying only one parameter at the time. Some of these corre-
lations combine different contributions both from the film zone
and the bubble caps, as proposed by Irandoust et al. [3] and van
Baten and Krishna [9]. More sophisticated models are based on lo-
cal characteristics of the flow or transfer fluxes, like the one sug-
gested by Abiev [10], 11] which relies on a decomposition of the
flow into three layers, but such models still require more local data
to be validated and relevant scaling laws for the local mass transfer
fluxes. In the experimental study of Butler et al. [1], local contribu-
tions of the film all along the channel wall and for the rest of the
slug have been distinguished for the mass transfer process, show-
ing some of the mechanisms involved: the whole transfer dynamic
is strongly influenced by the recirculation motion in the slug, and
the film surrounding the slug core contributes by feeding the rest
of the slug in addition to the bubble caps, as it is a region rapidly
enriched in dissolved gas. Such a contribution has been included in
the theoretical framework proposed by Nirmal et al. [12]: the au-
thors divide the system into different regions, the bulk slug, the
liquid film surrounding the bubble and the liquid film close to
the bulk slug, and solve (i) convection-diffusion equations for the
concentrations in the liquid film in contact with the bubble and
the surrounding bulk slug, and (ii) a modified version of such an
equation in a coordinate system based on the streamsurfaces in
the bulk slug, where the outermost streamline receives concentra-
tion both from the bubble caps and the surrounding liquid film.
This modelling approach has shown potential for the prediction
of the shrinkage rate of a dissolving bubble, but it still requires
the knowledge of the relevant local transfer coefficients which are
used as input in such a model or validations of their underlying as-
sumptions. This can be achieved either through local experimental
studies or Direct Numerical Simulations.

Experimentally, several issues make this task challenging. In-
deed, it can be difficult to target a given cross-section of the flow
[13], and therefore measure the gradients along the bubble inter-
face. Then, local measurements are generally limited to a short
time period. The latter issue can be solved by using a colorimet-
ric technique to follow the solute absorption over a longer time
[14], but such a method involves chemical reactions for which the
kinetics need to be sufficiently slow compared to diffusion in or-
der to avoid any acceleration of the intrinsic mass transfer rate.
Finally, controlled conditions can be difficult to achieve in experi-
ments, i.e. without surfactant effects or without an influence of the
injection conditions of the two phases on the hydrodynamics and
mass transfer characteristics. For example, in the investigation of
Butler et al. [1] with the PLIF-I technique, some particular hydro-
dynamic features in the generated Taylor flow with a T-junction
have been observed, showing the presence of zones richer in oxy-
gen in the middle of the slugs for the cases of bubble Reynolds



number greater than 300, which could lead to some difficulties in
the interpretation of the mass transfer rate.

Numerical studies offer a complementary approach, making it
possible to work in ideal conditions and allowing for the computa-
tion of local fluxes along the interfaces. Several CFD simulations of
Taylor flows have been carried out, including heat or mass trans-
fer between the two phases or with the channel wall [9,15,16]. In
order to be valid, these numerical simulations require the use of a
mesh fine enough close to the wall so as to capture the thin lu-
brication film [16-19]. Moreover, the mesh also needs to be fine
enough close to the interface so as to accurately resolve the trans-
fer boundary layers. Because of these constraints, simulations at
application-related values of the Schmidt number around bubbles
of complex shapes have a very high computational cost, hardly af-
fordable by Direct Numerical Simulations, especially at high Pé-
clet number where a full grid independence of the results is dif-
ficult to achieve. Additionally, several works have used idealised
shapes for the Taylor bubbles [9,20,21]. However, the exact shape
of the bubble can produce interface regions with locally higher
or lower rates of transfer [1,22]. Then, it is of interest to assess
the transfer around Taylor bubbles of realistic shapes, a possibil-
ity being to use numerical methods able to compute the hydro-
dynamics around deformable bubbles and to maintain sufficient
accuracy for interfacial mass transfer. Among recent works, such
numerical methods simulate the hydrodynamics of Taylor bubbles
by using the Volume of Fluid method [16,22-24]|, the Level-Set
method [25,26], the Lattice Boltzmann method [27] or an interface
tracking approach taking into account the bubble dissolution due
to mass transfer [28]. A comparison of several computational re-
sults on the hydrodynamics with experimental data can be found
in Marschall et al. [29]. Such a validation step based on experi-
mental data or available theoretical results is of particular impor-
tance in order to ensure the accuracy of the numerical solution; in-
deed, Abadie et al. [26] have shown the existence of artificial addi-
tional recirculation loops when solving the hydrodynamics around
a single Taylor bubble at small capillary number due to numerical
spurious currents. Concerning the mass transfer dynamics, a full
direct comparison between numerical simulations and local ex-
perimental results remains very challenging and has not yet been
performed.

This work is a first step in the comparison of numerical and
experimental results on the mass transfer dynamics in a train of
Taylor bubbles. Simulations of trains of Taylor bubbles in the iner-
tial regime (bubble Reynolds number higher than 100) are carried
out: they correspond to four cases from the experimental study of
Butler et al. [1], where the bubble shapes have been observed to be
axisymmetric in the latter, and an additional case from the numer-
ical work of Gupta et al. [18], also corresponding to axisymmetric
conditions. The in-house DIVA code [30,31] for DNS, based on the
Level-Set and Ghost Fluid methods, is employed to solve these Tay-
lor flows. First, the hydrodynamics in a periodic unit cell is com-
puted until steady-state, and bubble shapes and velocities are com-
pared to experimental measurements or theoretical results. Then,
mass transfer from the gas to the liquid is solved on the steady
hydrodynamics (case of physical absorption), at low to moderate
Schmidt numbers (0.1 < Sc < 14), by neglecting the bubble size de-
crease in time. The objective of this paper is to provide new insight
on the mechanisms of mass transfer in a train of Taylor bubbles.
The results will lead to the analysis of local Sherwood numbers
for mass transfer fluxes both in the part of the interface in con-
tact with the lubrication film and around the caps, allowing com-
parisons with previous simplified models when they are available.
Finally, the global Sherwood number will also be scaled as a func-
tion of relevant non-dimensional numbers in this problem, allow-
ing comparisons to the values obtained in our previous experimen-
tal study [1] at higher Schmidt numbers.

2. Numerical procedure
2.1. Governing equations

The two-phase flow is computed by solving the incompressible
Navier-Stokes equations, which are written in the framework of a
Eulerian one-fluid approach as:

0 V.2ubD
PrViny =TCD Vg
V.au =0

where u is the velocity, P the pressure, p and u the local values of
density and dynamic viscosity respectively, g the acceleration due
to gravity and D the rate of deformation tensor. Several of these
variables are discontinuous across the interface, such as p, @ and
P. By denoting [P]r = P; — P, the pressure jump at the interface, the
balance of normal stresses at the interface leads to

duy
[P]r=<7’<+2|:/4 BHL’ (2)

(1)

where uy, is the velocity normal to the interface, n the normal vec-
tor, o the surface tension and « the interface curvature. In the ab-
sence of surfactants or impurities adsorbed at the interface in this
numerical study, the tangential stresses are assumed to be contin-
uous across the interface.

Mass transfer is simulated by solving the advection-diffusion
equation in the liquid phase, written on the mass concentration
C of solute as:

g—f +V)C=D AC, 3)

with D being the diffusion coefficient associated with the consid-
ered binary fluid system.

2.2. Numerical methods

In this study, axisymmetric direct numerical simulations are
carried out in the frame of the bubble, on Cartesian non-uniform
meshes in order to accurately calculate both the bubble shape in
equilibrium with the flow and the concentration gradients around
the bubble, following the numerical procedure detailed in Lalanne
et al. [30] concerning the hydrodynamics. It is briefly summarised
here.

The governing equations are discretised by using by the finite
volume method. For all equations, spatial derivatives in the diffu-
sive terms are estimated with a second order central scheme and
all the convective terms with a fifth order WENO scheme. Tempo-
ral derivatives are approximated with a second-order Runge-Kutta
scheme. The capture of the interface on the mesh is ensured by
the Level-Set method: the interface corresponds to the zero-level
curve of a distance function ¢, which is defined as the algebraic
distance of each mesh point x to the interface. Its displacement in
the velocity field u is tracked by solving the following equation for

¢:

% +uV¢p=0 (4)
ot

Additionally, an algorithm of redistancing is employed in order to
ensure that ¢ remains a distance function at each time step, which
consists of solving the following equation until steady state for a
fictitious time t:

ad .
o =sign(@)(1 - |Vd)) 5)
where d(X,t, T);—9 = ¢(X,t). The Navier-Stokes equations (eq. 1)
are computed by means of a projection method, with the jump
condition (eq. 2) taken into account thanks to the Ghost Fluid
Method.
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Fig. 1. Simulation B from Table 1 for Sc = 10, at t = t,; (defined later): concentration profile along the axis (red squares) and the extrapolated values inside the bubble close
to the interface (black points). (For interpretation of the references to colour in this figure legend, the reader is referred to the web version of this article.)

For the mass transfer resolution, eq. 3 is computed with an ex-
plicit discretisation of the convective term and an implicit treat-
ment of the diffusive term. Concentration is solved in the liquid
phase only, with a Dirichlet boundary condition C = C* imposed
on the immersed interface. To such a purpose, the method pro-
posed by Gibou et al. [32] is used, which takes into account the
Dirichlet condition during the discretisation of the Laplacian of the
concentration in the cells close to the interface. Indeed, discretiza-
tion of AC = f is written as C'LX;C’ + 55+ = fi at a grid node i
in a one dimensional mesh of spacing Ax. If the immersed inter-
face lies between the node i — 1, inside the bubble, and i, in the
liquid, this discretization can no longer be written in that form as
gradients are not computed in the gas; then, the method proposes
to replace C;_; by a fictitious value C,.Gf‘l calculated from a linear
extrapolation between points i — 1 and i, which involves both the
value G; and the value C* at the interface:

C*=6C" + (1-0)C, (6)

where 0 is a distance ratio which indicates the position of the in-
terface between the nodes i—1 and i by 0 = |¢;|/(|¢i_1] + |di])-
Additionally, in order to maintain a high accuracy of the discretiza-
tion of the convective term in eq. 3, a WENO scheme of 5th order
is employed. Around the interface, such a discretization requires
fictitious values of the concentration in the gas. These ghost values
are generated by the second-order extension method introduced
by Aslam [33]. It consists of solving three partial differential equa-
tions until steady state (on a fictitious time) at each time step, in
order to preserve the continuity of the extrapolated function along
the normal direction to the interface, by eq. 7 ¢, as well as the
continuity of the first and second directional derivatives, by eq. 7 b
and 7 a respectively:

aCrm

oo+ H(@)n.VCy, =0 (7a)
G +H()(n.VCy —GC) =0 (7b)
0t
EJrH(d))(n.vc—Cn) =0, (7c)

ot

where G, and Gy, are respectively the normal first derivative and
the normal second derivative of C, and H(¢) the Heaviside function
centered on the interface position. An example of second-order fic-
titious values extrapolated in the gas phase from computed values
in the liquid phase is given in Fig. 1 for a case of simulation of
mass transfer around a Taylor bubble.

Computation of hydrodynamics with these numerical methods
has been extensively validated in Lalanne et al. [30] for the case of
rising and shape-oscillating bubbles and droplets at Reynolds num-
bers of order 100. Concerning the mass transfer computation and
the related specific numerical treatments previously mentioned,
they have already been used in benchmark two-phase flow config-
urations involving phase change like boiling, drop evaporation or
condensation [31,34-37]. In Appendix A, new validations are pro-
vided in the case of mass transfer around a spherical bubble, (i) in
a pure diffusive case and (ii) in case of a rising spherical bubble
at Reynolds number close to 20 for different Schmidt numbers Sc.
This procedure validates the ability of such a numerical simulation
to compute the mass transfer flux at high Sc by using mesh grids
which are not boundary-fitted, provided that the mass boundary
layers are captured on several grid points.

2.3. Simulation of Taylor bubble cases

Axisymmetric trains of Taylor bubbles in a liquid flow are con-
sidered in this study. They correspond to four cases A-D of the
experimental study of Butler et al. [1] in a vertical capillary tube
of diameter d = 3 mm, which are either ascending (B-D) or de-
scending flows (A). For each case, only one unit cell is modelled
(one bubble surrounded by two half slugs, see Fig. 2), with periodic
boundary conditions for the lower and upper domain boundaries.
The bubble volume V}, the bubble velocity up, and the unit cell
length L, are taken from the set of experiments and used as in-
puts in the simulations, corresponding then to realistic Taylor bub-
ble flows obtained in a T-junction experimental device. A fifth as-
cending case E of Taylor flow is considered, where the characteris-
tics are directly taken from the numerical study of Gupta et al. [18],
which allows for the simulation in a different tube diameter d =
0.5 mm, using the same approach. Table 1 displays the physical pa-
rameters related to these simulation cases, and Table 2 the corre-
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Fig. 2. (a) Initial and boundary conditions for the simulation of the hydrodynamics (case D), and (b) comparison between experimental and numerical final bubble shapes,
with streamlines from the simulation (left) and concentration patterns of dissolved oxygen (right) from the experiments (see Butler et al. [1] for details on the experimental
procedure). Cases A (descending flow), and B, C and D (ascending flows).

Table 1

Taylor flow input parameters for the five cases investigated for the hydrodynamical study, g = —9.81 m/s2 for cases B-E (ascending), g = 9.81 m/s’ for case A (descending).
Cases A, B, C, D correspond respectively to cases labeled 10, 3, 2, 12 in Table 2 from Butler et al. [1]. Case E corresponds to the case simulated by Gupta et al. [18]. V, is the
bubble volume (given with accuracy as it is an input for the simulation), L, is the unit cell length, and d is the channel diameter.

Case o1 (kg/m’) y (mPas) pg (kg/m’) g (mPa.s) o (mN/m) d (mm) Vp (m?) Ly (mm) up (m/s)

A 998 1.04 1.354 1.914x10-2 72.8 3 1.73494 x10-8 10.2 -0.24

B 998 1.04 1.354 1.914x102 72.8 3 3.63304 x10-8 15.8 0.1402

C 998 1.04 1.354 1.914x102 72.8 3 5.75659 x10~8 17.0 0.094

D 1,006 4.20 1.354 1.914x1072 52.2 3 2.70839 x10-8 8.7 0.373

E 997 0.89 1.185 1.83x102 72.0 0.5 1.47407 x10-10 1.65 0.55
Table 2

Dimensionless Taylor flow parameters for hydrodynamics and mass transfer for the five simulated cases. The mesh used to obtain an accurate resolution in the range of Pe
considered is given. Note that the mesh is Cartesian and non-uniform, having smaller cells around the bubble than far from it in the z-direction, and keeping a uniform cell
size Ax around the interface (same value in both the r and z-directions). In the lubrication film, in the r-direction, the mesh size is always equal to Ax for these grids except

for the case A with the grid 457 x 1340 for which Axyj, = 2.5um. Re, = % Ca= Ll we — %’z’d, pe =t — w.

Leir 5

Case Re, Ca We \‘,/—i Pe range mesh
A 691 3.4x10°3 2.4 0.24 17 < Pe <838 457 x 1,340, or 670 x 1,850 for Pe > 350
Ax=33um, or Ax=2.2um for Pe > 350
B 404 2.0x10-3 0.8 0.33 17 < Pe <872 400 x 2, 100, or 600 x 3, 150 for Pe > 650
Ax =3.8um, or Ax =2.5um for Pe > 650
C 271 1.3x1073 0.4 0.48 18 < Pe <272 220 x 2,500
Ax=6.8um
D 268 3.0x1072 8.0 0.44 11 < Pe <142 380 x 2,220
Ax =4.0um
E 308 6.8x10°3 2.1 0.45 25 < Pe <308 160 x 1,056

Ax=1.6um




sponding dimensionless numbers. The simulations are carried out
in the frame moving with the bubble, with a wall velocity equal to
~lup |-

Firstly, the hydrodynamics in the unit cell are simulated, by
starting with an idealised bubble shape (two hemispheres and a
cylindrical central body) of volume V,, as sketched in Fig. 2(a). A
Poiseuille velocity profile is injected at the bottom of the domain,
with an average value u;p —u;, in the frame of the bubble, where
fer Tt Yo Bt RS P RS daang g o pilates 30
spectively. On the top of the domain, the periodicity imposes con-
tinuity of axial velocity and its derivative in the axial direction. The
simulation of the hydrodynamics is performed in order to find the
equilibrium conditions in terms of bubble shape and velocity: the
bubble must not translate in its frame of reference when the suit-
able uyp value is imposed at the inlet. Starting from the experi-
mental u;p value, the bubble deforms and its velocity may change;
then, the up boundary value is adjusted. In the simulation, the
choice has been made to update u¢, instead of the value of u, be-
cause the experimental precision on the latter was higher [1]. The
final value of u;p, predicted by the simulation as the equilibrium
velocity at a given uy, is then compared to the expected value, as
well as the final bubble shape and several geometrical properties
of the bubble train (slug length, lubrication film thickness) from
the experiments and simulations of Gupta et al. [18]. These com-
parisons are described below.

After convergence of the hydrodynamics, mass transfer from the
gas to the liquid phase is computed in the periodic unit cell (physi-
cal absorption), starting with an initial solute concentration of zero
in the liquid phase, and by using a Dirichlet condition at the in-
terface (C = C* which is the saturation concentration of gas solute
in the liquid phase at equilibrium), as well as a Neumann condi-
tion of vanishing flux at the wall, and periodic conditions at the
upper and lower boundaries of the unit cell which ensure conti-
nuity of both the concentration and the flux in the axial direction.
Simulations are performed for different Péclet numbers by varying
the diffusion coefficient. The mass transfer dynamics is analysed in
the corresponding section, with a focus on the concentration fields
and the local mass transfer fluxes, before characterising the global
Sherwood number.

For each simulation case, several Cartesian non-uniform mesh
grids are employed, the final grids being presented in the Table 2.
They are more refined in the bubble region, in order to accurately
capture the concentration gradients around the interface, where
the cells are uniform with a characteristic cell size Ax given for
each case. Mesh convergence tests, which are introduced in each
results section, have been performed to verify that both the hy-
drodynamics and mass transfer rate are accurately solved, knowing
that the latter is more demanding at large Péclet number. In par-
ticular, the choice of these mesh grids for mass transfer, depending
on the Schmidt number to be simulated, has been based on several
sensitivity tests. The highest Péclet number for which the simula-
tions of the different cases remain sufficiently precise on the mesh
grids of Table 2 is limited by the computational resources available
for this study.

3. Validation of hydrodynamics features

The hydrodynamics of the five simulation cases is only briefly
described here as such Taylor flows are well-documented in liter-
ature. In all these cases, the normalised relative slip velocity W =

%blr“ﬂ is lower than 0.5. Then, in agreement with the pioneering

work of Taylor [38], the hydrodynamics involves circulation flows,
as shown by the streamlines in the liquid slug in Fig. 2(b) for cases
A-D. At the bubble interface, there are two stagnation points at the

symmetry axis and two further stagnation points on the side of the
bubble - see also Fig. 3 where the stagnation points are marked
by circles. A dividing streamline joins the side stagnation points
of two adjacent bubbles in the train, therefore separating the cir-
culation vortex from the liquid film along the wall. Based on the
assumption that the slug is long enough to be described by a fully
developed Poiseuille flow, Thulasidas et al. [39] gives the radial po-

sitionr; =R, /2 — % of the dividing streamline and the radial po-

R [yl ity i

7 Ty of the vortex center where velocity is zero

in the slug, as illustrated on Fig. 3 (where R is the capillary radius).
The following sections discuss the hydrodynamics against ex-

perimental and theoretical results for the five cases.

sition ry =

3.1. Bubble shape and film thickness

For the cases A-D, Fig. 2(b) presents a comparison of the nu-
merical bubble shape in the unit cell, after the hydrodynamics is
converged, with the experimental shapes from the study of But-
ler et al. [1]. In this figure, the computed streamlines from the
simulation are displayed beside the concentration fields measured
with the PLIF-I technique. Good agreement is obtained, both for
the bubble shapes and patterns of the visible vortex with both ap-
proaches. Some spatial waves of the bubble shape in the film re-
gion are also clearly reproduced by the simulation, even though
their position is slightly shifted in the case D. Such a good global
matching confirms the suitability of the axisymmetric assumption
for the computations of these experimental cases.

For some output parameters of the simulations (u;p, lubrication
film thickness &y, bubble length L,), Table 3 compares the nu-
merical values with the experimental ones (cases A-D) or with re-
sults from another simulation (case E), taken as reference. It can
be seen that all these parameters are generally in very good agree-
ment.

The values of the two-phase superficial velocities are very close
to the values from these previous studies, with a maximal relative
discrepancy of 7%. Concerning the geometry of the Taylor bubble,
the bubble length is found to be similar to the references, with
the maximal relative difference being only 4%. Concerning the film
thickness, it is noted that it has been evaluated either by the min-
imal or average thickness of the nearly flat zone of the bubble
(when such a flat zone exists, i.e for all cases except case A). The
values are also very close to the reference values: results for cases
A and D match very well with the experimental data, results for
cases B and D show a discrepancy below 9 %, there is only a higher
difference on the film thickness value for the case C but which lies
under the experimental uncertainty of 11um [1,8], noting that sim-
ilar values are found with simulations on different grids (76 x 680
and 220 x 2500) for this case C. As previously reported by But-
ler et al. [1], and confirmed by Table 3, &y, can be satisfyingly
predicted by the visco-capillary correlation of Aussillous and Quéré
[40], valid for Ca < 1, under a precision of about 20% even if these
inertial cases. The accuracy is similar with the correlation of Han
and Shikazono [41], which takes into account an inertial contri-
bution and which, in these five cases, only slightly increases the
visco-capillary prediction by a maximum of 10%.

For case B, Table 4 shows the convergence of the results as a
function of the number of mesh points in the lubrication film em-
ployed for three different tests. It can be seen that both the aver-
age liquid velocity u, and the film thickness are independent of
the mesh using the two last grids, for which more than 10 grid
cells are used to capture the lubrication film for this case. These
last two grids were used for further mass transfer study.

From these detailed comparisons with experimental or other
numerical or theoretical results, the simulations of hydrodynam-
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Fig. 3. Definition of parameters of the Taylor flow based on the hydrodynamics in the unit cell (Note the definition of the slug length Ls = Ly — L). 8fiym is defined as the
average value in the film region between the two stagnation points on the side of the bubble; it is nearly equal to the average lubrication film thickness &y;,, computed in
the zone of nearly flat interface. Division of the whole slug into two regions for mass transfer analysis: the "film” and the "slug core” regions. Simulation case D at Pe = 214.

Table 3

Simulation results ("sim.”) of u;,, minimal lubrication film thickness 8y, average lubrication film thickness 8y, (in the nearly flat zone) and normalised bubble length L,/d,
compared to previous works ("ref.”): experimental values for cases A-D [1,8] where the experimental uncertainty corresponds to +1 pixel size, which was approx. 11um
close to the film region, and numerical values for case E [18]. Comparison to prediction values ("pred.”) according to the correlations of Aussillous and Quéré [40] and Han

and Shikazono [41].

Case Smin (Lm) 8im(1vm) - Average value in the flat zone uep (m/s) Ly/d
sim. ref.[1],[18] sim. ref.[1],[18] pred.[40] pred.[41] sim. ref.[1],[18] sim. ref.[1],[18]
A 24.6 23.6 No flat zone 42.4 46.1 -0.229 -0.217 1.21 1.27
B 240 29.3 38.6 423 30.3 31.7 0.133 0.124 2.12 2.17
C 20.9 18.7 30.1 23.0 235 24.2 0.086 0.086 3.26 3.30
D 114.9 118.1 176.7 182.5 146.7 151.4 0.292 0.275 2.05 2.05
E 7.8 - 111 12.0 10.7 11.3 0.503 0.500 2.00 2.00
Table 4

Mesh convergence of hydrodynamics calculation for case B. Ny, is the number of
grid cells in the lubrication film.

Mesh grid Uep (mM/s) Average film thickness &, (jum)
256 x 1,900 0.134 32.1

Nyim = 6

400 x 2,100 0.133 384

Nyij = 10

600 x 3,150 0.133 38.6

Nfim = 15

ics in the frame moving with the bubble can be considered to be
validated, for the five cases.

3.2. Velocity profiles

For case B, Fig. 4 displays the numerical velocity profiles in the
radial direction, both in the liquid phase only at the top of the
domain, and at the middle of the bubble along a radial line in-
cluding the gas phase and the film. In the plot, these profiles are
compared with the theoretical solution obtained by Abiev [42] by
solving the Navier-Stokes equations with continuity of both veloc-
ities and tangential stresses at the interface, under the assumption
of a fully-established hydrodynamics, which leads to:

e in the liquid slug:

w(r) = 2u[p|:1 _ (;>2i| (8)

* in the lubrication film, for R — &y, <7 <R:

w(r) = Ey(R2 —12) — G In (?) 9)

(R=3ijm)?

with E; a constant and C; = (o} — pg)g TR
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Fig. 4. Radial velocity profiles for simulation case B, in the frame of the laboratory,
taken in the middle of the unit cell UC (upper boundary of the domain), and in the
middle of the bubble which includes both the gas bubble and the lubrication film.
Theoretical comparisons are based on the work of Abiev [42].

« inside the bubble, for 0 <1 <R — &pp:

w(r) = E (R2 ~ R S 2) + E2<(R Y - r2)

R
— G In T 5ﬁ1m> (10)



with E, being another constant.

Note that, for the numerical computation of eq. 9 and 10, con-
stants E; and E, have been evaluated so as to match the velocity
value at the axis and at the bubble interface respectively. Profiles
are observed to be in very good agreement between this analyti-
cal solution and the numerical results. The very slight discrepancy
along the middle line is attributed to the fact that the velocity pro-
file extracted at the middle of the bubble is close to but not fully
independent of the axial coordinate, the assumption of established
flow in the bubble and in the lubrication film being a good ap-
proximation. In the slug of liquid, the profile at the top is identical
to that imposed at the bottom of the unit cell, the slug being long
enough for the flow to be fully established.

4. Mass transfer analysis

In this section, the mass transfer dynamics is simulated based
on the converged hydrodynamics previously described, under the
assumptions that (i) the resistance to mass transfer is negligible in
the gas phase compared to that in the liquid phase (which allows
for the solving of the concentration fields in the liquid phase only,
thus neglecting the concentration gradients inside the bubble and
considering a Dirichlet boundary condition for the concentration at
the interface based on the thermodynamics equilibrium between
the liquid and the gas phases), (ii) the interface is at the satura-
tion concentration C*, as given by the thermodynamics, and (iii)
the rate of mass transfer is considered to be low enough so the
total volume of the bubble does not change in time and that the
average concentration in the gas phase remains constant.

For cases A-E, simulations are performed at different Péclet
numbers by varying the diffusion coefficient D. For these Taylor
flows, we define a Péclet number to characterise mass transfer as

tai — 1y, d? . L
Pe =4 = % by comparing the relative importance of
Ccir

a diffusion time scale d2/D at a length scale d (close to the diame-
ter of the bubble caps) and a convective time scale t.;, which char-
acterises the recirculation time in the vortex of the slug of length
Ls (Ls > d). For t,, the expression from Thulasidas et al. [39] is
used:

Lt} Ls

T om0 gl (1- ()7 ) Al [rar [l 3Tl (11)

Leir

based on the assumptions that the velocity profile in the slug is
a Poiseuille flow and that the recirculation region is cylindrical, of
length Ls and radius ry. Fig. 3 displays an example of concentra-
tion field obtained for the simulation case D, as well as the main
geometric parameters which describe Taylor flow.

Pe is varied up to values of 900 (see Table 2). Its value is cho-
sen (by varying the diffusivity in the simulations) so as to accu-
rately simulate mass transfer by respecting the condition that sev-
eral grid cells are present in the regions of the interface where the
concentration gradients are the highest, which cannot be estimated
before running the simulations contrary to the case of transfer
around spherical rising bubble in an unconfined medium. Valida-
tion of mass transfer calculations was achieved by mesh conver-
gence tests. Indeed, for case A, Fig. 7 presents the time evolution of
the Sherwood number for two simulations at high Pe with differ-
ent grid resolutions, showing that their discrepancy is lower than
3 %. Then, for cases A-E, results on the Sherwood number in the
steady regime computed on several grids are given in Appendix B,
and are found to be almost identical when changing the mesh size,
which justifies the range of Pe chosen for this study. It has been
observed that, with this numerical method, the results are mesh-
converged provided that the mass boundary layer, at its thinnest
point, is described by at least 8 mesh cells.

Fig. 5. Normalised concentration fields for simulation case B for Sc = 10, Pe = 686,
at (a) t =0.2 tg, (b) t =0.8 tgr = 1.1 Lyc/up, () t =2.1 tg, (d) t =10.8 t.. Note
that the bubble concentration is artificially set to O in the figure.

4.1. Dynamics of mass transfer in Taylor flow

Fig. 5 shows the time evolution of the concentration field in
the liquid, for case B for Pe = 686. At very short time, as diffu-
sion begins, a mass transfer boundary layer appears around the
interface. Then, as seen in Fig. 5 (a), two convective effects trans-
port the solute (i.e. oxygen) in parallel. Firstly, along the central
axis, oxygen travels from the bubble front towards the rear of the
preceding bubble in the train because the liquid velocity is higher
than that of the bubble along the symmetry axis. This process has
a characteristic time of approximately Ls/(2|u;p| — |up|) based on
the relative liquid velocity at the axis. Secondly, at the outlet of
the lubrication film between the near-flat bubble interface and the
wall, the relative velocity in the film, close to |u,|, convects oxygen
towards the following bubble for a time ¢, ~ Luc/|up|. Note the
presence of a filament of dissolved oxygen nearly attached to the
bubble rear, close to the convergent stagnation point (also visible
in Figs. 9(b) and 11(b), where the convergent stagnation point is in-
dicated with a white circle), which is slowly convected in the same
direction as the flow in the film. The presence of this filament has
also been reported in the experiments of Butler et al. [1] and the
simulations of Silva et al. [22] with isolated Taylor bubbles (de-
noted as a concentration plume).

As soon as the solute is convected to the neighboring bubble
in the train, the concentration fields in the different unit cells be-
come interdependent (Fig. 5 (b)). In a given unit cell, the transfer
process both from the bubble caps and the bubble film along the
wall continues, and, in the slug core, diffusion occurs across the
circulation motion (Fig. 5 (c)), leading to patterns of concentration
that follow the streamlines (high Pe), with the vortex center being
the point of lowest concentration in the unit cell.

In addition to solute transfer coming from the bubble interface,
the slug core is also fed by an exchange flux originating from the
liquid film along the wall, that surrounds the bulk slug, as it is
a zone richer in oxygen. This process of mass exchange connects
the different unit cells due to the film continuity and is analogous
to the cross talk mechanism in the multizone model proposed by
Nirmal et al. [12]. Here, it is found that the ratio of this exchange
flux, i.e mass transfer from the liquid film into the core of the slug
to the flux coming from the bubble caps, increases with Pe, and
reaches values close to 1 for Pe of approximately 500. For values
of Pe large enough that convection is faster than radial diffusion,
the characteristic thickness of the liquid film surrounding the bulk
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Fig. 6. Time evolution of the normalised average concentration C(t)/C* in the liquid
(and fitting by eq. 17), and for both the film and slug core region (as defined in
fig. 3). Simulation case B for Pe = 490.

slug can be described by R —r;, where ry is the radial position of
the dividing streamline (see Fig. 3).

All these local transfer fluxes need their own times to fully es-
tablish, after which the unit cell concentration field remains qual-
itatively the same other than values that increase with time, like
between Fig. 5(c) and (d). Based on these different characteristic
zones of the mass transfer process, Fig. 3 proposes a separation of
all the liquid into a "slug core” region (the bulk slug) and a "film”
region, all along the wall, which includes by continuity both the
lubrication film along the bubble and the liquid surrounding the
slug core.

The transient mass transfer process can be characterised thanks
to the time evolution of the average concentration C(t) in the lig-
uid: from the local Eulerian field C(r,z, t) in the simulation, the
average concentration is computed as

() = %// v, (12)

where dV is the elementary volume element and V; = V¢ -V} is
the volume of liquid in the unit cell, with V. equal to the unit cell
volume and V}, the bubble volume. The instantaneous total trans-
fer flux J at the interface is also computed, from which the mass
transfer coefficient k; is determined:

Jt) = ,-DVCndS=k(t)S, C*—C(t) (13)

(with S, the bubble surface area), then it is included in the global
Sherwood number:

ki (t)d
D
Note that, from an unsteady mass balance of solute dissolved in

the liquid, the Lagrangian time derivative of C(t) can be related to
the total transfer flux J(t) at the bubble surface by

v, 2XO = |[ -pvenas+ [f jnds=j@, (15)
Dt b uc boundaries

with j the diffusive flux. Indeed, the second integral in the right
hand side of eq. 15 vanishes because the flux is null at the wall and
at the symmetry axis, and the integral  j.n dS on both the upper
and lower unit cell boundaries is also null due to the periodicity
condition.

Fig. 6 presents the time evolution of C(t)/C* for case B for
Pe = 490, and partial averages in the "film” and "slug core” regions

Sh(t) = ) (14)
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Fig. 7. Time evolution of the Sherwood number. The two dashed lines correspond
to simulations carried out with a mesh with a lower number of grid cells to verify
the mesh independence of the results (457 x 1,340 vs. 670 x 1,850). Simulation
case A.

computed by eq. 12 in these specific areas (defined in fig. 3). The
concentration in the film is always much higher than that in the
slug core region, and increases strongly at first until the convective
time ty;, is reached, before displaying a slower dynamic. In paral-
lel, Fig. 7 displays the time evolution of the global Sherwood num-
ber Sh. It can be seen that its value is initially very large, before de-
creasing rapidly during the fast establishment of the mass bound-
ary layers around the interface. This has also been seen in simula-
tions of heat transfer around single Taylor bubbles preformed by
Zhang et al. [43]. Then Sh continues to slowly decrease by pre-
senting damped oscillations at a higher frequency than its time
decrease. These oscillations are controlled by the circulation mo-
tion in the slug since their period corresponds to the theoretical
circulation time ¢, as computed by eq. 11. This periodic renewal
of fresh liquid close to the caps causes such variations of Sh. Such
an oscillating behaviour is characteristic of a transfer process in a
region of closed streamlines, such as mass or heat transfer inside
a droplet [44]. This also confirms that ¢, is a relevant convective
time scale of the problem.

Concerning the long-term evolution in fig. 7, the global Sh al-
ways reaches a plateau denoted Shy, and therefore an associ-
ated constant mass transfer coefficient k; ... The higher the Pe, the
smaller the rate of damping of Sh(t), leading to a larger time re-
quired to reach Sh. In this steady regime for Sh, the average con-
centration C(t) in the liquid continues to increase while the trans-
fer flux decreases, leading to:

Vo~ S, € Ct) (16)

whose solution is
C(t)/C*=1—exp (—k,_oo % t) (17)
1

with k; ,.S,/V; = kja generally called the volumetric mass transfer
coefficient. Such a fitting function can be verified in fig. 6. It is
worth noting here that a unique k;a value for mass transfer in Tay-
lor flow can be measured only in the case where the mass transfer
process has reached steady state and such a fitting function should
not be used from the beginning. The time required to reach the
steady regime will be presented later in Section 4.4.

4.2. Local fluxes along the interface

The mass transfer dynamics previously described are similar
for all the Taylor flows considered here. To analyse these com-
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Fig. 8. Normalised tangential velocity u;/|u,| (in the frame of the bubble) and local Sherwood number Shy,. along the interface. Simulation case B at Pe = 686. The white
points correspond to the locations of the convergent stagnation points (the tangential velocity around these points is directed towards them) and the black points to that of

the divergent stagnation points (with tangential velocity escaping from these points).

(a)

Fig. 9. Velocity and concentration fields in the liquid phase only. Simulation case B for (a) Pe = 686, at t = 2.1t as in fig. 8, for (b) Pe = 1,743 at t = 1.1t (this high Pe
case is presented for illustration purposes only). White points: convergent stagnation points, black points: divergent stagnation points.

mon features, Figs. 8 and 10 present profiles of both the local
Sherwood number Sh;,. = %YC" and the normalised tangential
velocity u;/|u,| in the frame of the bubble, along the bubble in-
terface (along the 6 polar angle), for cases B and A, respectively.
The concentration and velocity fields for these cases are displayed
in fig. 9(a) and 11(a) respectively. At the bubble surface, the four
stagnation points (two convergent and two divergent points) are
marked and are of particular interest to describe the mass transfer
flux distribution. For these Taylor bubbles of non-ideal shapes, the
"film zone” of the interface can precisely be defined as the bubble
surface between the two stagnation points which are close to the
channel wall. Along this film zone, it is noted that the magnitude
of tangential velocity is close to |uj| and presents a local maximum
at the place where the film thickness is minimal. Two other local
maximal values of the tangential velocity are also observed along
the caps, which are each other of comparable magnitude (lower
than |up|).

The spatial distribution of Shj,. around the interface presents
two locations of maximal values: (i) close to the divergent stagna-
tion point at the entrance of the film, and (ii) at the bubble rear,
at the point where the tangential velocity is maximal. As shown
here with cases A and B, the importance of these two local maxi-
mum values is not systematically the same, despite their locations
being similar. They correspond to the interface points where the

mass boundary layer is locally thinnest at all times because it is
pressed against the bubble by the circulation flow within the slug.
Moreover, even though the evolution of the tangential velocity is
comparable between the front and the rear cap, note that their
profiles of mass flux density are different. However, by consider-
ing the surface integral of the flux density along each cap sepa-
rately, it can be seen that they both significantly contribute to the
transfer towards the slug core region. It is worth noting that this
behavior strongly differs from the case of external transfer around
a freely rising bubble, for which the two hemispheres have very
contrasted integral contributions with much higher fluxes on the
northern hemisphere compared to the southern [45].

In the film region of the interface, based on figs. 9(b) and 11(b),
starting from the black point where the flux is maximal and fol-
lowing the direction of the flow (from the bubble front to the rear),
the interfacial flux decreases until being zero at the white conver-
gent stagnation point (end of the film). This decrease can be linked
to a growth of the mass boundary layer while the liquid film trav-
els along the interface. At the end of the film, the vanishing flux
can be related to the presence of a stagnant concentration plume
visible on the concentration fields of figs. 9(b) and 11(b) around
the white points.

These common features in terms of local transfer fluxes pro-
files around the interface of these Taylor bubbles, either in de-
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Fig. 11. Velocity and concentration fields in the liquid phase only. Simulation case A for (a) Pe =419, at t = 3.1t as in fig. 10, for (b) Pe = 1,197 at t = 1.8t (this high
Pe case is presented for illustration purposes only). The two white points correspond to the convergent stagnation points and two black points to the divergent stagnation
points. White points: convergent stagnation points, black points: divergent stagnation points.

scending or ascending flows, suggest that a common correlation
for the global Sherwood number can be proposed. Before analysing
the global Shy, in Section 4.4, local Sherwood numbers integrated
per zone are discussed in the following sections.

4.3. Local Sherwood numbers

In this section, the local fluxes are quantified through local
Sherwood numbers for transfer across the "film zone” of the in-
terface, across the bubble caps (including both the front and rear
cap), and the internal exchange flux between the film region along
the wall and the slug core. The local Sherwood numbers are com-
puted once they reach steady values.

4.3.1. Transfer across the film zone of the bubble interface

Transfer in the lubrication film is mainly driven by diffusion in
the transverse direction and by convection in the axial direction.
Even though the film is stagnant in the frame of the laboratory,
its relative velocity with the bubble, of magnitude very close to
|up| based on the velocity profiles in the film (fig. 4), induces con-
vective transfer. From the DNS results, the transfer flux across the
film zone of the interface can be measured by integration along
the corresponding surface Sy, from which the local mass transfer

1

coefficient k,; can be determined:

]bf(t) = b D VCn dS = kbf Sbf cr — Ef(t) . (18)

The corresponding local Sherwood number Shy, is then computed
from

Ky i
Shbf _ bf Dfllm.b
by considering an average uniform film thickness &y, , of length
Lfiym p for the lubrication film along the bubble (note that 8 i b
defined between the two side stagnation points, is equal or 5%
greater than the average thickness Jy;,, evaluated in the flat re-
gion of the interface for the cases B-E).

These values Shy; will be compared to the simplified model
of mass transfer in the film surrounding the bubble, proposed by
Irandoust et al. [3], Eskin and Mostowfi [46] and Nirmal et al. [12],
which relies on assumptions that were not yet validated against
direct measurements of the transfer flux in the film. This model
considers only the dominant transfer mechanisms in the axial and
radial directions, neglecting the velocity gradients in the lubrica-
tion film, and assuming that the film thickness is small compared
to the channel radius. This model, at steady state, predicts a con-
centration profile Cgiy preq (%, 2) in the film given by

(19)

aCfilm,pred _ Dachilm,precl

u = ,
luy| 0z 0x2

(20)
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Shys, as a function of the film Péclet number Pejy,, = % Comparison with

the prediction of the simplified analytical solution giving Shyiyn preq from eq. 23.

by using a Cartesian coordinate system where x = 0 corresponds
to the bubble interface and x =&y, to the wall. The film is
located in the range 0 <X <8y, and extends in the axial di-
rection between z=0 and z=Lgy,. For the specified model
boundary conditions, Cyijpn prea (X = 0,2) = C*, Cip preq (X, 2=0) =
Co and 9Cfim preq/0X(X = Sfjjm p,2) = 0, the analytical solution of
eq. 20 can be written as

Cfilm.pred (X, Z) -

1—( 1)
C07C* Z

Tn Dz .. mn X
exp —( ) sin  — (21)
|: |up| 8%, b:| 2 ‘Sf”ml’)

Then, the local mass transfer coefficient predicted by this model
can be computed from

—D 9Cy; /0x(x =0,2)
kbf,loc,pred (Z) = fllmg:ed_ CO (22)

leading to a predicted Sherwood number for the film Shijm preq
given by

1 Lfitm b
afilm,bl_f”mb 0 " kbf,loc.pred(z)dz

Shfilm,precl = - D (23)

Note that Shyjjm preq i independent of the value of Cp, therefore,
for simplicity, it can be taken that Cy = 0.

2
The film Péclet number is defined as Pejy, = M which

is the ratio of the diffusion time scale (sz,ilmyb/D and the convection

time scale Ly, p/|up| in the film. In this model, the third boundary

condition 9Cfjjm, preq/d7(r = 8iim, 2) = 0 is only valid provided that

the mass boundary layer that develops in the film, with character-

istic thickness 8, s, remains small compared to the average film

thickness &y p- From eq. 20, which balances a convective flux of
ftlm pred
m bf

order W to a diffusive flux of order > , it can easily
ilm,

be shown that

~ 1 . . . .
f”m b NG proving that the prediction given by
eq. 23 will only work for sufficiently large Pey;;,,. Under this condi-
tion, the film theory shows that the Sherwood number in the film

8
b leading to Shiim prea ~ /Pefiim-

Fig. 12 plots the Sherwood number characterising mass trans-
fer across the bubble film Sh,; obtained from the DNS results as

is given by Shiim preq ~
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Fig. 13. For all cases, local Sherwood numbers in the bubble cap regions of the
1
interface, Shys, as a function of the Péclet number Pe = W. A similar trend

is obtained as a function of Pe, = '“”‘d instead of Pe.

a function of Peyy,,. It compares the solution with the predicted
value Shyyp, preq computed from the simplified literature model
presented above (eq. 23). From the results, it is clear that Pejjn
is a relevant parameter to quantify the rate of transfer across the
bubble film: numerical results of cases B, C and E lie on a sin-
gle curve for any Pejy,; those from cases A and D follow a differ-
ent trend for Pegy,, << 1 but tend towards the same curve as the
other cases for Peyy,, of order unity. Indeed, for the latter Taylor
flow cases, the shape of the bubble is farthest from the case of a
long flat film interface, possibly explaining the different behaviours
at small Pe ;.. Interestingly however, when Pej,, > 0.7, the figure
shows that the scaling law Shy,; ~ | /Pefj, accurately matches the
DNS results of the mass flux in the film, for the cases A, B and
D. Furthermore, for several points of case A at Pey,, > 1, the pre-
diction Sh iy preq is very close to the numerical values Shy;. Such
a result suggests that the simplified model with a 1D convection-
diffusion equation is suitable for predicting the mass transfer co-
efficient in the film for Pefy,,, > 1, which is an important result, in
practice, for further modelling.

4.3.2. Transfer across the two bubble caps

In this section, the transfer from the bubble caps to the slug
core region is quantified. This corresponds to the surface areas be-
tween the stagnation points along the axis and those approaching
the film zone. As such, Sy¢ + Sy = Sp,. From the DNS results, the
transfer flux is integrated along the bubble caps surface, and from
which the local mass transfer coefficient k,; can be determined

]bs(t) = //b -DVCndS= kbs Sps C* _Eslug core (t) (24)
S
The corresponding local Sherwood number is computed from
kysd
Shys = ~5 (25)

Fig. 13 plots the evolution of Shy, as a function of the Péclet
number Pe, for all simulation cases. Note that the evolution as a
function of Pej, = % is very similar but Pe appears more suit-
able for describing the ratio between convective and diffusive pro-
cesses in a unit cell with two distinct characteristic lengths. Results
from the DNS show that there exists a dependence of Shy, ~ +/Pe at
moderate Pe numbers up to approximately 100. However, for larger
Pe, Shy, increases by a lower rate, tending even to saturate at large
Pe at thresholds which appear to be case dependent. These satu-
ration values may depend on both Re, and the geometrical prop-
erties of the slug core region. Such an evolution can be related to
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Fig. 14. Radial concentration profiles in the liquid slug at different z levels. Simulation case D for Pe = 142.

the fact that the slug core is a region of closed streamlines, ex-
actly like the Hill vortex inside a moving droplet. Indeed, studies
of heat or mass transfer inside a droplet [44,47] have revealed that
the transfer rate evolution is completely different to the external
one: at a given Rep, the Sherwood is bounded when increasing
the Péclet number, and this asymptotic limit increases only very
slightly when increasing Re, in a large range. One interpretation
of this effect involves the fact that when the recirculation motion,
already containing solute, returns close to the bubble interface, it
prevents the boundary layer around the bubble caps to be as small
as it would be in an infinite medium for which the solute already
transferred is convected far from the interface.

The evolution of Sh,, with the Péclet number can be com-
pared to the prediction of the model generally proposed for mass
transfer around the bubble caps of a Taylor bubble, in the works
of Irandoust et al. [3], van Baten and Krishna [9], Nirmal et al.
[12] and Abiev [11]. The latter assume mass transfer along the
caps to behave like around a spherical bubble rising in an uncon-
fined liquid. In this way, they predict a local mass transfer coef-
ficient based on the penetration model of Higbie [48], which is
the dimensional form of the solution of Boussinesq [49] giving the
Sherwood number to be proportional to \/1? = ,/|up|d/D for both
large Rej, and Pe;, (Figueroa-Espinoza and Legendre [45]). However,
from fig. 13, it is clear that the evolution of Shy as a function of Pe
strongly differs from this scaling law. Such a discrepancy has never
been reported in other works. This conclusion on Sh is consistant
with the local fluxes behaviour measured along the bubble caps in
Section 4.2, where the contribution of the two caps in mass trans-
fer were found to be comparable, which is in contrast to the case
of an unconfined rising bubble. Thus, the evolution of Shy as a
function of Pe!/2 is restricted to moderate Péclet numbers and, at
higher Pe, the slower increase of Shy; should be taken into account
in future models for mass transfer around the bubble caps of a
Taylor bubble.

4.3.3. Exchange along the dividing streamline

The slug core is bounded by the dividing streamline of radial
position rq, as illustrated in fig. 3. Fig. 14 presents several radial
concentration profiles in the slug, for the case D at Pe = 142. At
the rear of the bubble (line 1), the concentration is greater in the
neighborhood of the convergent stagnation point. However, at a

short distance from the bubble rear (such as for line 2) and until
the front of the following bubble, the maximum concentration val-
ues are observed at the channel wall, leading to an exchange flux
of solute from the liquid film region towards the slug core. At large
Pe, the thickness of this film is larger than that of the lubrication
film along the bubble surface. From lines 2 to 4, this exchange flux
decreases with the distance from the bubble rear because of the
growth of the filament of dissolved oxygen along the wall.

In order to quantify this exchange flux and compare the dif-
ferent cases, rather than performing a surface integration of the
radial flux along the dividing streamline to measure an average
flux (which would be approximative to achieve since that stream-
line is not straight), the radial flux density jj = —D% is evalu-
ated at the boundary of the unit cell (along the line 3 in fig. 14)
at r =rq, taken as characteristic value. A local Sherwood number
to characterise this exchange flux across the dividing streamline is

_ ligs|d i i -
then computed as Shys joc = B m ) Congrore @)’ its value being re

tained when it is time independent. For all the simulation cases,
fig. 15 plots Shyg 1o as a function of a Péclet number Pey; = W(%D)dz
describing the ratio between diffusion and convection time scales
within the liquid slug. The convection time scale is based both on
the liquid slug length and the axial velocity w(ry) = 2(|up| — |u¢pl)
along the dividing streamline, given by eq. 8, which is directly
proportional to the relative bubble velocity. The five experimental
points from the study of Butler et al. [1], for which the same pro-
cessing gives the normalised exchange flux density, are included in
the plot. A single master curve well gathers the numerical points
of Shyg 1o from all cases, which confirms the importance of w(ry)
(i.e of the relative bubble velocity) for driving the mass exchange
flux between the film region surrounding the slug core and the
latter. Such a trend is observed to follow a ,/Peys function only
over one decade range, corresponding to the highest Péclet number
values in the simulations. The addition of the experimental points
on this curve shows that such an evolution no longer continues at
higher Peys: the exchange flux still increases but at a smaller rate
over several decades, leading to moderate Sherwood number val-
ues. An interpretation of such a saturation of this exchange flux
could involve the same arguments as for the flux around the caps:
the transfer being directed towards a region of closed streamlines
(the slug core), the rate of transfer is completely different from the
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Fig. 15. For all cases, local Sherwood numbers characterising the normalised local
exchange flux density between the liquid film region and the slug core, Shgg o, as

a function of the Péclet number Pey; = W(%D)dz where w(ry) is the axial velocity at

the dividing streamline position (note thaltXPedS = 2Pep with Peg the Péclet number
based on the relative bubble velocity). Red symbols: same data extracted from the
experimental concentration fields measurements from Butler et al. [1] on five cases
(including cases C and D of the present study, at higher Péclet numbers).

case of an unbounded region where convection is able to evacuate
the transferred species far from the source of transfer. However,
it can be noticed from figs. 13 and 15 that the saturation of this
exchange flux appears for greater Péclet numbers than that of the
simulations, i.e. a saturation of the flux coming from the bubble
caps Shy, in terms of Pe is observed earlier.

4.4. Global Sherwood number

After the characterisation of the local transfer fluxes in the unit
cell, a correlation for the global Sherwood number is proposed in
this section. In this numerical study, five cases are considered with
different bubble and two-phase velocities, different liquid phase
systems, two contrasting channel diameters (d = 3 or 0.5 mm),
different geometrical parameters of the bubble or unit cell (Vj, Lyc,
Ly, Lg), with the numerical simulations allowing also the variation
of D for a given case.

In the results presented in the previous sections, it was found
that the Sherwood number globally decreases over time before set-
tling on a constant value (fig. 7). After the steady regime of mass
transfer is reached, it is straight-forward to verify that the profiles
of flux along the interface can be obtained by homothetic scaling
between two distinct times (see figs. 8 or 10). Moreover, at this
stage, the concentration fields, C(r,z, t)/C(t), normalised by their
instantaneous spatial average values, are found to remain identical
(see figs. 5(c) and (d)). These arguments suggest that the concen-
tration field C(r,z,t) can be decomposed into a series of eigen-
modes by separating the dependence in space and time. Then,
as described by Rivero-Rodriguez and Scheid [50] for the case of
trains of unconfined bubbles in microchannels, Sh,, is associated
with the dynamics of the slowest mode of the solution and char-
acterises the mass transfer process at long-time. In this section, we
propose a scaling law to predict both Sh,, and the time required to
reach this value.

In fig. 16(a), it is propose to rationalise the computed values
of Sh,, for the different cases by using a relative Péclet number

_ 2 . . .
Pep = M, where the convection time scale in the slug

is given bys the global relative velocity |up| — |ucp| between the
bubble and the average liquid flowing in the slug, with a length
scale Ls, and the diffusion time scale given by d2/D. The choice
of this characteristic velocity is consistent with the one describ-

ing the exchange flux between the film region and the slug core,
from Section 4.3.3. Fig. 16(a) shows that Sh,, presents an evolu-
tion which is proportional to ﬁ , for each case (actually, on this
sub-figure (a), for a given case, only D is varied). But such a plot
presents the interest that the proportionality constants of the dif-
ferent cases can be ordered depending on the volume fraction of
gas in the unit cell, V},/Vyc: a lower gas volume fraction always re-
sults in a greater Shy,, at a given Peg. Taking into account this ob-
servation, the global Sherwood numbers are grouped together by
considering the following correlation, proposed in fig. 16(b), of the
form:

Shae = 0.522,/Pe (Vy/Vie) "6 (26)

The scaling law eq. 26 is based on the two non-dimensional pa-
rameters Peg and V},/Vy, and a prefactor of order 1. The figure
shows that the results from the numerical simulations collapse on
a master curve with excellent accuracy, across two orders of mag-
nitude. Therefore, the proposed correlation constitutes an accurate
description of the global mass transfer rate over the range of in-
vestigated parameters, for Peg < 100 and V},/Vy varied between 24
and 48% in the simulations.

The scaling proposed for Sh., in eq. 26 is valid provided that
steady state is reached. From the simulations, the time t., required
to reach such a regime is defined as the time where the moving
average of the curve Sh(t), measured over time t.;,, becomes equal
to She +1%. The measured times t/tq are presented in fig. 17
as a function of the Péclet number Pe. This figure can be used to
determine the residence time, i.e. the channel length at a given
flow rate, that is required to reach the steady regime. This time in-
creases with Pe but, from values Pe > 100, there is a clear change
in behaviour. This can be related to the time evolution of Sh, which
differs at high Pe as shown by fig. 7: when Pe > 100, the curve
Sh(t) presents a slow initial decrease with oscillations at higher
frequency 1/t.,, whereas, at lower Pe, the initial decrease is much
stronger and the instantaneous values of Sh can even be smaller
than Sh., before rapidly stabilising. In fig. 17, a correlation is pro-
posed to predict the time t., for large Pe based on the simulation
results, of the form:

ts = 0.01 tyy. (27)
established for 100 < Pe < 1000.

4.5. Discussion with experimental data

In the study of Butler et al. [1], the experimental concentration
fields have revealed the presence of some unusual patterns of high
concentrations of solute dispersed inside zones of lower concentra-
tions in the slug core (see the experimental pictures of cases A, B,
D on fig. 2). This phenomenon, discussed in Abiev et al. [51], could
be due to initial effects during the bubble formation stage (see also
the concentration field during this stage from Liu et al. [52]). Since
the initial conditions are different in the simulations, as well as
the range of Péclet number, the experimental and numerical con-
centration fields cannot be directly compared. However, a compar-
ison could be achieved through the scaling law evolution of Shy
obtained from the numerical results. The first step is to assess the
influence of the initial distribution of concentration in the slug on
the long-term transfer dynamics, before comparing the numerical
and experimental Sherwood number evolutions.

4.5.1. Influence of initial conditions

In experimental studies, the mass transfer taking place close to
the contact zone between the gas and liquid phases, before the full
establishment of the Taylor flow, can be significant [53]. To address
the question of the influence of the first stages of mass transfer on
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the long-term dynamics, simulations were performed by using dif-
ferent initial conditions in the liquid. For case A, a concentration
field in the liquid phase, directly taken from the PLIF-I experimen-
tal study of Butler et al. [1] at the first position of measurement
along the experimental channel (already far from the injection, at
a distance of 198d), is used to initialise new simulations of mass
transfer at Pe = 84 and 335, by conserving the same converged hy-
drodynamics and bubble shape as before. To this purpose, the ex-
perimental concentration field in the liquid, recorded on a pixel
grid, has been interpolated to the numerical mesh grid so as to be
used as initial condition; the latter is shown in fig. 18, and also
corresponds to the field presented in fig. 9 of [1].

In fig. 18, the time evolution of the Sherwood number for these
simulations is compared to that of the same cases where there is
initially no solute in the liquid phase. Some differences are notice-
able at short time: since the beginning, the values of Sh with the
experimental concentration field are closer to their long-term val-
ues, the time evolution of Sh presenting a lower rate of decrease
compared to the case starting from a null concentration which re-
quires a longer time to establish the mass boundary layer around
the interface. However, after the different transient stages for the
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Fig. 18. For case A, time evolution of the Sherwood number in a simulation where
an instantaneous concentration field measured by the PLIF-I technique from Butler
et al. [1] is used to initialise the simulation (continuous lines), versus the solution
otherwise obtained with a zero initial concentration field (dashed lines), for the
conditions Pe = 84 and 335. The screenshots display the concentration field at two
instants (t=0 and 0.9 t.; ) for Pe = 335.

two initial conditions, the evolution of Sh is no longer affected by
the initial conditions, leading to the same Sh... This conclusion is
consistent with the fact that Sh,, is a parameter characteristic of
the long-time behaviour of mass transfer [50], allowing compar-
isons when the constant Sh condition is achieved.

4.5.2. Comparison of the global Sherwood numbers

In the experiments from Butler et al. [1], the Péclet numbers are
much higher than in the simulations and lie in the range 12, 000 <
Pe < 340,000. Fig. 16(b) compares the experimental Sherwood
numbers with an extrapolation of the numerical correlation eq. 26.
It can be seen that the experimental values are consistent with
the numerical correlation and are distributed around the predicted
values. Nevertheless, it is worth reminding the conditions of mea-
surement of the experimental Sherwood numbers. As what is con-
ventionally done, in Butler et al. [1], the mass transfer coefficient
for each case was obtained from fitting of the curve of the four



measurement points of the average liquid concentration C/C* by a
exp(—k; a t) function. However, it has been shown here that such a

fitting function is only valid for long times, once the steady regime
of transfer is reached, i.e under measurement times of the order
of t. Therefore, even though these global experimental Sherwood
numbers are suitable to describe the average transfer rate during
the time of residence considered (not the same for all experimen-
tal conditions), they may not all correspond to Sh., values as de-
fined in the simulations.

By using eq. 27 to predict t,, it is estimated that only the
experimental cases at the two lower Péclet numbers may have
reached the steady regime of mass transfer (corresponding to the
experimental points at the lower abscissa on fig. 16(b)). Note that,
concerning the first of these points (regime 1 in Butler et al. [1])
and contrary to the other points, the uncertainty on the mea-
sured u;, was relatively high compared to the velocity difference

up — Ugp, impacting strongly the value of the relative Péclet num-
ber Peg used in the correlation. Then, to increase the accuracy of
this point, the hydrodynamics of this case has been simulated: u;,
is found to differ by only 6% in the simulation compared to the
measured value, which permits to estimate a better abscissa for
this point on fig. 16(b), in agreement with the error bar estimated
in the measurements.

By considering that the two experimental values at the lower
Pe are Sh,, values, it can be seen in fig. 16(b) that they are close
to the prediction from the extrapolated correlation, by being lower
of about 30%. For the remaining cases, Shy, can be expected to be
smaller than the measured Sh since Sh(t) is globally a decreasing
function of time during the transient. Then, by combining all these
numerical and experimental results, it can be reasonably inferred
that, at higher Péclet numbers than in the simulations (Peg > 100),
the increase of Sh,, with Pegr would take place at smaller rate than
as a /Peg evolution. Such an observation on the global rate of
transfer in the unit cell could not be surprising, considering the
conclusions already obtained on (i) a saturation of the Sherwood
number Shy, characterising mass transfer around the bubble caps,
visible at the higher Péclet number values in the simulation cases,
and (ii) the smaller rate of increase of Shy ;o exhibited at the ex-
perimental Péclet number values concerning the mass exchange
between the film and slug region. Obviously, this conclusion on the
evolution of Sh, as a function of Peg would need to be validated
by simulations at much higher Péclet numbers or by experimental
results fulfilling the condition of having reached a steady regime of
mass transfer.

5. Conclusions

In this study, five trains of axisymmetric Taylor bubbles flow-
ing in channels have been simulated using the unit cell periodic
approach, based on the Level-Set method. These cases, originating
mainly from a previous experimental study and another numerical
study, present a variety of different geometrical parameters (unit
cells, bubbles), and sit within the inertial regime, having bubble
Reynolds numbers between 200 and 700 with moderate-to-high
Weber numbers. The hydrodynamics features (such as the two-
phase velocity, lubrication film thickness and bubble shape) were
found to be in good agreement with existing results.

On this basis, simulations of the mass transfer dynamics have
been performed using the converged hydrodynamic fields by vary-
ing the diffusion coefficients in a range of Péclet numbers 10 <
Pe < 900. High spatial resolution has been required to accurately
solve the thin mass boundary layers that develop around the bub-
ble interface. The analysis of the local transfer fluxes has revealed
that the highest gradients are located (i) at the bubble front, close
to the divergent stagnation point (corresponding to the entrance
of the film) and (ii) at the bubble rear, at the point where the tan-

gential velocity of the fluid is the highest. High temporal resolution
allows for the observation of the oscillation of the global Sherwood
number evolution, at a period determined by the circulation time
t.ir» and makes it possible to show that an unsteady regime takes
place during which the different local transfer processes develop.
They are namely the fast convective processes along both the chan-
nel axis and the dividing streamline, diffusion across the boundary
layers around the bubble caps and in the lubrication film, and a
mass exchange process from the film along the wall towards the
slug core region. During this transient period, the Sherwood num-
ber decreases over time before reaching a constant value Sh.,. The
number of circulations required to reach this steady regime in-
creases with Pe. Afterwards, the average concentration in the liquid
phase grows based on a exp (—k;a t) function, in agreement with
the models which assume a perfectly mixed liquid phase: such a
function with constant mass transfer coefficient is therefore suit-
able for describing the long-time evolution of the liquid concen-
tration.

In the steady regime, in the film zone of the bubble interface,
the transfer flux follows an evolution Shy; ~ Pe}{ﬁﬂ provided Pe i,
is greater than 1, as predicted analytically by a balance between
axial convection and radial diffusion. The excellent agreement of
this analytical model with the simulation results allows being con-
fident to use it to predict an accurate value for the transfer coeffi-
cient across the interface in contact with the lubrication film.

After being enriched by contact with the bubble surface, the
liquid film continues flowing along the wall (in the bubble frame)
and mainly discharges the solute into the core of the slug, at a
rate Sheye, which increases with the Péclet number Pe;s. However,
the increase of this transfer rate becomes smaller at Pe;, greater
than 1,000. This exchange flux contributes to enrich the outer-
most streamline of the slug core region, in addition to the trans-
fer flux coming from the two bubble caps. The latter is quanti-
fied by Shy, and evolves as ~ Pe'/2 only at moderate Péclet num-
bers (Pe < 100), contrary to what is generally assumed in the mod-
els which use correlations for mass transfer around a freely rising
bubble to characterise mass transfer around the bubble caps. The
simulations performed here prove that at large Pe, Shy, increases
slower than a Pe!/2 evolution: this is characteristic of a mass trans-
fer process in a region of closed streamlines, completely different
from transfer towards an unbounded region.

Such local characterisations of the local transfer processes in
Taylor flows have never been reported or verified in previous stud-
ies, and will be useful for local models of mass transfer distin-
guishing the contribution from the different zones.

As the different Taylor flows investigated here show common
features on the local mass transfer dynamics, a common correla-
tion to predict the global Sh,, has been proposed, eq. 26, which
gathers all the numerical results. This correlation gives Sh., as an
increasing function of both a Péclet number Peg, based on the rel-
ative slip velocity, and of the volume fraction of the liquid phase
in the unit cell. The scaling law covers two orders of magnitude of
Peg (until 100), and involves several hydrodynamic and geomet-
rical parameters. Then, it constitutes a reference for a compari-
son with experimental Sherwood numbers from Butler et al. [1],
at cases of higher Péclet numbers (Peg > 2,000). Such a compar-
ison is challenging because of the completely different values of
physical parameters involved (Pegr, Reynolds and Weber numbers,
geometrical ratios), the possible influence of residual impurities in
experiments and different initial conditions for the hydrodynam-
ics and the mass transfer (than in the simulations) as injection ef-
fects are present in the experiments and create particular concen-
tration patterns at the contact point between the gas and liquid
phase. Thanks to simulations initialised with experimental concen-
tration fields, it has been possible to show that initial conditions
do not modify the long-term transfer dynamics measured by Sh,



which is therefore a robust parameter for a comparison, provided
the time t,, required to reach the steady regime of mass transfer
is reached. Considering the experimental cases at the lowest Peg
where the latter condition is probably satisfied, the experimental
values of Shy, are close to the predictions by the numerical corre-
lation and tend to show that Sh,, could increase at a smaller rate
than a ,/Peg evolution at Peg > 100. Such a conclusion should be
confirmed in further works.

This study constitutes an example of the strong complemen-
tarity between numerical and experimental studies, permitting a
detailed understanding of the transfer mechanisms (mass or heat
transfer) involved within a train of Taylor bubbles.
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Appendix A

This appendix presents two validation cases on the problem of
mass transfer around (i) a static bubble and (ii) a rising bubble in
a large range of Péclet numbers Pey,.

Mass transfer in the pure diffusive regime

A static spherical bubble of radius R is considered, which is
assumed to have uniform concentration, the interface being at a
concentration C(r = R, t) = C* and the external liquid (at rest) at a
concentration C(r — oo, t) = G; = 0 at an infinite distance from the
bubble. The transient mass transfer process, only due to diffusion,
is solved in the liquid phase, starting from zero concentration at
initial time in the liquid phase (C(r,0) = C; = 0 for r > R). The ra-
dial concentration profile at several time instants can then be com-
pared with the analytical solution of the problem [54], given by

C(r,t):C*—% zcj/%ftfow(ms’)
Y 2 ,
{exp [_(541)%)} — exp [_@IDgt)}} dé (28)

where £ =r —R. As can be clearly seen in fig. A.19, there is excel-
lent agreement between the numerical and analytical solution for
all times, for this purely diffusive case.

Mass transfer around a rising bubble

The mass transfer around a spherical bubble rising in an ex-
ternal liquid at rest is considered, for a Reynolds number of 20,
for a sufficiently low Bond number so there is no deformation of
the interface, and for varying Schmidt numbers, leading to a large
range of Péclet numbers Pej, = ”ﬁﬁd. Hydrodynamics are solved un-
til steady state for the rising motion; then, based on this converged
velocity field, the transient mass transfer process is simulated with
the same boundary and initial conditions as in the previous vali-
dation case. Simulations are axisymmetric and performed on dif-
ferent grids from 10 to 240 nodes per bubble radius.

Physical values of the different properties used for the simula-
tion can be found in the caption of Table 5. Based on the value

Fig. Al1. Validation case - Mass transfer around a spherical bubble in the pure dif-
fusion regime. Comparison of the simulation profiles (symbols) to the analytical so-
lution eq. 28 (continuous lines) at four different times, expressed as a function of
the diffusive time t4;7; = d?/D.

of the drag coefficient from the boundary-fitted simulations of
Oliver and Chung [55], the Reynolds number at steady state should
be equal to Re, =20 in an unconfined media. The comparison of
results of terminal velocity presented in Table 5 show excellent
agreement, with a discrepancy of only -3%, as well as demonstrat-
ing clear mesh convergence. This small discrepancy is attributed to
the slight confinement imposed by the size of the simulation box,
which is of (8R, 16R). Hydrodynamics around the bubble is then
considered to be well computed by the code.

For the mass transfer simulations, the Sherwood number de-
fined by

- ,VCndsS
C* Sy ’
is calculated when it has reached a constant value. The latter

is compared with the correlation proposed by Colombet et al.
[44] from boundary-fitted simulations, given by

4
Shoo pred = 1+ |:1 + (E)

where Peqax = umed is based on the maximum tangential velocity
at the interface, given by the relation proposed by Legendre [56] as

Sho = (29)

2/3 3/4
(zpemax)2/3i| ) (30)

1 16+ 3.315Re!’? + 3Re,
X b (31)

Unax = =
"2 16+3.315Re]/? +Rey

The results are summarised in Table 5 for a large range of Péclet
numbers. The mesh convergence of the results are clearly illus-
trated, noting that achieving a lower discrepancy for Sh is more de-
manding than for the hydrodynamics, at large Pe,. Indeed, it is ob-
served that when the mass transfer boundary layer is not resolved
enough, the concentration gradient in the normal direction to the
interface, i.e the mass transfer flux, is underestimated, whereas the
level of error for the simulation falls drastically when the mesh
resolution becomes sufficient. It can therefore be concluded that
the meshes used for this benchmark allow for the accurate sim-
ulation of the mass transfer dynamics until Pe, = 10,000 with an
error less than 3%, noting that the boundary layer is captured on
four grid cells at its thinnest part at Pe, = 10,000 with a mesh
resolution of 240 nodes per bubble radius.

Appendix B

In Table 6, the mesh sensitivity analysis carried out on the com-
putation of the mass transfer rate in the considered Taylor flows



Table 5

Validation case - Sherwood number in the steady regime around a spherical freely bubble rising for
Rey, = %,”d =20, Bo= (”"(‘;73)3‘12 =0.025 (theoretical prediction, eq. 30) and at different Pe, numbers.
Six numerical grids are used. Physical parameters: d = 39.1 um, p, = 1,000 kg/m’, 1, = 0.00113 Pa.s,
pg =1.226 kg/m’, g = 1.78 x 105 Pas, g = —9, 144.4 m/s’, o = 0.56 N/m, D is varied from 2.3x10-°
to 1.1x10""m?2/s so as to produce different Péclet numbers.

Number of mesh points per radius 10 20 40 80 120 240
Discrepancy on Re, 1.4% -0.6% -4.5% -3.9% -3.2% -3.0%
Discrepancy on Sh,, at Pe, = 200 -49.4% -8.86% 1.2% 0.5% -0.3%  -0.1%
Discrepancy on Sh., at Pe, = 1,000 -53.2% -18.7%  2.3% 3.5% 1.4%
Discrepancy on Sh,, at Pe, = 2,000 -72.6% -37.2%  -4.7% 2.4% 1.3%
Discrepancy on Sh, at Pe, = 5,000 -24.2%  0.6% -0.1%
Discrepancy on Sh,, at Pe, = 10,000 -42.8%  -8.5% 3.3%

Table 6
Sensitivity of Sherwood number Sh,, obtained after simulations of cases A-E by us-
ing different grids. Ax is the characteristic mesh size around the interface.

Case A Mesh grid 337 x 780 457 x 1340 670 x 1850
Ax @ interface 5 um 33 um 2.2 pm
Pe =84 - She =16.3 She =16.4
Pe =419 - She =323 Sh,, =33.4
Pe = 838 Sho =35.5 Sh., =38.0 She, =48.1
Case B Mesh grid 256 x 1900 400 x 2100 600 x 3150
Ax @ interface 5.9 um 3.8 wm 2.5 um
Pe =343 Sho =225 Sh =225 She =221
Pe = 686 - Sho, =28.2 She =279
Case C Mesh grid 74 x 680 400 x 2100
Ax @ interface 249 pm 6.8 pm
Pe =54 Sho =5.4 Sho =6.2
Pe =272 Sho =11.5 Shy =13.6
Case D Mesh grid 190 x 1080 380 x 2200
Ax @ interface 8.1 um 4.0 pm
Pe =21 Sho = 6.5 Shee =7.5
Pe =36 She, = 8.7 She = 10.5
Pe=171 Sho =12.1 Sh =149
Case E Mesh grid 80 x 528 160 x 1056
Ax @ interface 3.1 pm 1.6 pum
Pe =49 Sho, =6.9 Shoe =7.0
Pe =81 Sh,, = 8.8 Sho. =9.0
Pe =122 Sho =10.6 She = 10.9

of Table 2 is detailed, for cases A-E. It can be seen that, in the
range of investigated Péclet numbers, the Sh, values are very close
when increasing the level of refinement of the grid, thus validat-
ing the reliability of the results for the physical analysis presented
in Section 4. Such tests allows for determining the highest Péclet
number condition for mass transfer which can accurately be simu-
lated on a given mesh.
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