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ABSTRACT

Keywords: A fluidized bed of Geldart-A particles is promoted as heat transfer fluid in the tubular solar receivers of solar
Particle-in-tube solar receivers towers. A pressure-driven upward particle flow affects the hydrodynamic flow structure and properties of the
Bubble rupture promoters fluidized bed. Experiments involved a tube of 0.05 m internal diameter but of very high height/diameter ratio
Flmdl,zatwn .reglmes (>120), representative of the future solar receiver and of numerous chemical reactors. Solid circulation fluxes
CFD simulation . is . . . .
Two Fluid Model and sub-grid model and aeration velocities were varied. Configurations of a bare tube and a tube with bubble rupture promoters were
Gas through flow compared. In the bare tube, freely bubbling is transformed into axi-symmetric slugging at a bed level of ~1 m.
With bubble rupture promoters, freely bubbling prevails to about a bed level of 3 m, and a turbulent fluidization
mode develops higher up the tube (a more chaotic two-phase system with elongated and unstable “gas voids” and
“dense solid clusters™), without axi-symmetric slugging detected. Experimental results for both tube configura-
tions were assessed and compared with CFD predictions by the Euler n-fluid code, NEPTUNE_CFD. A good
agreement of bed properties was obtained for slug/void frequencies and solids volume fraction in both tube
configurations. BRPs moreover enhance the bubble through flow of the fluidizing gas, thus limiting the visible
bubble flow rate and bubble sizes while increasing the gas/particle contact, and hence important in designing
multi-tube chemical reactors. Whereas slugging limits the heat transfer from the tube wall to the suspension at
~200 W/m?K, the presence of BRPs maintains a heat transfer coefficient in excess of 600 W/m?K.

are used as HTF and thermal energy storage (TES) medium. This solution
is efficient but the minimum (260 °C) and maximum (600 °C) operation
temperatures are limited by salt solidification and chemical degradation
respectively [1-3]. These limitations are avoided by substituting current
molten salts (mostly eutectic Na and K nitrates) by alternative HTFs with
plants a special attention paid to using high pressure gas, high temperature
molten salts and particles [2-4].

The present study is part of the development of the particle-driven
concept for future CSP power plants, where particles can be used as
HTF and TES medium from ambient temperature to above 1000 °C, thus
improving the thermal efficiency of the receiver, of the TES and of the
thermodynamic cycles [5].

Three main particle receiver concepts are under development, i.e.
the “falling particle” receiver, developed by the Sandia National

1. Introduction

1.1. The development of particle-driven concentrated solar power (CSP)

CSP plants convert solar heat into electricity through appropriate
thermodynamic cycles. Heliostats concentrate solar radiation onto a
solar receiver, where the solar heat is absorbed and transferred to a heat
transfer fluid (HTF). Solar heat can hence be stored before being con-
verted to electricity in a steam or gas turbine, while enabling CSP plants
to supply electricity on demand during peaks, replacing back-up fossil
fuels to ramp up the electricity production when demanded by the grid.
In the current state-of-the-art central receiver solar towers, molten salts

* Corresponding authors.
E-mail addresses: Baeyens.J@gmail.com, 2016880011 @mail.buct.edu.cn (J. Baeyens).
1 Considered equally as principal authors.



Nomenclature

Symbols

A Cross-sectional area, m?

Ar Archimedes number, —

dp Frontal diameter of bubble, m

dg, Surface/volume mean diameter of powders, m or pm

fas Theoreticel axi-symmetric slugging frequency, s~

Fws Theoretical wall-slugging frequency, s~

g Gravitational constant, 9.81 m s>

Gs Solid upward flux, kg m2s~!

H Fluidized bed height, or level in the bed, m

N cross sectional bubble/slug frequency, s ! m~2

Re Reynolds number, -

U superficial gas velocity, m s~

U, Velocity at which the amplitude of pressure fluctuations
across the bed reached a maximum, m/s

Uk Velocity at which the amplitude of these fluctuations
leveled off after falling from the maximum, m/s

Unmb Superficial gas velocity at minimum bubbling, m s

Ups Superficial gas velocity at minimum fluidization, m s~!

Upe Onset superficial gas velocity for pneumatic transport, m
sl

Urr Transition gas velocity to fast fluidization velocity, m s™*

Greek symbols

AP Pressure drop, Pa

AL Incremental bed height, m

Pz Bulk density of the fluidized bed, kg m 3

P> Pp Density of the fluidization gas, and absolute particle
density, respectively, kg m ™3

4 Standard deviation of the particle size distribution, m or
pm

o Solid volume fraction

Y Bubble through flow factor

€ Void fraction of the bed

g Fraction of total bed volume occupied by bubbles

emp €mp  Voidage of the bed at U,r and Uy, respectively

Abbreviations

BRP Bubble Rupture Promoters

CSP Concentrated Solar Power

DUFB Dense Upflow Fluidized Bed

EMMS  Energy Minimization Multi-Scale

HTF Heat transfer fluid

LD./O.D. Internal and Outside Diameter, respectively, m

TES Thermal Energy Storage

TFM Two Fluid Model

UBFB Upflow Bubbling Fluidized Bed

Laboratories (SNL, USA) [6]; the centrifugal receiver, developed by the
German Aerospace Center (DLR, Germany) [7]; and finally, the particle-
in-tube solar receiver (or Upflow Bubbling Fluidized Bed, UBFB), as
developed by the National Center for Scientific Research, (CNRS,
France) and its international partners within the European research
projects “CSP-2"” and “Next-CSP* [8]. Additional concepts reported in
the literature include the top-irradiated fluidized bed receiver of Mag-
aldi [9] and the top-irradiated draft tube fluidized bed of Gokon et al.
[10] and Matsubara et al. [11]. The experimental research covered
ambient and on-sun single tube receivers of small internal diameter L.D.
and irradiated length of 1 to 2 m, single tubes of longer height (ambient
conditions, up to 4 m) and ultimately on-sun solar receivers with
respectively 16 or 40 parallel receiver tubes. This research and devel-
opment has been presented in numerous papers, as reviewed in the
Supplementary Information SI-1. The ongoing Next-CSP solar receiver
involves 40 parallel tubes, each of 0.05 m I.D. and 3 m of (on-sun)
irradiated height. For a further scale-up of this UBFB receiver to com-
mercial applications of 10 to 50 MWy, the multi-tube parallel operation
will be applied, but tubes of taller height (preferably > 6 m) are
required. It was previously demonstrated that the heat transfer coeffi-
cient declines when using tubes of increasing L.D. since the particle
renewal at the tube wall surface considerably diminishes [5]. Increasing
the height of the tubes is the obvious solution. In the particle-in-tube
solar receiver, the fluidized particles flow upward in the tube (hence
called UBFB), and indirectly absorb the concentrated solar power
through the tube walls. For reasons explained in section 1.2, Geldart A-
particles are ideally suited for use in these receiver tubes. Olivine or
cristobalite are the selected candidate HTF particles on the basis of
thermal, physical, economic and environmental criteria [12]. The
operation of the UBFB receiver relies upon a stable upward fluidized
particle flow that can only be achieved if the transport tube is immersed
in a pressurized fluidized (bottom) dispenser bed, with an injection of
secondary air above the tube bottom [13]. The performance of this type
of solar receiver depends on both the hydrodynamics of the particle
flow, and its associated and strongly dependent wall-to-fluidized bed
heat transfer coefficient that determines the sizing of the solar receiver
accounting for given wall material properties [14,15]. On-sun studies in
tubes of a height till 2 m, have demonstrated that heat transfer

coefficients between 800 and 1200 W/m?K are achievable for varying
irradiation conditions [14-17]. Since heat transfer and solids mixing
inside the receiver tube are linked, understanding the characteristics of
the fluidized bed flow in long tubes of small I.D. is critical. Two flow
regime transitions have been previously identified in small I.D. tubes of
heights between 1 and 4 m, where bubbling and wall slugging appeared
at lower bed levels (< ~1m), and wall slugs became axi-symmetric slugs
in deeper beds [18]. Whereas the impact of wall slugs on the particle
mixing is not too outspoken since they do not cover the entire cross
sectional area of the tube, axi-symmetric slugs significantly hamper the
heat transfer due to severely reducing the axial and radial particle
mixing, and directly exposing a gas volume to contact with the tube
wall, thus hampering the particle convection heat transfer [15]. It is
hence important to study both the operating conditions and the possible
special measures that can reduce the axi-symmetric slugging phenom-
ena in long tubes of small I.D.

The hydrodynamic characteristics of the fluidized bed can be
investigated through video imaging (in transparent tubes) and by
measuring pressure gradients along the level in the bed [19,20]: a
moving bubble (or slug, or gas void) creates a positive pressure at its top,
and a negative suction pressure in its wake. When such gas-filled entity
hence moves within the measuring field of a pressure probe, it results in
a positive pressure peak followed by a negative dip of the pressure
signal. This signal can be analyzed by time-dependent and frequency
treatments, giving information not only on the flow dynamics (velocity,
frequency and size, among others), but also on the overall flow regime
[21-23]. A sudden change of these parameters in function of mostly
level within the tube, corresponds to a change of the flow regime and
transitions between the fluidization modes can be distinguished. These
measuring techniques will be used to meet the objectives of the research,
as detailed in section 1.4.

1.2. Fluidizing Geldart A-particles

Geldart [24] classified the gas fluidization behavior of particles in
Cohesive, Aeratable, Bubbling and Different (coarse) groups. Appro-
priate equations to delineate the particle class boundaries were devel-
oped with the average particle size, dsy, and gas/solid densities, pg and ps
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as main parameters [18]. The present study uses Geldart-A cristobalite

transfer coefficient obtained [5,15].

silica with absolute density ps ~ 2800 kg/m>. Geldart-A particles in the
range of 30 to 80 pm offer hydrodynamic advantages. Geldart-B (80 to
440 pm) and Geldart-D particles (>450 um) complete the particle clas-
sification but are not suitable for the upflow bubbling receiver tube
application, mostly due to the reduced particle mixing and lower heat

Geldart-A powders, widely applied in commercial gas/catalytic flu-
idized bed reactors [25], were proven to open new perspectives in solar
receivers [5,14]. Their behavior has been studied in detail
[18,24,26,27]: they are easy to handle and to convey, while a gross
circulation (similar to liquid gulf streaming [28]) and excellent particle
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mixing occur in the bubbling fluidized beds. At increasing superficial gas
velocities and if the bed diameter is large enough to avoid slugging [29],
bubbles frequently split and re-coalesce: a maximum stable bubble size
is achieved and small bubbles (<5 c¢m) appear to rise at a constant ve-
locity of ~0.3 to 0.4 m/s, regardless of the bubble size, and controlled by
the particle gross circulation [30]. At higher superficial gas velocities in
small I.D. tubes, bubbles will transform into wall and ultimately axi-
symmetric slugs, with a constant frequency of about 1 and 0.5 Hz,
respectively. Axi-symmetric slugs cover nearly the entire cross-section of
the bed, hence reducing the axial/radial solid mixing [31].

At velocities in excess of 0.3 to 0.5 m/s, depending on the particle
size, and when particle recycling is applied to maintain the bed solids’
inventory, a more chaotic turbulent fluidized bed mode is achieved
[32,33]. This transition will be discussed in section 1.3.

A further increase in superficial gas velocity (a few m/s) will lead to
the fast fluidization mode.

Small I.D. beds are common in laboratory research, in particle-in-
tube solar receivers (Fig. 1), and are hydrodynamically similar to the
bed cells created by the vertical heat exchanger tubes in a commercial
gas/catalytic reactor (e.g. acrylonitrile, aniline, among others [25], or in
novel multi-tube ethylene oxide or vinyl acetate monomer production
reactors [34]). In these exothermic reactions, multiple heat exchanging
tubes are inserted in the bed, and create parallel bubbling cells, as
illustrated in Fig. 2 and 3: several hundreds of tubes are inserted in the
bed, limiting the free hydraulic diameter of bubbles to <0.1 m. In other
exothermic applications, such as the production of ethylene oxide as
illustrated in Fig. 3, the fluidized beds are really confined in multi-
tubular reaction cells (of 0.05 to 0.07 m I.D.) with heat transfer ach-
ieved to the HTF surrounding these multiple tubes. In both cases, bed
heights are close to 5 or 6 m. Operating conditions of these chemical
reactors were reviewed by Bi et al. [35].

Clearly, the hydrodynamic study of the particle-driven solar re-
ceivers will also provide results that will be applicable to define the
particle/gas behavior in these typical fluidized bed gas/catalytic
reactors.

1.3. Review of fluidization regimes for group A powders

Different contacting regimes occur for varying solid/gas

characteristics, bed geometry and superficial gas velocity.

The well-known fixed bed has an increasing pressure drop with the
gas flow rate, as described by the Ergun equation [36]. The equality of
the drag force by the upward moving gas and the weight of the bed
determines the onset of fluidization, and the superficial gas velocity at
this point is the minimum fluidization velocity, Ups. Above Uy, the gas/
solid system behaves “liquid like”, with an apparent density equal to the
powder bulk density. Up¢ can be predicted by numerous empirical
equations [37-39], with the equation of Baeyens and Geldart [39] used
in this work for particles smaller than 100 pm.

» —p 0.934 0.934 71.8
Uy = % (€]

Almost all fluidization research has been performed at ambient
conditions. Changing the temperature or pressure in the bed alters the
properties of the gas. In A-powders, Upys decreases with increasing
temperature and is hardly affected by pressure. In coarser powders, Upys
increases with an increased temperature but is reduced when increasing
the pressure. Specific correlations are available (e.g. Wu et al. [38]).

Geldart A particles [40] moreover exhibit a behavior not found in
coarser solids and can be fluidized at velocities beyond Uy, without
bubble formation until a slightly higher superficial gas velocity is
reached and small bubbles appear at the surface. This higher velocity is
called the minimum bubbling velocity Unp [24]. Beyond Up¢ or Upp,
small bubbles are formed at the distributor and grow when rising
through the bed. In beds of A-particles [40], a maximum stable bubble
size is reached. In beds of coarser particles, bubbles keep on growing.
The fluidization regime starts to alter when the bubbles grow larger than
approximately 1/3 to 1/2 of the bed diameter when wall effects deter-
mine the bubble and solids flow. The rise velocity of the bubbles, now
called slugs, is determined by the bed diameter. Slugging beds are
characterized by large pressure fluctuations [41].

At still higher gas velocities, approaching the particle terminal (or
free fall) velocity, the two-phase (bubble/emulsion) character gradually
fades out and is replaced by a condition of increasing uniformity,
without large discrete bubbles and slugs, commonly referred to as the
“turbulent” bed. Whereas the two-phase bubbling/slugging regime can
be considered by the dense phase forming a continuous phase with gas
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Fig. 5. Fluidization regimes for A-type particles at increasing superficial gas velocity, adapted from [52].

regions as dispersed phase, the turbulent regime covers an operation
mode where gas forms the continuous phase while particle clusters
constitute the dispersed phase [42,43], leading to an increasingly diffuse
upper surface in the turbulent bed [44]. The transition to and charac-
teristics of turbulent fluidization were previously assessed and described
as a condition with particle clustering, with high carry-over, and with a
“continuous coalescence, virtually a channeling state with tongues of
fluid darting in a zig-zag fashion through the bed” [43]. Within a full
range of operating velocities, Yerushalmi et al. [43] developed a fluid-
ization diagram and fitted turbulent fluidization in between two veloc-
ities, U, and Uy (Fig. 4). The amplitude of pressure fluctuations across
the bed reached a maximum at U, the superficial gas velocity consid-
ered to mark the onset of turbulent fluidization. At and above Uy the AP
fluctuations leveled off after being reduced from their maximum.

The transition occurs sharply for Geldart A powders. It is more
gradual for B or D particles where the transition involves both periods of
slugging and a turbulent character [43,45]. Avidan et al. [46] confirmed
the turbulent regime between bubbling and fast fluidization, with the
transport velocity in agreement with Yerushalmi et al. [43]. Horio et al.
[47] confirmed the results of Yerushalmi et al., but demonstrated a
difference between Uy and the start of the fast fluidization regime,
subsequently defined as the transport velocity, Urg, Perales et al. [48]
and Breault and Mathur [49] found no marked difference between Uy
and Utg. Bubbling was seen to extinguish in the bed, but was replaced by
a progressive formation of gas voids and particle clusters. Chehbouni
et al. [50] demonstrated the turbulent fluidization regime between U,
and Urg. Werther et al. [51] investigated the effect of the reactor scale
on the turbulent fluidization regime: no significant scale effects were

Table 1
Prediction of transition velocities.
Utrans Description Equations Ref.
Umb Minimum bubbling Ump = Abrahamsen
velocity for A-type 2.07d,p2% and Geldart
5
powders gl exp(0.716Fss), [53]
Fys: fine fraction less than 45
pm
Une Minimum | Har B Wu and
fluidization velocity Un = (pm.,dp RemeAr = Baeyens [38]
1823Rey,?” + 21.27Re};
Ue Veloc‘ity at which the U = Hair Re.Re, — 0.36 This work
amplitude of airdp
pressure fluctuations ~ Ar%-5°
across the bed
reached a maximum
Utr Velc.)city of' transition U = ( Hair )Re, Zhang et al.
to circulating 0airdp (2015) [32]
fluidized bed Rerr =3.23 + 0.23Ar
Upns Velocity at onset of Ups = Uns + 0.07,/¢DD: Baeyens and
slugging diameter of the bubbling Geldart [41]

fluidized bed

For Geldart A powders, these velocities will be <0.01 m/s for U,sand Uy,y; 0.2 to
0.5 m/s for Ug; >1 m/s for Urg and in excess of 1.5 to 2 m/s for Uy

observed when progressing from bubbling to turbulent fluidization. Fast
fluidization was reached when the superficial gas velocity exceeded the
transport velocity, Urg.

At still higher gas velocities, pneumatic conveying will occur. The
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overall fluidization map of operation modes can be represented by
Fig. 5.

Relevant transition velocities can be predicted by well-known
equations. The equation for U, was developed in the present research.
All equations are given in Table 1.

1.4. Objectives

This present research was conducted at ambient temperature and
focuses on the characterization of the upward suspension flow in a small

LD. tube (0.05 m) with a large aspect ratio (height/diameter = 120),
hence representative of the future commercial solar receiver set-up [54].
A cold rig was set up for several experimental campaigns with necessary
particle circulation, to study the evolution of both the solid volume
fraction and the flow structure. The study hence extends earlier studies,
as reviewed in Supplementary Information SI-1 by (i) including the ef-
fects of solid circulation flux and aeration gas flow rates, (ii) attempting
to reduce the slug formation by inserting Bubble Rupture Promoters
(BRP) in the tube, resulting in a comparison of the hydrodynamic modes
in a “bare tube” (BT) and in a “tube with inserted BRP” over the total



height of the tube, and (iii) assessing associated design effects of heat
transfer coefficient and gas through flow. Experimental and simulation
results will be used to classify the fluidization regimes.

2. Experimental
2.1. Set-up

The cold set-up consists mainly of two sections: (i) the section where
particles are transported upwards, and (ii) the downward recycle sec-
tion, where collected upflow particles are returned to the bottom of the
set-up. The experimental rig used is shown in Fig. 6(a). The secondary
sonic injection nozzle had an internal orifice diameter of 0.5 mm. Since
the abatement of slug formation was considered an important target,
hydrodynamic flow regimes in both the bare tube, and in a tube with
inserts will be compared. These inserts, called Bubble Rupture Pro-
moters (BRP), are illustrated in Fig. 6(b). These inserts were positioned
from 0.1 m above the injection nozzle of the secondary air, and were
installed throughout the height of the tube, hence till the 6 m top. Both
bare and BRP tubes were experimentally investigated. The bare tube was
constructed as 0.05 m L.D. polyethylene pipe, with absolute roughness
coefficient of about 0.0015 mm. The BRP inserts were electro-polished
stainless steel pipes with absolute roughness coefficient of about
0.0005 mm, according to ENISO 4287:1997 [55] and KEPCO [56].

Different BRP configurations with vertical tubes were initially tested
(e.g. with 15 small L.D. tubes), but the configuration of Fig. 6(b) pro-
vided the best results towards bubble size reduction and transition to the
turbulent fluidization mode. Earlier tests using wire mesh at different
levels in the tube and even using commercial packings were proven
inefficient, since they rather promoted axi-symmetric slugging.

At the exit of the upward tube, the solids are separated from the air
by means of a tapered disengagement chamber of 0.3 m height, followed
by a bag filter. The disengagement chamber gravitationally discharges
the collected solids into the solids holding slow bed via a sealing rotary
valve. For the fine particles used, it was shown that less than 2% of all
circulating solids are collected in the bag filter.

The upward tube is built of three transparent polyethylene sections
with an LD. of 0.05 m, and a total height between its insert in the
dispenser bed and the disengagement top of 6.6 m. The height of the
tube was 5.9 m above the level of the secondary air injection. The whole
rig was electrically grounded to minimise electrostatic effects. The
dispenser (feeding bed) has an I.D. of 0.3 m, a total height of 0.7 m and a
fluidized bed height of 0.55 to 0.6 m. The superficial fluidization ve-
locity was 1.2 Upy, in the dispenser. The dispenser is fitted with a multi-
tubular (4 tubes) and multi orifice (0.5 mm I.D) distributor with a
pressure drop of 1550 Pa at a superficial air velocity of 0.01 m/s, thus
considerably exceeding the design values for common distributors [57].
The dispenser was pressurized to about 1.7 bar and excess air was bled
off through a pressure relief valve [13,18,58].

The major part of the in-tube fluidization air was supplied by the
secondary air injection, located 0.1 m above the top of the dispenser. All
air flows were valve-controlled and individually monitored by cali-
brated digital flow meters (MF5712-N-200, Siargo). A compressor (600
NL/min), with pressure holding tank, was used to supply the air flow to
the rig. The air was filtered to protect the distributors from oil or dirt.

The recycle loop feeds the separated particles to the bottom of the
upward conveying tube through the bottom fluidized bed (dispenser).
The fluidized bed (slow bed) in the recycle loop creates a pressure build-
up, which together with the 2 rotary airlocks and the downcomer,
compensates the pressure drop of the upflow tube. This slow bed of 0.5
m I.D and bed height of 2 m, was also fluidized at 1.2 Up,y, through a
multi-tubular, multi-orifice distributor. While in operation, the bed
height in the slow bed is between 1.2 and 1.7 m. For the controlled
recycle of solids to the upflow section, a rotary valve and a non-
mechanical L-valve (0.05 m I.D.) were used. Both the rotary valve and
L-valve were calibrated and the particle suspension flow rate could be

Table 2
Particle characteristics.
dsy o(pm)  p, (kg Unmp v pp (kg U, (m/
(pm) m~?) Upp(cm/s) m %) s)
55.0 14.0 2800 0.34/0.53 0.64-0.71 1380 0.203

controlled to within +/- 3%. The L-valve air is supplied at 0.15 m above
the elbow.

2.2. Operating conditions

2.2.1. Powder used

The powder used was Geldart A-type cristobalite silica with prop-
erties as given in Table 2. The particle size distribution was measured by
Malvern Mastersizer 2000. Values of the standard deviation ¢ are given
in Table 2. Upys and Upyp, were measured in a separate 0.05 m L.D. flu-
idized bed of 1 m bed height. Uys was measured from the commonly
used measurement of the average AP at increasing and decreasing su-
perficial air velocity, and defined as the superficial air velocity at the
intersection of the sloping packed bed line and the horizontal AP line of
the fluidized bed. Uy was determined as the superficial air velocity
where first bubbles were seen to erupt at the bed surface.

Values agreed with the predictions by respectively [37,38]. Particle
shapes were imaged by an OPTEC DV 320 microscope, and the sphe-
ricity y was determined according to Cavarreta et al. [59] and Cho et al.
[60]. It was revealed between 0.64 and 0.71. The packed (tapped) bulk
density was 1380 kg/m°>. U, was calculated by the Geldart method [24].
The amount of ultrafines (<10 pm) is below 10%.

2.2.2. Measurement techniques

Three different techniques were used, two of them providing an
overall qualitative picture, the other technique of pressure gradients and
their fluctuations providing quantitative results. A qualitative fluidiza-
tion impression is obtained from visually observing the bed surface at
the top of the upward conveying tube: either the regular “piston-like”
eruption pattern or a “chaotic” eruption pattern were observed. The slug
eruptions were timed (frequency) and used as backing data. The second
method involved using a 25 frames/second camera (Panasonic HDC-
TM40) to image the two-phase behavior at different levels in the bed.
The imaging technique could not provide accurate data for the bottom
(bubbling) bed section due to the significant overlap of bubbles present.
Measured bubble frequency results are hence liable to significant errors
for the first 0.5 m in the bed.

The third method relied on the pressure gradients, measured for each
0.5 m bed level interval. All pressure probes, with a gauze on the tip to
limit ingress of particles, were connected to solid state pressure trans-
ducers (Siemens) and recorded on a PC to be analyzed afterwards.
Pressure gradient measurements were transformed into the mean solids
volume fraction, according to Louge and Chang [61] and assuming
negligible acceleration and friction effects. The solid volume fraction,
ap, is equal to (1 — &) where ¢ is the gas volume fraction:

AP 1
o) 5t

To verify the conditions stipulated by Louge and Chang [61], the
acceleration of the solids was calculated by the method of Rhodes and
Geldart [62], while friction factors between solids and the wall in an
upward transport line were calculated by the modified correlation of
Konno and Saito [63].

From the calculations, the sum of the acceleration and wall-to-sus-
pensionpressuredrops was below 3% of the pressure drop of the upward
column and hence negligible. The pressure drop caused by bubble/slug
wall friction can be calculated using a Blasius friction factor [64]. Due to
the very low value of the friction factor at common bubble/slug velocity,
pressure drops are of the order of a few Pascal (« 1 mbar) only, and
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hence negligible in the overall pressure balance.

The influence of rising bubbles/slugs next to the pressure probes is
however significant and is reflected in the pressure drop variations
(Fig. 9 of section 3) where pressure increases are recorded as the bubble/
slug approaches the probe, while the pressure decreases in their wakes,
as previously described. Littman & Homolka [65], Xie [66] and David-
son & Harrison [67].

Equation (2) can hence be used, since acceleration and friction ef-
fects are negligible.

2.2.3. Operating conditions

The operating conditions were selected within the range of expected
commercial solar receiver applications. Three superficial air flow rates
were tested, and controlled at 0.11, 0.16 and 0.22 m/s (as sum of
dispenser and the major secondary air injection in the bare tube). The

solid circulation fluxes were set at respectively 56 (+/- 2) kg/m?s, 105
(+/-3) kg/mzs and 175 (+/-6) kg/mzs, all fluxes significantly below the
choking limits, as defined by Zhang et al. [68]. Due to the presence of
BRP, these onset superficial velocities increased to respectively 0.13,
0.18 and 0.25 m/s in the rig due to the reduction of free cross-sectional
area.

Due to the air decompression along the level in the bed, the super-
ficial gas velocity will linearly increase towards the top of the upward
column. This increased superficial air flow rate is illustrated in Fig. 7,
accounting for the pressure gradients as measured, and illustrated in the
section below.

After setting the air velocities in the dispenser and upflow column,
the solids feeding was progressively set at the required flow rate, and
stable operating conditions were seen within less than 10 min from
starting the solids feeding. The solid circulation rate was checked at
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regular intervals by measuring the time required to increase the bed
level (by 3 cm) in the slow fluidized bed when stopping the rotary
recycle feeding valve, and accounting for the bulk powder density at
Umf.

3. Experimental results and discussion

3.1. Pressure gradients and relative pressure fluctuations along the level in
the upflow column

3.1.1. Bare tube versus tube with BRP

When observing the bed surface visually, differences can already be
seen in both experimental conditions. In the bare tube, the bed surface at

0.50

the discharge point in the disengagement chamber remains relatively
flat and rises and falls in regular ‘piston-like’ fluctuations, representative
of a slugging fluidization mode. In the tube with BRP, the bed surface
has a more turbulent appearance due to erupting chains of gas voids and
trailing bubbles. In the slugging mode, the frequency of these fluctua-
tions was easily timed and corresponded to between 0.4 and 0.5 Hz.
When BRPs were present, the frequency could not be accurately defined,
but exceeded 1 to 1.5 Hz.

Results obtained by the pressure probes, installed at a 0.5 m interval
along the tube height, provide accurate data. The average pressure drop
measured and the corresponding relative pressure drop fluctuations are
given in Figs. 8 and 9. Detailed results are given in Supplementary In-
formation S2. The signals from the pressure transducers were recorded
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Fig. 10. Solid volume fraction versus level in the bed at increasing superficial air velocity, in m/s (a) Bare tube: 0.11 m/s, 0.16 m/s, 0.22 m/s (b) Tube with BRP:
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along the time of operating the experimental set-up at the different
combinations of superficial air velocity and solid circulation flux.
Although the average pressure gradient is given by the linear fitting of
the data (Fig. 8), variations of pressures drops, expressed as the ratio of
the fluctuations 8(AP) and the average pressure drop AP, are repre-
sented in Fig. 9.

Pressure fluctuations increase with the level of measurement in the
bed, although a difference between the bare tube and the tube with BRP
is clearly seen. In the bare tube experiments, the fluctuations increase
almost linearly with the level in the bed and the very large pressure
fluctuations (up to 25%) are caused by the occurring slugs. Axi-
symmetric slugging was evident over the entire height in the bare
tube, with pressure fluctuations exceeding 10% of the pressure gradient
at the given air velocities, in line with the rule of thumb stated by Leva
[69]. The magnitude of the pressure fluctuations increased with air flow
rate and with the level in the bed.

For the tube with BRP, axi-symmetric slugs were not observed, and
rising bubbles transformed rapidly into turbulent voids. Relative pres-
sure fluctuations were moreover seen to level off from a 2 to 3 m level in
the bed, except for the lowest air flow rate and solid circulation flux,
where the fluctuations continue to increase albeit at a lesser extent than
measured in the bare tube. In accordance with the treatment of the flow
modes in section 1.2 [39,40], a turbulent fluidization mode is achieved
in the tube with BRP. The axi-symmetric slug mode of the bare tube is
not reached. Imaging moreover revealed that the turbulent voids swirl
around the BRP.

3.2. Solid volume fraction

The solid volume fraction was derived from the pressure gradient
measurements according to Eq. (2): AP = app,gAL. Fig. 10 indicates that
the averaged particle volume fraction ¢, ranges from 0.30 to 0.42 for the
bare tube experiments. The same figure illustrates that an increasing
aeration flow rate reduces the values of a,. For the tube with BRP, a,
values are about 10% higher at an equivalent level in the bed, which
implies a lower bubble fraction in the bed, as discussed in section 5.1.

3.3. Bubbling/Slugging/Turbulent characteristics in the bare tube and
BRP operation mode

Fig. 11 illustrates the frequency data obtained in both experimental
rigs at conditions of 0.16 m/s (bare tube) and 0.18 m/s (BRP) at a solid
flux of 105 kg/m?s. Similar data were obtained for the other experi-
mental conditions, even with very similar values of frequencies in the
bubbling section of the tubes. Whereas data at low levels in the bed are
tentative only (due to the very high degree of bubbling at lower bed
levels in both cases), pressure fluctuations can more readily be inter-
preted at levels above 1 m, and decrease with the level in the bed to
about 0.4 Hz (bare tube) and 0.9 to 1.5 Hz (BRP).

The frequency of ~ 0.4 Hz corresponds with the theoretical value for
an axi-symmetrically slugging, f,s [18,23]. The theoretical frequency
limit for wall-slugging, f,s, is also indicated and should be ~ 1 Hz. In
turbulent fluidization, frequencies even exceed the wall-slugging values.

Close to the disengagement (from 5 to 6 m), “voids” elongate and
burst.

In the bare tube operation, Fig. 11 determines the transition level
from bubbling to slugging at 1-1.5 m above the secondary aeration. For
the BRP operation, bubble/void frequencies remain higher and axi-
symmetric slugging is not obtained.

4. Simulation of the hydrodynamics by NEPTUNE_CFD code
4.1. Simulation principles

Several numerical simulation approaches can be applied to gas-
particle fluidized beds. The Euler n-fluid approach, also called Two
Fluid Model (TFM), is however the most efficient for the simulation of
industrial scale geometries [70,71].

The capabilities of the TFMs are proven to accurately reproduce the
flow behavior of gas-fluidized beds of Geldart B particles [71]. However,
dealing with ultrafine Geldart A particles remains a challenge. Due to
computational limitations, the practical number of cells useable for the
discretization of a 3D industrial geometry of several meters in size is
limited. Consequently, such systems can only be solved on coarse
meshes, which are unable to fully resolve the flow meso-structures and
results in a large overestimation of the bed expansion [72-74]. For
instance, in the recent work of Sabatier et al. [23], the use of a cell size of



at least twice the particle diameter is recommended to accurately predict
the transition from bubbling to slugging, resulting in more than 10° cells
in the case studied here.

On a more general basis, computational analyses of the relative
weights of the various terms involved into the particle momentum bal-
ance equation established that for numerical simulations of Geldart A
particles in dense fluidized beds, the gravitational term and the drag
term are prevailing whereas the particle phase stress plays a secondary
role [75,76].

Therefore, as a first approach towards the integration of the effects of
unresolved structures, McKeen et al. [77] proposed to reduce the over-
estimated drag force in homogeneous fluidization by an empirical fac-
tor. This approximation can be considered as determining the drag for a
characteristic length of an effective particle agglomerate diameter
rather than for a single particle.

This scaling factor was used by Venier et al. [54] in numerical
simulation for similar particles fluidized in a vertical tube of 5 cm I.D. for
an expanded bubbling fluidized bed height of about 1 m.

Wang [78] however pointed out that this scaling factor not only
depends upon the properties of the studied suspension but also on spe-
cific simulation conditions to include particles and gas physical prop-
erties, fluidization velocity, reactor geometry, grid size, among others.

A more refined strategy consists in computing dynamically a variable
scaling factor by taking into account the clustering effects as described
by the Energy Minimization Multi-Scale (EMMS) model [79-85]. The
EMMS approach is based on a phenomenological representation of the
suspension flow as a diluted-dense dual-phase structure, thereby
ensuring a good representation of mesoscopic structure effects on the
interphase interactions.

Supplementing TFM with this approach, one can derive an hetero-
geneity index reflecting the difference between homogeneous fluidiza-
tion as solved by the TFM equations within a coarse mesh, and an
heterogeneous representation including the effect of unresolved meso-
structures, thus allowing for a correction of the drag force as a func-
tion of local variables (voidage, slip velocity).

Drag correction in TFM simulations based on a cluster-based EMMS
model has proven to significantly improve the simulations accuracy of
CFB riser. More recently, this method has been extended to bubbling
fluidized beds using the bubble-based EMMS approach [84,85].

It is however noteworthy that the heterogeneity index, while being a
function of local variables, is specified with respect of operating con-
ditions (physical properties of the suspension, gas superficial velocity
and solid circulation flow) and requires prior knowledge of character-
istic properties of the suspension in the studied fluidization regime.
Consequently, it should be systematically recalculated for each appli-
cation [78].

Finally, previous studies [74,76] deriving equations of a filtered TFM
(i.e. where its governing equation are knowingly discretized at a
spatiotemporal scale larger than the aforementioned mesoscale struc-
tures) demonstrate that its equations are similar to those of the standard
TFM, with the exception that the effects of unresolved, smaller than grid
size, heterogenous structures have to be considered within the consti-
tutive laws, and thus a new set of closures has to be determined. The
correlative multi-scale method, or “filtered model” [76,86-91], consider
the effects of mesoscale unresolved structures on the transport equations
solved in a filtered TFM coarse-grid simulation from the results of
smaller scale fully-resolved simulations. Consequently, formulating
higher scale phenomena by analyzing small scales mechanisms, in a
process similar to Large Eddy Simulation for turbulent flows.

From a budget analysis of the filtered particle momentum equation,
Parmentier et al. [76] highlighted the prevailing role of interphase
interaction forces, whilst the solid stress tensor holds a secondary
importance. As a result, closure models on the drag force including first-
order dependence on filter size and filtered solid volume fraction
demonstrated a considerable improvement over coarse-grid simulation
results under a wide range of flow regimes [74,76,86-91]. To a minor

extent, the influence of additional variables upon the closure models
(slip velocity) along to the consideration of closure models on the solid
stress tensor are being explored [88]. Although the Parmentier et al.
[76] and Ozel et al. [86] models solely depend on the filter size and the
filtered solid volume fraction through a functional drag correction, a
dynamic drag correction is concurrently performed, which may be
considered as an implicit dependence of the model to other parameters,
as discussed below. The correlative multi-scale method finally enables to
simultaneously address the effect of unresolved mesoscale structures on
the interphase interactions, along with the effects related to the filter
spatio-temporal scale, and this regardless of the considered case.
Nevertheless, it is still important to mention that this approach is solely
based on the assumption that extremely refined TFM simulations can
fully resolve the flow behavior.

The present simulation used the Ozel et al. [86] sub-grid model. This
model is based on a two steps filtering: firstly by filtering of the drag
term, and secondly the proposed approach allows to compute the pa-
rameters of the sub-grid scale model as a function of space and time
[76]. This procedure has the distinct advantage of being self-calibrating
and requires no a priori specification of model coefficients or the use of
near-wall dependence function. This model has shown its capabilities on
flows encountered in circulating fluidized beds [86] or bubbling fluid-
ized beds [76]. However, it has never been applied to flows presenting
very large bubble structures or slugs.

Transport equations are hence derived by phase assembly average
for the gas phase and including the effects of the interstitial fluid
through the solid phase by the kinetic theory of granular flows (KTGF)
[92]. The frictional stress tensor is accounted for in the solid stress
tensor through the Srivastava and Sundaresan approach [93], with an
activation value for the frictional viscosity set to a solid volume fraction
apmin = 0.45 and a maximal solid compaction of apmex = 0.64 and an
angle of internal friction of ¢ = 25’.

The drag interface transfer term applies correlations of Wen and Yu
[94] and Ergun [36], in function of the value of the solid volume fraction
[95,96].

A laminar flow is considered as assumed in previous studies
[23,97,98] and the particle random kinetic energy, qs, is integrated in a
transport equation through the solid phase. All the governing equations
are given in Ansart et al. [97] for the TFM, and Ozel et al. [86] for the
sub-grid model. These governing equations are further detailed in the
Supplementary Information SI-3.

4.2. Simulation procedure

The three-dimensional numerical simulations of the UBFB system
were performed using the Two Fluid Model multiphase turbulent flow
code NEPTUNE_CFD. This software has been developed for High Per-
formance Computing [70] and was developed within the NEPTUNE
project framework, rallying several partners, cited in the
Acknowledgement.

The spatial discretization of the code is a 2nd order unstructured
finite-volume with a centered scheme. The time integration is a 1st order
fractional-step method. The algorithm core is based on an elliptic frac-
tional time step method using iterative linear solvers or direct matrix
inversion to solve all the transport equations. The time step value is
imposed by the CFL and Fourier numbers. During each time step, the
algorithm accounts for the density variation as a function of the pres-
sure. The pressure is solved through a parallel multigrid solver [70].

Two 3D unstructured grids were built based on the experimental
geometry of both bare and BRP tubes, as described and illustrated in
Section 2, with respect of internal diameter and geometry of the BRP.
Only the parts above the secondary aeration were represented, conse-
quently limiting the simulated region of interest to vertical cylinders of
5.9 m height. The grid cells measured on average 33 particle diameters
in the main flow direction and 23 particle diameters in the transverse
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Fig. 12. . Horizontal cross-sections of the 3D meshes used for the simulation. (a) Bare tube (b) Tube with BRP.

Table 3
Phase properties and inlet boundary conditions for the simulated experimental

case.

Density of air (at 293 K and 1 atm) 1.2 kg/m®
Viscosity of air (at 293 K and 1 atm) 1.81.10° Pa.s
Absolute particle density 2800 kg/m®
Average particle diameter 55 pm

Restitution coefficient during particle-particle collision 0.9

Solid flux at the tube bottom 105 kg/s/m2
Inlet solid volume fraction 0.37
0.16 m/s

Superficial air velocity at the inlet

direction. The bare tube and the tube with BRP mesh consisted of 3.9
million and 3.4 million hexahedrons respectively. Fig. 12 displays hor-
izontal cross sections of both created meshes.

Boundary conditions have been defined similarly for both

Level in the bed (m)
W

20 25

10 15
Time (s)
Solid volume fraction, oy, (-)

EEEE 0 aa——
0 0.2 0.4 0.6

(a)

geometries. The bottom of the tube was considered as uniform mass flow
inlets for both phases. Solid and gas mass flow rates were determined
from the selected set of experimental operating conditions as listed in
Table 3. From the experimental results, the solid fraction at the inlet was
fixed at a set representative value of 0.37.

A free outlet was defined for both phases at the top of the tubes.
Whereas a non-slip boundary condition was applied to the gas phase, a
long and sustained particle-wall friction partial slip boundary condition
was applied for the solid phase at the walls, considering elastic bouncing
(with a particle-wall restitution coefficient e,, = 1), with a friction co-
efficient of uff = 0.35 and a zero flux condition for random kinetic
energy.

In view of the importance of the height of the column for the flow
behavior, the variation of the gas density due to the pressure gradient
was accounted for through the perfect gas law, computing the hydro-
static pressure gradient along the tube at every iteration, which leads to

(9]
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Fig. 13. Spatial-temporal evolution of the solid volume fraction averaged over horizontal slices, for (a) Bare tube, (b) Tube with BRP.
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Fig. 14. Tracking of a selected slug/void during its ascent along the tube length. Bubble phase in blue, emulsion phase in red. (a) Bare tube, (b) Tube with BRP.
(Additional horizontal cross sections of the solid volume fraction are displayed every 12.5 cm for reference and better depth visibility).

a significantly increasing gas velocity from the bottom to the top of the
tube, i.e. in excess of 60%.

The total simulation duration for both geometries largely exceeded
the duration of data sampled and studied: the total solid inventories
were monitored over moving time averages to ensure that the simulated
UBFBs have reached steady states. Only the last 60 s of simulations re-
sults were therefore sampled at a 10 Hz frequency and used to study the
suspensions behavior.

4.3. Simulation results and discussion

Fig. 13 shows the evolution of the solid volume fraction as a function
of time and space for both geometries. The vertical axis corresponds to

the vertical position within the tube and the horizontal axis to its
progress with time. The values of the solid presence rate are averaged
over horizontal cross-sections of about 2 mm height.

Both geometries depict a considerably different flow behavior.

In the bare tube from 0 to 50 cm, the solid volume fraction is ho-
mogeneous with a value around 45%. This flow regime is typical of a
conventional bubbling fluidized bed.

Above 50 cm, the formation of oblique fringes can be identified on
account of a strongly increasing fraction of the bed occupied by bubbles
and thus corresponding to the transition from bubbling to slugging.
From a level in the bed between 0.5 and 1.5 m, these fringes get larger
and start coalescing. In this zone, wall slugs gradually merge into axi-
symmetric slugs.
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Fig. 15. Dynamic behaviour of a selected void within the tube with BRP at a level in the bed between 4.5 m and 5.5 m as a function of time. Bubble phase in blue,
emulsion phase in red. (Additional horizontal cross sections of the solid volume fraction are displayed every 12.5 cm for reference and better depth visibility).

Above a bed level of 1.5 m, axi-symmetric slugs become fully
developed and rise to the bed disengagement. The slope of these fringes
is equal to the slug rising velocity, and a slight decrease of the slug ve-
locity for the wall slugs, below 1 m, and the axi-symmetric slugs at
higher bed levels is noticeable.

In contrast, the tube with BRP has a bubbling regime up to a level of
almost 3 m. Beyond this level, fringes marking the formation of large
bubble structures appear. It can be seen that the gap between dense and
diluted zones is much less pronounced: diluted zones are reaching a solid
presence of around 20% within a slice. Consequently, and opposed to the
bare tube, these fringes are not slugs since the presence of solids inside is
not zero. It can also be seen that the diluted zones length is increasing

Table 4
Simulated void and slug characteristics for the bare tube and for the BRP tube on
two slices.

Position Bare tube Bubble Rupture
Promoters
1mto1l.50m  Frequency [Hz] 0.41 -
[0.39-0.44]
Velocity [m. 0.35 -
s71]
450mto5m  Frequency [Hz] 0.34 0.83 [0.60-1.12]

Velocity [m. 0.49 0.9
s71]

with the bed height due to the gas decompression.

This flow regime entirely differs from the bubbling mode at the
bottom of the bed and it can be related to a turbulent fluidization mode,
with large gas-voids rising through the bed. The ascent velocity of these
large voids is greater than that of the slugs. The BRP therefore prevented
the formation of these axi-symmetric slugs.

Fig. 14 depicts the instantaneous views of a selected slug or void
during its ascent along the tube length. The bubble and slug boundaries
have been defined from the contour of the solid volume fraction with a
threshold value of o, = 0.20 [99,100].

From 0.5 m to 1.5 m, the coalescence of wall slugs into axi-symmetric
slugs is clearly observed in the bare tube. These slugs occupy almost the
entire width of the column from this height upward, and their length is
around 15 to 25 cm, in agreement with the previous 4 m high tube
findings of Kong et al. [18].

In contrast, in the tube with BRP, there are smaller elongated gas
voids, wrapped around the inserts and of a diameter that is limited to the
space between the inserts. In the upper part of the bed, between 3 m and
5.5 m, the slugs of the bare tube occupy the entire cross-section of the
tube and their length is several tens of centimeter. In the tube with in-
serts, the “bubble structure” of this turbulent regime is complex and
chaotic: the voids are elongated, wrapped around the inserts, but never
attaining very large diameters in relation to the bed section.

Fig. 15 focuses on the dynamic behavior of a selected void within the
tube with BRP at a level in the bed between 4.5 m and 5.5 m. The
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Fig. 17. Evolution of the total solid volume fraction a,(= 1 — ¢), averaged in
moving slices and in time as function of level in the bed, for both the bare tube
and the tube with BRP.

bubbles boundaries are defined similarly as before.

As the void climbs up the tube, it tends to turn around itself and the
inserts tubes, breaking and recombining very frequently and conse-
quently leading to a strong agitation of the particle suspension even
though a large tube section is occupied by bubbles. The phenomenon is
particularly visible in the lower half of the void. Finally, to better un-
derstand the rate of breaking and recombining, it is worth noting that
this figure represents the void behavior during less than a half second.

Table 4 groups the characteristics of the bubble structures’ velocity
and frequency computed by FFT over 60 s of sampling at 10 Hz for both
the bare tube and the tube with inserts on the two bottom and top slices
as defined previously. In the lower part of the bare tube, the slugs fre-
quency is around 0.41 Hz, whereas in the upper part the axi-symmetric

slugs have a narrower natural frequency of 0.34 Hz. Due to the
decompression of the gas, the velocity of these slugs increases from 0.35
m/s at the bottom to 0.49 m/s at the top of the bed.

In comparison with the experimental results of section 3, there are
minor differences only. The slug frequency in the bare tube was
measured at about 0.4 Hz with a rise velocity between 0.35 and 0.5 m/s.
In the BRP tests, the voids’ frequency could not be accurately defined,
but varied between 0.9 and 1.5 Hz.

In the lower part of the tube with bubble rupture promoters, the
voids frequency and velocity could not be measured precisely due to the
large dispersion of the values. Between 4.5 m and 5 m, the large bubble
structures have higher velocities than the slugs equal to 0.9 m/s with a
relatively broad frequency range of 0.83 Hz +/-30%. This spreading is
due to the very turbulent chaotic regime induced by the presence of the
inserts.

To obtain a complete insight in the average flow behavior of the
suspension for the two studied tube geometries, bubble volume and solid
volume fractions were computed as a function of the level in the bed
(Figs. 16 and 17). Emerging tendencies for deeper beds can be linearly
fitted, as illustrated in the Figures. Bottom sections (0.5 to 1.5 m) are not
considered since corresponding with a freely bubbling fluidization
mode, where bubbles will grow with the level in the bed and their
volume fractions will increase, as shown in the Figures.

In the bare tube, from the emergence of the first slug, the volume
fraction of the bubble phase is almost 33% and progressively but slowly
increases further across the entire bed height: the slugging regime is well
established. In this region, the total solid volume fraction slightly de-
creases through the level in the bed with an average value around 35%.
It should be noted that these two values are in perfect agreement with
the results of Kong et al. [18].

In the tube with BRP, the bubble fraction gradually increases from
5% at the bottom of the bed to 16% at a 5 m level in the bed, far below
the bubble fraction within the bare tube.

The total volume fraction of solids in the BRP tube is higher than that
of the bare tube. It decreases from 48% at the bottom of the bed to 45%
at the top of the bed due to the strong decompression of the gas due to
the pressure gradient along the tube height.

5. Impact of the experimental and simulation findings on the
design and operation of small I.D and tall fluidized beds

5.1. The simulated bubble fraction and its importance in the system design

Since it was impossible to measure the bubble fraction in the system
with continuous solids overflow and recycling (normally to be deter-
mined from bed expansion values), simulation results of Figs. 16 and 17
provide a clear distinction between the operation of a bare tube and a
tube with BRP.

The two-phase theory of fluidization can be applied, however
adapted by including a through flow factor y [101]. According to the
theory, the visible bubble flow rate, Qg/A, is expressed in terms of the
cross sectional bubble/slug frequency (N/A), the bubble volume (Vg),
and the excess superficial gas flow rate (U - Upy) as:

% = %VB =y(U—Uy) )

The bubble fraction is related to the excess superficial gas flow rate
and the bubble/slug velocity by:

5 = r(U - Um.f) 6)

Usp/s

The slug velocity is given by [18], with U, as the imposed upward
solid velocity (m/s).

U, =0.35y/gD+y(U—=Uy) +U, @
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With the values of both eg and Ug as determined in section 4, these
equations can be applied to determine the through flow factor, y.

For example, in the empty tube, at an average level of 4.75 m in the
column, the slug velocity was 0.49 m/s and the bubble fraction was
~0.35 for an expanded superficial gas velocity of 0.21 m/s and an
upflow solid velocity of 0.11 m/s, as determined by the solid flux and
particle density. Upy is very small in comparison with U, and can be
neglected.

Applying the equation, with y = 0.9 (as commonly experienced in A-
type powders [100], the calculated Us = 0.54 m/s, which exceeds the
predicted value (0.49 m/s) by ~ 10%.

By a similar approach, the situation in the BRP experiments is
completely different. The bubble fraction is ~0.15 for a rise velocity of

16

the voids of about 0.9 m/s. Due to the smaller cross sectional area by to
the presence of the BRP, the corresponding superficial air velocity is
0.24 m/s at the average level of 4.75 m.

Applying Eq. (6) defines the through flow factor at y = 0.56, meaning
that a substantial part of the superficial gas velocity is by-passing the
emulsion phase and flowing from void to void. This is an important
finding in defining the conversions of a chemical reaction in turbulently
fluidized chemical reactors, since the through flow gas will actively
contact the bed catalyst and enhance the conversion in the bed of fixed
bed height. The calculated rise velocity of axi-symmetric slugs by Eq.(7)
with y = 0.56 is then 0.49 m/s only, far below the predicted 0.9 m/s.
According to Eq. (5), the visible bubble flow rate will be smaller than in
the case of the empty tube: since the frequencies exceed the values



1600

1400

1200 \

1000 \

800 - \

600 B

HTC (W/m’K)
/
/

400

200

0 L 1 1 1

1 1 1 " 1 L

0 1 2

3 4 5 6

Level in the upflow column (m)

Fig. 20. Effect of operating mode on the wall-to-suspension heat transfer coefficient, as predicted by the surface renewal model [5] (Bare tube —— ; Tube with BRP -

2.

obtained for the empty tube slugs, the void volume must be significantly
lower than the empty tube volume of the slugs obtained. The definition
of an equivalent void diameter has no physical meaning, since the voids
appear to be rather small in radial size, but elongated axially.

5.2. Observed transition velocity to turbulent fluidization

Literature data and experimental results concerning the velocity of
transition to the turbulent fluidization regime, U., were gathered and
transformed in either (i) the ratio of U, and the particle terminal velocity
Uy, as suggested by Yerushalmi et al. [43,44]; or (ii) the corresponding
value of the Reynolds number.

The transformed results are presented in Figs. 18 and 19, respec-
tively. Data are selected from Chen et al. [102] (also including Yang
et al., Nakajima et al. and Cai et al.) and Yerushalmi et al. [43] (also
providing the results of Kehoe and Davidson, Caretenuto et al., and Thiel

and Potter).

The U./U; ratio increases with decreasing value of the Archimedes
number, Ar. The scatter of the transformed data is most probably due to
the fact that U; was calculated, since generally not indicated in the
original papers.

If transformed into Re,, an equation could be derived for the bare
tubes, as

Re. = 0.36 A", (R? = 0.9377) )

Only 1 experimental result for the tube with BRP is available. If U, in
the bare tube is 0.35 to 0.45 m/s, it is reduced to 0.2 to 0.3 m/s when
BRPs are presents. Although it appears that U, with BRP will be a frac-
tion of the corresponding value in the bare tube, this is however based
on a single data point, and should hence be considered as a tentative
conclusion only. The BT data however confirm the superficial gas ve-
locities of 0.4 to 0.5 m/s commonly applied in turbulently fluidized
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chemical reactors [35].

5.3. The predicted tube-wall-to-suspension heat transfer coefficient in
solar receivers

Using the surface renewal model, as developed by Zhang et al. [5] for
on-sun particle-in-tube experimental rigs, and with known bubble and
slug characteristics (especially the renewal frequencies), the heat
transfer coefficient can be predicted. Results are illustrated in Fig. 20.
The effect of installing BRP in the receiver tube is significant, with the
average heat transfer coefficient along the entire tube length of 6 m
being at least a 3-fold of the value in the bare tube.

The heat transfer is even further increased when adding a radiation
contribution, with a wall temperature of 150 °C above the suspension
temperature. Predicted values for the BRP tube are represented in
Fig. 21.

Although literature cites heat transfer coefficients between about
550 W/(m?K) [34] for Geldart-B particles and 800 W/ (m?K) for Geldart-
A particles [103,104], these values relate to the heat transfer from the
bed to immersed horizontal and vertical tubes, at ambient temperature.
Heat transfer from the reactor wall to the fluidized bed are however
lower due to the reduced surface renewal by the particles and a reduc-
tion of ~30% has been reported [58]. The model prediction of ~600 W/
(m3K) for ambient conditions seems hence very fair.

For operations in industrial chemical synthesis reactors, tempera-
tures are between 525 and 675 K. The heat transfer coefficients will
hence be close to predicted values of Fig. 21, i.e. around 800 W/(m?K) at
700 K. Since operations at higher temperature will moreover reduce the
bubble sizes while increasing their frequencies, it is expected that the
wall-to-bed heat transfer coefficient will be slightly further increased
[5].

6. Conclusions

The present study further develops the Geldart A particles’ driven
technology for future Concentrated Solar Power plants, where particles
are used as heat capturing and storage medium. Whereas previous in-
vestigations demonstrated that axi-symmetric slugging became a serious
solid/gas hydrodynamic problem in receiver tubes of increasing aspect
(height/diameter) ratio, the present investigations demonstrated that
inserting bubble rupture promoters can avoid slugging and achieve a
combined bubbling (bottom ~3 m of the tube) and turbulent (top ~ 3 m
of the tube) fluidization, without axi-symmetric slugging. A receiver
tube of 0.05 m I.D. and effective height of 6 m was tested, thus extending
previous work, mostly limited to between 1 and 3 m high tubes.

Both the experimental results and Two Fluid Model simulations were
combined to provide a better understanding of the fluidization behavior
within the system. Tubes without and with bubble rupture promoters
were compared for selected values of the superficial air velocity and of
the imposed solid circulation flux. A very good agreement is obtained
between the experimental and the simulation results in both geometries
tested.

Whereas in the “bare tube” freely bubbling is transformed into axi-
symmetric slugging from a level in the tube beyond 1 to 1.5 m, the
bubble rupture promoters extend the freely bubbling zone to a level of
~3 m in the tube, where after a typical turbulent fluidization regime is
observed, independent of the solids recycling rate. In the turbulent
fluidization mode, voids are seen to break and recombine frequently,
resulting in a significant through flow of gas (from void to void) and a
very good heat transfer coefficient (about a threefold value of the case
when axi-symmetric slugging occurs).

This very considerable through flow (45% against ~10%) is an
important contribution to the design of catalytic tubular reactors, where
conversions should increase due to a more extensive gas-catalyst contact
than predicted by the original two-phase theory.

Further experiments and simulations are ongoing at higher operating

temperatures, where bubble sizes are predicted to be smaller and bubble
frequencies increased, thus probably shifting the flow transition to
higher levels in the bed, while positively affecting the wall-to-
suspension heat transfer. These results will be published in a forth-
coming publication.
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