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Abstract

CO;, removal produced biogas is required in order to meet standards for the gas grid or as a vehicle
fuel. Among biogas upgrading available techniques, pressurized water absorption using packed column
(PWA) is one of the most well-established technique. In this work, a novel absorption/desorption loop
using dense based Hollow Fiber Membrane Contactor (HFMC) process for CO, removal from raw biogas
using water as absorbent is proposed and investigated by simulation. Thanks to ability of dense
membrane to withstand a high transmembrane pressure, neither water depressurization before the
desorber nor water recompression before the absorber is needed. 1D modeling based on a resistance
in series approach is used for the modeling of both absorption and desorption units. HFMC based
process performances are compared to state of the art packed column based process reported in
literature. Using commercially available dense based HFMC, the process is able to recover 96.6 % of
CO, and reach biomethane purity of 98%. The corresponding energy requirement is of 0.17 kWh/Nm?3
of raw biogas, which is 20 to 35% lower than that reported for packed column based process, under
comparable gas inlet conditions and product specifications. However, methane loss in the investigated
operating conditions is around 8 % which is higher than that reported for conventional packed column
based process where the value is less than 2%. The novel HFMC process offers absorption
intensification factor of about 1.68, corresponding to a volumetric reduction of about 68% of the
absorption unit. Given that liquid side mass transfer coefficient is about one to two orders of
magnitude lower than that of the membrane, process selectivity is mainly controlled by the absorbent
selectivity. Under the investigated operating conditions, no significant methane loss reduction is
obtained from increasing membrane selectivity from 17 to 60 with membrane mass transfer coefficient
of 5.10% and 5.10° m/s respectively.
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Biogas, water absorbent, physical absorbent, hollow fiber membrane contactor, gas-liquid absorption,
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Highlights

e Energy requirement of dense HFMC based process is 20 to 35% lower than that reported
in literature for packed column.

e Methane loss under the investigated operating conditions is around 8 % which is higher
than values reported for packed column (below 2%).

e The process can offer absorption intensification factor of about 1.68, corresponding to a
volumetric reduction of about 68% of the absorber.

e Liquid side mass transfer coefficient is about one and two orders of magnitude lower than
of the membrane in absorber and desorber respectively.

e In the investigated conditions, process selectivity is mainly controlled by the selectivity of
the absorbent.



1- Introduction

Biogas is produced from anaerobic digestion of organic waste material and is mainly composed of CH,4
(typically 55 - 65 %) and CO; (typically 35 - 45 %) with smaller proportions of H.S, water vapor and
other minor compounds (N2, Oz, H.S or NHs). After purification, biomethane can be used as a
renewable energy source in combined heat and power plants, as vehicle fuel or as a substitute for
natural gas [Raven and Gregersen, 2005]. Biogas upgrading involves the removal of carbon dioxide
and other impurities (Figure 1). Typically, methane concentration over 97% is required (see Table Al
in Appendix A).

Several technologies for biogas upgrading are commercially available and others are at the pilot or
demonstration plant level: pressurized water absorption (PWA), Physical absorption (PhyA), chemical
absorption (ChemA), pressure swing adsorption (PSA) and membrane separation (MemS). Among
more than 200 biomethane plants in European region, PWA is one of the most energy efficient and
well-established techniques, used in at almost 40 % of all biomethane plants [IEA report, 2013,
Persson, 2003]. Water effectively combines major advantages for the removal of gas impurities
through an absorption process: large availability, low cost and it is a green solvent compared to organic
liquids. Moreover, contrary to ChemA, PWA requires a simple process design because absorbent
regeneration is achieved using a simple solvent depressurization (no heat exchangers or reboilers are
needed).

H, CH,
o, Sulfur o, Dehydration —> to natural
removal removal ipeli
H,S Compressor gas pipeline
traces l l l
H,S co, H,0
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Figure 1: lllustration of typical biogas upgrading process from the fermenter to the natural gas grid.

However, upgrading leads to supplementary cost in addition to the costs of biogas production. Thus,
an energy efficient upgrading process minimizing equipment and installation size is required.

Hollow fiber Membrane contactors (HFMC) are considered as one of the most promising technology
to achieve intensified gas-liquid mass transfer thanks to their very high interfacial area, up to 30 times
of that encountered in packed columns (Figure 2). The supplementary mass transfer resistance of the
membrane is shown to be compensated by the much larger specific interfacial area. In addition,
membrane contactors provide independent regulation of gas and liquid flows and are insensitive to
module-orientation, which make them very effective in comparison to conventional equipment for
offshore application. A comprehensive general review on membrane contactors can be found in
Gabelman and Hwang, 1999 and Drioli et al., 2005.

Carbon dioxide absorption in water using HFMC has been investigated by several authors. A brief
literature summary can be found in our previous article [Belaissaoui et al., 2016]. However, these
studies are almost systematically based on porous hydrophobic membranes where pore wetting has
been reported to occur, reducing significantly the separation performance and limiting the operating
conditions. Moreover, in physical absorption, liquid mass transfer resistance is predominant with mass
transfer coefficient about two orders of magnitude lower compared to chemical absorption
coefficient, thus either composite or self-standing dense materials can be used.
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Figure 2: lllustration of hollow fiber membrane contactor for gas absorption and desorption
using liquid absorbent

Dense membrane material has been shown to be particularly attractive:
(i) The mechanical resistance offered by dense material membranes opens up unique
possibilities for increased energy efficiency as the liquid solvent can be maintained under
pressure during the regeneration step.

(ii) Thanks to their ability to prevent membrane wetting phenomena because no pores are
present, liquid pressure can be set independently of gas pressure.
(iii) Dense membrane contactors offer a unique opportunity for methane losses limitation,

based on the possibility of commercial membrane modules to offer CO,/CHs membrane
selectivity from 10 to above 60 [Belaissaoui et al., 2016].

The potentiality of either composite or self-standing dense materials remains however largely
unexplored for pressurized water absorption in biogas purification at the exception of few studies
[Ozturk and Hughes (2012), Trusov et al., 2011, Heile et al., (2014), Belaissaoui et al., (2016) , Kerber
et al., 2016 ]. Moreover, in all these studies, no values have been given of intensification factor as well
as methane loss under industrial relevant conditions for both absorption and desorption steps, with
the specification of methane purity (> 98%). Additionally, to our knowledge, the evaluation of the
corresponding energy requirement of HFMC for this application, using the potentialities exposed
above and offered by dense membrane contactor has not been addressed.

In the present paper, a novel absorption/ desorption loop using dense based Hollow Fiber Membrane
Contactor (HFMC) technology for biogas purification by pressurized water is proposed and investigated
by simulation. 1D modeling based on a resistance in series approach is used for the modeling of both
absorption and desorption units. HFMC based process performances are compared to those of state
of the art packed column based process reported in literature. The intensification potential of dense
skin membrane contactors compared to packed column, methane loss and specific energy
requirement are evaluated and discussed.

2. Conventional packed column for CO2 removal from biogas using HPWS

In this study, we have considered the state of the art packed column based HPWS as a reference. The
standard HPWS process, shown in Figure 3, makes use of two packed columns (absorption and
regeneration unit) with a pressurized water recycling loop. Given that raw biogas is available at near
atmospheric pressure, it needs to be compressed up to 6-10 bar in order to increase the driving force
of the separation. The raw biogas is normally cleaned before compression to remove water and
hydrogen sulfide. In cases where ammonia, siloxanes and volatile organic carbons are expected in
significant concentrations, these components are also commonly removed before the biogas
upgrading. Water is removed to prevent condensation during compression. Compression raises biogas
temperature and would decrease CO; solubility, thus, a gas cooling is required prior to the absorber.
Because CO, loaded solvent in generated by depressurization up to atmospheric pressure; solvent
recompression up to absorber pressure is needed, leading to subsequent energy pumping demand.
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Figure 3: Simplified process flow diagram of state of the art pressurized water absorption (PWA)
process

In order to limit methane loss, water leaving the absorption column is transferred to a flash tank at
pressure about 2 bar and the released gas is recycled to the biogas inlet. It is reported that PWA process
has a slip of about 1% in modern plants [Bauer et al., 2013]. It was reported that without a flash tank
CH4 losses of 6% are encountered when operating at pressure of 10 bar [Nock et al., 2014]. By reducing
the pressure below 5 bar, CH4 loss drops to around 3%. Compared to other techniques, ChemA system
using amine absorbent has a much lower CHsslip with 0.1% guaranteed. In order to further minimize
the loss of methane and its release to the atmosphere, the treatment of the off-gas, air or water
streams leaving the plant is needed. One way of limiting the methane slip is to mix the off-gas with air
that is used for combustion. Alternatively, methane can be oxidized by thermal or catalytic oxidation.
Table 1 provides a comparison of different technology performances in term of energy requirement,
methane loss and methane purity.

Table 1: Comparison of the specific energy requirement of different technologies for biogas
purification. Data from literature.

Pressurized Chemical absorption Pres§ure Membrane Phy5|c§|
water . . swing . absorption
. using Amine i separation
absorption (ChemA) adsorption (Mems) (PhyA)
(PWA) (PSA)
. a a
Electric enerey N a3 0.12-0.15° 025-03° | 02028° | %230
. e 0.05-0.14 " 0.2-0.3° 0.2-0.3°
raw biogas <0.25
Thermal energy -
demand in kWh/Nm3 - ~0.55 at 100-150°C - -
raw biogas
. a
Product pressure in 6'19, 11° 4.7° 5.9" -
bar 4-7
1-2° b b b 2°
<0.01 1-5 0.5-10 f
[ a -
CHg,loss (%) 1 ] <0.1° 1.82° ~0.5° 0.5-2
<1-2
96-97° 97° >98° 98’
. 0, a
CH, purity (%) >97 99.8° 98"
Bauer, et al., 2013, ® Garnaud and Zick, 2014, © Petersson and wellinger, 2009, 4 Scholz et al., 2013 e
Persson (2003), f Hoyer et al., 2016

The power requirement of water scrubbing varies depending on plant configuration and pressure used.
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Generally, there is a lack of published work investigating the energy requirements of CO, water
scrubbing process [Budzianowski 2017]. Providers of commercial water absorption installations
indicate basic characteristic and few technical details are revealed. Literature values show some
disagreement, with many of the reported values given in different units and under different
operational conditions [Nock 2014]. The energy requirement of PWA is generally in the range 0.2-0.3
kWh per Nm? of raw biogas depending on the pressure, configuration used and methane specification
[Bauer et al., 2013].

3. Novel HFMC based absorption/desorption loop for biogas purification by pressurized
water

An illustration of absorption and desorption using dense skin based membrane contactors is presented
in Figure 4. Figure 5 shows the novel HFMC based absorption/desorption loop for biogas purification
by pressurized water. First, biogas is compressed and cooled before entering the absorber. CO,
enriched water with some dissolved methane, leaving the absorber is sent to the desorber, without
depressurization. Indeed, as explained above, dense membrane is able to withstand high
transmembrane pressure difference. CO; rich solvent meets then a counter flow of air sweep in the
desorber, where carbon dioxide is released with a certain amount of lost methane. The regenerated
water leaving the desorber is recycled back to the absorber in a closed loop.
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Figure 4: lllustration of absorption and desorption using dense skin based membrane contactors

This novel approach has the following advantages:

(i) Thanks to the dense membrane, water circulates in closed loop at a pressure set
independently of biogas pressure. Thus, neither water depressurization before the
desorber nor water recompression before the absorber is needed.

(i) Thus, compared to the conventional process, the high pressure pump, the flash vessel and
the heat exchanger are substituted by a simple pump, leading to a potential decrease of
the energy requirement of the process (i.e. OPEX). A single cheap equipment (circulating
pump) is needed, which generates lower capital expenses (i.e. CAPEX).

(iii) The selectivity of the dense skin typically of around 10 to above 60 (polyimide, cellulose
acetate, perfluoropolymers) in favor of CO,, could potentially decrease methane losses in
the liquid phase during the absorption/desorption steps.
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Figure 5: Novel HFMC based absorption/desorption loop for biogas purification by
pressurized water

4. Dense membrane based HFMC for biogas purification by pressurized water : state
of the art

Experimental studies based on non-porous membrane for CO; absorption using water as absorbent
are summarized in Table 2. Ozturk and Hughes (2012) and Heile et al., (2014) used dense thick
selfstanding silicone rubber HFMC, of 165 um and 35um membrane thickness respectively. Belaissaoui
et al., (2016) used dense skin PolyPhenylene Oxide (PPO) based HFMC from Parker and Kerber et al.,
2016 tested a polydimethylsiloxane (PDMS) coated and a Teflon-AF coated composite flat-sheet gas
permeation membrane (PolyActive™). In these studies, it was shown that liquid phase controls the
mass transfer and that the dense layer membrane used can effectively prevent wetting. In addition, it
was shown experimentally that similarly to PWA process in packed columns, there is a trade-off
between biogas purity and process selectivity towards methane.

Regarding the mechanical resistance of dense membranes, Trusov et al., 2011 showed experimentally
that dense based glassy membrane (thickness of 20um to 40um) can operate successfully under
transmembrane pressure difference of 40 bar when tested for CO, desorption from pressurized water.
Based on theoretical calculation, it has been shown that a thickness as low as 5um can support up to
10 bar transmembrane difference [Chabanon et al., 2014].

Polymeric membranes are widely used because of their ease of manufacture. The main commercially
available membranes for CO, removal include cellulose acetate, polyimides and perfluoropolymers.
The latter are highly resistant to plasticization. However, their performances are limited by the trade-
off between permeability and selectivity described by the Robeson upper bound. Important efforts
have been made to surpass this limitation as shown in Figure B.1 in Appendix B. High performing
membranes include mixed matrix membrane (MMMs), facilated transport fixed site carrier
membranes (FSCM), thermally rearranged polymers, and polymers with intrinsic micro-porosity
(PIMS). Table 3 gives an example of polymers performances.
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T Operating pressure and flow us(m/ Kov:coz Kovsco2.2 Average . . .
Membrane type C) conditions arrangemen ug (m/s) 5) Km.coz (M/S) (%’/s) °V’S_1 : COIZ/ flgjx Main observations/conclusions References
t mol/m?.s
Dense self-standing . (_202_ remova_l increases slightly with increasing
A liquid velocity
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Asymmetric glassy Pe= 10 bar 4 3 o No vacuum or stripping gas was used
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Dense self-standing liquid velocity
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(PDMS) HFMC 80% CO; in 2 0to 2.4.10° 102%to " liquid velocity Heile et al,
PermSelect® 19-22 ) CHy in the 0102.5.10 0.84 ) t0 5.10° 2.10% 010410 o Process selectivity ® (CO,/CH,) decreases with 2014
e =35um shell side increasing liquid velocity and attain a plateau
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content
Composite
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HFMC Ps=2.5 bar in the 4.10* -013 : 3.10° 3.6.10° 3.10° e Liquid phase controls the mass transfer et al., 2016
Parker P.=2.8 bar lumen side ' o CO, absorbed flux increases with increasing
e =75um liquid velocity
amta|=1224m'1
¢ Both membrane and solvent governed the
ig?gﬁ_%’:fg;gg a PDMS - transmembrane flux and the selectivity of the
composite flat-sheet Various 1.6 10'5 PDMS : process .
membrane Ps/Pi=1t0 3 CO,/CH,4 PDMS : ' t‘o 1.10%to o A high-pressure level greatly m_]proved the Kerber and
(PolyActive™) 25 P.=1-5 bar gas Q.= ) 6.10°t0 1.210* 9110% 1.4.102 0106.10° trgngmembrane flux due to the increase of the Repke
€ o = 162 um Ps=1-7 bar mixtures, in 10-50 I/h Teflon : Téfion . Teflon : ’ driving force 2016’
a=06a67m'1 (Ps-Pu) max=2 bar the lumen 2.1.10° t0 2.410° 1.10% tc’) 6.7.10% to e PDMS shows a better performance compared to
opoms = 9.6 (dry pure side 13105 8.7.10°% the Teflon-AF coated membrane

gas measurement)

For pressure ratio above 2, process selectivity?
increases with increasing pressure ratio




aProcess selectivity is defined as a ratio of Kcoo/Kcns (Keoz and Kens are CO, and CH,4 global masse transfer coefficients respectively).
PProcess selectivity is defined as the separation factor of CO,/CH, mixture.

Table 2: A synthesis of recent literature studies on CO; absorption using dense gas-liquid membrane contactors and water as absorbent. Desorption experiments are indicated.



Table 3: Example of polymeric membranes for CO,/CH, separation.

CO2 Km,co2 *
permeability COZ./C.HA (m/s) T(°C) P Reference
(barrer) selectivity (-) (bar)

Polyimide 0.63 98 5.4.107 25 1 Scholes et al., 2012
Cellulose acetate 6 29 5.10° 35 - Scholes et al., 2012
Matrimid 5218 9 41 7.10°® 35 7.5 Chenetal., 2011
Teflon AF2400 2200 5.7 2.10°3 35 27 Merkel, 2006
PIM 1 2300 18.4 2.10°3 30 - Budd et al., 2005
PPO (Parker) 4 Pourafshari et al., 2006
(Memb. A) 600 17 >-10 Belaissaoui et al., 2016
Polyimide (Evonik) =
(Memb. B) 60 60 5.10 Scholz et al., 2013

*calculated assuming a dense skin thickness of 1um

5. Simulation framework

5.1.

1D model - resistances in series model

The membrane module has been modelled according to 1D resistances in series approach, similarly to

previous studies dedicated to gas liquid absorption processes [Z. Cui and D. DeMontigny, 2013, D.

Albarracin Zaidiza et al., 2014]. A 1D modeling strategy systematically separately considers the three

different mass transfer domains shown in Figure 6 in order to determine the effective local mass

transfer coefficient of specie i, kovi. Absorption and desorption processes are assumed to be

isothermal. In Appendix C, details on model assumptions, gas and liquid mass transfer coefficient

calculation as well as differential equation system solved for counter current absorption/desorber

membrane contactor simulation are presented. For all simulation, the liquid circulate in the shell side

of the fiber while the gas flows in the lumen side.

The simulation methodology of the absorber/desorber process is sketched in Figure 7.

Co
Absorption
Desorption
. Gas | Gas | Membrane! Liquid | Liquid |
bulk & fiim U film Bulk '
W AWy W
kg 1/ky, 1/k,

Dense layer

Porous support

Figure 6: A schematic representation of the resistances in series based on film theory
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Figure 7 : Scheme of the simulation methodology

5.2.

Membrane module characteristics and simulation conditions

Geometrical characteristics of the hollow fiber membrane module (HFMC) are illustrated in Figure 8.
In the simulation, the fiber geometry of commercial PPO (Parker P-240) is considered. The packing
fraction and the module internal diameter were set 0.5 and 36 cm respectively, which is typical of
industrial modules. The characteristics of the membrane module are summarized in Table 4.

Hollow fiber
module
ay )
\ )
1 ) . .
Gas L g 1 Liquid | Dy,
phase Q_ ] ) phase
[Cwi )
; L
Membrane

Module cross-
section

Circular
approximation

Figure 8: Geometrical characteristics of the hollow fiber membrane module (HFMC)
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Table 4: Characteristics of the membrane module for all simulations.

Characteristics Value
Inner diameter (m), Dint 0.36
Packing ratio (-), ¢ 0.50
Module Fiber number (-), N 2.39.10°
Mean log specific interfacial area (m™),a | 3260
Fiber Inner diameter(um), dint 370
Outer diameter(um), dext 520

5.3. Simulation conditions

In the simulation, the gas is considered to be a binary CO,/CH4 mixture, composed of 35% CO, and 65%
CH, (typical composition of raw biogas). Raw biogas is compressed to 8 bar [Nock at al., 2014,
Budzianowski, 2017] according to typical relevant industrial conditions for biogas purification
application. After compression, biogas is cooled at 15°C before entering the absorber where water
available at 15°C flows counter-currently. In the gas leaving the absorber, 98% biomethane purity is
aimed. CO; rich solvent leaving the absorber meets then a counter flow of nitrogen gas sweep at
atmospheric pressure and 15°C circulating using a blower. Nitrogen is supposed to not transfer across
the membrane. The regenerated water leaving the desorber is recycled back to the absorber in a closed
loop (Figure 5). In the simulations, the solvent and the gas phase circulate through the shell and
through the lumen of the fibers respectively.

The operating conditions considered in the simulations are summarized in Table 5. The physico-
chemical properties and phase equilibria data of the system at 15°C are given in Table 6.

Table 5 : Operating conditions of all simulations

Absorber Desorber
. -, 65% CH,4
Gas inlet composition 35% CO, N,
Temperature (°C) 15 15
Gas inlet flowrate (Nm>/h) 55.55 119
Gas inlet pressure (bar) 8 1.12
Inlet gas interstitial velocity (m/s) 0.08 1.22

Table 6 : Physico-chemical properties and phase equilibria data of the system at 15°C.

CO, CH,
Henry’s constant (-) (Co/Ci)eq ? 0.92 24.73
Diffusion coefficient in liquid phase (m?/s) °* 9.4.10™ 9.7.10™
Diffusion coefficient in gas phase (m?/s) *° 1.2.10° 1.7.10°
Absorbent solubility CO,/CHj, selectivity (-) 26.88
Absorbent viscosity (10° Pa.s) 1.14
®R. Sander, compilation of Henry's law, ° Versteeg GF, Van Swaaij 1988, ¢ Guo H, 2013, ® Wylock
2014, ° Cowie Watt., 1971.

5.4. Process performance and energy requirement

The main performance indicators to be evaluated for gas-liquid HFMC for CO, removal from biogas
purification are:

- Average overall CO, mass transfer coefficient Koy, co2in m/s

- The product of Koy coaxa in s, with a the specific membrane area in m™.

- Average CO, absorbed volumetric flux in mol/m3.s

- CO; removal efficiency,nco2 (%)

- Process specific energy requirement in kWh/Nm? of raw biogas.

12



- CHarecovery or methane loss (%)

By writing a mass balance across a differential section of the membrane contactor, then integrating
over the length of the contactor, the average CO, absorbed flux and overall CO, mass transfer
coefficient Koy is calculated. The possibility for membrane contactors to achieve process intensification
compared to packed columns has been evaluated by comparing ko, co2.a values for both technologies.

CO, removal efficiency nco2 is calculated as:

_ Qs,in X Yeozin — Qs,0ut X Yeoz.out (1)

Neoz2 =
Qs.in X Ycozin

Where Qg,in and Qg,out are the gas flow rates at the inlet and outlet of the membrane contactor,
respectively. Ycozinand ycozout are the CO; molar fraction at the gas inlet and outlet respectively.
Similarly, the loss of methane by absorption in the liquid can be calculated by:

LOSSey,, = Qs,in X Yerain ~ Qo.out X Yenaout  (2)
" Qg.in X YeHain

The power requirement of water scrubbing varies depending on plant configurations and operating
conditions. The energy requirement for the HFMC based depicted in Figure 5 is the summation of
different contributions corresponding to:

- Raw biogas compression, Pgg,c

- Cooling of the compressed raw biogas up to the absober operating temperature, Pgg,cooling

- Water pumping power requirement for the recirculation of water in closed loop, P,

- Blowing gas sweep to strip CO, from CO-loaded water, Py sweep

To estimate the power requirement of the compressor, isentropic compression was assumed.
7-1

P r=
PBG,C = iGin,biogas ﬂ (G_absj ’ -1
c y—1 P

in

(3)

With T is the inlet temperature (in K) and R is the gas perfect constant (R= 8.314 J/(mol.K)). y is the
adiabatic expansion factor of the gas mixture. ncis the compressor efficiency. Gin biogas is the molar flow
rate of raw biogas.

Biogas temperature increases during compression thus biogas is cooled subsequently to reduce its
temperature. Biogas compressor outlet temperature Ts, was calculated from biogas inlet temperature

Te1 as follows:
7
Toz :Tm@ ' (4)
P
With Py, the raw biogas pressure prior to compression and Pg aps is the biogas pressure at the inlet of
the absorber.
Cooling using water is considered with water temperature variation of 10K [Nock et al., 2014]. The

flow rate of the coolant in the heat exchanger was calculated as follows:
_ Qbiogaspbiogas'CpG (TGZ _TGl) (5)

t lant ™
slemotan o Cp (T, —Tpy)
The power requirement for cooling the biogas was then calculated from Equation 6 using the flow rate

of the coolant with AP equal to the relative pressure of the gas inlet in the absorber. Quiogas is the raw
biogas flow rate at the compressor outlet. Cps and Cp, the specific heat of the gas and the water
coolant respectively.
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The recirculation pump has to pressurize the lean solvent to the operating pressure of the absorption
column. The required energy demand for water absorbent pumping is calcuted fom the solvent flow
rate, Qi and total liquid pressure drop AP, by :

P .= iQL.APL (6)
n

Lp
p

Np is the pump efficiency. The pressure drop in the lumen and shell side is calculated using Hagen
Poiseuille and Happel equations respectively.

The power requirement for blowing air, Pysweep is calculated from gas sweep flow rate, Qsweep and
sweep gas pressure drop in the desorber, APsyeep ,as following :

Pb isteep AP (7)

,sweep = sweep
B

Mo is the blower efficiency.
Table 7 summarizes the assumptions made in power requirements calculation.

Table 7: Assumptions made in power requirements calculation.

Variable value
Pump efficiency, np 0.6
Blower efficiency, ng 0.6
Compressor efficiency, 1nc 0.8
Adiabatic expansion coefficient, y 1.3

The specific energy requirement in kwh/Nm3 of raw biogas is calculated by dividing the power
requirement by the inlet raw biogas flow rate in Nm3/h.

6. Results and discussion

Figure 9 shows the simulation results using membrane A (Table 3) for both absorber and desorber.
Streams flow rate and concentrations are also indicated. Figures 10a and 10b show the axial profile
of CO, and CH. transmembrane flux in the absorber and desorber respectively. At the gas inlet, CH,
flux is almost zero indicating that the outlet liquid is near 100% saturation in CHa. In fact the liquid was
saturated at 95% in methane and only at 40% in CO,. CHa flux increases from the gas inlet as the driving
force between the two phases increases. An inverse profile is observed for CO,. CO; flux is minimal at
the gas outlet where the CO; content is constrained to 2% and where the driving force between the
two phases is minimal. The flux increases from the gas outlet as the driving force between the two
phases increases. In the desorber CO; and CH, flux follow the same trend. Fluxes are maximal at the
liquid inlet (CO; and CH4 loaded solvent) and decreases as the gaseous species are desorbed from the
liquid phase.

Using commercially available dense based HFMC, the process is able to recover 96.6 % of CO; and
reach biomethane purity of 98%. The energy requirement, overall mass transfer coefficient and gas
recovery are shown in Table 9. The corresponding energy requirement is of 0.17 kWh/Nm? raw biogas,
which is 20 to 35% lower than that reported for packed column based process, under comparable gas
inlet conditions and separation specifications as can be seen in Tables 10 and Table D.1 in Appendix
A. However, the obtained methane loss is around 8% which is significantly higher than that reported
for conventional packed column based process (less than 2%). In the latter, flash thank is used to
recover methane from rich absorbent. The recovered methane is then recycled to the inlet of the
absorber (Figure2).

The koy, coz2.a values obtained in this work, given in Table 9 (0.025-0.05 s2), are near the upper bound
of baseline technology (packed column) ranging from 6x10™ to 7x102s![Elhajj et al., 2014].
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However, values reported for packed column under comparable feed conditions and product
specification are scarce. Value of ko, co2.a in literature corresponding to papers referenced in Table 10
are not systematically provided at the exception of the work of Nock et al., 2014. They reported a
(Kov.a) value of 0.028 s for the absortion column. Taken this value as a reference, the proposed
process shows intensification factor of about 1.68, corresponding to a volumetric reduction of about
68%.

Given that liquid side mass transfer coefficient is about one and two orders of magnitude lower than
that of the membrane in the absorber and desorber respectively, process selectivity is controlled by
the selectivity of the absorbent. Thus, it can be anticipated that no significant methane loss reduction
will be obtained from increasing membrane selectivity as soon as process selectivity is controlled by
the absorbent. In order to evaluate, under the same operating conditions, the interest of higher
membrane selectivity for methane loss reduction, the process is simulated using Membrane B (Table
3), having a CO,/CH, selectivity of 60, for both absorber and desorber. The corresponding absorber
and desorber length has been determined to fulfill the target of 2% CO, content in biogas product.
The results are shown in Figure 11.

Increasing membrane selectivity from 17 (Membrane A) to 60 (Membrane B) with CO, membrane mass
transfer coefficient (kmco2) of 5.10% and 5.10° m/s respectively, leads to a very slight CH4 loss reduction
from 8.7% to 7.8% (10% reduction).

Y6, co2= 0.35 s, cop = 002
Y6, cva = 0.65 , Yo, cna= 0.98
Q5555 M/ ppsorber (Memb.A)  Qoau3361Nm?/h

Raw
biogas —@ @ > Biomethane

C. co2 = 1.83 mol/m3
€, co2= 51.29 mol/m? C, cua= 0.20 mol/m?
Cp cng = 8.48 mol/m3 Q,;=16.95 m3/h

Desorber (Memb.A)

Off-gas @ € Sweep gas (N,)
Yo, co2= 0.134 Qg sueep=119.02 Nm3/h
Y6, cha = 0.022
Y6, n2 = 0.843 CO, removal efficiency ~96.65%
QG,off-gas=14O~88 Nms/h CH4 loss ~ 8.7 %

Figure 9: Simulation results of the HFMC process for CO, removal from biogas using pressurized
water. Partial regeneration of the absorbent. Simulation using membrane A (Table 5) for both
absorber and desorber (Km,c02=5.10% m/s, CO,/CH, selectivity of 17).

(a) Absorber (b) Desorber
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CO, local transmembrane flux
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0.40
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Desorber axial coordinate, z (m)

Figure 10: CO; and CH, transmembrane flux profiles along the absorber. Configurationl. (a) absorber
(b) desorber. z=0 corresponds to the gas inlet.

Y6, co2 = 0.35

Y6, cha = 0.65
Qg,in=55.55 Nm3/h

Absorber (Memb.B)

Y6, co2 = 0.02
Y6, cna = 0.98
Qg 0u=33.95 Nm3/h

o

> Biomethane

Raw -
biogas —@ %

A

C_ co2=51.35 mol/m?
C_ cna=7.82 mol/m?

Desorber (\Memb.B)

C. co2 = 1.94 mol/m?
Cy cna = 0.38 mol/m?
Q,=16.95 m¥/h

Off-gas
Y6, c02= 0-135
Y6, cna = 0.02
Yo, n2 = 0.844
Qg off.gas=140.49 Nm3/h

®

A

Sweep gas (N,)

Qg gweep=119.02 Nm3/h

CO, removal efficiency ~96.54%
CH,loss ~ 7.83 %

Figure 11: Simulation results of the HFMC process for CO, removal from biogas using pressurized
water. Partial regeneration of the absorbent. Simulation using membrane B (Table 5) for both
absorber and desorber (Km,c02=5.10° m/s, CO,/CH, selectivity of 60).

Table 9: Simulation results
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Membrane A Membrane B
Total liquid pressure drop (bar) 2.43 2.89
Absorber length (m) 2 2.5
Desorber length (m) 6 7
Liquid flowrate (m®/h) 16.95 16.95
Liquid interstitial velocity (m/s) 0.09 0.09
Liquid recirculation (pumping) (kWh/Nm®) 0.035 0.04
Biogas compression and cooling (kWh/Nm®) 0.116 0.116
Sweep gas blower (kWh/Nm®) 0.020 0.024
Total specific energy requirement (kWh/Nma) 0.170 0.182
Kov,coz (M.s”) abs/des 1.45.10” /9.54.10° 1.15.10” /8.10°
Kovco2- @ (s™) abs/des 0.047/0.031 0.037/0.026
Average CO, specific absorbed flux (mol/m”.s) 1.14 0.914
Average CO, specific stripped flux (mol/m”.s) 0.38 0.33
CO; recovery ratio (%) 96.65 96.54
CH, purity (%) 98 98
CH, loss (%) 8.7 7.8
Table 10: Comparison with literature data
Raw biogas Absorbent
Operating Methane compress.ion and pumping Total .energy b
Reference conditions®in ourity Methane co.ollng reqU|rem3ent requwemint
the absorber (%) loss (%) reqwrem;ent (kWh/Nm raw (kWh/Nm ra
(kWh/Nm’raw biogas) w biogas)
biogas)
Binary CH,
This work 65%/CO, 98
(Memb.A) b 8bar (2% COy) 8.7 0.116 0.034 0.17
15°C
Binary CH,4
Budzianowsky | 65%/CO,
etal, 2017 Po= 8bar 98 0.21 0.12 0.08 0.21
15°C
Binary CH,
Nock etal. ess%/éo2 98 <1 0.13 0.09 0.25-0.26
2014
Ps= 10bar
Binary CH,4
Xu et al., 2015 | 60%/CO, 98 1.3 - - 0.212
Ps= 8.2bar
® stripping pressure is around atmospheric pressure
® without further compression of the biomethane product

7. Conclusions and perspectives
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This study aimed to evaluate the potentialities of a novel absorption/desorption loop using dense
based HFMC technology for biogas purification using water as absorbent. . Through simulations, the
following conclusions have been obtained:

(i) Using commercially available dense based HFMC, the process is able to recover 96.6 % of CO;
and reach biomethane purity of 98%. The corresponding energy requirement is of 0.17 kwh/Nm?3
raw biogas, which is 20 to 35% lower than that reported for packed column based process, under
comparable gas inlet conditions and product specifications.

(ii) Methane loss in the investigated operating conditions is around 8 % which is significantly higher
than that reported for conventional packed column based process (less than 2%).

(iii) Considering the value of (Kov,co2.a) reported by Nock et al., (2014) for the absorber under
comparable feed conditions and product specification, the novel HFMC process offers
intensification factor of about 1.68, corresponding to a volumetric reduction of about 68% of the
absorption unit.

(iv) Under the investigated operating conditions, liquid side mass transfer coefficient is about one to
two orders of magnitude lower than that of the membrane in absorber and desorber
respectively. Thus, process selectivity is mainly controlled by the absorbent. No significant
process selectivity improvement is obtained from increasing membrane selectivity from 17 to 60
with kwm,co2 of 5.10* and 5.10° m/s respectively.

A systematic and detailed parametric analysis (liquid and gas velocity, temperature, pressure, material
permeation properties and module geometry) is needed in order to examine the interest of dense
HFMC covering a wide range of operating conditions. Novel fiber geometries such as helices, waves or
the addition of baffles could also be investigated in order to enhance the local turbulence in the liquid
phase and thus mass transfer performances. These issues will be investigated in forthcoming papers.

More generally, the first simulation results of the proposed process raise several questions and the
following perspectives can be proposed:

(i) In order to limit CHy4 loss, one flash should be added at medium pressure (between 8 to 5 bar) to
recover a portion of CH, before entering the desorber contactor. The stripped CH,4 will be then
compressed and recycled to the biomethane product. In this case recompression is still needed
but is expected to be lower than in the conventional process where the flash is operated at near
atmospheric pressure.

(ii) In order to recover CO, with high purity in the regeneration step, a sweep gas can be replaced
by vacuum pumping in order to avoid dilution effect of N,. In this case the required energy for
vacuum pumping has to be evaluated.

(iii) The removal of trace compounds (N2, Oz, H,S, NHs...) has not been investigated. The potential
interest of dense skin selectivity towards these species is another potential advantage of dense
skin contactors that would be interesting to investigate.

NOMENCLATURE
Latin symbols
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a : Specific gas-liquid interfacial area (m™)

dhn : Hydraulic diameter (m)

dint : Internal fiber diameter (m)

dext : External fiber diameter (m)

dmi : Log mean fiber diameter (m)

Dint : Internal membrane module diameter (m)
D; : Diffusion coefficient (m?2-s?)

k : Mass transfer coefficient (m-s?)
N; : Molar flux (mol m2s?)

P : Pressure (Pa)

Q : Fluid volumetric flow rate (m3.s™)
AP : Fluid pressure drop (bar)

G : Gas molar flow rate (mol.s?)

L : Liquid molar follow rate (mol.s™?)

Cpe : Specific heat of the gas (J/kg.K)
Cp. .Specific heat of the liquid (J/kg.K)

Ta2 : Raw biogas temperature at the compressor outlet (K)
Te1 Raw biogas temperature at the compressor inlet (K)

R : Perfect gas constant (R= 8.314 J/(mol.K)).

Sh : Sherwood number (-)

Gz : Graetz number (-)

Re : Reynolds number (-)

T : Temperature (K)

C : Molar concentration (mole.m)

Cs : Hypothetical local gas-phase concentration in equilibrium with the liquid phase (mol.m)
y : Molar fraction in the gas (-)

u : Interstitial fluid velocity (m-s™?)

He : Henry constant (Cs/Cy) (-)

z : Axial coordinate (m)

Kov : overall mass transfer coefficient (m.s?)

Pec,c  : Power required for raw biogas compression (W)
Psa,cooling :Coo0ling of the compressed raw biogas up to the absober operating temperature (W)

PLp : Water pumping power requirement for the recirculation of water in closed loop(W)
Pusweep : POwer required for blowing gas sweep to strip CO, from CO;-loaded water(W)

MNe : Compressor efficiency (-)

Ginpiogas : Molar flow rate of raw biogas (mol.s™)

Pin . Raw biogas pressure prior to compression (bar)

Pcabs - Raw biogas pressure at the inlet of the absorber (bar)
Quiogas  :Raw biogas flow rate at the compressor outlet (m3.s?)
Quweep :Gas sweep flow rate (m3.s?)

APsweep :Sweep gas pressure drop in the desorber (bar)

Greek symbols

[0) : Module packing ratio (-)

u : Viscosity (Pa-s™)

o) : Density (kg:-m3)

Ncoz  : COz removal efficiency (-)

Q : Contactor cross section (m?)

Y : Adiabatic expansion factor of the gas mixture (-)
Ne : Compressor efficiency (-)

N8 : Blower efficiency (-)
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e : Pump efficiency (-)

Subscripts/ Exponents

i : Compound

G : Relative to gas

L : Relative to liquid

m : Relative to the membrane
in : Relative to fluid inlet

out : Relative to fluid outlet
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APPENDICES

Appendix A

Table A.1: Typical biogas composition and purification requirements [Yang et al, 2014, Scholes et al,
2013, E. Ryckebosch et al, 2011, Baker 2001, Persson, SW report 2003, Garnaud and Zick, 2014]
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Raw biogas Purification requirements
Composition . . Heat and Pipeline
Component . Anaerobic Landfill . S
unit . . . electricity injection and
digestion biogas . .
requirement transportation
CH, % 45-75% 30-65 96-98 >0.96
CO, % 30-55 15-50 <2-4 <2-4
H,0 % 3 - 32 mg/Nm® <0.01 (US)
H,S ppm 0-2000 30-500 <16 <4
0, % 0-5 0-3 <1 <0.5-3
H, % - 0-3 - -
N, % 0.01-6 <1-17 <1 -
NH3 ppm <100 0-5 - <3mg/Nm’
Typical biogas 100-2000Nm*/h  500-20000Nm*/h
flowrate
Typical inlet 25-55°C and
temperature water saturated
Pressure (bar) 2-9
Appendix B
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Figure B.1 Permeability /selectivity trade-off and upper bound for CO,/CH, separation [Robeson,
2008] — Data of polymeric and advanced FSCM, MMMs, PIMs are added [Zhang et al, 2013,
Mashallah et al, 2014, Scholes et al., 2012].

Appendix C: 1D model - resistances in series model

A resistances in series expression based on film theory is classically used in that case [Gabelman and
Hwang, 1999]. The local overall mass transfer coefficients can be expressed according to the
resistance- in series model as follows:
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The local absorbed CO, molar flux of speciei is expressed as:

Ng,;(mol.m?s*)=a k,(Ce; —Cs;) (C1)

m ov,i
Where:

1 _Hei.dm, 1 + dml (CZ)

= A+
kov,i de'kL,i km,i di'kG,i

(C3)

Cs; = He, .C,,

a is the specific membrane module interfacial area (m?).

Cs,i is the hypothetical local gas-phase concentration in equilibrium with the liquid phase.

kov,iis the local global mass transfer coefficient of specie i. ki,i, km,i, kg,i are the local effective membrane
mass transfer coefficients of the membrane, the liquid and the gas phase respectively.

dint, dext dmj are the inner, outer and log mean diameters of the hollow fiber membrane. He is the Henry
constant of the gas compound with water (defined as : He= Cs (mol/m?)/C.(mol/m?)) .

In this model, the film theory (diffusion in boundary layer) is applied in the liquid and gas phases. The
key assumptions of the 1D model are:

- Constant membrane mass transfer (km,) coefficient

- Plug flow for both gas and liquid phases

- Thermodynamic equilibrium at the gas—liquid interface
In laminar flow through a cylindrical pipe, gas and liquid mass transfer coefficient, ks and k, respectively
can be estimated by integrating the Graetz equation [Beek 1999, Skelland 1985, Levéque 1928] for
suitable boundary conditions.
The Sherwood number in each phase is estimated by:

if Gz < 0.03 then Sh=1.3Gz'? (c4)
if Gz >0.03 then Sh=4.36 (C5)
With Graetz and Sherwood numbers defined as follows (z is the axial coordinate):
D .z
Ug.d,
(C7)

With dj the hydraulic diameter.
For the gas phase, flowing in the lumen side, di corresponds to the internal fiber diameter (d;).

The 1D model takes into account the evolution of the local mass transfer coefficients, the evolution of
gas velocity (due to CO, absorption) and fluid pressure through the axial coordinate (z).
The differential equation system which is solved is detailed hereafter (n is the components number):

e Gas differential molar balance:

dG, _

—L=—N i=1n-1 (C8)
dz

Gii

e Liquid differential molar balance:

£=—Nm i=Ln-1
dz ’ 24



(C9)

With
L = uLCi,L (C10)
G = uGCi G (C11)

The boundary conditions are:
Gg,i 220 =Gy00 X Vi =0 i=1n-1
CLiz =CLip, 1=1Ln-1

(C14)

(C15)

Cii,0 =Cy i, (initialisation) i=1n-1 (C16)

Gj, L;, are the molar flow rate of compound i in the gas phase and in the liquid phase respectively.

Equations (C8-C9) are numerically solved with the appropriate boundary conditions through a Matlab

computer code.

Appendix D

Table D.1 Detailed energy requirement comparison with values from literature.

e | e | P | kel 2o
:s;"gZﬁ:; compression 0.116 ~0.12 ~0.13
Liquid pumping 0.034 ~0.08 ~0.09

Air blower 0.02 - ~0.01
TOTAL 0.17 0.21 0.25-0.26
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