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Introduction

Fischer-Tropsch synthesis (FTS) is a promising route for clean fuels 1 and sustainable chemicals production via the XtL process, in which biomass (BtL), coal (CtL) or natural gas (GtL) can be used as raw materials. Efficient Fischer-Tropsch catalysts are crucial to make the process economically viable and competitive with conventional petroleum-based routes. However, the evaluation of new catalyst performances can be time consuming and costly 2 . To overcome this issue, two strategies can be employed: the first one is the use of fast characterization techniques, for which the analysed properties are directly linked to catalysts performances. For instance, Boldrin et al. 3 proposed an efficient way to accelerate Fischer-Tropsch catalysts screening using High-Throughput TGA and XRD. The second one, chosen by more and more research groups [4][START_REF] Botes | Catalysis and synthetic fuels: state of the art and outlook[END_REF][START_REF] Sartipi | [END_REF][7][8][9] , is the use of parallelized and miniaturized reactor setups, more commonly known as high-throughput experimentation (HTE). Van der Waal et al. [START_REF] Van Der Waal | Catalysis and synthetic fuels: state of the art and outlook[END_REF] demonstrated the potential of such a technology for FTS by characterizing the coherence of the data generated with 64 fixed-bed reactors operated in parallel. A high repeatability of the catalysts performances between reactors was obtained (95%), and the selectivity measured by on-line gas chromatography was in good agreement with the off-line liquid phase analysis. A strong repeatability of reactor to reactor data was also obtained by Cao et al. [START_REF] Cao | Catalysis and synthetic fuels: state of the art and outlook[END_REF] on a multi-channel microtubular reactor setup, with a similar standard deviation. Because of its high accuracy, the HTE technology is recognized as a powerful tool to acquire a large amount of data in a short period of time, making it suitable for catalysts screening, kinetic modelling and mechanistic understanding 2,[START_REF] Van Der Waal | Catalysis and synthetic fuels: state of the art and outlook[END_REF][START_REF] Moulijn | [END_REF]13 . Several issues are, however, important to consider when operating such experimental setups, in order not to compare incoherent data and make biased conclusions. For instance, Van der Waal 10 and Cao [START_REF] Cao | Catalysis and synthetic fuels: state of the art and outlook[END_REF] both underlined the necessity to use sufficiently small reactor diameter to avoid heat and mass transfer limitations (< 2 mm 10 ), which are particularly important when data is acquired for kinetic studies. Small reactor diameter have also been recommended by Chambrey et al. 14 to better control temperature during the a. IFP Energies nouvelles, Rond-Point de l'Echangeur de Solaize 69360, France b. Univ Lyon, Université Claude Bernard Lyon 1, CNRS, IRCELYON, F-69626, Villeurbanne, France reactor start up. Because of the high exothermicity 15,[START_REF] Mark | Handbook of Heterogeneous Catalysis[END_REF] of the Fischer-Tropsch reaction 9G* r = -167 kJ mol -1 for CH 2 monomer formation 15 ), the first exposition of the catalyst to syngas may indeed lead to an uncontrolled temperature increase and provoke undesired deactivation. This is a recurring issue in conventional fixed bed reactors, for which radial heat transfer is low. It can be avoided in HTE, by the use of milli-fixed bed reactors.

The accuracy of the data obtained by HTE might also depend on other factors, where the test methodology plays a major role. Xiao et al. [START_REF] Xiao | [END_REF] reported several phenomena that could impact significantly the Fischer-Tropsch product analysis. Particular attention should be paid to heavy product accumulation, which can induce severe deviations from the Anderson-Schulz-Flory distribution if the reactor is not operating in steady state. A certain period of time is required for the dense products to fill the downstream dead volumes and thus to be collected, whereas the light products (typically in gaseous state) rapidly reach the collection system because of their higher molar volume. Deactivation is also an important parameter to consider, in particular if performance evaluation is carried out for long Time On Stream (TOS). Chambrey et al. 14 showed that even if catalysts are less sensitive to deactivation in milli-fixed bed reactors, the activity loss can reach 1%•day -1 , which is significant when tests are carried out for hundreds of hours. To avoid this issue, Morra et al. 18 used a HTE setup which can feed one reactor with a fixed composition and the other ones with a different composition. This configuration allows the acquisition of kinetic data under different conditions on a selected reactor, while the others are running under nondeactivating conditions (inert feed). The data acquisition is then performed successively reactor after reactor, and the overall data set is thus representative of the initial catalyst state for every reactor. However, to reduce the costs and improve accuracy, most recent HTE setups embed specific systems such as mutualized feed distributions 10 , pressure regulators [START_REF] Van Der Waal | Catalysis and synthetic fuels: state of the art and outlook[END_REF][START_REF] Cao | Catalysis and synthetic fuels: state of the art and outlook[END_REF]13 or heating blocks [START_REF] Van Der Waal | Catalysis and synthetic fuels: state of the art and outlook[END_REF][START_REF] Cao | Catalysis and synthetic fuels: state of the art and outlook[END_REF]13 making it impossible to choose different operating conditions from one reactor to the other, such as flowrate, flow composition and pressure. To face this problem, alternative strategies have been used, for instance contact time variations by loading 2,4,[START_REF] Moulijn | [END_REF]13,18 different amount of the same catalyst in different reactors, which is particularly interesting for kinetic studies. This method may, however, introduce some differences between the different reactors since as a consequence, the catalysts are also activated at different hydrogen space velocities from one reactor to another, and their performances can be affected. A way to ensure a uniform degree of reduction between each reactor is the use of reduction promoters, but this method might not be suited for kinetic studies because of the promoters potential involvement in Fischer-Tropsch reactions [START_REF] Nabaho | Recent Advances in F-T Synthesis and Fuel Processing Catalysis[END_REF] .

The present study discusses the suitability of HTE for kinetic studies, dealing with several issues frequently encountered in Fischer-Tropsch synthesis: catalysts activation and deactivation, mass transfer limitations, and wax accumulation. The effect of hydrogen space velocity on non-promoted catalysts activation will first be studied, and the accuracy of the data obtained in HTE will then be evaluated on a 16-reactor setup. Effects of operating conditions will be studied and compared to the data from literature. A focus on contact time variation methods will be carried out in particular to assess their suitability for kinetic studies. Deactivation and steady state product analysis will finally be discussed.

Experimental

Catalysts synthesis

Two 15 wt.% Co catalysts were prepared by incipient wetness impregnation, using commercial Siralox5 (silica alumina from Sasol) as a support. An aqueous Co(NO 3 ) 2 •6H 2 O solution was employed as a source of cobalt, and two successive impregnations were performed to reach the desired cobalt loading. The impregnated catalysts were then dried and calcined with two different protocols in order to obtain two different cobalt particle sizes. The first catalyst (referred as Co-12) was dried in a static oven at 85°C for 12 hours before being calcined in air (2 NL•h -1 •g -1 ) with a fixed bed reactor for 2 hours, at 400°C using a heating ramp of 2.5°C•min -1 . The other catalyst (Co-18) was pre-dried at 85°C for 30 minutes in a static oven, before being transferred into a fluidized bed reactor where the main drying step occurred. This last step consisted of exposing the catalyst to an air flow with a gas velocity of 0.8 NL•h -1 •g -1 of support, at 100°C for 2 hours. The heating ramp from room temperature to 100°C was 1.5°C min -1 . The subsequent calcination was conducted directly in the same reactor, at 400°C for 2 h using an air flow of equivalent gas velocity. The heating ramp from 100 to 400°C was 5°C min -1 .

Catalysts characterization

The specific surface area and pore volume of the cobalt oxide catalysts were measured by nitrogen physisorption using an Asap® 2420 instrument from Micromeritics®. The specific surface area was estimated with the BET method and the pore volume was considered to be equivalent to the nitrogen volume adsorbed at maximum pressure.

Cobalt oxide (Co 3 O 4 ) average particle sizes were determined by X-Ray Diffraction (XRD). Diffractograms were registered on a PANalytical X'Pert Pro® apparatus equipped with a copper source 9P QR% = 1.5406 Å). The Co 3 O 4 average particle size was calculated using the Scherrer method on oxide catalysts and the metallic cobalt particle size was estimated to be equal to 0.80 the size of the Co 3 O 4 particle (molar volume ratio of Co over Co 3 O 4 ). The metallic cobalt particle size distribution was also estimated by Transmission Electron Microscopy (TEM). TEM images of reduced and passivated catalysts were taken in dark field mode for a better contrast, with a JEM 2100F microscope. Particle size distributions were based on the measurement of more than 200 particles, and the average particle size in volume was estimated by fitting the particle size distribution with a log normal law. The catalyst reduction before TEM analysis was performed in a 5 mm ID reactor at 400°C for 16h, using a hydrogen gas velocity of 2 NL h -1 g -1 and a heating ramp of 2°C min -1 . The samples were then passivated at room temperature with a mixture of 1% O 2 /N 2 for 3h before unloading the catalysts.

To quantify the catalysts active sites and to corroborate the particle size at a given degree of reduction with XRD and TEM results, static H 2 -chemisorption was performed using a BELSORP-max apparatus over catalysts that were reduced at 350°C under pure hydrogen for 2h. The degree of reduction (DOR) of the samples was controlled after the analysis by Temperature Programmed Reduction (TPR), using the procedure described below. Knowing the catalysts DOR, the average particle size was calculated from the number of surface cobalt atoms considering a spherical particle shape. Hydrogen was considered to adsorb dissociatively on metallic cobalt [START_REF] Bartholomew | [END_REF] , thus the number of active sites corresponds to twice the number of adsorbed H 2 molecules. TPR analysis was performed with an AutoChem II 2920 V4.03 apparatus from Micromeritics®. 0.5 g of catalyst was exposed to 58 NmL min -1 of 5% H 2 /Ar while heating from room temperature to 1000°C at 5°C min -1 . The technique was either used to qualitatively estimate the catalysts reducibility, but also performed to quantify the degree of reduction of reduced catalysts. In practice, the CoO area of the reduced passivated catalyst profile was subtracted from the CoO area of the catalyst precursor obtained after the calcination profile to determine the fraction of unreduced cobalt.

Magnetization measurements were used to determine the fraction of metallic cobalt of the catalyst. Metallic cobalt exhibits a high magnetic susceptibility compared to its oxide or carbide phases [21][22][23][24][START_REF] Mohn | Magnetism in the Solid State An Introduction[END_REF] . Knowing the theoretical magnetization of a sample corresponding to hundred percent metallic fraction, and by neglecting the susceptibility of the non-metallic cobalt phases the actual DOR is given by the relation:

DOR = M m (Eq. 1)
being the saturation magnetization, the magnetic M susceptibility of metallic cobalt, and the cobalt mass of the m sample. The saturation magnetization was estimated at a magnetic field of 2T.

High-throughput experiments

The HTE setup used is a Flowrence® unit developed by Avantium (Figure 1). Sixteen down-flow fixed bed reactors (2 mm ID) run in parallel with a mutual gas feed, equally distributed through the reactors by a patented passive microchip. The relative standard deviation of the flowrate measured on the different reactors without any catalyst is less than 2%. Pressure is regulated for each reactor independently around a common set point, and is based on the values measured at the entrance of the reactors. Four independent heating blocks are used to control the temperature of 4 reactors each. Temperatures are measured at three heights of the heating blocks to ensure the temperature homogeneity along the catalytic beds. The reactor isothermal zone (±0.7°C at 250°C) measures 20 cm starting from 8 cm of the bottom. The catalyst bed (100 mg -500 mg) is placed within this isothermal zone on top of a 10 cm layer of ceramic powder (Microblast® B-120). A second layer of ceramic powder is placed on top of the catalyst layer to reach a total bed length of 40 cm. The last 16 cm of the reactor are filled using a 1 mm glass sock, to minimize dead volumes and improve gas mixing. Effluents are collected downstream and heavy products are separated from the light ones by a cold trap at 80°C. Light products up to C 10 hydrocarbons are analysed on-line by gas chromatography and heavy products off-line by simulated distillation analysis. Based on thermodynamic calculations using PRO/II software (SRK model), C 10-products are recovered at 95% in the gaseous phase and C 17+ at 95% in the liquid phase. Helium is used as an internal standard for gas flow calculation and is analysed by a thermal conductivity detector (TCD), along with N 2 , CO, and H 2 , which are separated through a molecular sieve column. The lightest hydrocarbons cut (C 1 -C 8 ) is separated from the heavy 

Q formula Q = Q V (Eq. 2)
is the inlet flowrate of helium, and is the Q V measured outlet volume fraction of helium. Specific flowrates of compounds are then calculated as

Q Q = Q • (Eq. 3)
is the concentration of compound at the outlet. CO conversion, CH 4 , C 2 , C 3 , C 4 and C 5+ selectivity are obtained by the following relations:

X = Q Q Q (Eq. 4) S 4 = Q 4 , Q Q (Eq. 5) S 2 = 2 Q 2 , Q Q (Eq. 6) S 3 = 3 Q 3 , Q Q (Eq. 7) S 4 = 4 Q 4 , Q Q (Eq. 8)
S 5 + = 1 (S 4 + S 2 + S 3 + S 4 )

(Eq. 9)

The catalysts activity was followed through the CO consumption rate divided by the catalyst mass, noted (in µmol•s -1 •g -1 ) and r defined as:

r = X Q & & '( ()* (Eq. 10)
with the CO molar volume under standard conditions of & temperature and pressure and the CO inlet flowrate (NL Q s -1 ).

During the tests, one of the 16 reactors is kept empty to verify that both the feed distribution and analysis of the products are correct. The measured CO conversion in this reactor should be 0%, any deviation would indicate a default of either the analytical system or of the feed section.

For each test, catalysts are reduced in-situ under 0.45 NL h - 1 of pure hydrogen at 400°C for 16 h, with a heating ramp of 2°C min -1 at atmospheric pressure. The temperature is then decrease to 180°C under hydrogen and the pressure is progressively raised to 20 barg. Syngas is finally injected and the temperature increased to 220°C with a ramp of 1°C min -1 . The syngas GHSV used in the tests were comprised between 2 and 13 NL h -1 g -1 , and the H 2 /CO molar ratios between 1.85 and 2.4.

Heat and mass transfer are considered not to be limiting factors according to the calculations presented in Table 1, for which the details can be found elsewere [START_REF]EUROKIN spreadsheet on requirements for measurement of intrinsic kinetics in the gas-solid fixed-bed reactor[END_REF] . All criteria to assume ideal intrinsic kinetic conditions are fulfilled.

Slurry reactor tests

Before Fischer-Tropsch slurry experiments, the catalyst activation was performed in a fixed bed reactor using the same protocol as for HTE, but with a H 2 flowrate of 2 NL h -1 g -1 . The catalyst was then unloaded under inert gas and coated with n-C 22 solvent to prevent re-oxidation. The n-C 22 catalyst sample was let to solidify before being transferred into the slurry reactor previously filled with n-C 22 . Then slurry experiments were carried out in a 50 cm 3 CSTR at 220°C, 20 barg, molar ratio H 2 /CO = 2.12. A known mass of 3 to 4 g of reduced embedded catalyst was loaded in the reactor, and the syngas space velocity was adjusted at the beginning of the test to reach 45% CO conversion. The conversion was then followed with time on stream like the HTE fixed bed experiments in which no gas velocity change is applied. Gas phase analysis was carried out on-line using a Molecular Sieve column with a TCD for permanent gases, and a PONA column with a FID for light hydrocarbons. The relative standard deviation of the GC analysis was estimated to 3%.

Wax composition analysis

The liquid product fraction (typically C 17+ hydrocarbons) was analysed off-line by simulated distillation. The hydrocarbon mix (typically 0.1 g) was dissolved in CS 2 before being separated through a MXT®-1 column, after which hydrocarbons were quantified by a FID. The chain growth probability R was calculated based on the C 17-42 hydrocarbons distribution, by fitting the Anderson-Schulz Flory (ASF) equation [START_REF] Anderson | [END_REF] .

Results

Catalysts properties

Oxide catalysts main textural properties are presented in Table 2. No major difference is observed between the two catalysts, which both exhibit slightly lower surface area and pore volume than the support (171 m 2 g -1 , 0.52 mL g -1 ), probably due to pore blockage by cobalt oxide particles 28 .

The average particle size of the two catalysts given by the different techniques mentioned in section 2.3 are also listed in Table 2. For each method, the Co-18 catalyst shows a larger particle size than the Co-12 one. For instance, a value of 18±2 nm is obtained by XRD for the Co-18 oxide catalyst while a value of only 12±1 nm is found for the Co-12 one. The average particle Please do not adjust margins Please do not adjust margins size of reduced catalysts can be deduced from these values, considering the molar volumes of Co 0 and Co 3 O 4 (v Co /v Co3O4 = 0.80). The average particles sizes of the reduced catalysts are estimated to be 14 nm and 10 nm for the Co-18 and Co-12, respectively. Particle sizes calculated from TEM images corroborated rather well these calculations since they were found as 11±1 nm for the Co-12 catalyst and 12±1 nm for the Co-18 one. In-situ magnetisation measurements showed that passivation reduces the DOR of both catalysts by 25%, which corresponds to a passivation layer of 0.6 nm considering a spherical particle shape. The reduced catalyst particle sizes are therefore estimated to 12 nm and 13 nm for Co-12 and Co-18, respectively. Although the difference between the two is less by TEM method than by XRD, a larger particle size is found for the Co-18 catalyst. The same observation is made for the H 2 chemisorption measurements, with particle sizes of 15 nm and 17 nm for the Co-18 and Co-12, respectively. Despite an overestimation, these values are in good agreement with the XRD results. Both TEM and H 2 chemisorption indicate less of a difference in the average particle size between the two catalysts after reduction. This could be due either to sintering of small particles during reduction, or to preferential reduction of big particles.

TPR profiles of the two catalysts are presented in Figure 2, which clearly show the particle size effect on the catalyst reducibility. The first peak of H 2 consumption (300°C) corresponds to the reduction of Co 3 O 4 into CoO 29,30 , whereas the second one correspond to the reduction of CoO into Co 0 . While no significant difference can be observed for the first peak, the second peak is slightly shifted to higher temperatures for the Co-12 catalyst. This might be due to the high metalsupport interactions of small particles that decrease the catalyst's reducibility 31,32 .

Effect of hydrogen space velocity on catalysts activation

The conversion in a plug flow fixed bed reactor depends on the ratio W cat /F CO , which is directly related to the mean residence or contact time. The generation of accurate data at different ratios of W cat /F CO is therefore essential in kinetic studies. To vary the contact time, one can either vary the mass of catalyst (W cat ) or the inlet flow rate (F CO ). To take full advantage of the parallelization in HTE, it is best to adapt the catalyst mass in the different reactors 2,4,[START_REF] Moulijn | [END_REF]13,18 and operate all reactors at the same flow rate. This strategy, however, implies that different hydrogen space velocities are applied to all catalyst samples during the in-situ catalyst reduction treatment. This parameter has a great influence on the degree of reduction of cobalt and nickel catalysts [START_REF] Tsakoumis | Chemical communications[END_REF][START_REF] Bartholomew | [END_REF] . Water is the main product of cobalt oxide reduction, and a change in its dilution level may modify the final extent of reduction 35 because of a kinetic inhibition 36 . The effect of the hydrogen space velocity on the catalyst reduction was studied by magnetisation measurements of samples reduced in the HTE setup. The hydrogen space velocity used for reduction was varied from 1.0 to 2.2 NL h -1 g -1 , by varying the amount of catalyst from 100 mg to 460 mg (hydrogen flowrate of 0.45 NL•h -1 ). Figure 3 shows the two catalyst's DOR's as a function of the GHSV (Gas Hourly Space Velocity) used for reduction, performed at 400°C for 16 h in the HTE setup. The DOR's were calculated based on magnetization measurement. After reduction in the HTE unit, the samples were unloaded under inert atmosphere (<0.5 ppm O 2 , <0.5 ppm H 2 O), to prevent any re-oxidation by air exposure. Two different trends were observed. The less reducible one, Co-12, exhibits a clear dependency of its DOR on the GHSV, with higher DOR's at high hydrogen gas velocity. On the contrary, the Co-18 catalyst is not sensitive to the gas velocity used for reduction, at least for a GHSV range between 1 and 3 NL h -1 g -1 . This phenomenon complicates the measurement of kinetics in HTE over catalysts that are difficult to reduce. This may be one of the reasons why trends have sometimes been reported at high conversion [START_REF] Marion | Studies in Surface Science and Catalysis Natural Gas Conversion VIII[END_REF][START_REF] Yates | [END_REF] , but Ma et al. 47 explained this by the rapid deactivation of the catalyst that occurs at high conversion, changing the degree of oxidation and therefore the selectivity. It can also be due to the high partial pressure of water produced at high conversion levels, which promote the water-gas-shift reaction and thus modify the H 2 /CO ratio.

The reactor-to-reactor repeatability of catalyst performances is quite similar to the one reported by van der Waal et al. [START_REF] Van Der Waal | Catalysis and synthetic fuels: state of the art and outlook[END_REF] on a 64-reactor setup, with a RSD value of maximum 5% on activity. However, the inter-test repeatability of catalysts performances is a bit lower than this reactor-toreactor repeatability, with a RSD value that reaches 10% on CO conversion (Table 3). This difference may be due to the error added by the systematic, but necessary recalibration of the analytical system performed at the beginning of each test. A lower accuracy of catalysts performances measurements should therefore be considered if data is acquired through several tests. Besides, the CO conversion RSD values are higher for the Co-12 catalyst than the Co-18 one. This might be due to the lower reducibility of Co-12, which makes its performance more sensitive to the reduction GHSV. Finally, no effect of the catalyst amount on the error margin is observed within the range operated.

Steady state

When catalysts are exposed to syngas at the early stage of reaction they generally undergo a transitory period. During this phase their performances are evolving and may not be representative of those at longer TOS. Steady state has to be reached if data is acquired during extended periods. Two phenomena may be at the origin of this behaviour: catalyst surface reconstruction [START_REF] Schulz | Fischer-Tropsch synthesis on the eve of the XXI Century[END_REF] , and hydrodynamic changes due to accumulation of waxes [START_REF] Xiao | [END_REF] in the catalyst bed and porosity. The period duration can be estimated by monitoring the catalyst activity or selectivity either by gas phase or liquid phase analysis. However, considering the low flowrate of the liquid product fraction, the transitory period for the determination of this fraction composition may be longer than for the gas phase [START_REF] Xiao | [END_REF] . The 24 h catalytic tests showed that the initial transitory period of surface reconstruction and pore filling is fast enough not to be detected by the gas phase analysis. After the first gas analysis registered at TOS 1h the CO conversion decreased continuously, which is likely related to catalyst deactivation. To monitor the evolution of the composition of the liquid fraction, a dedicated HTE test was carried out during an extended period while collecting samples every 12 h. Two different operating conditions were tested successively in order to measure also the transitory period after a change of reaction conditions (lower H 2 /CO value). Figure 5 shows the evolution of the liquid productivity and chain growth probability with TOS for the Co-18 catalyst (338 mg). During the first 24 h the liquid fraction productivity increased due to its accumulation inside the downstream dead volume, which represents 0.46 mL. Considering a liquid density of 0.95 g mL -1 and a liquid productivity of 100 mg h -1 g -1 , 12h are required to fill this downstream section with waxes, which corroborates well with our measurements. Chain growth probability is also increasing during this initial period, but in an extent that remains within the error margin. Still, this behaviour could be due to a more severe hold up of heavy hydrocarbons [START_REF] Schulz | Fischer-Tropsch synthesis on the eve of the XXI Century[END_REF][START_REF] Shi | [END_REF] . During the first stage of reaction where the catalyst pores are filled, the heavy hydrocarbons are accumulating in a greater extent than lighter ones [START_REF] Shi | [END_REF] leading to product segregation and thus an underestimation of the chain growth probability. The surface reconstruction could also be at the origin of this behaviour. Several authors have reported an increase in the heavy compound selectivity in the gas phase [START_REF] Xiao | [END_REF][START_REF] Schulz | Fischer-Tropsch synthesis on the eve of the XXI Century[END_REF] . A third explanation of this behaviour could be the sintering of the smallest particles. This phenomenon is known to occur mainly at the beginning of the reaction 50 , and it has been shown that larger particles (over 8 nm) exhibit a higher selectivity towards heavy compounds than small ones 37 . Starting from 36 h of TOS, both productivity and chain growth probability reach a stable value.

After the change of the reaction conditions, an increase of the alpha value is measured, whereas the liquid productivity remains almost constant. No particular transitory period is observed during this condition change for the liquid composition, the alpha value being relatively constant after the first measurement.

Whereas no significant delay is required for the gas phase analysis to obtain representative catalysts performances at a given condition, a transitory period should be respected for accurate liquid phase analysis especially during the reactor start-up. This period should at least exceed the time necessary to fill the dead volume after the reactor, which is correlated to the catalyst liquid productivity. Despite very slight variations of the liquid composition observed during the first 36 h of reaction, it is preferable to perform liquid collection after this period to ensure a representative composition. This constraint dramatically extends the test duration if liquid phase analysis is required and operating conditions are tested successively. In this case, catalyst deactivation becomes an important parameter to consider for coherent data acquisition. Please do not adjust margins Please do not adjust margins syngas composition have to be studied in a successive manner, which is not only time consuming but also detrimental to the accuracy, because of the catalyst deactivation (cf section 3.7). Thus, to minimize the test durations, the impact of these three parameters were studied through two separated runs. In the first one the influence of gas composition and pressure were studied, whereas in the second one, the effect of temperature and pressure were studied. Despite the possibility to perform simultaneous variations, temperature was varied successively to acquire the data on the same reactor (and thus avoid deviations due to changes of the conditions during activation or stabilisation). In practice, each of the 3 parameters studied was varied twice using a positive and a negative variation around a central value, while keeping the other parameters constant. The default values used for the Co-18 catalyst were 220°C, H 2 /CO = 2.12, 20 barg while the ones used for Co-12 catalyst were 216°C, H 2 /CO = 2.12, and 20 barg. The temperature was adjusted between the two catalysts to reach the same CO conversion level of 50%. The results are shown in Table 5. It can firstly be observed that the impact of syngas composition, pressure and temperature on performances do not differ from one catalyst to the other. Thus, a general description of the observed trends is presented in the following without any distinction between catalysts. Regarding catalyst activity, CO consumption rate per gram of catalyst systematically increases when either temperature, pressure, or H 2 /CO ratio increases. The positive effect of the H 2 /CO increase on the activity, indicates an inhibition of the reaction by CO (i.e. a negative reaction order) and a promotion by H 2 , which has already been reported by several authors [START_REF] Van Santen | Physical chemistry chemical physics PCCP[END_REF][START_REF] Agrawal | [END_REF][60][61][62] . Using Arrhenius law, an apparent activation energy of 110 kJ•mol -1 is obtained, which is comparable to the ones reported [60][61][62] .

The parameter effect on catalyst selectivity is more complex, but in line with the trends reported in the literature 39,61 . It can be observed that, as for the activity, the methane selectivity systematically increases when P, T or H 2 /CO increases. The C 5+ selectivity follows the opposite trend and always decreases when the CH 4 selectivity increases as observed by Lillebø et al. 38 . However, the chain growth probability R does not obey the same correlation. When the pressure increases, the R value increases while the C 5+ selectivity decreases, which is not expected if a perfect ASF distribution is considered. This behaviour has also been observed by Todic et al. 39 and may be explained by a deviation from the theoretical ASF distribution with two alpha values [63][64][65][66] , one attributed to light products and one to heavy products. The chain growth probability of light products is negatively affected by the pressure increase while the heavy products one is positively affected. This double chain growth probability may originate from the presence of two active sites 39 , the chain length dependency of olefins re-adsorption 67 , or even products accumulation [START_REF] Xiao | [END_REF]68 . The last explanation can be ruled out, since it has been verified that steady state was reached before collecting samples (cf next section). Concerning the CO 2 selectivity, a decrease is observed when the H 2 /CO ratio increases and an increase is measured when temperature increases. CO 2 being mainly produced through the water-gas-shift reaction in which CO is a reactant and H 2 a product, the increase of the H 2 /CO ratio logically induces a CO 2 selectivity decline. Finally, the olefin-to-paraffin ratio decreases both with the increase of the H 2 /CO ratio and temperature 69 , but increases when the pressure increases. The increase of H 2 partial pressure has been reported to accelerate the alpha olefins secondary hydrogenation reaction 39 and thus a decrease of the O/P ratio. The temperature effect observed on the products selectivity might originate from differences in the activation energy of the reactions leading to the different products respectively.

The present analysis shows that general trends of activity and selectivity as a function of operating parameters corresponds well to the ones reported in the literature. It can therefore be expected that the kinetic data acquired in HTE is well representative of the one acquired in slurry reactors.

Conclusions

High-throughput technology is a well-suited tool for kinetic studies due to the rapid data generation capacity. In order to improve the accuracy of such equipment and make sure to acquire coherent data sets, several points require to be investigated before carrying out data acquisition. To accelerate kinetic data acquisition, it is convenient to load different amounts of the same catalyst in different reactors operated in parallel to obtain data with different contact time. However, this method may have some drawbacks and there are some cases where successive flowrate variations applied on a selected reactor might be preferred. Variation of catalyst amounts over several reactors is suitable only in the case of easily reducible catalysts, for which similar extents of reduction are obtained whatever the amount of catalyst. On the other hand, we have shown that in the case of less reducible cobalt catalysts, varying the hydrogen space velocity during activation can modify the catalyst extent of reduction and thus conduct to incoherent kinetic data. In this method, the catalysts also have to be resistant to deactivation. We observed that deactivation is directly correlated to the conversion level. The catalyst stabilization under syngas may thus differ depending on the operated conversion level and the amount of catalyst. The variation of the syngas flowrate to vary the contact time should be therefore preferred for less reducible catalysts and catalysts sensitive to deactivation. In that case, however, the catalysts need to be relatively resistant to deselectivation (i.e. loss of selectivity) to avoid incoherent data due to the evolution of performances with time on stream. When data is successively acquired, the tests duration can rapidly increase. Even with the present miniaturized HTE setup, significant transitory periods need to be considered for liquid composition analysis after a change of reaction conditions. Deactivation is thus an important phenomenon to quantify, in particular when catalysts are working at high conversion and the tests are performed for extended periods of time. This issue can still be avoided by running successive short tests. It is however time consuming and implies to consider the inter-test repeatability, which may Please do not adjust margins Please do not adjust margins be lower than the reactor-to-reactor repeatability and thus decrease the overall accuracy of a data set. The test methodology is therefore crucial to measure with accuracy the catalysts performances, and obtain a coherent data set. Moreover, different catalysts types (particles size, support, promoter) will have different reducibility and different sensitivity to deactivation, which will make it necessary to adapt the methodology for kinetic studies.
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 1 Evaluation of different criteria to assess the intrinsic kinetic conditions. For the calculations, the standard reaction conditions were used (see main text) and rCO,max = 0.012 mol•kgcat -1 •s -1 ). h: catalyst bed length, dp: catalyst particle diameter, DR: reactor diameter. Physical phenomenon Criteria plug flow (axial) h/d p = 1100 > 7 plug flow (radial) D R /d p = 17 > 10 external mass transfer (Carberry number) 1 10 -5 < 0.05 internal mass transfer (Wheeler-Weisz) 1 10 -3 < 0.08 external heat transfer (film) 0.01 K < 1.2 K external heat transfer (radial) 0.4 K < 1.2 K internal heat transfer 0.001 K < 1.2 K ARTICLE Journal Name 4 | J. Name., 2012, 00, 1-3 This journal is © The Royal Society of Chemistry 20xx

Figure 2 :Figure 3 :

 23 Figure 2: Temperature Programmed reduction profiles of the two catalysts

Figure 5 :

 5 Figure 5: Liquid fraction productivity and composition evolution, at initial reaction stage and during a condition change (CO conversion range: 30 -40%). Condition 1 : 220°C, 20 barg, H2/CO = 2.12, 3.4 NL•h -1 •g -1 . Condition 2 after 100h TOS : 220°C, 20 barg, H2/CO = 1.85, 3.2 NL•h -1 •g -1 .
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  one (C 9 -C 14 ) by a first HP-INNOwax column. Light hydrocarbons are then separated through a GS-GasPro column, and heavy ones through a second HP-INNOwax column. Both hydrocarbons cuts are finally analysed with a flame ionisation detector (FID). CO 2 is converted into methane over a Ni catalyst before being analysed on the heavy products column. Water is not quantified, and since some heavy products are not fully condensed at 80°C, element balance cannot be calculated.

	The total outlet flowrate	is calculated according to the

Please do not adjust margins

Please do not adjust margins hydrocarbons

Table 2 :

 2 Catalysts textural properties and particles size

		S BET (m 2 /g) V p (ml/g)	d Co3O4 , XRD (nm)	d Co , XRD (nm) d TEM (nm)	d TEM corr. (nm)*	Ns chem (mmol/g)** d chem (nm)
	Co-12	139±7	0.37±0.01	12±1	10±1	11±1	12±1	0.10 (62)	15
	Co-18	135±7	0.36±0.01	18±2	14±1	12±1	13±1	0.11 (74)	17

*Corrected considering the passivation layer **Number of active sites estimated by H2 chemisorption analysis, with in parenthesis the percentage of reduction of the samples (%)
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