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Abstract 

BACKGROUND: This work presents a comprehensive study of CO2 capture from CO2/N2 mixtures in a 

hollow fiber membrane contactor (HFMC). The absorbents considered were three different ionic liquids 

(ILs): 1-Ethyl-3-methylimidazolium acetate ([emim][OAc]), 1-ethyl-3-methylimidazolium ethylsulfate 

([emim][EtSO4]) and 1-ethyl-3-methylimidazolium methyl sulfate ([emim][MeSO4]). A comprehensive 2-D 

mathematical model for the transport of CO2 was developed and solved for steady-state and pseudo 

steady-state modes. For pseudo steady-state mode, the 2-D model was linked with a dynamic model 

applied on a tank from which IL was recirculated into the shell side of the HFMC. 

RESULTS: The model showed excellent agreement between the simulations and experimental data 

within the range of 2-5 % standard deviation. Initially, overall mass transfer coefficients of 7.6 x 10-6 (m.s-

1), 1.6 x 10-6 (m.s-1) and 3.7 x 10-6 (m.s-1) were obtained for [emim][OAc], [emim][EtSO4] and 

[emim][MeSO4], respectively. Solubility, diffusivity and absorption efficiency of CO2 in ILs showed strong 

dependence on the temperature. Furthermore, concentration drop in the wetted portion of the 

membrane, effect of porosity, tortuosity, gas and absorbent flow rates were systematically studied.  

CONCLUSION: Findings of both experimental and modelling work suggests that in spite of the difference 

of extraction efficiency, these ILs are potential absorbents for CO2 in membrane contactors. Moreover, 

the modelling approach was found very effective to predict the absorption behavior of CO2 in ILs and to 

study the wetting phenomena and parametric effects. 

Keywords: CO2 Absorption, CO2 solubility, Membrane Contactor, Ionic Liquid, Modelling and Simulation. 
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Nomenclature 

𝐴 Area (𝑚2) 

𝐶  Concentration (𝑚𝑜𝑙. 𝑚−3) 

𝐷 Diffusivity (𝑚2. 𝑠−1)   

E Activation energy (𝐾𝐽. 𝑚𝑜𝑙−1) 

𝑓  Fugacity (𝑃𝑎) 

𝐻 Henry’s law constant (𝑃𝑎) 

𝛥Ĥ  Enthalpy (𝐾𝐽. 𝑚𝑜𝑙−1)  

𝑗 Molar flux (𝑚𝑜𝑙. 𝑚−2. 𝑠−1) 

K Equilibrium constant (-) 

Ḱ Mass transfer coefficient (𝑚. 𝑠−1) 

𝐿 Length of membrane(𝑚) 

ḿ Distribution factor of CO2 (-) 

𝑀 Molar weight (𝑘𝑔. 𝑚𝑜𝑙−1) 

n Number of fibers  

𝑃  Pressure (𝑃𝑎) 

𝑄 Volumetric flowrate (𝑚3. 𝑠−1) 

𝑟 Radial coordinate (𝑚) 

𝑟1 Inner radius of the tube (𝑚) 

𝑟2 Outer radius of the tube (𝑚) 

𝑟3 Radius of the free surface (𝑚) 

𝑅 Module inner radius(𝑚) 

Ŕ Reaction rate (𝑚𝑜𝑙. 𝑚−3. 𝑠−1) 

ℜ𝑔 Perfect gas constant (𝑗. 𝑚𝑜𝑙−1. 𝐾−1) 

𝑡 Time(𝑠) 

𝑇 Temperature (𝐾) 

𝑢 Average velocity (𝑚. 𝑠−1) 

𝑈  Velocity (𝑚. 𝑠−1) 

𝑣 Molar volume (𝑐𝑚3. 𝑚𝑜𝑙−1) 

𝑉 Volume (𝑚3) 

𝑥  Mole fraction of CO2 in IL (-) 

𝑧 Axial coordinate(𝑚) 
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Subscripts 

CO2 Carbon dioxide 

eq Equilibrium 

𝒈 Gas  

𝒊 Component 𝑖 

𝑰𝑳 Ionic Liquid 

in Inlet  

𝒍 Liquid  

N2 Dinitrogen 

out Outlet  

ov Overall  

r Radial 

Z Axial 

 

Greek Letters 

𝜇 Viscosity (𝑐𝑃) 

Θ Contactor volumetric void fraction (-) 

𝜌 Density (𝑘𝑔. 𝑚−3) 

ῡ Atomic diffusion volume (unity) 

𝜀 Membrane porosity (-)  

𝜏 Membrane tortuosity (-) 

𝒯 Ionic liquid residence time (𝑠) 

δ Membrane thickness (𝑚) 

𝜑v CO2 amount in feed gas (% vol) 

𝜃 Cylindrical coordinate (rad) 

∅  Fugacity coefficient (-) 
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1 Introduction 

Increased emissions of carbon dioxide (CO2), a major greenhouse gas and climate change contributor, is 

a serious concern all over the world 1–3. According to the International Panel of Climate Change (IPCC) for 

year 2100 it is estimated that the CO2 content in the atmosphere will reach 570 ppmv and the mean 

temperature will rise by 2oC 3–5. Scientists and technologists are significantly focusing on carbon capture 

(CC), which is a promising route to reduce CO2 emissions. Pre-combustion and post-combustion (PC) 

technologies for CC have been extensively studied in recent years and presented as economical and 

efficient techniques to mitigate CO2 emissions. Among CC technologies, PC is a promising technique as it 

can be retrofitted to existing power plants 6–9. 

Numerous technologies are used for CC based on both physical and chemical process involving 

absorption, adsorption, membrane separation, conversion and cryogenic separation 10,11. Membrane gas 

absorption (MGA) process integrates conventional gas-liquid absorption with membrane contactors as a 

base for mass transfer. Membrane contactors have a promising intensification potential with major 

advantages such as high specific surface area, independent gas-liquid flow rates, flexibility and 

modularity, while gas absorption leads to high selectivity and high driving force 12–18. Various physical and 

chemical absorbents have been used for CC in membrane contactors. An absorbent is rated based on its 

selectivity for gas, good solubility, good reactivity, and high absorption, low energy consumption during 

regeneration, low volatility and high contact angle with the membrane 19,20. Monoethanolamines 21,22, 

diethanol amines 22,23, methyldiethanolamine 21–23, 2-amino-2-methyl-1-propanol 22 and other absorbents 
24,25 have been used for CC with membrane contactors in previous studies. Alternative absorption fluids 

namely ionic liquids (ILs) have been proposed to replace corrosive and volatile amine based solvents 26–

28.  

ILs have been paid much attention in recent years and regarded as potential candidates for CO2 

absorption. An IL is a salt, which consist exclusively of organic cations and inorganic or organic anions, 

with a melting point lower than 100 oC 26. ILs are divided in two sub categories, room temperature ILs 

(RTILs) and task specific ILs (TSILs) 8. RTILs are conventional ILs which behaves like typical physical 

absorbents for the solubility of gases. Solubility of gases in RTILs is mostly represented by Henry’s Law 

constant. TSILs are able to absorb more CO2 compared to RTILs, due to both physical and chemical 

absorption. However, the regeneration of TSILs is very energy consuming and costly due to chemical 

bonding. Properties like high CO2 solubility, negligible volatility, high thermal stability, non-flammability, 

tunability and potential for replacing conventional absorbents are the major driving forces for research 

on ILs 26,29–32. Many review studies on CO2 absorption with ILs have been reported in recent years. These 

studies have listed absorption capacities and parameters for a number of ILs with both physical and 

chemical absorption nature for CO2 
8,26,30,33,34. Other studies have focused on investigating pressure-

temperature-composition data for CO2 absorption in various ILs followed by analysis of the data using an 

equation-of-state (EOS) model 35–38.  

Recently, many studies have been devoted to membrane absorption with membrane contactors using ILs 

as absorbent. IL [emim][EtSO4] which is reported to behave as a physical absorbent for CO2, has been 

used in many studies. This ionic liquid was used for both SO2 and CO2 capture in cross-flow membrane 

contactors 39,40. This research group systematically performed the comparative analysis of CO2 capture in 
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parallel-flow and cross-flow membrane contactors 41. ILs 1-butyl-3-methyl-imidazolium tetrafluoroborate 

[bmim][BF4] and 1-(3- aminopropyl)-3-methyl-imidazolium tetrafluoroborate [apmim][BF4] have also 

been used with membrane contactors to study CO2 absorption and desorption. Chemical absorption with 

[apmim][BF4] showed very high absorption capacity but low regeneration even at high vacuum degrees 
12. Influence of temperature on physical and chemical absorption of CO2 with [emim][EtSO4] and 

[emim][OAc] was studied by Gómez-Coma et al42. Jie et al43 and Chau et al44 used 1-butyl-3-

methylimidazolium dicyanamide [bmim][DCA] in a pressure swing membrane absorption process for CO2 

capture in membrane contactors.  

Many studies on modelling of CO2 absorption in membrane contactors have been published previously. 

However, up to the authors knowledge there is no study available on two dimensional (2-D) dynamic 

modelling of both physical and chemical absorption of CO2 in ILs, with an effective study of the 

temperature influence. 2-D model is an approach allowing calculating both axial and radial mass 

transfers. Then the model is applicable to real absorption situations. It also allows to evaluate the role of 

absorbent, membrane and hydrodynamics separately as it has been suggested in the review of Zhao et 

al9. In the present study, a comprehensive 2-D mass transfer model was developed for CO2 absorption 

(chemical & physical) in membrane contactors with three different ILs (same cation and different anions) 

namely, 1-Ethyl-3-methylimidazolium acetate ([emim][OAc]), 1-ethyl-3-methylimidazolium ethylsulfate 

([emim][EtSO4]) and 1-ethyl-3-methylimidazolium methyl sulfate ([emim][MeSO4]). Both, [emim][OAc] 

and [emim][EtSO4] are efficient absorbents for CO2 having low values of Henry constant  high values of 

viscosities and considerable values of surface tension to avoid wetting of membrane pores. 

[emim][MeSO4] is a potential absorbent for CO2, based on the solubility data and Henry’s law constants 

reported by Yim et al.36, Mejía et al.34 and Finotello et al.45 in their studies. This IL has not been 

considered until now for CO2 absorption on membrane contactors. Moreover, [emim][MeSO4] is a 

viscous IL with a very high value of surface tension among other ILs. These properties make it a potential 

candidate for using it with hydrophobic membranes to avoid membrane wetting. Structures of the 

considered ILs are presented in Figure 1.  

Figure 1 

Counter current gas-IL arrangements were adopted for the model. Detailed concentration profiles (both 

axial and radial) for all three IL were developed. Evolution of overall mas transfer coefficient (Kov) with 

recirculation time of absorbents was studied. Effects of temperature on diffusivity (ILs and gas phase) 

and Henry constant of the three ILs were investigated. These parameters were further linked with the 

model in order to investigate temperature effects on the absorption behavior of CO2 with the ILs.  

2 Model development 

A comprehensive 2-D model is presented here for CO2 mass transport in a hollow fiber membrane 

contactor for both steady-state and pseudo steady-state modes. The process is explained in Figure 2. The 

dotted lines show steady-state mode in which both gas and IL are passed from the membrane contactor 

in a non-closed loop. In the pseudo steady-state mode IL is recirculated from a reservoir which is 

represented by solid lines while gas flows in a non-closed loop. Fresh CO2/N2 gaseous mixture is 
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introduced into the inner side of hollow fibers. While IL flows in the shell side either in a closed loop or 

non-closed loop. For pseudo steady-state mode, a dynamic model is linked with the mass transport 

model for the recirculated IL in the tank. 

Figure 2 

A polypropylene membrane contactor module with the same properties than Liquicel™ membrane 

contactors (USA) with macro-mesoporous, thin walled, opaque, polypropylene hollow-fibers was 

considered for the separation of CO2 from CO2/N2 mixture using ILs. Characteristics of the module and 

operating conditions are presented in Table 1. Properties of the three ILs studied here, are presented in 

Table 2. As described in the introduction, [emim][OAc] and [emim][EtSO4] are efficient absorbents for 

CO2 having high value of viscosity and considerable value of surface tension to avoid wetting membrane 

pores. [emim][MeSO4] is the less viscous IL but presents the highest value of surface tension among ILs 

studied. These properties make it also a potential candidate for using it in membrane contactors. In 

order to reach reasonable computing times, we considered for the model establishment a single hollow 

fiber with arbitrary shell predicted by Happel’s model46. A portion of the fiber along with the arbitrary 

shell (Figure 3) was modeled. Continuity equations were solved for the three domains of the flow cell 

namely, tube, membrane and shell.  

Table 1 

Table 2 

Figure 3 

The mass transport model of the flow cell (Figure 3) is based on the following assumptions: 

a) Countercurrent mode for gas and IL flow in membrane contactor 

b) Fully developed velocity profile in the shell and tube 

c) Steady-state and isothermal conditions inside HFMC module (unless mentioned) 

d) Laminar flow conditions 

e) Application of Henry’s law on gas-liquid interface 

f) Non-selective behavior of the membrane 

g) Perfectly stirred absorbent tank 

2.1 Mass transfer equations 

A schematic diagram of the countercurrent flow of gas and IL is shown in Figure 3. Mass balances were 

carried out for each of the three domains shown in Figure 3. The continuity equation for each section is 

expressed as: 

𝜕𝐶𝑖

𝜕𝑡
= −∇. 𝐶𝑖𝑈 − ∇. 𝑗𝑖 + Ŕ𝑖                                                                                                                                        (1) 

Where the concentration of the species is Ci(mol. m−3), U (ms−1) is the velocity, ji (mol. m−2. s−1) is 

the molar flux, Ŕi (mol. m−3. s−1) is the reaction rate and t (s) is the time. The steady-state form of the 

equation is presented below: 
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0 = −∇. 𝐶𝑖𝑈 − ∇. 𝑗𝑖 + Ŕ𝑖                                                                                                                              (2) 

Terms on the right-hand side of the equation represents convection, diffusion and reaction. Fick’s law of 

diffusion is applicable for the diffusion in membrane contactor 47.  

2.1.1 Lumen side of the membrane contactor 

Transport of gas in the inner (tube) side is due to axial radial diffusion and axial convection. Equation 1 

can be rewritten for the tube side as below. 

 
𝜕𝐶𝐶𝑂2−𝑡𝑢𝑏𝑒

𝜕𝑡
+ 𝐷𝐶𝑂2−𝑡𝑢𝑏𝑒 [

𝜕2𝐶𝐶𝑂2−𝑡𝑢𝑏𝑒

𝜕𝑟2 +
1

𝑟

𝜕𝐶𝐶𝑂2−𝑡𝑢𝑏𝑒

𝜕𝑟
+

𝜕2𝐶𝐶𝑂2−𝑡𝑢𝑏𝑒

𝜕𝑧2 ] = 𝑈𝑧−𝑡𝑢𝑏𝑒
𝜕𝐶𝐶𝑂2−𝑡𝑢𝑏𝑒

𝜕𝑧
                             (3) 

Equation can be expressed in steady-state as below. 

𝐷𝐶𝑂2−𝑡𝑢𝑏𝑒 [
𝜕2𝐶𝐶𝑂2−𝑡𝑢𝑏𝑒

𝜕𝑟2 +
1

𝑟

𝜕𝐶𝐶𝑂2−𝑡𝑢𝑏𝑒

𝜕𝑟
+

𝜕2𝐶𝐶𝑂2−𝑡𝑢𝑏𝑒

𝜕𝑧2 ] = 𝑈𝑧−𝑡𝑢𝑏𝑒
𝜕𝐶𝐶𝑂2−𝑡𝑢𝑏𝑒

𝜕𝑧
                                                     (4) 

CO2 gas phase diffusivity in equation 3 and 4 can be estimated by the following expression 48: 

𝐷𝐶𝑂2−𝑡𝑢𝑏𝑒 =
0.01013.𝑇1.75(

1

𝑀𝐶𝑂2
+

1

𝑀𝑁2
)

0,5

𝑃∗[(∑ ῡ𝐶𝑂2
)

1
3+(∑ ῡ𝑁2

)

1
3]

2                                                                                                                    (5) 

In the above equation ῡ is the atomic diffusion volume. The validation of the correlation has been 

verified by many authors in previous studies 49–51. 

As the velocity profile inside the tube is laminar, the velocity distribution can be expressed by equation 

(6). 

𝑈𝑧−𝑡𝑢𝑏𝑒 = 2𝑢𝑡𝑢𝑏𝑒 [1 − (
𝑟

𝑟1
)

2
]                                                                                                                                  (6) 

Where 𝑢𝑡𝑢𝑏𝑒 (𝑚. 𝑠−1) in equation 6 represents average velocity of the gas in the tube.  

Boundary conditions are listed in table 3. 

2.1.2 Porous membrane 

Axial and radial diffusion are considered for mass transfer in membrane. Then, equation 1 can be 

rewritten for the membrane as below: 

𝜕𝐶𝐶𝑂2−𝑡𝑢𝑏𝑒

𝜕𝑡
+ 𝐷𝐶𝑂2−𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 [

𝜕2𝐶𝐶𝑂2−𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒

𝜕𝑟2 +
1

𝑟

𝜕𝐶𝐶𝑂2−𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒

𝜕𝑟
+

𝜕2𝐶𝐶𝑂2−𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒

𝜕𝑧2 ] = 0                        (7) 

For steady-state mode the equation can be expressed as below. 

𝐷𝐶𝑂2−𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 [
𝜕2𝐶𝐶𝑂2−𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒

𝜕𝑟2 +
1

𝑟

𝜕𝐶𝐶𝑂2−𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒

𝜕𝑟
+

𝜕2𝐶𝐶𝑂2−𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒

𝜕𝑧2 ] = 0                                               (8) 

Effective diffusivity inside the porous membrane is expressed as: 
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𝐷𝐶𝑂2−𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 = 𝐷𝐶𝑂2−𝑡𝑢𝑏𝑒
𝜀

𝜏
                                                                                                                             (9) 

Where 𝜀 and 𝜏 represents porosity and tortuosity of the porous membrane. 

Boundary conditions are listed in table 3. 

2.1.3 Shell side of the membrane contactor 

ILs flow counter currently through the shell side of the contactor. IL [emim][OAc] is found to behave as 

both physical and chemical absorbent for CO2 
35,37 while both [emim][EtSO4] and [emim][MeSO4] behave 

as physical absorbent for CO2 
36,52,53.  

CO2 solubility in ILs is mostly represented by Henry’s law constant. Moreover, generally the models 

consider Henry’s law for the gas liquid interface. Indeed, the calculations of this constant are of high 

importance for the modeling of CO2 absorption on ILs. The magnitude of the Henry’s constant indicates 

whether the absorption is chemical or physical. A small value of Henry’s constant (usually less than 3 

MPa) denotes chemical absorption of CO2 in ILs 35,54 and high gas solubility 28,55. In this work the 

experimental PTx data (vapour-liquid equilibria: VLE) were obtained from the literature for the three ILs 

[emim][OAc] 36, [emim][EtSO4] 
52,53, [emim][MeSO4] 

36. Henry’s constants were calculated from these 

experimental PTx data using the following equation 35,56–58 : 

𝐻(𝑇, 𝑃) = lim𝑥→0
𝑓(𝑇,𝑃,𝑥𝐶𝑂2

)

𝑥𝐶𝑂2

= lim𝑥→0
∅(𝑇𝑒𝑞,𝑃𝑒𝑞) 𝑃𝑒𝑞

𝑥𝐶𝑂2

                                                                                          (10) 

Where 𝐻(𝑃𝑎) is the Henry’s constant, 𝑓 is the fugacity of CO2, 𝑥𝐶𝑂2
 is the mole fraction of CO2 dissolved 

in IL, ∅ is the fugacity coefficient, 𝑇𝑒𝑞 is the equilibrium temperature and 𝑃𝑒𝑞is the equilibrium pressure. 

As the solubility varies with temperature, equation 10 allowed calculating Henry’s constant at various 

temperatures. As described in the introduction, the three ILs studied are efficient absorbents for CO2 

having low values of Henry constant.  Values of this constant, for the three ILs, at 298 K are listed in table 

4. The constant found from equation 10 was used in the following equation to calculate dimensionless 

Henry’s constant 58: 

ḿ =
𝜌𝐼𝐿 ℛ𝑔 𝑇

𝑀𝐼𝐿 𝐻
                                                                                                                                                (11) 

Where 𝜌𝐼𝐿(𝑘𝑔. 𝑚−3) is the density of IL, ℛ𝑔(𝑚3. 𝑃𝑎. 𝐾−1. 𝑚𝑜𝑙−1) is the gas constant, 𝑀𝐼𝐿  (𝑘𝑔. 𝑚𝑜𝑙−1) is 

the molar weight of IL, T (K) is the temperature and 𝐻(𝑃𝑎) Henry’s law constant for CO2 in the three ILs. 

For the three ILs, [emim][OAc], [emim][EtSO4], [emim][MeSO4], densities had strong dependency on 

temperature which in turn affected the Henry’s constant and solubility of CO2. Temperature dependency 

of the density for the three ILs [emim][OAc], [emim][EtSO4], [emim][MeSO4] are shown in equations 12, 

13, and 14, respectively 52,59–62. Equations below correspond to density in 𝑘𝑔. 𝑚−3 and temperature in K: 

𝜌(𝑇) = 1280.8 + 0.608 𝑇                                                                                                                                    (12) 

𝜌(𝑇) =  1451.5928 − 0.757562 𝑇 + 0.00013391 𝑇2                                                                                    (13) 

ln 𝜌(𝑇) =  7.33100 − 6.17220 × 10−4 𝑇 + 1.3862 × 10−4 𝑇2                                                                   (14) 
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The reaction term of equation 6 is neglected for all three ILs. Experimental solubility data from the 

literature at VLE is used to measure the Henry’s constant and partition coefficient for CO2 solubility in ILs. 

The experimental solubility data covers both physical and chemical absorption. The partition coefficient 

(equation 2) measured from the experimental VLE solubility data of CO2 was used to define the 

concentration distribution across the gas-liquid interface which resides on/or between the two 

boundaries of porous membrane depending upon the conditions whether the membrane is wetted or 

non-wetted (figure 3). Values of Henry’s constant are presented in table 4. Gómez-Coma et al.63 

transformed the value of overall mass transfer coefficient for [emim][OAc] to a reaction constant. The 

transformed constant agrees with the first order gas liquid chemical reaction: 

𝐾𝑟 = 𝐾𝑜𝑣
𝐹𝑖𝑏𝑒𝑟 𝐴𝑟𝑒𝑎

𝑆ℎ𝑒𝑙𝑙 𝑉𝑜𝑙𝑢𝑚𝑒
                                                                                                                                               (15) 

Furthermore, the activation energy was calculated using Arrhenius equation:  

𝐾𝑟 = 𝐵𝑒
−𝐸𝑎
𝑅𝑇                                                                                                                                                                 (16) 

Where B is the pre-exponential factor, 𝐸𝑎  is the activation energy(𝐽. 𝑚𝑜𝑙−1), R is the gas constant 

8.31 𝐽. 𝐾−1𝑚𝑜𝑙−1, and T is the temperature (𝐾). These values are presented in table 4 along with the 

equilibrium constant and enthalpy of complex formation 35,38.  

Transport of CO2 in the shell side is due to axial radial diffusion and axial convection. Based on the above 

assumptions, equation 1 can be rewritten for the shell side as below: 

𝜕𝐶𝐶𝑂2−𝑡𝑢𝑏𝑒

𝜕𝑡
+ 𝐷𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙 [

𝜕2𝐶𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙

𝜕𝑟2 +
1

𝑟

𝜕𝐶𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙

𝜕𝑟
+

𝜕2𝐶𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙

𝜕𝑧2 ] = 𝑈𝑧−𝑠ℎ𝑒𝑙𝑙
𝜕𝐶𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙

𝜕𝑧
                         (17) 

For steady-state mode equation 17 can be rewritten as follows:  

𝐷𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙 [
𝜕2𝐶𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙

𝜕𝑟2 +
1

𝑟

𝜕𝐶𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙

𝜕𝑟
+

𝜕2𝐶𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙

𝜕𝑧2 ] = 𝑈𝑧−𝑠ℎ𝑒𝑙𝑙
𝜕𝐶𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙

𝜕𝑧
                                                (18) 

𝐷𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙 can be expressed as 64: 

𝐷𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙 = 2.66 × 10−3 1

𝜇𝐼𝐿
0.66𝑣𝐶𝑂2

1.04                                                                                                           (19) 

Where 𝜇𝐼𝐿(𝑚𝑃𝑎. 𝑠) and 𝑣𝐶𝑂2
(𝑐𝑚3. 𝑚𝑜𝑙−1) are viscosity of IL and molar volume of CO2. Temperature 

dependency of the viscosity for the three ILs [emim][OAc], [emim][EtSO4], [emim][MeSO4] are presented 

in equations below, respectively52,59–62. Equations below correspond to viscosity in (𝑚𝑃𝑎. 𝑠) and 

temperature in K: 

ln 𝜇(𝑇) = −1.657 + (
673.7

𝑇−196.1
)                                                                                                                              (20) 

ln 𝜇(𝑇) = −1.6558 + (
792.98

𝑇−171.15
)                                                                                                                          (21) 

ln 𝜇(𝑇) = ln 𝜌𝑀 − 18.25 + (
1266.1

𝑇
)                                                                                                                    (22) 
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Equation 19 developed by Morgan et al. 64 is based on the CO2 diffusivities in imidazolium cation based 

ILs with different anions. Many authors have confirmed this correlation by comparing experimental 

diffusivities with the diffusivities measured by this correlation 56,65. Calculated values of CO2 diffusivity, 

for the three ILs, at 293 K are listed in table 4. 

Velocity profile inside the shell is expressed by Happel’s free surface model 46.  

𝑈𝑧−𝑠ℎ𝑒𝑙𝑙 = 2𝑢𝑠ℎ𝑒𝑙𝑙 [1 − (
𝑟2

𝑟3
)2] 

(𝑟 𝑟3⁄ )2−(𝑟2 𝑟3⁄ )2+2ln (𝑟2 𝑟⁄ )

3+(𝑟2 𝑟3⁄ )4−4(𝑟2 𝑟3⁄ )2+4𝑙𝑛 (𝑟2 𝑟3⁄ )
                                                                          (23) 

Where 𝑢𝑠ℎ𝑒𝑙𝑙, 𝑟2 and 𝑟3 are average velocity of absorbent in the shell, outer radius of fiber and radius of 

free surface. The relationship between 𝑟2 and  𝑟3 is expressed as: 

𝑟3 = (
1

1−𝛩
)

1
2⁄

 𝑟2                                                                                                                                                     (24) 

Where  𝛩 is the volume fraction of the void space, which can be calculated from the following equation: 

 1 − 𝛩 =
𝑛𝑟2

2

𝑅2                                                                                                                                                (25) 

Where 𝑛 is the number of fibers and 𝑅 is the module inner radius. 

Boundary conditions are listed in Table 3. 

Table 3 

Table 4 

2.1.4 Dynamic model: Pseudo steady-state  

As it has been explained in the preceding sections, in the pseudo steady-state mode IL passing through 

the shell side of the membrane contactor is recirculated from the tank as shown in Figure 2. CO2 

concentration gradually increases in the IL phase with the number of circulation-paths in the membrane 

contactor setup. The CO2 concentration evolution with time was calculated by applying a transient 

differential equation around the tank:  

𝑄𝐼𝐿(𝐶𝐶𝑂2−𝑍=0(𝑡) − 𝐶𝐶𝑂2−𝑡𝑎𝑛𝑘(𝑡)) = 𝑉𝐼𝐿
𝑑𝐶𝐶𝑂2−𝑡𝑎𝑛𝑘(𝑡)

𝑑𝑡
                                                                                     (26) 

Where 𝐶𝐶𝑂2−𝑡𝑎𝑛𝑘(𝑡) is CO2 concentration (𝑚𝑜𝑙. 𝑚−3) in tank at time 𝑡, 𝐶𝐶𝑂2−𝑍=0(𝑡) is shell side 

concentration (𝑚𝑜𝑙. 𝑚−3) of CO2 at z=0 which is the exit of the contactor to the absorbent tank, 

𝑉𝐼𝐿 (𝑚3) and 𝑄𝐼𝐿(𝑚3. 𝑠−1) are the total volume and the volumetric flow rate of ionic liquid. Solving 

equation (26) for the CO2 concentration in the tank at time  𝑡 + ∆𝑡 gives the following expression: 

𝐶𝐶𝑂2−𝑡𝑎𝑛𝑘(𝑡 + ∆𝑡) =
∆𝑡

 𝒯𝐼𝐿
 𝐶𝐶𝑂2−𝑍=0(𝑡) + 𝐶𝐶𝑂2−𝑡𝑎𝑛𝑘(𝑡) [1 +

∆𝑡

 𝒯𝐼𝐿
]                                                                   (27) 

where  𝒯𝐼𝐿 =
𝑉𝐼𝐿

𝑄𝐼𝐿
 is the residence time of IL in the tank.  
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𝐶𝐶𝑂2−𝑍=0(𝑡) was found using the following boundary integration equation: 

𝐶𝐶𝑂2−𝑍=0(𝑡) =
∫ ∫ 𝐶𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙(𝑟)𝑟𝑑𝑟𝑑𝜃

𝑟=𝑟3
𝑟=𝑟2

∫ ∫ 𝑟𝑑𝑟𝑑𝜃
𝑟=𝑟3

𝑟=𝑟2

                                                                                                                                   (28) 

2.1.5 Model simulation and numerical approach 

The set of equations for tube, membrane and shell side presented in the preceding sections were 

coupled and solved using COMSOL Multiphysics® (version 5.3a, 2018) and MATLAB R2017a using 

LiveLink™ for MATLAB®. The model equations were solved using PARDISO solver, which is a high 

performance, robust and memory efficient solver for solving large sparse symmetric and non-symmetric 

linear system of equations. The finite element method was used to solve partial differential equations. 

Mapped meshing was applied with 4 different distributions for different boundaries. For pseudo steady-

state study, a time dependent solver was applied while keeping the same mapping and solver 

configurations. The time dependent solver was set for BDF (backward differentiation formula) time 

stepping, with strict steps for the solver. BDF is an implicit solver that uses backward differentiation 

formulas with variation from 1-5 in order of accuracy. BDF methods are known for their higher stability 

and provides variable orders. A higher order is used when needed and a lower order is automatically 

employed when it is required for stability. The process was fully coupled.  

As for pseudo steady-state mode the concentration is constantly evolving with time. The evolution of 

CO2 concentration with recirculation of IL was measured by equation (27). Dynamic equation was 

coupled with the mass transfer equations. 𝐶𝐶𝑂2−𝑍=0(𝑡) term for the dynamic model was defined from 

the boundary integral equation (28) after solving the mass transfer equations in COMSOL. The code for 

the dynamic model predicts the change in concentration of CO2 in the IL tank for the time 𝑡 + ∆𝑡. 

Equation 27 defines input concentration of the absorbent side which for the steady-state is always zero 

(fresh solvent). 

3 Results and discussion 

3.1 Pseudo steady-state mode 

3.1.1 Model validation: Comparison of simulation data with experimental results 

Modelling results were compared with experimental data available from Gómez-Coma et al.42 who used 

a polypropylene HFMC supplied by Liquicel™-Membrane Contactors (USA) (Table 1) in their study. Non-

wetting conditions were assumed due to the fact of applying a slight transmembrane pressure 

difference. Considered ILs are highly viscous and have high values of surface tension (Table 2), making 

very feasible conditions for non-wetting of membrane.  

For the model validation, we compared the calculated dimensionless concentration of CO2 at the outlet 

of the tube (gas phase) against time with the experimental results for the three ILs 42. ILs flow rate was 

kept at 50 ml.min-1 while gas flow rate was kept at 70 ml.min-1. The CO2 composition in the gas was 15 % 

by volume. Figure 4 (a) shows the results obtained for physical and chemical absorption of CO2 with 

[emim][OAc] at two different temperatures. A gradual increase in outlet concentration of CO2 can be 
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observed. It is evident from the results that the proposed model reproduces the experimental data 

reasonably. Figure 4 (b) presents the similar results for physical absorption of CO2 with [emim][EtSO4] 

and [emim][MeSO4]. It can be seen that the simulation results for [emim][EtSO4] are in good agreement 

with the corresponding experimental results. In this work, another IL [emim][MeSO4] (having no 

experimental data available in the literature for CO2 absorption with [emim][MeSO4] using membrane 

contactors) with different absorption kinetics, was also studied. The ILs [emim][MeSO4] and 

[emim][EtSO4] have the same [emim] cation and are reported to behave as physical absorbents for CO2 

with some slight differences in the physical constants. It has been reported that the solubility of CO2 in 

the IL increases with the alkyl chain of the imidazolium cation. However, the effect of alkyl chain cations 

on the solubility of CO2 is very less compared to anions. CO2 molecules show greater affinity for the 

anions30. Performance of the membrane contactor gas absorption system is not only dependent on the 

solubility. Viscosity (affects diffusivity and flow of absorbent) and surface tension (affects wetting of the 

porous membrane) have also a strong influence on the performance.  Indeed, as an initial approach the 

experimental values of CO2 absorption with [emim][EtSO4] in a HFMC were used for the validation of the 

model when [emim][MeSO4] is considered as extracting fluid. IL [emim][MeSO4] showed the same 

evolution of outlet concentration with recirculation time.  

The results showed that even if the shape of the evolution is correct with time, the model always 

underestimates the experimental results. However, if experimental errors are considered, the standard 

deviations between the calculated and experimental results are ranged only between 2% to 5%.  

Figure 4 

3.1.2 Axial concentration distribution 

The simulations of the 2-D axial concentration profile of CO2 in the tube are presented in Figure 5. The 

gas mixture was introduced in the tube side at z=0. Moving toward z=L causes a gradual decrease in CO2 

concentration as it is absorbed progressively. Mass transfer in radial direction is mostly affected by 

diffusion while convection is the dominant mechanism for axial mass transfer due to gas flow. Figure 5(a) 

shows concentration profile of CO2 with IL [emim][OAc] at t=1 min and t=100 min. This figure shows that 

very small contactor length is required to capture the whole amount of CO2, initially, which verifies the 

presence of a very strong driving force. It is evident that even after 100 minutes of recirculation 

[emim][OAc] is still able to capture CO2. Concentration distribution of CO2 with IL [emim][EtSO4] is 

presented in Figure 5(b). This figure shows that initially [emim][EtSO4] is able to capture the whole 

amount of CO2 but unlike [emim][OAc], even after 40 minutes the IL is almost unable to capture more 

CO2.  Moreover, compared to [emim][OAc] a larger contactor length is required. [emim][OAc] was more 

efficient because of the lower Henry’s constant and higher CO2 absorption ratio at VLE. IL [emim][MeSO4] 

as a physical absorbent is more efficient compared to [emim][EtSO4] as it captures CO2 with a smaller 

contactor length and is able to absorb more CO2 after 40 minutes. The concentration distribution is 

shown in figure 5(c).  

Figure 5 
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3.1.3 Overall mass transfer coefficient 

The overall mass transfer coefficient (Kov) was calculated from the gas side flux (𝑁𝐶𝑂2−𝑔) and 

concentration gradient through the membrane. Equations 29-31 were used to estimate Kov. 

𝑁𝐶𝑂2−𝑔 =
𝑄𝑔−𝑖𝑛 𝐶𝐶𝑂2−𝑖𝑛−𝑄𝑔−𝑜𝑢𝑡 𝐶𝐶𝑂2−𝑜𝑢𝑡

𝐴
= 𝐾𝑜𝑣  ∆𝐶𝑔−𝑙𝑚                                                                                     (29) 

Where 𝑄𝑔−𝑖𝑛 and 𝑄𝑔−𝑜𝑢𝑡 are gas side inlet and outlet flow rates(𝑚3. 𝑠−1), respectively, 𝐶𝐶𝑂2−𝑖𝑛 and 

𝐶𝐶𝑂2−𝑜𝑢𝑡 are gas side inlet and outlet concentrations(𝑚𝑜𝑙. 𝑚−3) of CO2, respectively, while A denotes 

the active area (𝑚2) of membrane. 𝐶𝐶𝑂2−𝑜𝑢𝑡 was found from the following boundary integral equation. 

𝐶𝐶𝑂2−𝑜𝑢𝑡 =
∫ ∫ 𝐶𝐶𝑂2−𝑡𝑢𝑏𝑒(𝑟)𝑟𝑑𝑟𝑑𝜃

𝑟=𝑟1
𝑟=0

∫ ∫ 𝑟𝑑𝑟𝑑𝜃
𝑟=𝑟1

𝑟=0

                                                                                                                                         (30) 

∆𝐶𝑔−𝑙𝑚 in equation (29) represents logarithmic mean of driving force based on gas phase concentration 

which can be calculated using equation 31. 

∆𝐶𝑔−𝑙𝑚 =
(𝐶𝑔−𝑖𝑛−𝐶𝑔−𝑖𝑛

∗ )−(𝐶𝑔−𝑜𝑢𝑡−𝐶𝑔−𝑜𝑢𝑡
∗ )

ln(
𝐶𝑔−𝑖𝑛−𝐶𝑔−𝑖𝑛

∗

𝐶𝑔−𝑜𝑢𝑡−𝐶𝑔−𝑜𝑢𝑡
∗ )

                                                                                                               (31) 

Where 𝐶𝑔−𝑖𝑛
∗  and 𝐶𝑔−𝑜𝑢𝑡

∗  in equation 31 represents concentration of the gas phase in equilibrium with 

corresponding CO2 concentration in the liquid phase 𝐶𝑙
∗. Henry’s Law constant (𝐶𝑔

∗ = 𝐻𝑑  𝐶𝑙
∗) is used to 

measure the equilibrium concentration of gas phase. The process was based on recirculation of IL in the 

shell side of the contactor. This resulted in variation of concentration gradient with time as the IL 

became more concentrated with CO2. The drop-in concentration gradient directly affects the overall 

mass transfer coefficient. Figure 6 represents the variation of Kov in the first 100 minutes of recirculation. 

Values of Kov are much higher for [emim][OAc] than for [emim][EtSO4] and [emim][MeSO4]. Initially, the 

values of Kov were very high, after they dropped rapidly in the first 20 minutes of recirculation. The drop 

became gradual and small for further recirculations. After 100 minutes, Kov for [emim][OAc], 

[emim][EtSO4] and [emim][MeSO4] was recorded as 2.6 x 10-6 (m.s-1), 0.14 x 10-6 (m.s-1) and 0.065 x 10-6 

(m.s-1), respectively.  

Figure 6 

3.2 Steady-state mode 

3.2.1 Transient state study 

Steady-state conditions can be achieved by passing both gas and IL from the membrane contactor in a 

non-closed loop.  To achieve steady-state conditions throughout the membrane contactor, it must pass 

from the transient state during which concentration changes with time, until reaching steady-state 

conditions. Equation 8, 12 and 17 were used to study the changes in concentration of CO2 with time until 

reaching steady-state conditions. Figure 7 shows variation in concentration of CO2 at a point inside the 

tube at the length of L/3. In the first minute of the absorption, the CO2 concentration increases very fast 

as the gas mixture is introduced to the tube side of the contactor. A gradual increase can be seen after 1 
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minute of the absorption operation. The absorption process does not reach steady-state very quickly as 

there is a very small increment to CO2 concentration with further passage of the absorption time. The 

absorption process can be considered steady-state after 2.5-3 minutes as the CO2 concentration 

becomes uniform at this point inside the tube. After achieving steady-state inside the contactor, the 

setup can be further studied for effect of different parameters.  

Figure 7 

3.2.2 Solubility and diffusivity study: Effect of temperature 

Unlike other conventional absorbents ILs can be used at high temperatures as their boiling points are 

close to or even higher than their decomposition temperatures 66. The maximum temperature level kept 

for the current analysis was 353.15 K. This value is far lower from the decomposition temperatures of 

the three ILs ([emim][OAc] = 461 K 67, [emim][EtSO4] = 628 K 68 and [emim][MeSO4] = 635 K 68). 

Temperature affects both solubility and diffusivity of CO2 in ILs. Increase in temperature decreases 

viscosity which is a favorable feature for enhanced diffusivity. Figure 8 shows the effect of temperature 

on CO2 diffusivity in the three ILs and gas mixture. Diffusivities were calculated using the correlations 

mentioned in the preceding sections, equation 5 for gas phase diffusivity and equation 19 for CO2 

diffusivity in ILs. Equation 19 developed by Morgan et al.64 is based on CO2 diffusivities in imidazolium 

cation based ILs with different anions. As explained previously, many authors have confirmed this 

correlation by comparing experimental diffusivities with the diffusivities measured by this correlation 
56,65. Temperature dependency of viscosity for the three ILs [emim][OAc], [emim][EtSO4] and 

[emim][MeSO4] have been studied by Nazet et al.59; Schmidt et al.60 and Costa et al.61, respectively. It is 

evident from the figure 8 that increase in temperature has effectively increased the diffusivity of CO2 in 

ILs while the change in gas phase is almost negligible.  

Figure 8 

Solubility of CO2 in ILs is related to Henry’s law constant. Indeed, the solubility is negatively affected with 

increase in temperature 55,69. The constant calculated using equation 1 was plotted against temperature 

and reported in figure 9. It was observed that increase in temperature for all three ILs has increased the 

constant which shows a decrease in solubility. Increasing temperature from 283.15 K to 353.15 K 

increases the constant by 4.2 MPa, 11.1 MPa and 15.1 MPa for the ILs [emim][OAc], [emim][EtSO4] and 

[emim][MeSO4], respectively.  

Figure 9 

Based on the above findings, temperature has two opposite effects on the absorption of CO2 in room 

temperature ILs. Increase in temperature significantly reduces the viscosity of ILs, thus enhancing CO2 

diffusivity while CO2 solubility in ILs decreases as Henry’s law constant increases. To observe the overall 

effect of temperature on CO2 absorption in ILs, radial concentration of CO2 at tube side was evaluated by 

defining the same cut line of length r1 for all three ILs. A single value of concentration was noted as due 

to high diffusivity at tube side there was a negligible variation in concentration along the radial length. 

Table 5 presents values of CO2 concentration (radial) in the tube at different temperatures. Temperature 

has an evident effect on capture ratio as increasing the temperature has increased the concentration at 

the outlet. A huge difference in the concentration of CO2 was noted for the three ILs at the same radial 
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length. From the results it can be concluded that despite the significant enhancement of CO2 diffusivity 

with increase in temperature, the overall absorption decreases as the CO2 solubility is negatively 

affected.  

Table 5 

3.2.3 Concentration drop in partially wetted membrane 

A major challenge in membrane contactor operations is the penetration of the absorbent in the 

membrane pores which causes wetting of the membrane leading to a significant amount of 

concentration drop due to increase in mass transfer resistance 70,71. Simulations of the normalized 

(𝐶/𝐶𝑚𝑎𝑥) radial concentration drop of CO2 in the 10 %, 20 % and 50% wetted portion of the membrane 

are shown in Figure 10, for [emim][OAc]. 𝐶 in the figure represents local CO2 concentration inside the 

wetted portion of the membrane while 𝐶𝑚𝑎𝑥 is the maximum interfacial CO2 concentration. 

Concentration drop presented here is only in the wetted portion of the membrane at axial length of L/2. 

This huge drop of concentration in the wetted portion starts near the gas filled portion of membrane 

moving towards the shell boundary from where the absorbent is penetrated. A significant drop of CO2 

concentration in the wetted portion of the membrane can be observed. When the membrane is 50 % 

wetted, a concentration drop of 80 %, 75 % and 72 % can be observed for [emim][OAc]. The same 

behavior and pattern of concentration drop shown in Figure 10 was observed for [emim][EtSO4] and 

[emim][MeSO4], respectively (presented in supplementary file). However, at lower wetting ratios the 

drop in the concentration for [emim][OAc] was much higher when compared to other two ILs. In case of 

10 % wetting a drop of 57 % was observed for [emim][OAc] while for [emim][EtSO4] and [emim][MeSO4] 

it was 34 % and 33 % respectively.  

Figure 10 

3.3 Parametric study 

3.3.1 Effect of porosity and tortuosity of the hollow fiber membrane 

Porosity (ε) is a key parameter for membrane absorption process, which directly affects the absorption 

process. Porosity plays an important role in the development of solute concentration profile, thus 

influencing the mass transfer process. High porosity can lead to high flux but also increases the chances 

of membrane wetting, thus a threshold value of porosity must be used 9,72. Membrane tortuosity (𝜏) 

provides opposite effects than porosity. Increase in tortuosity usually increases the mass transfer 

resistance of the membrane. Tortuosity for this study was calculated from porosity using equation 32. 

The correlation is proposed by Mackie & Meares73, which is known to be very successful for the 

estimation of tortuosity, verified by the Iversen et al.74 for membranes manufactured by phase inversion 

technique.  

𝜏 =
(2−ε)2

𝜀
                                                                                                                                                                                   (32) 

The study in this section is focused on the effect of porosity and tortuosity on the concentration profile 

of the three ILs. Figures 11a and 11b show the effect of porosity and tortuosity on the gas side 

dimensionless concentration of CO2 at the outlet of the tube for [emim][OAc] and [emim][EtSO4]. Both 
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physical absorbents [emim][EtSO4] and [emim][MeSO4] (presented in supplementary file) show almost 

the same effect on concentration profiles for porosity and tortuosity. Initial increase in porosity and 

decrease in tortuosity affected the CO2 concentration in the tube. Initial Change in porosity (0.2 to 0.4) 

and tortuosity (16.2 to 6.4) decreases the dimensionless CO2 concentration at the outlet of the tube by 

0.46, 0.42 and 0.41 for [emim][OAc], [emim][EtSO4] and [emim][MeSO4], respectively. Further change in 

these parameters has a small effect compared to the initial change. If we consider the IL [emim][OAc], 

the drop in the concentration was noted to be 0.18 and 0.02 for increasing the porosity value from 0.4 to 

0.6 and 0.6 to 0.8, respectively.  

Figure 11 

3.3.2 Effect of flow rates 

Gas and absorbent flowrates have opposite effects on the CO2 absorption behavior. A smaller gas flow 

rate and higher absorbent flowrate increases the CO2 removal efficiency21,75. The effect of gas and IL flow 

rates on CO2 absorption was studied for nine different pairs of gas-IL flow rates. A decrease in gas flow 

rate increases residence time for mass transfer. An increase in IL flow rate provides efficient mass 

transfer due to increase in treated amount of absorbent and higher concentration gradient. Figure 12 

shows dimensionless concentration of CO2 in the tube side against axial length of the contractor. Both 

gas/IL flow rates were varied from 20 ml.min-1 to 100 ml.min-1. For all three ILs, 20/100 ml.min-1 pair of 

gas/IL flow rate was most efficient. The gas/IL flowrate pair 100/20 ml.min-1 was found to be the most 

inefficient. It can be noted that gas flow rate has higher effect on the absorption than IL flow rate. While 

keeping the gas flow rate at 20 ml.min-1 and reducing the IL flow rate to 20 ml.min-1 resulted in a very 

efficient absorption compared to higher gas flow rates. IL [emim][OAc], due to higher absorption 

capacity was able to withstand for gas flow rates higher than 100 ml.min-1, while other physical 

absorbents were not able to absorb enough CO2 at higher gas flowrates. 

Figure 12 

 

4 Conclusions 

A 2-D comprehensive mathematical model for transport of CO2 was developed for a hollow fiber 

membrane contactor operating in steady-state and pseudo steady-state modes. For pseudo steady-state 

mode, the model was further linked with a dynamic model of an absorbent tank where ILs used as 

extractant were recirculated. Developed models were validated with previous reported experimental 

results for [emim][OAc] and [emim][EtSO4]; whereas the CO2 absorption behavior was determined 

theoretically for the IL [emim][MeSO4]. Coupled models predict the absorption of CO2 in ILs, which is 

recirculated from the tank to the shell of the contactor. CO2 solubility in the three ILs were studied in 

terms of Henry’s law constant, which was calculated from experimental PTx data at VLE. Effect of 

temperature on CO2 solubility and diffusivity were studied, which was further used to see the effect of 

temperature on CO2 absorption in membrane contactor. Both axial and radial concentration profiles of 

CO2 were systematically studied. Variations in overall mass transfer coefficient with time were 
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investigated. IL [emim][OAc] was observed to have more CO2 absorption potential and can withstand for 

a longer time compared to other two ILs. IL [emim][MeSO4] has shown more efficiency compared to 

[emim][EtSO4].  Overall mass transfer coefficient decreases with high magnitude initially and after some 

time the decrease become gradual with time. Solubility and diffusivity of CO2 in ILs had strong 

dependency on temperature. Increase in temperature resulted in higher diffusivity and lower solubility 

which diminished the CO2 absorption in ILs. Wetted portion of the membrane showed a high magnitude 

drop in the concentration of CO2. An increase in porosity and decrease in tortuosity reduced the mass 

transfer resistance in the membrane. Gas/IL flowrate pair of 20/100 ml.min-1 was found very efficient 

during parametric study. An experimental and modelling work on absorption and stripping of CO2 in 

HFMCs coupled with other ILs is under study.  
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Table 2. Specifications of the membrane module and operating conditions. 
Parameter  Value  unit 

Membrane material Polypropylene - 

Inside radius of the tube (r1) 1.1 x 10
-4

 m 

Outside radius of the tube (r2) 1.5 x 10
-4

 m 

Membrane thickness (δ) 0.4 x 10
-4

 m 

Length of the contactor (L) 0.115 m 

Number of fibers (n) 2300 - 

Membrane pore diameter(dp) 0.04 µm 

Effective inner membrane area (A) 0.18 m
2
 

Porosity (𝜺) 40 % 

Packing factor 0.39 - 

Tortuosity (𝝉)
a
 2.5 - 

CO2 amount in feed gas (𝝋𝒗) 15 Vol % 

Gas flow rate (Qg)
b
 70 ml.min

-1
 

Liquid flow rate(QIL)
c
 50 ml.min

-1
 

a 
Assumed as 

(2−ε)2

𝜀
 

b, c 
Constant, unless mentioned  
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Table 2. Properties of the Ionic Liquids at 298 K 

Property  Value Purity w (H2O) Reference 

Viscosity: µ (mPa.s); 298 K 

[emim][OAc] 
 

141.1 
132.9 

> 0.95 w/w 
> 0.95 w/w 

1.25 x 10
-3 

1.30 x 10
-3

 

59
 

76
 

[emim] [EtSO4] 
 

097.2 
101.4 

≥ 0.98 w/w 
- 

3.00 x 10
-4 

-
 

60
 

76
 

[emim][MeSO4] 078.8 99 % - 
61

 

Density: ρ (g.cm-3); 298 K 

[emim][OAc] 
 

1.099 
1.097 

> 0.95 w/w 
> 0.95 w/w 

1.25 x 10
-3 

1.30 x 10
-3

 

59
 

76
 

[emim] [EtSO4] 
 

1.237 
1.240 

≥ 0.98 w/w 
- 

3.00 x 10
-4 

-
 

60
 

76
 

[emim][MeSO4] 
 

1.282 
1.280 

> 99 % 
> 0.99 w/w 

- 
- 

61
 

77
 

Surface Tension : ϒ (mN.m-1) ; 298 K 

[emim][OAc] 
 

43.00 
47.10 

> 0.95 w/w 
- 

1.30 x 10
-3 

4.60 x 10
-4

 

76
 

78
 

[emim] [EtSO4] 
 

47.00 
47.13 

> 99 % 
- 

- 
2 x 10

-4
 

79
 

80
 

[emim][MeSO4] 63.00 - - 
81
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Table 3 Boundary conditions for model development 
Boundary  Tube Side Porous Membrane Shell Side 

𝒛 = 𝟎  𝐶𝐶𝑂2−𝑡𝑢𝑏𝑒 = 𝐶0 No Flux Convective flux 

𝒛 = 𝑳  Convective flux No Flux 𝐶𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙 = 0 (𝑠𝑡𝑒𝑎𝑑𝑦 𝑠𝑡𝑎𝑡𝑒); 

 

𝐶𝐶𝑂2−𝑡𝑎𝑛𝑘(𝑡 + ∆𝑡) (𝑝𝑠𝑒𝑢𝑑𝑜 𝑠𝑡𝑒𝑎𝑑𝑦 𝑠𝑡𝑎𝑡𝑒) 

 
𝒓 = 𝟎  𝜕𝐶𝐶𝑂2−𝑡𝑢𝑏𝑒

𝜕𝑟
= 0 

- - 

𝒓 = 𝒓𝟏  𝐶𝐶𝑂2−𝑡𝑢𝑏𝑒 = 𝐶𝐶𝑂2−𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒   𝐶𝐶𝑂2−𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 = 𝐶𝐶𝑂2−𝑡𝑢𝑏𝑒  - 

𝒓 = 𝒓𝟐  - 
𝐶𝐶𝑂2−𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒 =

𝐶𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙

ḿ
 

𝐶𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙= ḿ  𝐶𝐶𝑂2−𝑚𝑒𝑚𝑏𝑟𝑎𝑛𝑒  

𝒓 = 𝒓𝟑  - - 𝜕𝐶𝐶𝑂2−𝑠ℎ𝑒𝑙𝑙

𝜕𝑟
= 0 
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Table 4 Transport parameters and mass transfer kinetics at 298 K 
Parameter Value Reference 

Reaction Kinetics: [emim][OAc] 

Keq 220.3 ± 13.4 
35,38

 

ΔĤ (KJ.mol
-1

) -30.81 ± 0.46 
35,38

 

Kr (s
-1

) 2.7 x 10
-3

 
63

 

E (KJ.mol
-1

) 9.2 
63

 

Henry’s law constant: H (MPa), 298K 

[emim][OAc]  1.25 This work, Equation 10 

[emim][EtSO₄]  11.70 This work, Equation 10 

[emim][MeSO₄] 5.86 This work, Equation 10 

Diffusivity of CO2 in ILs: DCO₂ (cm
2
. s

-1
), 298K 

[emim][OAc]  2.64 x 10
-06

 This work, Equation 19 

[emim][EtSO₄] 3.38 x 10
-06

 This work, Equation 19 

[emim][MeSO₄] 3.88 x 10
-06

 This work, Equation 19 

Overall mass transfer coefficient: Kov (m. s
-1

), t=0 

[emim][OAc]   7.61 x 10
-05

 This work, Equation 29 

[emim][EtSO₄] 1.63 x 10
-05

 This work, Equation 29 

[emim][MeSO₄] 3.76 x 10
-05

 This work, Equation 29 
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Table 5 Effect of temperature on radial concentration of CO2 in the tube; Steady-state mode;  𝒛 = 𝑳/𝟑 

𝑸𝑰𝑳 = 𝟓𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝑸𝒈 = 𝟕𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝝋𝒗 =  𝟏𝟓 %, 

Temperature (K) Radial concentration, 𝑪𝑪𝑶𝟐−𝒕𝒖𝒃𝒆/𝑪𝟎 

[emim][OAc] 
 

[emim] [EtSO4] 
 

[emim][MeSO4] 

291 0.12 0.89 0.31 
318 0.18 0.94 0.78 
333 0.21 0.97 0.91 
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Figures: 

Figure 1 Molecular structures of the cation (a) [emim]; and anions, (b) [OAc], (c) [EtSO4], (d) [MeSO4] 

Figure 2 Schematic representation of setup assumed to be modeled 

Figure 3 Schematic diagram of the section used for model development 

Figure 4. Validation of simulations with experimental data (a) Simulations of [emim][OAc] with 
experimental data of [emim][OAc], (b) Simulations of [emim][EtSO4] and [emim][MeSO4] with 

experimental data of [emim][EtSO4]; 𝑸𝑰𝑳 = 𝟓𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝑸𝒈 = 𝟕𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝝋𝒗 =  𝟏𝟓 % 

Figure 5 Dimensionless concentration profile of CO2 in the tube for (a) [emim][OAc], (b)[emim][EtSO4], 

(c)[emim][MeSO4];𝑸𝑰𝑳 = 𝟓𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝑸𝒈 = 𝟕𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝝋𝒗 =  𝟏𝟓 %, 𝑻 = 𝟑𝟏𝟖 𝑲 at various 

operating times. 

Figure 6. Variation of Kov with recirculation time estimated from modelling approach; 𝑄𝐼𝐿 =
50 𝑚𝑙. 𝑚𝑖𝑛−1, 𝑄𝑔 = 70 𝑚𝑙. 𝑚𝑖𝑛−1, 𝜑𝑣 =  15 %, 𝑇 = 298 𝐾. 

Figure 7. Shell side (gas) concentration of CO2 as a function of time estimated from modelling 

approach; 𝐳 = 𝑳/𝟑, 𝑸𝑰𝑳 = 𝟓𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝑸𝒈 = 𝟕𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝝋𝒗 =  𝟏𝟓 %, 𝑻 = 𝟑𝟏𝟖 𝑲. 

Figure 8 Effect of temperature on CO2 diffusivity in ILs and Gas mixture 

Figure 9 Effect of temperature on Henry’s law constant of CO2 in ILs 

Figure 10. Radial concentration drop of CO2 in wetted portion of membrane for [emim][OAc], estimated 

from modelling approach; Steady-state mode;   𝑸𝑰𝑳 = 𝟓𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝑸𝒈 = 𝟕𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝝋𝒗 =

 𝟏𝟓 %, 𝑻 = 𝟑𝟏𝟖 𝑲. 

Figure 11. Effect of porosity and tortuosity on radial concentration profile of CO2 in the tube for (a) 
[emim][OAc], (b)[emim][EtSO4], estimated from modelling approach. Steady-state mode; 𝑸𝑰𝑳 =

𝟓𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝑸𝒈 = 𝟕𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝝋𝒗 =  𝟏𝟓 %, 𝑻 = 𝟑𝟏𝟖 𝑲. 

Figure 12. Effect of gas/IL flow rate on axial concentration profile of CO2 in the tube for (a) [emim][OAc], 
(b)[emim][EtSO4], (c)[emim][MeSO4], estimated from modelling approach; Steady-state mode;   
𝛗𝐯 =  𝟏𝟓 %, 𝐓 = 𝟑𝟑𝟑 𝐊 
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Figure 13. Molecular structures of the cation (a) [emim]; and anions, (b) [OAc], (c) [EtSO4], (d) [MeSO4] 

 

 

 

 

 

 

 

 

 

 



30 
 

 
Figure 14. Schematic representation of setup assumed to be modeled 
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Figure 15. Schematic diagram of the section used for model development 
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Figure 16. Validation of simulations with experimental data (a) Simulations of [emim][OAc] with 
experimental data of [emim][OAc], (b) Simulations of [emim][EtSO4] and [emim][MeSO4] with 

experimental data of [emim][EtSO4]; 𝑸𝑰𝑳 = 𝟓𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝑸𝒈 = 𝟕𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝝋𝒗 =  𝟏𝟓 % 
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Figure 17. Dimensionless concentration profile of CO2 in the tube for (a) [emim][OAc], (b)[emim][EtSO4], 

(c)[emim][MeSO4];𝑸𝑰𝑳 = 𝟓𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝑸𝒈 = 𝟕𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝝋𝒗 =  𝟏𝟓 %, 𝑻 = 𝟑𝟏𝟖 𝑲 at various 

operating times. 
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Figure 18. Variation of Kov with recirculation time estimated from modelling approach;  𝑸𝑰𝑳 =

𝟓𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝑸𝒈 = 𝟕𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝝋𝒗 =  𝟏𝟓 %, 𝑻 = 𝟐𝟗𝟖 𝑲. 
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Figure 19. Shell side (gas) concentration of CO2 as a function of time estimated from modelling 

approach; 𝐳 = 𝑳/𝟑, 𝑸𝑰𝑳 = 𝟓𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝑸𝒈 = 𝟕𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝝋𝒗 =  𝟏𝟓 %, 𝑻 = 𝟑𝟏𝟖 𝑲. 
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Figure 20. Effect of temperature on CO2 diffusivity in ILs and gas mixture. 
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Figure 21. Effect of temperature on Henry’s law constant of CO2 in ILs. 
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Figure 22. Radial concentration drop of CO2 in wetted portion of membrane for [emim][OAc], estimated 

from modelling approach; Steady-state mode;   𝑸𝑰𝑳 = 𝟓𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝑸𝒈 = 𝟕𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝝋𝒗 =

 𝟏𝟓 %, 𝑻 = 𝟑𝟏𝟖 𝑲,  
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Figure 23. Effect of porosity and tortuosity on radial concentration profile of CO2 in the tube for (a) 

[emim][OAc], (b)[emim][EtSO4], estimated from modelling approach. Steady-state mode; 𝑸𝑰𝑳 =

𝟓𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝑸𝒈 = 𝟕𝟎 𝒎𝒍. 𝒎𝒊𝒏−𝟏, 𝝋𝒗 =  𝟏𝟓 %, 𝑻 = 𝟑𝟏𝟖 𝑲. 
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Figure 24. Effect of gas/IL flow rate on axial concentration profile of CO2 in the tube for (a) [emim][OAc], 
(b)[emim][EtSO4], (c)[emim][MeSO4], estimated from modelling approach; Steady-state mode;   

𝛗𝐯 =  𝟏𝟓 %, 𝐓 = 𝟑𝟑𝟑 𝐊 


