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Fractionation of a dilute acetic acid aqueous mixture in a continuous countercurrent packed column using supercritical CO 2 : Experiments and simulation of external extract reflux
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Supercritical separation of acetic acid-water mixtures was experimentally studied.

• Purity and recovery ratio of AA proved to be low due to thermodynamic limitation.

• Simulation of external extract reflux was performed using the Prosim Plus software.

• Use of reflux significantly increased the mass fraction of AA in the extract.

Introduction

In the framework of the development of biorefineries, downstream processing, which deals with recovery/purification of chemicals by the U.S. Department of Energy in 2004 [START_REF] Werpy | Top Value Added Chemicals from Biomass. Volume 1-Results of Screening for Potential Candidates from Sugars and Synthesis Gas[END_REF] and in the revisited version of Bozell and Peterson in 2010 [START_REF] Bozell | Technology development for the production of biobased products from biorefinery carbohydrates-the US Department of Energy's "Top 10" revisited[END_REF]. Recently, in 2017, a report from the Lignocellulosic Biorefinery Network from UK, has identified twenty bio-based chemical opportunities for the UK. Levulinc acid is still in the top ten such as 2.5-Furandicarboxylic acid (FDCA) or glucaric acid and 5-hydroxymethylfurfural has now emerged [START_REF]E4tech, UK Top Bio-based Chemicals Opportunities, Lignocellulosic Biorefinery Network[END_REF] compared to first reports. Acetic acid (AA) is one of the most important international commodity chemicals [START_REF] Román-Ramírez | Vapour-Liquid Equilibria of Acetic Acid + Water and Propanoic Acid + Water: Experimental Measurement and Thermodynamic Modelling[END_REF]. Total market of acetic acid (bio-based and fossil sources) represents 8,373 million USD/year in which bio-based acetic acid only represents 10 % of the total market [START_REF] Taylor | From the Sugar Platform to Biofuels and Biochemicals: Final Report for the European Commission Directorate-General Energy[END_REF]. Acetic acid from fermentation processes is mainly used for vinegar production [START_REF] López-Garzón | Recovery of carboxylic acids produced by fermentation[END_REF]. The production cost of carboxylic acids depends on the feedstock cost and for a non-negligible part, on the cost of the downstream processing (30-40% of the production cost) [START_REF] Straathof | The proportion of downstream costs in fermentative production processes[END_REF]. Acetic acid was traditionally obtained by ethanol fermentation where acetic acid bacteria oxidize ethanol to acetate [START_REF] Straathof | Transformation of biomass into commodity chemicals using enzymes or cells[END_REF]. As an alternative to this fermentation path, microorganisms can also convert glucose into acetic acid via glycolysis, as detailed by Pal et al. [START_REF] Pal | Acetic acid production and purification: critical review towards process intensification[END_REF].

Purification processes for acetic acid from dilute fermentation broths predominantly operate azeotropic distillation, because simple distillation is not practical to separate acetic acid from water, as it requires a high number of stages and a high reflux ratio [START_REF] Widagdo | Journal review -azeotropic distillation[END_REF]. Solvent extraction and extractive distillation are also proposed [START_REF] Cheung | Acetic acid[END_REF]. In the case of azeotropic distillation, azeotropic agents like esters, benzene, chlorinated hydrocarbons or acetate such as ethyl acetate are used [START_REF] Chien | Design and control of acetic acid dehydration system via heterogeneous azeotropic distillation[END_REF]. Solvent extraction is generally chosen to separate mixtures with low concentration of solute in water (lower than 40 %w/w) but this process involves the use of an organic solvent and usually requires a distillation operation to regenerate the solvent. For instance, Dobre et al. performed acetic acid liquid-liquid extraction with back extraction for solvent recycling [START_REF] Dobre | Liquid-liquid extraction by continuous solvent recycling for acetic acid separation[END_REF], using ethyl acetate and ethyl ether as solvents and a feed at around 4 %w/w of acetic acid. Haque et al. have studied the separation of acetic acid from aqueous solutions using various solvents such as ethyl acetate, n-butanol, iso-butanol and amyl alcohol [START_REF] Haque | Separation of acetic acid from aqueous solution using various organic solvents[END_REF]. They concluded that amyl alcohol was the most selective solvent for this separation. They defined a separation factor (which is the ratio of partition coefficient of AA to the distribution coefficient of water), which is a measure of the ability of solvents to separate acetic acid from aqueous solutions (i.e., a measure of selectivity), and they found that the separation factor of the amyl alcohol was the highest. Sofiya et al. have studied solubility data for the systems water + acetic acid + different solvents (butyl butyrate, benzene, ethyl acetate etc.) at room temperature. According to feed concentration, the most suitable solvent can be chosen. This study can thus be used for the choice of the solvent for acetic acid manufacturing process [START_REF] Sofiya | Solubility data of several solvents in acetic acid separation process[END_REF].

Nowadays, other separation methods such as hybrid extraction/distillation processes are investigated, but addition of separation agents is still needed (isobutyl acetate, isopropyl acetate, etc.) [START_REF] Chilev | Investigation of acetic acid dehydration by various methods[END_REF]. In the present work, we have considered the use of supercritical CO 2 (ScCO 2 ) as the separation agent. Supercritical CO 2 extraction, also commonly referred to as supercritical fractionation, is in direct competition with liquid-liquid extraction, its main advantage being the well-known properties of CO 2 as a solvent on the point of view of non-toxicity and non-flammability. So, usual drawbacks of liquid organic solvents could be alleviated. Such a process is usually operated using countercurrent packed columns in a continuous mode [START_REF] Bejarano | Fractionation technologies for liquid mixtures using dense carbon dioxide[END_REF]. Supercritical extraction applied to liquids has been reported for separation of aqueous solutions (dealcoholisation of beverages [START_REF] Medina | Dealcoholisation of cider by supercritical extraction with carbon dioxide[END_REF][START_REF] Se Ñoráns | Countercurrent supercritical fluid extraction and fractionation of alcoholic beverages[END_REF] and recovery of aromas from fruit juices [START_REF] Se Ñoráns | Isolation of antioxidant compounds from orange Juice by using countercurrent supercritical fluid extraction (CC-SFE)[END_REF]) or for essential oil deterpenation [START_REF] Gast | Purification of tocochromanols from edible oil[END_REF].

Although the use of supercritical fluids for separation of ethanolwater mixtures has been proposed since the 1990s [START_REF] Carles | Extraction par CO2 supercritique en continu sur colonne équipée d'un reflux -Application à la séparation eau/alcools en taille semi-industrielle[END_REF][START_REF] Budich | Supercritical fluid extraction of ethanol from aqueous solutions[END_REF], studies about separation of carboxylic acids-water mixtures are rather seldom in the literature. Indeed, acetic acid weakly partitions into the carbon dioxide phase [START_REF] Payne | Solubility of bio-sourced feedstocks in 'green' solvents[END_REF] due to the low solubility of acetic acid in this solvent. Indeed, its partition coefficient is much smaller than 1 (around 0.05), expressed in mass % [START_REF] Panagiotopoulos | Phase equilibria in ternary systems with carbon dioxide, water and carboxylic acids at elevated pressures[END_REF]. To compare, the partition coefficient for acetic acid-water-amyl alcohol system is around 2.5 [START_REF] Bhupesh | Ternary phase equilibrium data for acetic acid-water-solvent systems and separation of acetic acid from aqueous solution[END_REF]. Moreover, for our system the separation factor (which compares the partition coefficient of acetic acid to the one of water) is not very high (around 20), indicating a moderate selectivity of CO 2 towards AA. Dooley et al. have studied the supercritical CO 2 separation of acetic acid and others amphiphilic compounds from acid-water mixtures in batch mode. They investigated interactions between the different compounds in the aqueous phase and assessed the possibility of fractionation [START_REF] Dooley | Supercritical fluid extraction of acetic acid, alcohols and other amphiphiles from acid-water mixtures[END_REF]. Garrett et al. have considered the separation of acetic acid contained in cow rumen using dense CO 2 in a semi-continuous mode [START_REF] Garrett | Design and optimization of a semi-continuous high pressure carbon dioxide extraction system for acetic acid[END_REF], in the temperature range from 25 • C to 50 • C, pressure range from 10.3-17.2 MPa and 1 h-5 h extraction duration. After 5 h, at 45 • C and 14.5 MPa, using the highest flow-rate of CO 2 (0.12 kg/h), they theoretically predicted an extract containing 92.5 %w/w of AA from an initial concentration in the feed equal to 92.4 g/L (approximatively 9 %w/w of AA).

The aim of the present work is to develop a methodology to conclude upon feasibility and interest of supercritical carbon dioxide separation of aqueous carboxylic acids solutions, focusing here on the case of acetic acid, a compound with a low partition coefficient in this system. This approach is developed combining experiments and simulation. To interpret the results, thermodynamic behavior of the ternary system (CO 2 -acetic acid-water) must be known and a suitable thermodynamic model allowing a good representation of the ternary fluid phase equilibrium of the system has to be chosen. This allows the simulation of the process and the comparison with experiments, performed here using a continuous countercurrent packed column. All these steps constitute pre-requisites to assess the interest of this separation process applied here to the recovery of carboxylic acids from aqueous solutions.

Materials and methods

Materials

Carbon dioxide was supplied by Air Liquide (≥ purity 99.98 %) and acetic acid by Sigma-Aldrich (≥ purity 99.5 %). Tap water was used to prepare liquid feeds containing around 5 %w/w of acetic acid, to mimic usual fermentation broths that typically contain 90-95 % of water.

Experimental set-up

The experimental set-up (Fig. 1) was already described in our previous works [START_REF] Lalam | Fractionation of aqueous isopropanol mixtures in a countercurrent packed column using supercritical CO2[END_REF] and comprises a 2 m high, 17 mm inner diameter column. In this study, the column was filled with Dixon packing (Fig. 1) which is composed of metallic mesh gauze empty cylinders, 3 mm length and diameter. For this packing, Croft Manufacturing claims a specific area of 2378 m 2 /m 3 [START_REF] Alford | Dixon Rings -A revolutionary random column packing[END_REF] with 0.91 void fraction [START_REF] Dixon Rings | CROFT Filters[END_REF].

Analysis of the composition of the extract (top) and raffinate (bottom) phases was performed by UV-vis spectroscopy technique (at 201 nm). External calibration with different acetic acid concentration solutions was performed. Raffinate and extract samples are diluted before analysis because concentration of samples must be less than 6 g/L for this spectroscopy technique.

At the bottom of the column, a system of two automatic valves in series, alternatively closed and opened by a timer, allows recovering the liquid aqueous raffinate in a pseudo-continuous mode. Compared to our previous work about separation of aqueous isopropanol mixtures [START_REF] Lalam | Fractionation of aqueous isopropanol mixtures in a countercurrent packed column using supercritical CO2[END_REF], some modifications were done for the starting procedure : the preheated CO 2 at 45 • C is firstly fed alone at the bottom of the column during 30 min until the temperature is constant and close to the targeted value. Then the CO 2 pump is stopped and the pre-heated aqueous feed (acetic acid + water) is introduced at the top of the contactor and maintained at constant flowrate during few minutes until liquid is recovered at the bottom (residence time is around 100 s). Then the CO 2 pump is started again. In our case, such a starting procedure proved to be effective to limit liquid entrainment in the extract phase at the top of the column. All experiments were done without CO 2 recycling in order to easily perform mass balances. Indeed, as mentioned in our previous works, recovery of the extract in the separators is imperfect due to mechanical entrainment of the solute at decompression. This problem has already been described by several authors [START_REF] Lalam | Fractionation of aqueous isopropanol mixtures in a countercurrent packed column using supercritical CO2[END_REF], [START_REF] Pourmortazavi | Supercritical fluid extraction in plant essential and volatile oil analysis[END_REF]. Therefore, in this study, acetic acid recovery ratios in the extract and in the raffinate are deduced by mass balance using measured values of the feed flow rate and feed composition, and only measured values of the extract and the raffinate phases composition. In all experiments, liquid flowrate was 0.48 kg/h with a mass fraction of acetic acid of 5.03 %w/w ± 0.04. The first separator (Fig. 1) was operated at 20 • C, 4 MPa and the second one at atmospheric pressure and 20 • C. Acetic acid extract and raffinate mass fraction proved to remain constant after around 40 min (Fig. 2), indicating that steady state is achieved. Consequently, all measurements were performed after 1 h of experiment. Experiments were done in triplicate and standard deviation was found to be 2.19 % for the composition in the extract and 0.21 % for the composition in the raffinate.

Thermodynamic modelling of the ternary mixture

Experimental data for carbon dioxide-acetic acid-water high pressure systems are available in the literature [START_REF] Bamberger | High-pressure phase equilibrium of the ternary system carbon dioxide + water + acetic acid at temperatures from 313 to 353 K[END_REF]. In order to perform the simulation of the process, a thermodynamic model has been chosen to represent the behavior of the ternary system. The Simulis ® Thermodynamics software (from ProSim SA, France), implemented in the Excel environment (Microsoft), was used to perform the calculations. The polar nature of carboxylic acids and water together with high pressure operation, suggest the use of a so-calledapproach with a cubic of equation of state (EoS), combined with activity coefficient model (EoS/G E ) through a complex mixing rule. This mixing rule allows the incorporation of an expression for the excess Gibbs energy G E inside the EoS. Consequently, EoS can be applied to polar components and high pressure conditions [START_REF] Kontogeorgis | Thermodynamic Models for Industrial Applications[END_REF]. The equation of state chosen in this study was the Soave-Redlich-Kwong (SRK) equation modified by Boston-Mathias, with the PSRK mixing rule and UNIQUAC model as the excess Gibbs energy model. This model was already selected in our former study concerning the recovery of isopropanol with supercritical carbon dioxide [START_REF] Lalam | Fractionation of aqueous isopropanol mixtures in a countercurrent packed column using supercritical CO2[END_REF]. Best results were obtained with temperature dependent binary interaction coefficients (BIC). In that case, four coefficients have to be fitted for each binary sub-system, meaning twelve coefficients for the whole ternary system. These coefficients were obtained here by fitting experimental data using the Excel software, which minimizes the objective function in Eq. ( 1). Fitted values of binary interaction parameters are shown in Table 1, together with the corresponding Absolute Average Relative Error (AARE) calculated from Eq. ( 2).

Fobj = 1 N p Np j=1 ⎛ ⎜ ⎜ ⎝ Nc i=1 y exp i -y calc i y exp i +y calc i 2 + Nc i=1 x exp i -x calc i x exp i +x calc i 2 ⎞ ⎟ ⎟ ⎠ (1)
where x i is the liquid mole fraction and y i the vapor mole fraction of compound i. N p is the number of data points and N c is the number of components.

AARE zi = 100 Np Np i=1 z exp i -z calc i z exp i (2) 
where z i exp is the experimental mole fraction (corresponding to x i or y i ) and z i calc is the calculated mole fraction of compound i and N p is the number of data points.

Absolute Average Relative Error upon mass fraction of AA in the vapor phase are relatively high (almost 40 %) because of very low values of mass fraction of AA in this phase but thermodynamic behavior remains well represented by the model (Fig. 3).

As usually encountered in liquid-liquid extraction, so-called Type I (Fig. 3a) or Type II (Fig. 3b) ternary diagrams can be obtained depending on temperature and pressure conditions. In the case of Type I behavior, the solute and the solvent are miscible in all proportions, while in the case of Type II, an immiscibility zone appears between these latter. It is the case for the carbon dioxide-acetic acid-water system at 80 • C and 15 MPa, for example. However, on Fig. 3c, it can be observed that this immiscibility zone is very narrow. These two kinds of behaviors are well accounted for by the selected thermodynamic model as it is seen on Fig. 3 for two sets of conditions described in the literature [START_REF] Panagiotopoulos | Phase equilibria in ternary systems with carbon dioxide, water and carboxylic acids at elevated pressures[END_REF][START_REF] Bamberger | High-pressure phase equilibrium of the ternary system carbon dioxide + water + acetic acid at temperatures from 313 to 353 K[END_REF]. On the pressure and temperature range considered here, Type I and Type II are very close to each other because of the very narrow immiscibility zone between solute and solvent for Type II and the tie line directions for Type I contrarily, for example, to the CO 2 -ethanol-water system described by Brunner et al. [START_REF] Budich | Supercritical fluid extraction of ethanol from aqueous solutions[END_REF].

At 80 • C and 15 MPa (Fig. 3b), it can be observed that the slope of the tie-lines exhibits unfavorable configuration to perform an efficient extraction of AA with CO 2 . This is mainly due to the low solubility of AA in the CO 2 phase and corresponds to the already mentioned low partition coefficients for the acid.

Comparison of experiments and simulation for the conventional configuration

As reported in Table 2, most experiments were conducted at 40 • C and 10 MPa by varying the solvent-to-feed ratio (S/F). A higher pressure (15 MPa) and higher temperatures (45 • C and 60 • C) were also tested. Results are displayed in terms of experimental mass fraction of acetic acid (x AA ) in the raffinate and in the extract, both on a CO 2 -free basis, and in terms of computed experimental recovery ratio of acetic acid ( AA ) in the extract and in the raffinate. Performance of the operation can also be assessed using the concept of "concentration factor" which is defined as the ratio of the mass fraction of acetic acid in the CO 2 -free extract to the mass fraction of acetic acid in the feed.

Simulations of the supercritical fractionation column were performed using the ProSim Plus software (ProSim SA, France), which is a commercial tool allowing simulation of steady-state processes. Absorption module (ABSO) of ProSim Plus was used to simulate the counter-current column, described as a cascade of theoretical stages, accounting therefore only for thermodynamic equilibrium between phases and heat and mass balances at each stage (MESH equations). To operate the Prosim Plus software, it is mandatory to

Table 2

Comparison between experimental results and simulation for one theoretical stage (N = 1) on ProSim Plus software.

Run Operating conditions Raffinate experimental results

Extract experimental results

Raffinate simulation results (N = 1)

Extract simulation results (N = 1) [START_REF] Panagiotopoulos | Phase equilibria in ternary systems with carbon dioxide, water and carboxylic acids at elevated pressures[END_REF], experimental data from Bamberger [START_REF] Bamberger | High-pressure phase equilibrium of the ternary system carbon dioxide + water + acetic acid at temperatures from 313 to 353 K[END_REF].

P (MPa) T ( • C) S/F x AA (%w/
fix the number of stages and the location of the feed and then mass flows must be initialized before launching the computation. Thanks to an internal optimizer, the software is able to vary certain parameters to match specifications imposed by the user. This software is thus well adapted for our approach when thermodynamics are the prominent criterion. Lalam et al., in the context of isopropanol recovery using the same experimental set-up, have concluded that our column was equivalent to around one or two theoretical stages [START_REF] Lalam | Fractionation of aqueous isopropanol mixtures in a countercurrent packed column using supercritical CO2[END_REF], depending on operating conditions. Although the theoretical stage concept is not well adapted to assess the mass transfer efficiency of a contactor (because it depends on the thermodynamics of the system of compounds), this former result nevertheless indicates that mass transfer efficiency of our experimental apparatus is rather low.

Influence of solvent-to-feed ratio (S/F)

Influence of Solvent-to-Feed (S/F) ratio can be evaluated from runs 1-5 at 40 • C/10 MPa and from runs 6-8 at 45 • MPa. A first general conclusion on experimental results is that recovery ratio of AA ( AA ) is favored by high S/F, whereas concentration factor is not strongly influenced, and stays almost constant in the range of S/F considered in this work whatever the temperature. This result tends to show that recovery ratio of water in the extract increases with the same trend that AA when increasing S/F. On a general way, it can be observed that concentration factors are slightly higher at 40 • C than at 45 • C at this pressure and the maximal value is obtained for run 5, where 26.8 % of AA is recovered at the extract with a concentration factor around 6.45.

Anyway, these experimental results show that separation performances are weak in terms of purity of AA in the extract and so concentration factor, as well as recovery ratio of AA in the extract. Best results were obtained at maximum S/F and low temperature.

It can be observed on Fig. 4 and Table 2 (runs 1-5 for 40 • C experiments and runs 6-8 for 45 • C experiments) that the global experimental trend of AA recovery ratio in the extract is well described by the simulation, i.e., an increase of S/F leads to a better recovery ratio of AA. However, experimental concentration factors are lower than those given by the simulation that predicts a slight decrease of concentration factor when S/F increases, while this was not observed experimentally. The obtaining of higher computed values is directly related to the fact that the theoretical stage approach cannot describe systems with less than one theoretical stage, as it is the case here. So, in the range of experimental conditions investigated here, simulation systematically overestimates the actual performance of the separation.

Fig. 5 indicates that the influence of the number of theoretical stages at 45 • C and 10 MPa is more important at high S/F ratio and also shows that the number of stages has a weak influence on the separation performances. This can be explained by thermodynamic considerations and will be further developed.

However, the fact the experimental set-up has low mass transfer and is equivalent to less than one theoretical stage could be explained considering the "liquid wetting rate of the packing", conventionally defined for gas-liquid packed columns as volumic liquid flow rate / (specific packing area x cross section of the column). For our experimental system and conditions (liquid flow rate, column cross section and geometrical packing area), this gives values that are much lower than the usual minimum advised values for gasliquid systems. Even if the liquid flow occurs here in a very different environment, because the supercritical phase is much denser than a gas, this nevertheless indicates that good liquid distribution on the packing is not favored. So the liquid-fluid exchange area is probably significantly smaller than the geometrical packing area, hence the poor mass transfer efficiency. One conclusion is that this contactor technology is not well adapted to this application because the liquid flow-rate is too low in respect to packing area. For instance, static mixers or sieve tray columns would have been a better option, as proposed by Seibert and Moosberg [START_REF] Seibert | Performance of spray, Sieve Tray, and packed contactors for high pressure extraction[END_REF], in the context of the recovery of isopropanol with supercritical carbon dioxide, where it has been shown that a sieve tray extractor yielded the highest mass transfer efficiency.

Finally, simulation can be used to theoretically predict the best performances of separation that could be reached for this system, and what should be the number of theoretical stages necessary to reach this objective. This is illustrated on Fig. 6 which relates number of theoretical stages, S/F and concentration factors. For instance, for one theoretical stage, recovery ratio of 70 % and 90 % are obtained using S/F values around 30 and 180, respectively. When number of stages is 3, S/F value is around 10 for a recovery ratio of 70 % and around 50 for a recovery ratio of 90 %. Beyond 3, the number of stages has a weaker influence, as already shown on Fig. 5. So, it is seen that, with 3 theoretical stages, moderate values of the concentration factor, around 7, can be obtained if the imposed recovery ratio is not very high (70 %) using a realistic S/F value (around 10). At 10 MPa and 45 • C, at best, the concentration factor would be around 9 (i.e. around 45 % of AA in the CO 2 -free extract) even with a contactor with good mass transfer performances. Although this simple configuration extraction could not be used to obtain pure AA, note that, when moderate recovery ratios are acceptable, it could be used as a pre-concentration step, before further purification.

Influence of the pressure

Experiments were done at 45 • C and 40 • C, with a solvent-tofeed ratio equal to 10, at two different pressures, 10 and 15 MPa, (runs 4 and 9 at 40 • C and runs 8 and 10 at 45 • C in Table 2). The pressure of the process has been chosen according to experimental set-up limits and also because very high pressures cannot be envisaged in order to keep a significant density difference between the two phases to insure efficient mechanical phase separation.

Experimental results showed an improvement of the concentration factor and recovery ratio of AA when the pressure is increased for both temperatures. The best results have been obtained for run 10, i.e. at 15 MPa and 45 • C, for which the highest AA recovery ratio (33 %, compared to 17 % at 10 MPa) is obtained in the solventfree extract with a concentration factor improved from around 5-8 (mass fraction of AA in the solvent-free extract is increased from 26.52 % to 39.65 %).

Here again, the computed values with one theoretical stage overestimate the experimental values but the tendency is reproduced by the simulation. At 45 • C, 10 MPa, simulation of a one-stage contactor predicts a concentration factor equal to 8.32 (41.58 % AA w/w in the extract CO 2 -free) with a 25.3 % recovery ratio. When pressure is increased from 10 to 15 MPa, simulation predicts a significant increase of the recovery ratio of acetic acid in the extract CO 2 -free (53.1 %) and a slight increase of acetic acid mass fraction (from 40 % to 50 %). Same conclusions can be drawn for 40 • C, 10 MPa.

Influence of higher pressures, up to 30 MPa at 45 • C, can be theoretically studied by using the ProSim Plus software. At 30 MPa, the recovery ratio of AA in the CO 2 -free extract increased to 70 % and mass fraction of AA in the CO 2 -free extract from 41 % at 10 MPa to around 50 %, this latter exhibiting a plateau around 15 MPa. As already mentioned, note that higher pressures are usually not considered, according to literature reviews [START_REF] Bejarano | Fractionation technologies for liquid mixtures using dense carbon dioxide[END_REF][START_REF] Pieck | Development of Tools for the Implementation of an Industrial-scale Supercritical Fractionation Process[END_REF], mostly because, in the case of aqueous systems, density difference becomes too low for easy decantation of phases. At 30 MPa, density difference is around 110 kg/m 3 .

As a conclusion, remember that only the trends can be represented by the simulation in this paper. To obtain a more accurate representation of experimental fractionation, a rate-based model (non-equilibrium model) should be preferred in this case as we proposed in our previous works [START_REF] Ga Ñán | Rate-based simulation of a high pressure counter-current packed column for supercritical CO2 extraction of alcohol from dilute aqueous mixtures[END_REF].

Influence of the temperature

It has been found experimentally at 10 MPa, that a change of temperature from 40 • C to 60 • C (Table 2, runs 4 and 11), led to a concentration factor decrease from 6 to 2. Indeed, at 60 • C, CO 2 -free extract was less concentrated in acetic acid (10.3 %w/w compared to 30.5 % at 40 • C) and acetic acid recovery ratio also decreased, 14.0 % compared to 20.5 % at 40 • C, which means that, at 10 MPa, a temperature increase is not favorable for the partition coefficient of AA. Similar trend was indicated by the simulation, where the concentration factor is divided by 2 (mass fraction of AA decreases from 48 % to 26 %) when temperature is increased from 40 • C to 60 • C and recovery ratio is also divided by 2 (from 35 % to 13 %). Indeed, when temperature is increased from 40 • C to 60 • C at 10 MPa, ternary diagram configuration is changed from Type I to Type II meaning that a solubility limit of AA in scCO 2 occurs at 60 • C, whereas at 40 • C, AA and CO 2 are totally miscible. 

Conclusion upon the conventional column configuration

As a conclusion, the conventional configuration of countercurrent column did not lead, in the case of a dilute feed, to efficient recovery of acetic acid in the extract.

Analysis of thermodynamic data will help to identify the limitations of our system. Considering the ternary diagram, it can be observed that a thermodynamic limitation of AA extraction with CO 2 is existing when a conventional column configuration is used in the case of a 5 %w/w aqueous feed. This is graphically illustrated using usual liquid-liquid extraction graphical constructions on ternary diagrams (Treybal [40]). Indeed, drawing the tie-line which passes by the point representing the 5 %w/w feed, and projecting the corresponding extract composition on the acetic acid-water side of the triangle, yields the maximum mass fraction of AA in the liquid extract obtained after removing CO 2 (CO 2 -free extract). At 45 • C and 10 MPa, the maximum AA mass fraction of the CO 2 -free extract is found around 50 %w/w (Fig. 7). Consequently, the concentration factor could not excess 10 in this conventional column configuration. This ascertains that higher extract purity is not achievable with this simple contactor configuration. Experimental results shown in Table 2 are in accordance with this analysis since the maximum AA mass fraction in the CO 2 -free extract that was obtained at 45 • C and 10 MPa, was 26.5 % of acetic acid (run 8, S/F≈10). So, although mass transfer efficiency of our contactor is improvable, for instance by increasing the height of the column, this will not allow overpassing this theoretical maximum value of the AA concentration in the CO 2 free extract (50 %w/w).

As we mentioned above, depending on separation targets, this configuration (with a moderate concentration factor) could be useful to pre-concentrate the feed before another separation process, such as distillation for example. Nevertheless, we propose below to evaluate if the limitation cited above can be overridden if the counter-current extraction is operated with a reflux of extract. Such a configuration with reflux is also proposed in conventional liquidliquid operation but examples are nevertheless seldom. In a first approach, we intend to assess the interest of this alternative by using simulation.

Assessment of the reflux configuration by simulation

Thermodynamic study

Usual liquid-liquid extraction graphical analyses, using ternary diagrams, can be implemented to assess the interest of using a reflux and also to obtain a preliminary estimation of the operating conditions. Then, using the ProSim Plus software, a deeper study can be performed by simulating the new configuration with reflux. The same 5 % w/w dilute acetic acid feed was considered. Two sets of realistic conditions were studied, 45 • C and 10 MPa, resulting in a Type I diagram, and 80 • C and 15 MPa, corresponding to a Type II diagram.

Graphically, the theoretical maximum solute concentration that can possibly be obtained in the extract when using a reflux is deduced by drawing a line linking the pure solvent point (bottom right summit of the triangle) to the tangency point at the two-phase curve. This gives the AA richer CO 2 -free extract that can be reached (intersection with the solute-diluent axis). Thus, it appears that, in the case of the Type I diagram (45 • C and 10 MPa, Fig. 8 left), a CO 2 -free extract containing about 90 % w/w of acetic acid could be obtained. Note that this value is rather high for a type I system and indicates a favorable case for reflux performance. For any type II systems, this value is always 100 %w/w (pure acetic acid) (80 • C and 15 MPa, Fig. 8 

right).

At 45 • C, 10 MPa (Type I diagram), for a 5 %w/w acetic acid feed, we have shown that the maximum purity extract achievable in the conventional configuration is around 50 %w/w. At 80 • C, 15 MPa (Type II diagram), this value is around 40 %w/w. So, the higher theoretically achievable values mentioned in above paragraph (90 % and 100 %, respectively), clearly demonstrates the interest of the reflux mode in the case of a dilute feed.

Selection of extract reflux mode: internal or external reflux

In liquid-liquid extraction processes, two types of reflux of extract, internal or external reflux, can be operated. Internal reflux can be generated either by changing temperature in the enriching section of the column or by adding a component playing the role of anti-solvent.

In supercritical CO 2 columns internal reflux is usually implemented by increasing temperature in the enriching section (i.e., above the feed). This operating mode is the most convenient on a technical point of view, because it can be operated without use of external equipment such as valves, tanks or pumps. Indeed, when the temperature is increased, the solute is expected to be de-solubilized (because of the decrease of the CO 2 density) and generate a downward AA rich liquid phase, in order to enrich the ascending CO 2 phase. To be interesting in the context of CO 2 -acetic acid-water system, a temperature range has to be found at a given pressure, in which a liquid phase would appear by changing the temperature from T1 in the stripping zone to T2 in the enriching zone. Graphically, the temperature of the enriching zone of the column should be such that the point corresponding to the extract of the stripping zone at temperature T1, falls inside the immiscibility zone at T2. A classical favorable configuration should be a change from diagram of Type 1 at T1 to Type II at T2. Surprisingly, the ternary diagrams of our system indicate that the point representing the extract in equilibrium with the feed in the Type I at T1, lies now in a monophasic zone in the Type II at T2. This means that no liquid phase would be generated when increasing the temperature. This surprising behavior is explained by the fact that increasing temperature, although it induces a decrease solubility of AA (thus a partial miscibility of AA and a shift to Type II diagram), conversely induces a significant increase of water solubility. These antagonist effects result in the above described peculiar behavior for the ternary system. All these considerations mean that use of an internal reflux of extract is not suitable for the particular case of dilute acetic acid recovery with scCO 2 .

So, external reflux must be envisaged, requiring a depressurization step for removal of the solvent and a liquid pump to re-inject a fraction of the CO 2 -free liquid extract at the top of the column. As our experimental system does not allow implementing an external reflux, the study was done thanks to simulation and the flowsheet of the complete process with external reflux is represented on Fig. 9. Reflux ratio is defined as R 0 /P E (R 0 being the liquid flowrate that is re-injected at the top of the column and P E is the production of the process).

Simulation results for external extract reflux

As a first approach, the liquid-vapor separator at the top of the column and the separator at the bottom were described as ideal separators, allowing perfect removal of CO 2 from the extract. Consequently, in this simulation study, the value of pressure in the separators has no influence on the efficiency of acetic acid recovery at the CO 2 separation step, which would not be the case in the real process.

Note that the actual implementation of a reflux in our packed column would suffer of even more severe mass transfer limitation that in the case of the conventional configuration, due to still much lower liquid flow rate in the reflux section than in the conventional configuration.

Two distinct sets of conditions were selected in respect to thermodynamic behavior, i.e., Type I diagram, at 45 • C and 10 MPa, and Type II diagram, at 80 • C and 15 MPa. Imposed specifications of AA mass fraction in the CO 2 -free extract extracts were chosen very close to thermodynamic limitations (from the diagrams of Fig. 8) inducing operation at high reflux ratios. Minimum reflux ratio necessary to obtain 90 %w/w AA in the solvent-free exact was graphically evaluated using Janecke type diagrams for better accuracy (see Treybal [START_REF]Liquid Extraction[END_REF]). In the range of 90 %w/w targeted values, very high minimal reflux ratios are necessary so this implies the use of high S/F values to maintain the productivity.

Position of the feed was chosen in order to define the same number of theoretical stages for both the enriching and stripping sections. Indeed, position of the feed proved to have only a slight influence on results.

Minimum reflux ratios, as well as minimum number of stages, for a targeted separation can also be obtained thanks to simulation. For a given number of stages and using the optimizer of the software, the reflux ratio and the solvent-to-feed ratio are varied to match the separation target (AA 90 %w/w in the CO 2 -free extract). This is shown on Fig. 10 where minimum reflux ratio (R 0 /P E ) min is asymptotically obtained at high values of the number of stages. Conversely, the minimum number of stages is asymptotically obtained when the reflux ratio is very high. Recovery ratio was imposed to be 90 % for all cases. For Type I conditions, 45 • C and 10 MPa (Fig. 10 left), specifications were 90 %w/w in the CO 2 -free extract. Minimal reflux ratio is found to be around 11 and matches with the value graphically obtained. For Type II conditions, 80 • C and 15 MPa, minimal reflux ratio necessary to achieve the same target is higher (around 16). Minimal number of stages to reach specifications in terms of recovery ratio and mass fraction of AA in the extract were found around N = 5 for both conditions. Also, for both cases, solvent-to-feed ratios are similar and high (between 21 and 59). These values (minimum number of stages and minimum reflux ratio) can be used to propose reasonable values of design using conventional design rules. In our case, they were also used as initialization values for the software optimizer (see next paragraph 5.4).

Fig. 11 shows the behavior of the concentration factor and the recovery ratio of AA in the extract, at 10 MPa and 45 • C, as a function of the reflux ratio at fixed values of solvent-to-feed ratio. Such an analysis was already reported in literature, for example in the case of modelling the supercritical carbon dioxide separation of fish oils ethyl esters [START_REF] Gironi | Separation of fish oils ethyl esters by means of supercritical carbon dioxide: thermodynamic analysis and process modelling[END_REF]. For a given S/F value, increasing reflux ratio leads to an increase of concentration factor until reaching the maximum achievable concentration factor about 18 (maximum achievable extract ≈ 90 %w/w at these conditions) according to thermodynamics. Also, for a given S/F value, increase of reflux ratio leads to an unexpectedly slight decrease of the AA recovery ratio in the extract. Moreover, at a given reflux ratio value, increase of S/F induces higher recovery ratio but a decrease of the concentration factor. So, in this case, this figure shows that the recovery ratio is mostly dependent upon S/F and that reflux ratio values above 12 ensure high concentration factors (around 18).

Optimization of operating conditions

The optimizer of the Prosim Plus software was used to find the conditions leading to the best results in terms of AA mass fraction (x AA ) and recovery ratio ( AA ) in the extract for conditions of Type I (Table 3). In this approach, design parameters have to be fixed (number of stages and position of the feed), and the optimizer varies reflux ratio and solvent-to-feed ratio in order to reach imposed specifications. Optimization is run until maximum CO 2free AA mass fraction in the extract (x AA ) and recovery ratio ( AA ) are both maximum. Best values for both sets of conditions are indicated in Table 3.

At 45 • C and 10 MPa, Type I, using 10 theoretical stages, 5 being enriching stages, with S/F = 76.7 and a reflux ratio around 34, the mass fraction of AA in the CO 2 -free extract reached 92 %w/w (corresponding to the thermodynamic limitation) and recovery ratio was 99 %. If number of stages is increased from 10 to 20 (10 being enriching stages), the same separation performances are obtained (92 %w/w and recovery ratio = 99 %) but S/F is decreased to 46.4, as well as reflux ratio from 34 to 20.

Similarly, at 80 • C and 15 MPa, Type II, a recovery ratio of 99 % is obtained with a CO 2 -free mass fraction equal to 92 %w/w for similar design conditions (number of stages, feed position) but operating conditions are slightly different: solvent-to-feed ratio is decreased (for N = 10, S/F = 55.0 against 76.7 for Type I) and reflux ratio is increased (for N = 10, R 0 /P E = 49 against 34.3 for Type I). However, even theoretically possible, pure solute could not be obtained in these simulations (around 95 %w/w of AA in the extract solvent-free corresponding to a concentration factor around 19). Nevertheless, this higher purity is obtained with a lower recovery ratio, around 70 %.

Indeed, the simulated results concerning external extract reflux, for the two sets of conditions, yielded rather similar results. Type I appears to be very favorable for implementation of reflux, and a maximum 92 %w/w CO 2 -free extract is obtained. Solvent-to-feed ratio (S/F) values to get 99 % recovery are not so different for both cases. So, for the system carbon dioxide-acetic acid-water, it is a priori difficult to privilege one set of operating conditions.

We propose here to use the criterium of exergetic efficiency, as developed by Smith et al. [START_REF] Smith | Energy analysis of supercritical carbon dioxide extraction processes[END_REF] for CO 2 pump cycles. This criterium accounts for the "quality" of energy fluxes in the process by considering their potential for mechanical work recovery. For Type I and Type II, exergy loss can be computed using the dedicated fitted equation of Smith et al. [START_REF] Smith | Energy analysis of supercritical carbon dioxide extraction processes[END_REF]. In this work, chemical exergy, kinetic and potential energies were not taken into account. The difference between exergy flow input and exergy flow output was considered as irreversibility rate or exergy loss.

For a 5 MPa pressure in the separators, a value of 19.7 kJ/kg of CO 2 and 33.4 kJ/kg of CO 2 is obtained, for Type I and Type II, respectively. Considering a 99 % AA recovery and a 92 % AA purity of the CO 2 -free extract, and using the corresponding S/F values given in Table 3, this yields 3. product is obtained for the same exergy loss. Nevertheless, note that other criteria could have been envisaged, such as investments costs (CAPEX) or purely based on energy consumption of the whole processes.

So, we also propose here simplified energetic calculations, performed using the ProSim plus software, to estimate the energy consumption of the process. We have considered that 75 % of the energy required by the fractionation process is constituted by the compression of carbon dioxide [START_REF] Allen | Energy Analysis of Butanol Extraction Using Supercritical Carbon[END_REF][START_REF] Tompsett | Extraction rate and energy efficiency of supercritical carbon dioxide recovery of higher alcohols from dilute aqueous solution[END_REF]. As in Smith et al. [START_REF] Smith | Energy analysis of supercritical carbon dioxide extraction processes[END_REF], the compressor was considered as a single-stage compressor with no intercoolers (in our case isentropic efficiency was at 65 %). The same separation objectives were chosen (recovery ratio = 99 % and AA mass fraction solvent-free = 92 %). In the two configurations, after the separator, carbon dioxide is at 10 • C, 5 MPa, before entering the compressor. For Type I conditions, the computed energy consumption is 12.66 kW h/kg of 92 %w/w acetic acid. For Type II conditions, the energy consumption is 15.57 kW h/kg of 92 %w/w acetic acid. So, with the criterion of energetic cost, Type I will be preferred, as was also the case for the exergy loss criterion.

Conclusion

This work has proposed the use of supercritical CO 2 extraction to recover acetic acid from dilute aqueous solutions. This case is not favorable because partition coefficients are low but this unfavorable case enabled us to develop a complete methodology that can be adapted to the targeted separation specifications: preconcentration, obtaining of a very pure extract, energetic priority. . . This pre-strategy has been developed here on a simplified mixture composed of only three compounds but it is very likely that the presence of other compounds (present in a fermentation broth for example) would not invalidate the strategic choices that have been made with this simplified mixture. Experiments were performed and evidenced the expected low separation performance in a configuration without reflux and were mainly caused by a thermodynamic limitation, not by the low mass transfer efficiency of our contactor. To overcome this thermodynamic limitation and to obtain a better separation, it was proposed to implement an external extract reflux because internal reflux was shown to be not suitable in the particular case of water-acetic acid mixture. Conventional graphical methods using ternary diagrams allowed evaluating design and operating parameters for this configuration (reflux ratio, number of stages. . .) and simulation using the Prosim Plus software (based on the concept of theoretical stages) confirmed that separation could be indeed improved.

Therefore, the less conventional reflux configuration proved to be effective on the point of view of purity of the extract but the required high solvent-to-feed ratio questions its relevance in this particular case. A deeper energetic study upon the regeneration of CO 2 has to be done to give a complete assessment.

Provided thermodynamic data are available, the same methodology can be applied to other carboxylic acids or even to other organic solutes. Depending on the targeted separation, this will allow predicting performances and deciding for the interest of this technology, with or without the use of an extract reflux. Finally, the economic study, where the commercial value of the extracted product is taken into account, will provide the needed data to compare with other separation technologies.
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Fig. 1 .

 1 Fig. 1. Experimental set-up (left) and Dixon packing (right).

Fig. 2 .

 2 Fig. 2. Time course of experimental extract (᭹) and raffinate () compositions at 10 MPa, 45 • C, solvent-to-feed ratio = 6.3, feed at 5 % (w/w) of AA.

Fig. 3 .

 3 Fig. 3. a. Type I ternary diagram (mass fractions) for CO2-acetic acid-water system for 40 • C and 10 MPa, b. Type II ternary diagram (mass fractions) for CO2-acetic acid-water system for 80 • C and 15 MPa. and c. zoom in CO2 corner in Type II diagram, 80 • C 15 MPa (-) equilibrium line calculated, ᮀ calculated points, ᭹ experimental data from Panagiotopoulos[START_REF] Panagiotopoulos | Phase equilibria in ternary systems with carbon dioxide, water and carboxylic acids at elevated pressures[END_REF], experimental data from Bamberger[START_REF] Bamberger | High-pressure phase equilibrium of the ternary system carbon dioxide + water + acetic acid at temperatures from 313 to 353 K[END_REF].

Fig. 4 .

 4 Fig. 4. Comparison between experiments (black dots: 40 • C and grey dots: 45 • C) and modelling (continuous lines) for one theoretical stage at 40 • C (black lines) and 45 • C (grey lines). Influence of S/F on the recovery ratio of AA and concentration factor (10 MPa, F = 0.48 kg/h, 5 % w/w AA).

Fig. 5 .

 5 Fig. 5. Comparison between modelling of one theoretical stage (dotted lines), two theoretical stages (continuous lines) and ten theoretical stages (large and small dotted line) at 45 • C, 10 MPa, F = 0.48 kg/h, 5 % w/w AA.

Fig. 6 .

 6 Fig. 6. Simulation results. S/F values as function of the number of stages, for different recovery ratio specifications, continuous line: recovery ratio = 90 % and dotted line: recovery ratio = 70 %. Values are computed at 45 • C and 10 MPa. Numbers reported near dots are values of the concentration factor.

Fig. 7 .

 7 Fig. 7. Type I ternary diagram (mass fractions) for acetic acid-water-CO2 system for 45 • C and 10 MPa. (-) Determination of maximum AA in the CO2-free extract.

Fig. 8 .

 8 Fig. 8. Left: Type I ternary diagram (mass fractions) for CO2-acetic acid-water system for 45 • C and 10 MPa & Right: Type II ternary diagram (mass fractions) for CO2-acetic acid-water system for 80 • C and 15 MPa. (-) Determination of maximum extract purities according in conventional configuration and reflux configuration.

Fig. 9 .

 9 Fig. 9. Flowsheet of the simulation process of supercritical extraction with external extract reflux.

Fig. 10 .

 10 Fig. 10. Number of theoretical stages required in order to reach, in the extract, 90 % of recovery ratio for each conditions (45 • C 10 MPa on the left and 80 • C 15 MPa on the right) and mass fraction of 90 % w/w for Type I and Type II. Numbers reported near the simulated points stands for solvent-to-feed ratio.

Fig. 11 .

 11 Fig. 11. Concentration factor (continuous lines) and recovery ratio (dotted lines) of acetic acid in the extract as a function of the reflux ratio for three different values of solvent-to-feed ratio. Simulations performed at 45 • C and 10 MPa for 10 theoretical stages (5 enriching stages).

  27 10 -5 kg of AA/kJ of exergy loss for Type I (45 • C, 10 MPa) and 2.02 10 -5 kg of AA/kJ for Type II (80 • C, 15 MPa). These values can be compared because they correspond to similar separation objectives (recovery ratio = 99 % and AA mass fraction solvent-free = 92 %). According to this exergy study, Type I (45 • C, 10 MPa) would be preferred to Type II (80 • C, 15 MPa) because more

Table 1

 1 AARE (%) for ternary system, data from[START_REF] Panagiotopoulos | Phase equilibria in ternary systems with carbon dioxide, water and carboxylic acids at elevated pressures[END_REF][START_REF] Bamberger | High-pressure phase equilibrium of the ternary system carbon dioxide + water + acetic acid at temperatures from 313 to 353 K[END_REF][START_REF] Briones | Ternary phase equilibria for acetic acid-water mixtures with supercritical carbon dioxide[END_REF][START_REF] Laugier | Simultaneous determination of vapor-liquid equilibria and volumetric properties of ternary systems with a new experimental apparatus[END_REF].

	i	j	A ij	A ji	AAREx CO2 (%)	AAREx H2O (%)	AAREx AA (%)	AAREy CO2 (%)	AAREy H2O (%)	AAREy AA (%)
	CO2	AA	-50.60 -1.33T	-18.40 + 2.30T						
	CO2	H2O	20.10 + 5.07T	-137.86 + 2.68T	7.65	1.94	2.77	1.03	14.56	39.74
	AA	H2O	0.76 + 0.30T	0.74 -0.34T						

Table 3

 3 Best simulation results for external extract reflux configuration (obtained with the optimizer of the Prosim Plus software). Feed 0.48 kg/h and 5 %w/w AA. T = 45 • C P = 10 MPa TYPE I DIAGRAM

	Sim	S/F	N stages	N enriching stages	Reflux ratio	x AA extract (%w/w)	AA extract (%)	Concentration factor
	1 2	76.7 46.4	10 20	5 10	34.3 20.4	92.0	99.0	18.4
					T = 80 • C P = 15 MPa TYPE II DIAGRAM		
	Sim	S/F	N stages	N enriching stages	Reflux ratio	x AA extract (%w/w)	AA extract (%)	Concentration factor
	3	55.0	10	5	49.0	92.0	99.0	18.4
	4	16.3	20	10	24.1	95.0	70.0	19
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