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ABSTRACT

The purpose of this work is the kinetic study of biomass char combustion in a low temperature fluidized bed
reactor. This char was obtained from fast pyrolysis of beech stick in an annex batch fluidized bed reactor at 923 K
and atmospheric pressure. Operating conditions of the combustion were thoroughly characterized so that the
reaction takes place in isothermal conditions and a constant oxygen partial pressure. The kinetic study was
performed for temperatures up to 643 K, oxygen partial pressures ranging from 5065 to 21273 Pa and cylindrical
char particles (D = 4 mm and L = 9 mm). The Volumetric Model was found to be in very good agreement with
experimental data. Values of activation energy and reaction order with respect to oxygen are respectively equal
to 144 kJ/mol and 0.59. The reaction scheme during char combustion showed that char first reacts with oxygen
to form CO which is further oxidized either at the particle surface or in the gas phase to produce CO,. Besides, it
was found that the char reactivity in combustion is higher in a fluidized bed reactor compared to TGA. This was

explained by diffusional effects of oxygen and CO oxidation within the crucible in the TGA.

1. Introduction

Biomass is a possible alternative to the direct use of fossil fuel in
gasification process as it has the advantage of being neutral in regard to
the CO, emissions considering photosynthesis reactions. Biomass gasi
fication produces synthesis gas which can be directly burned for heat
and electricity production or used as a feedstock for the production of
methane via Methanation process or liquid via Fisher Tropsch process.
Biomass gasification is a thermochemical conversion occurring at high
temperatures with many simultaneous reactions. It occurs in two stages:
(i) for temperatures above 623 K, biomass undergoes a fast thermal
conversion. This pyrolysis step converts the biomass into volatile pro
ducts either condensable (steam and tars) or non condensable (H,, CO,
CO,, CH, and C,H,) and a solid residue called char [1]; (ii) for tem
peratures greater than 973 K, the char reacts with steam and carbon
dioxide. This gasification step converts the char into synthesis gas.

The reactive system of biomass conversion (i.e. pyrolysis + gasifi
cation) is an endothermic process. A contribution of energy is necessary
in order to maintain the temperature and the different reactions in the
reactor. Two types of technologies exist for biomass gasification ac
cording to the method of heat transmission [2]. Firstly, the heat can be
supplied by partial combustion of the fuel in the gasifier itself. This
process includes the fixed bed gasifiers (co and counter current) and
the “bubbling fluidized bed” gasifiers. Secondly, the heat can be
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provided from a source outside of the gasifier by external heat (plasma
or solar) or internal recirculation of gas and char. In the latter ap
proach, Fast Internally Circulating Fluidized Bed (FICFB) [3] is cur
rently a promising process which uses a circulation of a medium be
tween an entrained bed exothermic reactor and a dense endothermic
reactor. In the exothermic reactor called combustor, a part of the char
from the gasifier is burnt and heats the medium. In the endothermic
reactor called gasifier, the medium provides the heat necessary for the
biomass gasification.

During biomass gasification in dual fluidized bed, the char reacts
with steam and carbon dioxide in the gasifier and with oxygen in the
combustor. Information regarding the kinetic of char combustion in a
fluidized bed reactor is then essential to better understand phenomena
inside a combustor.

The char combustion proceeds in several steps: the external transfer
of oxygen from the bulk to the external surface of the particle, the
diffusion of oxygen within the pores of the solid, the oxygen chemi
sorption on an active site (adsorption), the intrinsic chemical reaction
and finally the products desorption [4,5]. Together, these different
steps are strongly affected by the physicochemical properties of the
char, the combustion temperature, the oxygen partial pressure, the size
of the solid char particles and the type of reactor.

The physicochemical properties and the reactivity of biomass char
depend on the pyrolysis operating conditions. This has been discussed
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Nomenclature

Aym pre exponential factor for the Volumetric model
(Pa~"s™ Y

Co, oxygen concentration at the surface of the char particles
(mol.m™3)

Coy; oxygen concentration at the CSTR outlet i (mol.m %)

E, activation energy (J.mol %)

fXx) structure function ( )

H height of the crucible (m)

K. global mass transfer coefficient (m/s)

n reaction order with respect to oxygen ( )

Aenar.crucible iNitial amount of char in the crucible (mol)
(Mearbon)ehar  initial amount of carbon in 2.2 g of STI650 (mol)

A (t) instantaneous total molar flow rate (mol.s 1)

n;i(t) instantaneous partial molar flow rate of component i
(mol.s™1)

Po,, oxygen partial pressure at the particle surface (Pa)

R universal gas constant (J .mol LK™

Rapp apparent reaction rate at X = 0.5 ™

Serucible crucible surface (m?)

tr final time of the combustion (s).

T, particle temperature (K)

w(t) instantaneous sample weight (kg)

Wash final sample weight (kg)

w; initial sample weight (kg)

X conversion rate ( )

X, carbon conversion rate ( )

x; (t) molar fraction of component i ( )

Y}Iz normalized fraction of hydrogen at the outlet of CSTRi ( )

Greek letters

5 height of the char layer in the crucible (m)
€ porosity of the char layer in the crucible ( )
& particle porosity ( )

£ apparent density (kg.m™>)

o true density of the char particle (kg.m~>)

T tortuosity of the char layer 7 = +/2 ()

TCSTR residence time of the CSTR (s)

in a previous paper [6]. It was shown that the pyrolysis operating
conditions such as the heating rate, the pyrolysis temperature and the
biomass nature strongly influence the amount of hydrogen, oxygen,
carbon and ash content in the char as well as the presence of aromatic
and amorphous carbons. Besides, a raise of the heating rate during
biomass pyrolysis increases the char reactivity while a raise of the final
pyrolysis temperature decreases the reactivity. The amount of ash in the
char matrix may also catalyze the reaction of combustion.

The reaction of combustion can be divided into three main regimes
according to the temperature, the oxygen partial pressure and the char
particles size [5]. In Regime I (i.e. low temperatures), the intrinsic
chemical reaction is low with respect to oxygen diffusion inside the
pores and external transfer around the particle. The intrinsic chemical
reaction is the limiting step. The Regime II (i.e. medium temperatures
regime) is the transition regime where both the intrinsic chemical re
action and the diffusion of oxygen play a significant role. In Regime III
(i.e. high temperatures regime), the intrinsic reactivity of the solid is
very high and oxygen molecules react as soon as they have passed the
boundary layer around the particle. External mass transfer is then the
limiting step. Consequently, to determine char O, combustion kinetic,
many authors [7 9] minimized mass and heat transfers by carefully
choosing the combination of combustion temperature, oxygen partial
pressure and particles size so that the combustion occurs in the che
mical control regime (i.e. Regime I).

The char combustion is highly dependent on the combustion tem
perature and the oxygen partial pressure. It is well known in the lit
erature that the combustion rate increases by raising these two para
meters [7,8,10 15]. Several authors [9,16 18] also showed that the
char particles size influences oxygen diffusion inside the particle which

Table 1
Expression of CO/CO, product ratio from the combustion of carbon in the literature.

may lead to a non uniform oxygen concentration. Consequently, the
combustion temperature, the oxygen partial pressure and the char
particles size influence the regime of combustion (i.e. Regime I, II or
D).

The most widely used treatment to represent char oxygen reaction is
based on a simple global reaction [19 24]:

c+ 21*26, 50 o4t
n+1

CO,
2n+2

n+1 M
where 7 represents the product ratio of CO over CO,.

However, there has been much controversy in the literature [23] to
identify whether the reaction involved is

1
C+ -0 Cco
27 @
followed by CO oxidation in the gas phase to form CO,, or, alter
natively, the reaction may be

C+ 0, — CO, 3

Overall, the authors [25 29] focused on the determination of the
CO/CO,, product ratio in order to determine whether the carbon dioxide
is a primary product of the carbon oxygen reaction or a secondary
product resulting from the gas phase oxidation of carbon monoxide.

Table 1 summarizes some previous works in regard to the CO/CO,
product ratio. In these studies, the researchers used several techniques
such as low oxygen partial pressures, high gas velocities, gaseous in
hibitors and low temperatures of the surrounding gas in order to
minimize the CO oxidation in the gas phase. Consequently, they ex
clusively measured the heterogeneous reaction between carbon and
oxygen. For instance, Tognotti et al. [25] avoided oxidation of CO to

Ref Carbon type Reactor Temperature (K) Po, (bar) Expression CO/CO,

[25] Spherocarb char Electrodynamic balance 670-1670 0.05-1 50 exp(—g)- ng.ﬂ

[26] Soot particle TGA 663-893 0.05-1 A exp(—@)- 5027
T 2

[27] Graphon Static system 798-948 1.3.10~3 A-exp(—@)ﬂ;o‘zz

2
2.6:107% T
[28] Artificial graphite Flow system 733-1173 0.05-0.25 2500-exp(—@)
Coal char T
[29] Petroleum coke Fluidized bed 850-970 0.21

1340~exp( 7640)

-




CO,, by heating a single char particle while maintaining the surrounding
gas at room temperature. Arthur [28] added POCl; in the gas stream
with the intention of inhibiting the secondary reaction of CO to CO..
Table 1 also shows that a wide range of carbon types, reactor types and
operating conditions were applied. Conclusions drawn from these stu
dies can be summarized in several points:

e During carbon combustion, the CO/CO, product ratio is constant

after a short induction period [25 28].

Both CO and CO, are primary products of the carbon oxygen reac

tion.

The ratio depends on several parameters including the temperature,

the oxygen partial pressure, the solid nature and the presence of

catalytic impurities.

e For temperatures in the range of 798 948 K and oxygen partial
pressures between 0.05 and 1 bar, values of CO/CO, ratio vary be
tween 0.5 and 6 [25 27].

e There is a general agreement that the ratio increases by raising the
combustion temperature.

e The effect of oxygen partial pressure is not well defined. Some

workers [28,29] reported no effect of this parameter while others

[25 27] observed that the ratio decreases by increasing the oxygen

partial pressure.

Du et al. [26] studied the effect of calcium in the carbon during the

combustion. They concluded that the presence of this component

strongly favors the formation of CO,. For instance, at 663 K, the
addition of calcium in soot particles decreases the CO/CO, product
ratio from 0.53 to 0.007. Therefore, one hypothesis is that the CO
formation takes place at the carbon edge while the CO5 production
occurs at inorganic sites [26].

More recently, in the case of combustion in fluidized bed reactors,
other researchers [30 33] considered that CO is the primary product
according to Reaction (2), with the CO diffusing away from the carbon
and being converted to CO, either immediately above the fluidized bed
or in the bubbles rising up through the bed. The CO conversion may be
expressed by the following reaction:

1
CO + -0 CO
22T @
The simplest way to represent Reaction (2) is that O, adsorbs on an
active site C() on the carbon surface to give a carbon oxygen complex
C(0O) which then further desorbs to produce CO [19,30]:

C+30,-C(0)
C(0) - CO 5)

The different steps in Reaction (5) are known as the Langmuir
Hinshelwood formulation which describes the competition between
adsorption and desorption phenomena on the char surface.

Hurt and Calo [19] also suggested that the formation of CO, may
originate from a reaction between carbon oxygen complexes C(O) and
gas phase oxygen according to the following reaction:

CO+C(0)+ 0, CO, + C(O) (6)

In the mechanism given by Reactions (5) and (6), any of the steps
may be a lumped description of several more elementary steps [19,20].

From the different viewpoints in the literature, it is not clear yet
whether the formation of CO, originates from a gas phase reaction (i.e.
Reaction (4)) or occurs at the solid surface according to Reaction (6).

The kinetic of biomass char combustion was mainly measured using
a thermogravimetric analyzer [7,8,10 15,34 37]. This apparatus can
continuously record the mass change of a char sample during its com
bustion under a well known heating program. In the case of isothermal
combustion in TGA, the char sample must undergo a thermal pre
treatment before reaching the reaction temperature. Isothermal

conditions are then achieved by employing a switching gas method
which consists in heating the TGA under an inert atmosphere to the
desired temperature before switching the gas from inert to reactive to
perform the combustion. After this switching gas method, the newly
introduced gas has to diffuse and completely replace the former inert
gas in the TGA. It is known that the time necessary for totally replacing
the inert gas is likely to affect the char combustion rate as it would
cause a continuous change in oxygen concentration. In a previous work
[8], it was shown that it required 25 min for the air to totally replace
nitrogen after the switching gas method.

The kinetic of char combustion in a fluidized bed reactor has been
studied in the case of coal char [30 32] or sewage sludge [33]. The use
of a fluidized bed reactor has the advantage of uniform particles
mixing, uniform temperature throughout the bed and rapid mass and
heat transfers. It also enables a direct feed of the char sample once the
reactor has reached the pre set combustion temperature and a steady
state. To determine the kinetic of char combustion in a fluidized bed
reactor, the produced gases are sampled and their compositions are
measured by gas analyzers. Besides, efforts must be made to keep the
volume of the sampling gas lines as small as possible. Indeed, the
produced gas concentration measured by the analyzer can differ from
the one leaving the fluidized bed since the concentration is altered by
gas mixing in both the freeboard zone and the sampling lines [32,33].
The response of the analyzer may also modify the produced gas con
centration.

Several researchers [11,38,39] observed that the reactivity of char
in gasification or combustion is dependent on the type of reactors. For
instance, in the case of coal char gasification with CO,, the authors
[38,39] agreed that the reaction rate is higher in the fluidized bed than
in the TGA. Zeng et al. [38] explained this phenomenon by the
switching gas method in the TGA which leads to a non uniform CO,
partial pressure at the beginning of the reaction. This non uniform CO,
partial pressure decreases the char gasification rate. Besides, the au
thors also mentioned that the difference in char reactivity in the flui
dized bed reactor and in the TGA is less significant at higher gasification
temperatures. Mueller et al. [39] also reported that, during the gasifi
cation of high volatiles coal char with CO, for temperatures above
1073 K, the fluidized bed reactor shows significantly higher carbon
conversion rate and reactivity than the TGA. They explained this phe
nomenon by thermal annealing during the heat up of the char particles
in the TGA which decreases the reactivity. The authors concluded that
the knowledge of the thermal history of the particle prior to gasification
process is essential for analyzing kinetic data. Finally, Janse et al. [11]
studied the difference in combustion reactivity of wood char in two
different reactors. They reported that the combustion rate of pine wood
char in a packed bed reactor is higher than in a TGA for temperatures
up to 648 K. They attributed this difference to the chemisorption of
oxygen on carbon which can disturb the weight loss measurement in
the TGA. Above a combustion temperature of 648 K, the results of both
techniques were found to be similar.

1.1. Brief review on char combustion kinetic

The reactivity of char combustion can be expressed by the rate of a
solid state reaction according to the following equation:

dx

o = K@)h(Po,)f (X)

)
where X, Po,s and T, are the conversion rate, the oxygen partial pres
sure at the particle surface (Pa) and the particle temperature (K), re
spectively. f(X) is the reaction model also known as the structure
function. h(Py,;) is the oxygen partial pressure function which re
presents the effect of oxygen partial pressure on the reaction rate. k(T})
is the temperature dependent rate constant which is described by the
Arrhenius equation:



E,
k(T,) = A-exp| ——=
! p( RTL] (8)

where A is the pre exponential factor, E, is the activation energy
(J.mol™1), R is the universal gas constant (J.mol~*.K™'). The oxygen
partial pressure function can be given in the form of a power law:

h(Po,,) = P5,, ©)

where n is the reaction order with respect to oxygen.

Many reaction mechanisms have been proposed to represent the
carbon oxygen reaction [19]. The most widely used treatment considers
Reaction (1) as simple global reaction. The reaction rate is then ex
pressed as follows:

KO Pou,) = Ry = Avexp —t ) 25, a0

In the literature, most of the authors employed Egs. (7) and (10) to
represent the kinetic of biomass char combustion [8,20]. Nevertheless,
in the case of coal char combustion, some researchers [40,41] have
used the Langmuir Hinshelwood formulation to represent kinetic data.
The simplest Langmuir Hinshelwood formulation takes into account
Reaction (5) and is given by:

kd ka P, O2s

k(T,)-h(Po,,) = Reobal =
( p) ( 02‘5) -global kaPozys T kd (11)

where k; and k, are the rate constants for desorption and adsorption
process respectively and follow an Arrhenius law.

Finally, Hurt and Calo [19] considered both Reactions (5) and (6) in
the kinetic modelling. They described the kinetic of coal char com
bustion by:

kaksP3,, + kakqPo,,
k(Ty)-h(Po,,) = Rygpat = ———2e — 42 0%

k
kqPos, + 5 12)

The structure function f(X) represents the reactive surface of the
particle. Its evolution during the gasification or combustion reaction is
difficult to predict and is subject to discussion in the literature [42].
Due to the complex char structure, several kinetic models are reported
in the literature to represent the structure function. The most commonly
models used for biomass char combustion are the Power Law Model
(PL) and the Volumetric Model (VM) [8,20]. The PL is totally empiric in
nature while the VM assumes a homogeneous reaction throughout the

particle. In a previous work [8], it was shown that the Grain Model
(GM) may also be used to represent kinetic data of biomass char com
bustion in TGA. These three models (i.e. PL, VM and GM) are known as
deceleratory models which represent a decrease in the reaction rate
with conversion. However, during the char combustion or gasification,
a bell shape relationship between reaction rate and conversion is fre
quently observed. Two different points of view are found. First, in some
works [10,21], this curve profile is attributed to a change of the char
reactive surface during the reaction. The Random Pore Model (RPM)
proposed by Bhatia and Perlmutter [43] has received much interest due
to its ability to predict a maximum reaction rate. This model is classi
fied as sigmoidal model. It introduces a structural parameter by con
sidering that the char particle is porous and the reaction takes place at
the internal surface of the pores. As the reaction proceeds, a random
overlapping of the pores occurs which can increase or reduce the re
active surface area. This model was largely used for gasification of char
with CO, and steam [21]. A very few authors [10] also found that the
Random Pore Model satisfactorily fitted the reaction rate of biomass
char combustion. Finally, the second point of view is that the bell shape
curve is due to the low gasification agent content in the reactive at
mosphere just after switching the gas from inert to reactive [8].

The aim of the present study is to determine the combustion kinetic
of a wood char in a fluidized bed reactor. This char was obtained from
fast pyrolysis in an annex batch fluidized bed reactor at 923 K and
characterized in a previous work [6] to understand its physicochemical
properties and reactivity. Experiments are carried out at atmospheric
pressure and various temperatures ranging from 603 to 643 K and
oxygen partial pressures ranging from 5065 to 21273 Pa.

2. Experimental, material & methods
2.1. Char preparation

The biomass used in this work is a cylindrical beech stick
(D = 6mm, L = 10 mm). A picture of the raw material is given in
Fig. 1 (A). The proximate analysis of the biomass was carried out fol
lowing the standard test method for chemical analysis of wood charcoal
D 1762 84. The results are given in Table 2.

The pyrolysis procedure can be found in detail in a previous work
[6]. Briefly, a well known mass of beech sticks is introduced in a batch
fluidized bed reactor containing hot inert sand particles. The fast

I 1mm JEOL
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Fig. 1. Picture of the (A) beech stick (STI) and (B) its associated char (called STI650) obtained by pyrolysis at 923 K in a fluidized bed reactor.



Table 2
Proximate analysis of the beech stick (wt%, dry basis).

Biomass Moisture (%) Volatile matters (%) Fixed carbon® (%) Ash (%)

Beech stick  8.40 76.7 14.7 0.2

2 by difference

pyrolysis of beech sticks is carried out at 923 K under an inert atmo
sphere of nitrogen at atmospheric pressure. After the pyrolysis, the
produced chars (called STI650) are cooled under a flow of nitrogen
before being recovered the day after by sieving. A picture of the ob
tained chars is given in Fig. 1 (B). The soaking time at bed temperature
was approximatively 3 h. The produced char is stored inside a pill box
until it was analyzed.

Fig. 1 shows that the shape of the produced char particles remained
cylindrical close to the initial biomass with a small size decrease (from
5 to 4mm for the diameter and from 10 to 9 mm for the particle
length).

The physical and chemical properties of the beech stick and STI650
are summarized in Table 3. In STI650, the ash is composed of 5.5% of
magnesium (Mg), 10.8% of potassium (K), 1.8% of sodium (Na), 30.6%
of calcium (Ca) and 51.3% of silica (Si). The apparent density was
measured from the weight and volume of five well truncated particles.
The true density was obtained by helium pycnometer. The porosity of
the biomass and char particles was determined using the following
expression:

2 3

2.2. Char combustion in the fluidized bed reactor

2.2.1. Experimental setup

Isothermal combustion of STI650 was carried out in a fluidized bed
reactor. The experimental setup is shown in Fig. 2. The fluidized bed
reactor consists of a tube of internal diameter of 5.26 cm and a height of
94 cm heated by an electric furnace (height : 27 cm, inner diameter :
36 cm) delivering 2.6 kW of electric power. About 580 g of olivine are
used as fluidized solids with a surface mean diameter (dsz,) equal to
268 um and an apparent density (p,) equal to 2965kg/m>. The
minimum fluidization velocity (Uy,y) of olivine was measured experi
mentally and is equal to 5.5 cm/s at 623 K.

The reactor is supplied with nitrogen and air at different proportions
according to the combustion operating conditions. The nitrogen and air
mass flow rates are carefully regulated by two mass flowmeters Aera
FC 7700 CD. The feeding gas is preheated between 200 and 300 °C in a
stainless steel tube (inner diameter 1 cm) forming a coil around the
reactor. Then, preheated gas enters in a wind box beneath the reactor
which is filled with porous silicon carbide (SiC). This structure is used
as a mixing zone. The temperature is controlled with a K thermocouple.
The gas distribution in the bed is done by a perforated plate of 19 or
ifices (orifices inner diameter of 1 mm) equipped at its base by a
stainless steel sieve with 30 um of mesh.

The temperature inside the fluidized bed is controlled by two
thermocouples located at 5 and 25 cm above the distributor. The former
is used to regulate the temperature of the reactor using a PID controller.

Table 3
Ultimate analysis and properties of the different chars.

A differential pressure transmitter is connected at 5 and 500 mm above
the distributor in order to follow the pressure drop of the bed. At the
reactor outlet, the elutriated particles and condensable gases are col
lected by a cyclone and a condenser, respectively.

After reaching the operating conditions of the combustion and a
steady state regime, a well known amount of char is introduced from
the top of the reactor and directly falls down to the surface of the hot
fluidized bed.

2.2.2. Sampling method and gas analysis

The sampling of gases is carried out by a stainless steel mobile probe
(inner diameter 4 mm) located at the fluidized bed surface. A thermo
couple is placed inside the mobile probe to measure the precise tem
perature at the entrance of the probe. The gas sample is sucked by a
vacuum pump connected to a flowmeter (volume flow rate of
100 mL.min~' at STP). At the mobile probe outlet, the pumped gas
passes through a cyclone and a filter to separate gas from particles and
through a wash bottle cooled at 0 °C to remove any traces of water. To
prevent any condensations of steam, all of the lines from the reactor to
the entrance of the condensation system are heated to a temperature of
150 °C.

A micro Gas Chromatograph (microGC) Agilent 490 is used to on
line analyze the non condensable gases. It is equipped with a Poraplot U
10m X 0.25mm ID column connected to a Thermal Conductivity
Detector (TCD) calibrated for CO, and C,H, quantification. A CP
Molsieve 5A 10 m X 0.25 mm column connected to a TCD is calibrated
for the analyses and quantification of N5, Hy, O,, CO and CHy. The time
lapse between two quantifications is 3 min.

2.2.3. Thermal characterization of the fluidized bed

This section aims to establish the fluidization gas velocity and the
char quantity during the experiments which enable the char combus
tion to occur in isothermal conditions with a constant oxygen partial
pressure and a good mixing between olivine and char particles. The
experimental results are given in the Supplementary material (A) and
led to the following operating conditions:

® A gas velocity of 2.5 times the minimum fluidization velocity to
enable a homogeneous temperature in the bed and to avoid any
particles elutriation;

e A char sample mass of 2.2 g to perform the combustion in iso
thermal conditions and a constant oxygen partial pressure;

e A mobile probe located at 27 cm above the distributor to avoid any
reactions in the freeboard zone.

2.2.4. Parameters of the study

For each experiment, the composition of the non condensable pro
duced gases was analyzed as a function of time from the continuous
micro GC analysis. The total molar flow rate at the outlet of the reactor
is given by:

nn,

xNz (t) (14)

n(t) =

where 7, (t) is the instantaneous total molar flow rate (mol/s), 7y, re
presents the molar flow rate of nitrogen at the entrance of the reactor
(mol/s) and xy,(t) is the measured molar fraction of nitrogen at the

Pyrolysis conditions  Apparent density o, (kg/m>)

True density p, (kg/m?)

Solid porosity g, (%)  Ultimate analysis (db, wt%) Chemical Formula

Materials  Pyrolysis Temp. (K)  Direct measurements He pycnometer - C H ) Ash
STICK - 718 + 24 1362.5 + 1 47 44.63 6.37 45.24 0.2 CH; 7100.76
STI650 923 212 + 32 1589.4 + 5 87 84.47 2.75 7.39 5.39 CHo.3900.07




Temperature
Temperature

Condenser
Cyclone

Mobile probe

\_

Pressure

'} Outlet

MicroGC - TCD
Hz, N, CO, CO,, CH,
C;H;, CZHG: CZHS

ZS

Wash-bottle
T=0°C

Massflow

===

Massflow

Oven

Temperature
Oven ‘

Pressure

Tempenl'ature

Fig. 2. Experimental setup of the fluidized bed reactor used for char combustion.

reactor outlet.

The partial molar flow rate of each component is calculated as
follow:
1 (t) = x; (£)-fy 15)
where n;(t) and x;(t) are the instantaneous partial molar flow rate and
molar fraction of component i, respectively. During the combustion,
both CO and CO, were detected by the gas analyzer.

The carbon conversion rate is determined by the following expres
sion:

L, lico(t) + o, (0)]dt

(nmrbon )dmr

X, =
(16)
where (Nggron)echar is the amount of introduced carbon in the reactor
(mol) and ¢ is the time of the combustion. After each combustion test,
the carbon balance was checked and was close to 100%.

The instantaneous combustion rate is obtained using the equation:

dX. _ nco(t) + Fico, (1)
dt (ncarbon)char a7)

Finally, the apparent reaction rate is defined as the derivative of the



evolution of the carbon conversion rate versus time, for a conversion
rate of 50%:
dx,

Rypp = —
PPt [xogs (18)

2.2.5. Experimental measurement errors

Experimental errors were estimated from the gas analyzer calibra
tion and the accuracy of both the gas mass flowmeters and the char
mass introduced in the reactor during the combustion. For each gas
analysis, the measured values are within an accuracy of 1% with a
confidence level of 95%. Consequently, an experimental error of 1%
was taken for the components quantification. The mass flowmeters
accuracy was fixed to 0.5% of full scale. Regarding the char mass
measurement accuracy, the systematic constant error is equal to 0.1 g.
Hence, in the following, from these three systematic experimental er
rors, error bars are introduced into the experimental data.

Besides, some experiments (i.e. combustion at 623 K under air and
at 643 K under an oxygen partial pressure of 5065 Pa) have been re
peated with a time lapse of 5 months. The results showed a very good
repeatability of the replicate experimental measurements.

2.2.6. Response of the reactor and the sampling gas method to a
concentration step

The response of the reactor and the sampling gas system to a hy
drogen concentration step can be modelled by the association of “n”
continuous flow stirred tank reactors in series with the same residence
time according to the following expression:

W in_yl
dat rcsm'(YHz_YHz)
g 1 _v2
] e T rcsnz.(Y’b_Yw)
ah, _ 1 1
da fCS‘I‘R.(YI";Z -Y""(?)
19)

where Y;';; is the normalized molar fraction of hydrogen at the inlet of
the reactor (Y}, = 1), Y},,..Y};, are the normalized molar fractions of
hydrogen at the continuous flow stirred tank reactors outlet 1...n, re
spectively and 7¢gry, is the residence time of the continuous flow stirred
tank reactors.

The experimental method for determining this transfer function is
given in the Supplementary material (B). The parameters n and 7cstr
are identified by solving Eq. (19) using an explicit Runge Kutta (4,5)
formula and applying the non linear least squares curve fitting pro
blem. They were found to be 4 and 1 min, respectively. Therefore, the
effect of dispersion and gas mixing in the sampling lines can be re
moved from experimental results by solving Eq. (19) for each experi
ment.

3. Results and discussions

3.1. Isothermal combustion of STI650 in a fluidized bed reactor

3.1.1. Typical experiment

In this section, the results of a typical experiment are presented. It
should be noted that the various findings drawn from this typical ex
periment are applicable to any other tests.

The results of the combustion of STI650 in a fluidized bed reactor
under air at 643K are presented in Fig. 3 which gives the variation of
the molar flow rates of the produced gases CO, and CO versus time.
First, this figure shows that the molar flow rate of CO, is higher than the
one of CO. Besides, the molar flow rate of both CO and CO, increases
before reaching a maximum value followed by a gradual decrease to
zero. For each experiment, it was also found that the time

corresponding to the maximum molar flow rate is constant and is in
dependent of the combustion temperature. Gomez et al. [44] also ob
served this maximum during char gasification in TGA. They concluded
that this maximum is associated with gas dispersion phenomenon just
after switching the gas from inert to reactive in the apparatus. In a
fluidized bed reactor, we showed in Section 2.2.6 that the produced gas
concentration is affected by gas mixing in the sampling lines. Conse
quently, the maximum in the molar flow rate is an artefact and depends
only on the sampling gas method.

Fig. 4 presents the instantaneous combustion rate versus time for
both experimental and corrected results during the combustion under
air at 643 K. The effect of gas mixing in the sampling lines leads to a
strong difference in the instantaneous combustion rate at the beginning
of the reaction. The experimental combustion rate first increases,
reaches a maximum and then decreases to zero while the corrected
combustion rate gradually decreases.

In the following, the transfer function determined in Section 2.2.6 is
used to remove the impact of gas mixing in the sampling lines for each
experiment so that only the corrected results are presented.

Fig. 5 emphasizes that the cumulative amount of CO and CO,, versus
carbon conversion rate can be represented by a straight line. Therefore,
it can be assumed that the molar flow rates ratio of CO over CO, is
constant during the combustion and independent of the reaction time
and char conversion. This is in good agreement with some authors
[25 28] who reported that the ratio CO/CO,, calculated from the ana
lysis of combustion gases does not change progressively with time.
Hence, the CO/CO2 product ratio was determined from the slopes of the
curves of Fig. 5 for each combustion temperature and oxygen partial
pressure.

3.1.2. Effect of combustion temperature

The influence of combustion temperature was conducted between
603 and 643 K under a constant oxygen partial pressure of 21273 Pa.

Fig. 6 shows the molar flow rates evolution of CO, and CO versus
carbon conversion rate during the combustion under air at various
temperatures. A raise of the combustion temperature yields to an in
crease in the molar flow rates of both CO, and CO.

The CO/CO, product ratio was found to increase by raising the
combustion temperature. The results are given in Fig. 7. Our experi
mental results are much lower than the ones from the literature (see ref
[25 27]). This may originate from different points:

e The differences in the type of char and the combustion operating
conditions;

e The ash content in STI650 (especially calcium) can catalyze the
combustion and increase the formation of CO, [26];
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Fig. 3. Molar flow rates of CO; and CO during the combustion at 643 K under air.
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e The product ratio CO/CO2 defined in Table 1 is related to the het
erogeneous reaction between carbon and oxygen which produces
both CO and CO.. In our case, this ratio also takes into account the
oxidation of CO to CO, in the gas phase.

However, our experimental data are close to the one obtained from
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the correlation of Arthur [28] (Fig. 7).

Bibliographic works reported that the CO formation during char
combustion comes from the heterogeneous reaction between carbon
and oxygen (i.e. Reaction (2)). The formation of CO, may originate
from either the oxidation of CO in the gas phase (i.e. Reaction (4)) or
the reaction between oxygen and carbon complex at the solid surface
(i.e. Reaction (6)). Consequently, results from Fig. 6 indicate that both
the formation of CO and CO, are strongly favored with temperature.
Besides, results from Fig. 7 emphasize that Reaction (2) is fostered to a
higher extent compared to the formation of CO..

Fig. 8 (A) presents the effect of combustion temperature on the
conversion rate. First, it can be seen that the conversion rate is highly
dependent on the combustion temperature. This result is well known in
the literature for both the combustion and the gasification of char
[7,8,10 15]. For instance, at a given conversion rate of 0.5, it requires a
much shorter reaction time at a higher combustion temperature
(18 min, 43 min and 113.2 min for temperatures of 643 K, 623 K and
603 K respectively).

Fig. 8 (B) presents the effect of temperature on the instantaneous
combustion rate versus conversion. It can be seen that, for each ex
periment, the combustion rate linearly decreases with conversion rate.
Hence, the char reactivity is at its maximum value at the initial stage of
the char combustion. In the literature, several kinetic models are used
to represent the kinetic of char combustion. Among them, deceleratory
models (i.e. VM, PL and GM) may have much interest to represent our
experimental data.

Besides, a linear profile was found between the logarithm of
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Fig. 6. Effect of combustion temperature under air: (A) molar flow rates of CO,, (B) molar flow rates of CO.
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apparent reaction rate versus 1/T. By considering Eqs. (7) and (10) and
from the slope of the straight line, the activation energy was de
termined without considering any reaction models. Its value is equal to
166 kJ/mol and is in the same order of magnitude than previous works
in the literature [8,20] indicating that the combustion occurs in Regime
L

3.1.3. Effect of oxygen partial pressure

The influence of oxygen partial pressure between 5065 and
21273 Pa was performed at 643 K.

Fig. 9 presents the effect of oxygen partial pressure on the molar
flow rates of CO, and CO during the combustion at 643 K. An increase
in the oxygen partial pressure leads to a higher molar flow rates of both
CO and COa.

The oxygen partial pressure was found to have no effect on the CO/
CO, product ratio. This result is highlighted in Fig. 10 which shows that
the normalized molar flow rates of CO and CO, are constant for con
version rates less than 0.9. This figure also emphasizes that, for each
oxygen partial pressure, the CO, production is about 9 times higher
than the CO production.

The effect of oxygen partial pressure on the carbon conversion rate
and the instantaneous combustion rate is highlighted in Fig. 11. It
shows that:

e A raise of the oxygen partial pressure leads to a higher combustion
rate (Fig. 11 (A));
e A linear evolution of the instantaneous combustion rate versus
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Fig. 10. Normalized molar flow rates of CO and CO, versus conversion rate at various
oxygen partial pressures and T = 643 K.

conversion rate is obtained (Fig. 11 (B)).

Again, we also found a linear evolution between the logarithm of
apparent reaction rate versus logarithm of oxygen partial. By con
sidering Egs. (7) and (10) and from the slope of the straight line, the
reaction order with respect to oxygen was equal to 0.73 without con
sidering any reaction model. This reaction order as well as the activa
tion energy determined in Section 3.1.2 are used as initial inputs for
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Fig. 9. Effect of oxygen partial pressure at 643 K: (A) molar flow rates of CO2, (B) molar flow rates of CO.
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kinetic model optimization.

3.1.4. CO/CO, product ratio

We have seen that the CO/CO,, product ratio increases by raising the
combustion temperature while the oxygen partial pressure has no effect
on this parameter. In the literature, the authors [25 29] generally re
present the ratio according to an expression in the form of:

<o _ ,.exp(__’)
CcO, Tp 20)

where A’ and B’ are constant coefficients.
From our results, parameters A’ and B’ were estimated and Eq. (20)
was given by the following expression:

Lo _ 6308.8-exp(—67T£]-

nco, P (21)

It is important to note that the CO/CO. product ratio defined in the
literature (Table 1) is related to the heterogeneous reaction between
carbon and oxygen which produces both CO and CO,. In our case, this
ratio takes into account both the heterogeneous reaction between
carbon and oxygen and the oxidation of CO to CO, in the gas phase.

The good agreement observed between our experimental data and
the one obtained from the expression of Arthur [28] (see Fig. 7) sug
gests that Eq. (21) is applicable for a large range of combustion tem
peratures.

3.2. Kinetic modelling

3.2.1. Kinetic models

In this work, the char is considered as pure carbon for the kinetic
modelling. Three deceleratory models were tested (i.e. VM, PL and
GM). Since the instantaneous combustion rate showed a linear evolu
tion with conversion rate, the VM was found to be in good agreement
with experimental data. This model is presented below.

The Volumetric Model assumes that the reaction takes place uni
formly within the volume of the char particle. It is given by the fol
lowing equation:

E,
= P2 (1-X
— 7 ) 2, (1-X)

= Aypr-exp| —
™ (R 22)

where Ay, is the pre exponential factor (s~*.Pa™").

3.2.2. Modelling

To determine kinetic parameters (i.e. pre exponential factor, acti
vation energy and reaction order with respect to oxygen), most of the

authors [21] in the literature used a graphitic resolution by integrating
Eq. (22) and plotting the left hand side versus time:

—In(1-X) = Kyt (23)

In this work, the kinetic parameters Ayy, E; and n are estimated by
solving Eq. (22) using an explicit Runge Kutta (4,5) formula and ap
plying the nonlinear least squares curve fitting problem. Values of pre
exponential factor, activation energy and reaction order with respect to
oxygen are given in Table 4. It can be seen that the activation energy is
in the same order of magnitude compared to that obtained in Section
3.1.2. Most of literature works on isothermal combustion of biomass
and wood char were carried out in TGA [8,20] and the authors found
activation energies between 80 and 125 kJ/mol. However, the activa
tion energy found in this work is in good agreement with the study of
Adénez et al. [34] who found activation energies ranging from 134 to
142 kJ/mol for isothermal combustion of wood and biomass chars in
TGA. Likewise, the reaction order with respect to oxygen is in the same
order of magnitude compared to some previous works [8,10,11,34].
Comparisons between experimental data and results obtained from the
VM are given in Figs. 8 and 11. A very good agreement is found be
tween experimental data and predicted results.

3.2.3. Reaction scheme during char combustion
In this section, it is assumed that the char combustion in a fluidized
bed occurs in two steps:

(1) First the char reacts with oxygen to produce CO according to the
heterogeneous reaction in solid phase given in Reaction (2).

The carbon consumption rate n of Reaction (2) is given by the fol
lowing expression:

dn E,
n= —d_tc = AVM'em[_#]'Pgu'(nmrbon)char'(l—X)

P (24)

(2) Then the produced CO is partially converted either at the solid
surface or in the gas phase to form CO, according to Reaction (4).

Table 4
Kinetic parameters obtained with the Volumetric Model by solving Eq. (22), individual
confidence limits of 95%.

Chartype Ay (s 'Pa E, (J/mol) n @) min f (x)|3

STI650 901067 + 150000 144250 + 2060 0.59 + 0.02 0.1443




Considering Reactions (2) and (4), the molar flow rates of CO, and
CO can be expressed by the following equations:

nico = N—n (25)
flCOz =n (26)

where 1, is the rate of Reactions (4).
Combining Egs. (25) and (26), the molar flow rates of both CO and
CO,, can be calculated:

e = 1 = —dn,/dt
€02 = 27 T heolico, @27

where rico/nco, is estimated from Eq. (21).

Comparisons between experimental molar flow rates of CO and CO,
and the one obtained from Egs. (25) and (27) are given in Figs. 6 and 9.
A good agreement is obtained. A small difference is observed with re
sults from CO molar flow rates. This may be due to the small amount of
CO produced during the combustion which increases the uncertainty,
especially at low temperatures and oxygen partial pressures. Conse
quently, the reaction mechanism given in Reactions (2) and (4) can
represent the char combustion in fluidized bed reactor.

3.3. Comparison with TGA results

The isothermal combustion of STI650 in TGA was measured using a
TGA Q600 analyzer from TA Instruments. Prior to these tests, the char
was grinded to ensure that all particles have approximatively the same
diameter equal to 25 pm. Preliminary, tests with various sample
weights ranging from 2 to 15 mg showed that 8 10 mg is the optimum
sample weight which enables to achieve accurate and repeatable re
sults. Consequently, about 8 mg of STI650 were introduced inside an
alumina crucible (inner diameter and height of the crucible equal to
5.5 mm and 4 mm, respectively) for each test. The experimental pro
tocol is divided into two stages. The first one, carried out under high
purity nitrogen flow (100 NmL/min), consists of:

e An initial period of 15 min at ambient temperature used to initialize
the system;

e A linear heating rate of 10 K/min from ambient temperature to the
run temperature;

e A period of 15 min at the run temperature to stabilize the system.

The second stage is the isothermal combustion carried out by
switching the nitrogen to a mixture of N»/O, with the same flow rate.
Temperatures of 603, 623 and 643 K were tested under air and oxygen
partial pressures were varied between 5065 and 21273 Pa at 643 K. All
of the gas mixtures of N,/O, have an accuracy of 0.1%. The conversion
rate is calculated via the following equation:

w—w(t)
Wi—Wash (28)

X=

where w;, w(t) and wyg, are the initial, instantaneous and final sample
weight, respectively.

The comparison between results obtained from the char combustion
in both reactors showed that, for each operating condition, the char
reactivity in fluidized bed is higher compared to TGA. For instance,
results from the combustion at 643 K under air are given in Fig. 12. This
difference in reactivity between these two reactors was also mentioned
by several authors in the literature [38,39] during the char gasification
with CO,.

This difference in char reactivity can originate from several phe
nomena:

(1) First, during the char combustion in TGA, isothermal conditions are
achieved by employing a switching gas method. In a previous paper
[8], it was observed that it requires about 25 min to the mixture of

N2/O2 to completely replace the inert gas in the apparatus after
switching the gas from inert to reactive. This leads to significant
variation of oxygen partial pressure at the initial stage of the char
combustion. For the isothermal combustion of char obtained from
pyrolysis of beech bark pellet [8], this effect was taken into account
by considering a transfer function which includes two continuous
stirred tank reactors in series with a residence time of 3.3 min each.
The differential equation system obtained is given by the following
expression:

dCoy, 1
dt . TostR (Corn=Cos)

TGA Response Time dCo, 1
@& m'(cou—cou)

(29)

where Co,;, is the oxygen concentration at the entrance of the TGA, Co,,
and Cp,, are the oxygen concentrations at the continuous flow stirred
tank reactors outlet 1 and 2, respectively and 7¢srz is the residence time
of the continuous flow stirred tank reactors.

(2) Second, the presence of diffusional effects within the TGA crucible
and char particles may lower the char reactivity in combustion.
Indeed, some authors [45 47] observed the presence of a stagnant
gas region between the upper surface of the crucible and the surface
of the char particles. Diffusional effects in the crucible may be listed
as (i) the transfer of oxygen from the upper surface of the crucible
to the external layer of the char particles bed, (ii) the diffusion of
oxygen through the bed of char particles, (iii) the diffusion of O2
into the interior of the char particles. In a previous work [8], these
transfer effects were modelled by writing the oxygen balance
equation in the char layer:

(Accumulation of oxygen in the char layer)

= (Flux of oxygen consumed by the reaction)

+ (Flux of oxygen entering the char layer)

dx
sac'saudbk'% = _"char.crudble'? + Scrudble'Kt"(COz.z_Céz) (30)

where ¢ is the porosity of the char layer (¢ = 0.4), N crucivie is the initial
amount of char in the crucible (mol), Sqncie is the crucible surface (m?),
C5, and Cg; are the oxygen concentration at the surface of the char
particles and in the bulk, respectively (mol/m®) and K, is the global
oxygen transfer coefficient (m/s).

Several authors [46] have considered both the diffusion of oxygen
through the stagnant zone in the crucible and the diffusion of oxygen in
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Fig. 12. Combustion at 643 K under air: (m) Fluidized bed reactor, (@) TGA, (==) VM
(Eq. (22)) with TGA transfer function (Eq. (29)) and oxygen diffusion in both the stagnant
zone and the interstitial space of the char layer (Eqs. (30) and (31)).



the interstitial space within the char layer. This effect is considered by
adding a second resistance to oxygen diffusion in the stagnant zone. In
this case, the global mass transfer coefficient is expressed using the
following equation:

-1
K,.-=( H-S, & )
DOz—NQ E/T'Doz_a)

(31)

where Do, ., and Do,_n, are the diffusion coefficients of oxygen into
carbon dioxide and nitrogen respectively (m?/s). These diffusion coef
ficients are dependent on the combustion temperature and are calcu
lated from ref [48]. 7 is the tortuosity. For fixed bed particles, value of
7 = /2 can be assumed [49].

Phenomena (1) and (2) were taken into consideration in order to
observe the effect of the TGA transfer function and oxygen diffusion in
the crucible. Hence, Egs. (22), (29) and (30) were solved using an ex
plicit Runge Kutta (4,5) formula. The results are given in Fig. 12. It can
be seen that, diffusional effects in the TGA can mostly explain the dif
ference between the fluidized bed and TGA results. However, a non
negligible difference in reactivity still remains. This can be explained by
the combustion reaction scheme. Indeed, it was shown in Section 3.2.3
that char combustion proceeds through Reaction (2) and Reaction (4).
Reaction (2) leads to the formation of a large amount of CO which ei
ther diffuses away from char particles and is oxidized to CO, in the gas
phase or directly reacts with O, at the char particle. This oxidation of
CO may yield to a significant consumption of O, both in the stagnant
gas region within the crucible and in the char layer. This CO con
sumption increases oxygen gradients which decrease the concentration
of oxygen entering the char layer and lower the char reactivity in
combustion.

Consequently, it appears essential to take into account both mass
transfer phenomena within the crucible and CO consumption when
determining the kinetic of char combustion in TGA. Otherwise, the
kinetic of combustion may be strongly underestimated.

It is important to note that, in addition to mass transfer phenomena
within the crucible and CO consumption, the char may also undergo a
thermal deactivation due to secondary thermal treatments during the
solid heat up under inert atmosphere in the TGA. This effect could lead
to a structural ordering of the char and a decrease in its reactivity in
combustion [50,51].

4. Conclusion

This paper presented a kinetic study on biomass char combustion in
a low temperature fluidized bed reactor. The char was obtained from
fast pyrolysis of beech stick in an annex batch fluidized bed reactor at
923 K.

First, the thermal characterization of the fluidized bed was carried
out in order to determine the gas velocity and the char sample mass so
that isothermal conditions and a constant oxygen partial pressure was
achieved during the combustion. The effect of gas mixing in the sam
pling lines was also thoroughly determined and can be modelled by four
continuous flow stirred tank reactors in series with a residence time of
1 min each.

The kinetic study was performed for temperatures up to 643K,
oxygen partial pressures ranging from 5065 to 21273 Pa and cylindrical
char particles (D = 4 mm and L = 9 mm). For these operating condi
tions, the char combustion takes place in Regime I in the absence of any
mass transfer limitations.

The kinetic study showed that the Volumetric Model well represents
experimental data. The value of activation energy was equal to 144 kJ/
mol. Reaction order with respect to oxygen was found to be 0.59. The
reaction scheme during the char combustion was defined and indicated
that char first reacts with oxygen to form CO which is further oxidized
either in the gas phase or directly at the char surface to produce COa.
Finally, a comparison between kinetic results obtained in a fluidized

bed reactor and in TGA demonstrated that both diffusional effects and
oxidation of CO in the stagnant zone within the crucible decrease the
char reactivity in TGA.
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