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The work focuses on a hybrid process for treating air charged with a hydrophobic volatile organic compound (VOC), coupling an absorption process with membrane pervaporation in order to reuse the absorbent. Toluene was chosen as the target VOC. Four topics were investigated: choice of the absorbent, hydrodynamics and mass transfer in a packed column, regeneration by pervaporation and finally analysis of the coupling of the two processes. In a previous study, 7 absorbents were compared with regard to experimental data (gas-liquid equilibrium constants, viscosity) and data from the literature. Di(2-ethylhexyl) adipate (DEHA) was shown to be the most suitable absorbent. In the first part of this work, experiments in a packed column showed that the viscosity of DEHA led to an increase in pressure drop, which nevertheless remained at a reasonable level. Mass transfer experiments were performed and kinetic constants (K L a) calculated. It was proven than washing with DEHA is highly efficient for toluene absorption. The most innovative part of the work is the regeneration of used absorbent by pervaporation. PDMS was chosen as the active membrane layer. Pervaporation flow rates of toluene were measured for the DEHA-toluene solutions corresponding to column foot concentrations. Transfer resistance is mainly controlled by the liquid boundary layer close to the membrane. The system was modelled and several interesting conclusions deduced. Solving the equations by means of a numerical method enabled calculation of the column height and membrane surface area required to treat a 10 000 m 3 h -1 gas flow charged with 5 g m -3 of toluene.

Introduction

Atmospheric volatile organic compounds (VOCs) are involved in photochemical reactions creating ground-level ozone (urban smog) and entail environmental threats such as global warming, acid rain and air toxins. Although VOCs are emitted naturally, human sources are predominant in urban/industrialized areas. In order to reduce anthropic emissions, legislation such as the Clean Air Act Amendments (EPA, 1998) and EEC Directives (EEC, 1999(EEC, , 2001) ) specify maximum concentration levels for VOC emissions into the atmosphere. When no upstream process improvement can lead to a decrease in VOC emissions, it is necessary to set up an air treatment process. Currently, various processes are available for VOC abatement, such as thermal or catalytic oxidation, adsorption, condensation, absorption, membrane permeation and biological treatments (Le [START_REF] Cloirec | Les composés organiques volatils (COV) dans l'environnement[END_REF]. Evaluation and selection of an appropriate VOC abatement technology depends on the concentration and nature of the compounds, the flow rate of the vent gas and other factors such as safety or economic considerations. However, no single method can be used in all cases: most of the methods are specific in nature.

The aim of this research work is to study a hybrid process coupling an absorption tower with a membrane separation. The process flow sheet is given in Fig. 1. The loaded vent gas flows through a packed column in order to transfer the VOCs to the liquid phase. Consequently, the loaded air is purified. The liquid collected at the bottom of the column and enriched in VOCs is pumped to the membrane device. Thanks to a vacuum pump, the VOCs are extracted from the absorbent through the membrane and the latter one can be reused in the absorber.

High-boiling organic absorbents were shown to be highly efficient to trap hydrophobic VOCs in polluted air. However, these absorbents are not used in industry because of the problem of the used absorbent. The organic absorbents may not be released in the nature nor in a water treatment unit and require a specific treatment. Since the absorbent will flow in a closed loop in the considered process, high-boiling organic absorbents can be used in the hybrid process.

The analysis of the system shows that three phases are involved: the gas phase of the exhaust air and the vacuum outlet, the liquid phase of the absorbent and a pseudosolid phase of the membrane material. However, the polymers used in pervaporation behave likely as a supplementary liquid phase than a solid porous phase. Fig. 2 represents all phases that the VOCs will have to cross. Since the process involves many phase transfers, absorption equilibriums and boundary layers will play a major role. Therefore, the following points have to be considered:

• The thermodynamic equilibriums between the VOCs and the liquid phase (1), between the liquid phase and the membrane material (2) and between the membrane material and the vacuum gas phase (3). • The mass transfer kinetics between the air and the absorbent (A and B), between the liquid and the membrane material (C) and inside the membrane (D).

It has to be noted that contrary to the scheme in Fig. 2, the concentration into the liquid vary from point to point in the process and is not the same in the absorber and the pervaporation unit.

In this paper, we shall present the main experimental results obtained from absorption and pervaporation studies carried out in a pilot unit. Toluene was chosen because it is a common and widely used compound, highly hydrophobic. In the Discussion section we shall study the coupling of the two processes involved.

Experimental results

Thermodynamic equilibriums

The key point of the process is the choice of the absorbent. The aim of a previous paper (Heymes et al., 2006a) was to select the more suitable absorbent. A target hydrophobic VOC was chosen (toluene). Seven absorbents were experimentally investigated and theoretical considerations led to the selection of di(2-ethylhexyl) adipate (DEHA) as the most attractive absorbent for this study. Chemical properties of pure DEHA, pure toluene and DEHA-toluene mixtures are reported in Table 1. DEHA was chosen because (1) absorption equilibrium between gaseous toluene and liquid DEHA promotes toluene absorption, (2) vapor pressure of DEHA is very low, (3) DEHA is less viscous than other organic absorbents previously studied, (4) DEHA is currently not considered as toxic nor explosive. The equilibrium between toluene and DEHA was found to follow Henry's law:

P = H x.
(1)

A previous investigation gave Henry's constants at different temperatures. Finally, the constant can be calculated according to the equation ln H = 26.925 -5772 T .

(2)

In dilute phase, Henry's law can be written in order to involve concentrations:

C G RT = H C L C L + DEHA /M DEHA , (3) 
C G ≈ H RT M DEHA DEHA C L = H C L . ( 4 
)
This dimensionless Henry's constant H related to concentrations will be used in modelling. Absorption of gaseous toluene (5)

(20 • C) (Pa) (25 • C) (m 2 s -1 ) 1.10 × 10 -10
The equilibrium between liquid and gas phases can be deduced from the previous data by considering a pseudogas phase. The equilibrium is represented by the equation

C M ≈ S H RT M DEHA DEHA C L . (6)

Mass transfer in the absorber

The aim of this section is to study hydrodynamics and mass transfer behavior in a counter-current packed column. The packed column was chosen because of low pressure drop resistance and high interfacial area. Since DEHA has a low vapor pressure, DEHA stripping should occur at a low rate.

A first point was to investigate hydrodynamic parameters (pressure drop, liquid retention) in counter-current operating mode. A second point was to study the mass transfer efficiency and kinetics of toluene absorption by DEHA flowing in a closed loop. The experimental setup is detailed in a previous paper (Heymes et al., 2006b). The experimental conditions were chosen as follows:

• air temperature between 22 and 31 • C, • toluene concentrations in the gas: 500; 1000; 5000 mg m -3 , • liquid flow rates: 2. 96, 4.28, 6.58, 9.87, 13.16 kg m -2 s -1 , • gas velocities: [0.5-5 m s -1 ].

These data were chosen according to industrial concerns (Le [START_REF] Cloirec | Les composés organiques volatils (COV) dans l'environnement[END_REF]. The wet column pressure drop and liquid retention were measured at constant liquid flow rate, increasing the gas flow incrementally. Any sudden increase in the gas flow perturbs the system, which then gradually returns to a state of hydrodynamic equilibrium in which liquid retention and pressure drop are constant. All the results presented below were therefore measured after stabilization of the system. The plots of the pressure drop and liquid retention curves, at constant liquid flow, are shown in Fig. 3. Pressure drop [A] and liquid hold-up [B] are given in log-log scale. Flooding data were determined and are reported in the chart [C]. Concerning liquid hold-up, the resulting curves correspond to the classical behavior as described in the literature. Concerning modelling pressure drop and liquid retention, [START_REF] Mackowiak | Determination of flooding gas velocity and liquid hold-up at flooding in packed columns for gas/liquid systems[END_REF][START_REF] Mackowiak | Pressure drop in irrigated packed columns[END_REF]) and Billet's formulae are sufficiently precise and can be used in order to set up an industrial absorption column (Heymes et al., 2006b).

Fig. 4 shows the experimental results for toluene recovery performance with three different gas flow rates. The toluene recovery performance is defined as the ratio of outlet toluene concentration abatement on the inlet toluene concentration. Hundred percent means a complete absorption. It appears that the ranges of flow rates and concentrations investigated give an initial toluene removal performance close to 100%, whatever the configuration. This confirms the interest of DEHA as an efficient absorbent for treating a gas loaded with toluene, with concentrations varying between 500 and 5000 mg m -3 . It is obvious to note that the removal performance decreases continuously because of the absorbent enrichment with toluene, justifying the regeneration of the absorbent.

Mass transfer constants K L a and K G a are required to design an absorption tower. Values were calculated from experimental data and are reported in Table 2. Considering experimental data, it appears that K L a varies considerably depending on the hydrodynamics. A difference of a factor by 10 is observed by comparing K L a inside and below the loading zone (Heymes et al., 2006b). This confirms the interest to operate in the loading zone. The experimental K L a values can be compared with data from the literature. We observe that with the same column, packing and flow rates, DEHA [K L a: 2.5-27 × 10 4 m s -1 ] occupies an intermediate position between PEG 400 [K L a: 1.4-5.5 × 10 4 m s -1 ] and water [K L a: 78-83 × 10 4 m s -1 ] ( Heymes et al., 2006b). DEHA is thus more effective than PEG 400 for absorbing toluene. This is not surprising if we compare the Schmidt numbers usually used in mass transfer studies: Sc(water) = 14 × 10 3 , Sc(DEHA) = 14 × 10 4 and Sc(PEG400) = 8.7 × 10 5 . The Schmidt number is a determining factor to the mass transfer velocity in a liquid. We note a difference in the order of 10 between the Schmidt numbers of PEG 400 and DEHA, which reflects the greater aptitude of DEHA than PEG 400 for toluene absorption.

[Toluene] L G K L a K G a number (mg m -3 ) (kg m -2 s -1 ) (kg m -2 s -1 ) (s -1 ) ( s -
Correlations from two authors were tested: [START_REF] Onda | Mass transfer coefficients between gas and liquid phases in packed columns[END_REF] and Billet andSchultes (1993, 1999). The two authors' approaches are similar in terms of modelling. Nonetheless, the predictions of these authors differ considerably with regard to the true wetted interface area. This large difference in fact reflects the developments in packing materials that took place between 1968 and 1993. A high void fraction and improved shapes enable modern packing materials to provide much greater interface areas by means of a large number of droplets and trickles. Billet's correlation, established using more modern packing materials, therefore seems more appropriate to the packing used in this study. As expected, simply using the correlations of [START_REF] Onda | Mass transfer coefficients between gas and liquid phases in packed columns[END_REF] gives values very far from the experimental results. Billet's more recent correlation does give predictions closer to reality, but still very far from experimental values (overestimating K L by a factor of 10-50), which are therefore invalid for an industrial utilization.

Neither correlation from the literature is therefore satisfactory for modelling our system. There is currently a lack of knowledge concerning mass transfer in a packed column with viscous fluids. We shall therefore propose a correlation enabling the prediction of our results with a view to the industrial scaleup of an absorption column. In the framework of this study, we propose an empirical correlation. The form followed by our experimental results is

Sh L = K L aD L = a a wet A Sc L Re B G Re C L . (7) 
A statistic fitting of our data gives A = 1.67 × 10 -8 , B = 1.70 and C = -0.048. With these values, the mean relative absolute error is 13%.

To conclude this absorption section, the hydrodynamic study showed that the viscosity of DEHA was not a technical obstacle to its implementation in an industrial column. The pressure drops caused remain acceptable. In case of mass transfer constants modelling, we established an empirical correlation accurate only in the investigated system. These two formulae were employed in Section 2.

Mass transfer in the pervaporation device

Pervaporation is a membrane-based separation process that is useful for fractionating certain difficult-to-separate liquid mixtures. The mechanism involved in the separation can obtain high separation selectivities, but with relatively low flow rates, which confines this technique to specific applications. A membrane process was chosen because thermal decomposition of heavy absorbents by distillation makes this process unwise to employ.

The chemical structures of toluene and DEHA are very different. A molar weight difference and a sharp boiling temperature difference (105.6 • C) between toluene and DEHA can be noticed (Table 1). The vapor pressures of toluene and DEHA are significantly different: toluene shall be easily extracted from DEHA by pervaporation. The membrane was therefore chosen to extract with a high flux toluene from the liquid phase. A literature review showed that PDMS is very permeable for toluene and is an interesting choice from an industrial point of view since it is a stable polymer, produced by a well-established film manufacture technique, and is already successfully used in industrial applications.

PDMS swells considerably on contact with organic solutions due to the solubilization of the molecules in the polymer. This induces several problems for an industrial use: the degradation of the polymer selectivity and a possible loss of the membrane integrity consequent to a non-homogenous and important swelling of the active layer of the membrane. A flat commercial PDMS membrane (PERVAP 1060) was used in order to characterize the pervaporation of toluene from DEHA mixtures. A previous study (Heymes et al., 2006c) aimed to examine the feasibility to regenerate the used DEHA by pervaporation with a PDMS membrane (PERVAP 1060). Toluene concentrations into liquid were chosen in accordance of a real absorbent solution concentration at the bottom of the absorption column. Theoretically, the absorption tower treating an exhaust gas (25 • C) charged with toluene at 5 g m -3 will provide a maximum concentration of 17 g L -1 (DEHA). Since the thermodynamic equilibrium will never be reached in an absorption tower, the liquid concentration range was chosen as [1-10 g L -1 ] for the experimental investigations.

The points of interest are the selectivity of the separation and the toluene flow rate extracted from the liquid mixture. Table 3 gives experimental toluene flow rates recovered in cold traps at different concentrations and liquid velocities. All experiments were performed at 48 • C. Results show that toluene can be extracted from the toluene-DEHA mixtures even at low concentrations. Infrared spectrometry of the permeates revealed no DEHA in the liquid samples. However, flow rates were very low (< 20 g m -2 h -1 ) and will require a large membrane area to regenerate sufficiently the absorbent. This negative conclusion is an evident weakness of the hybrid process and it was necessary to identify the reason of that low level of flow rate. Experiments led with different membrane thicknesses, different support layer and different liquid velocities proved that the main resistance to mass transfer is located in the liquid boundary layer at the membrane surface (Heymes et al., 2006c). Hydrodynamics of the liquid upstream of the membrane is the determining parameter of the separation.

The experiments of this piece of work were performed in a small laboratory device (S = 55 cm 2 ), designed to test different membranes but not to characterize hydrodynamics in a general manner. Therefore, an empirical correlation based on the results of this piece of work would not be valid to design an industrial pervaporation unit. Correlations from literature will be used in the modelling part.

Discussion

In this part, the experimental results and conclusions will be used in order to study the hybrid process. The classical equations governing the absorption are as follows:

• The mass balance:

= Q G (C G,in -C G,out ) = Q L (C L + -C L -).
(8)

• The mass transfer equation:

= Q G (C G,in -C G,out ) = K abs L aV C ML L,abs , (9) 
where

C ML L,abs = (C G,in /H -C L + ) -(C G,out /H -C L -) ln((C G,in /H -C L + )/(C G,out /H -C L -)) . ( 10 
)
The equations governing the pervaporation are:

• The mass balance:

= Q L (C L + -C L -). ( 11 
)
• The mass transfer kinetics:

= Q L (C L + -C L -) = K perv L S C ML L,perv , (12) 
where

C ML L,perv = C L + -C L - ln(C L + /C L -) . ( 13 
)
Considering all these equations, it appears that the liquid flow rate Q L , the liquid concentrations out from the absorber C L + and out from the membrane device C L -and the temperature (included in Henry's law constant) are coupling values.

The discussion part is divided into three parts: analysis of these coupling values on each side of the process, theoretical direct coupling as represented in Fig. 1 (the outlet of one side feeds directly the inlet of the other one) and finally pseudocoupling in the case that one at least of the three coupling values is not directly coupled between both parts of the process.

Analysis of coupling values

Liquid concentration

Out of the three coupling values, the pollutant concentration of the liquid is the only one which is not a directly adjustable parameter. It is the physical result of all the transfers taking place in the hybrid system. It is not constant throughout its circulation loop: it is at its maximum at the column outlet (C L + ) and minimum at the outlet of the pervaporation module (C L -).

In the ideal case of an infinitely high column and infinite membrane surface area, we would have both thermodynamic equilibriums between the liquid phases at the column outlet and the gas phases at the column inlet, and a zero concentration of toluene in the liquid at the pervaporation module outlet:

C L + ≈ RT H DEHA M DEHA C G,E and C L -= 0.
However, the concentration C L + is lower than this equilibrium value and C L -is not zero. The values of this concentration depend on the efficiency and scaling of the apparatus used. Solving previous equations independently and successively allows drawing the concentration into the liquid loop (Fig. 5).

Influence of temperature

The temperature is a coupling value acting differently on each side of the process. From the hydrodynamics point of view, an increase of temperature will decrease the viscosity of the absorbent and increase the Reynolds number of the liquid. The boundary layer film will be thinner and the mass transfer will be increased. However, temperature will modify the thermodynamic equilibriums. Table 4 summarizes the influence of temperature on the Reynolds number, Henry's law constant H and the air-membrane solubility S in case of a flow in a tube (5 m s -1 , 1 mm). As expected, the Reynolds number increases rapidly with the temperature. Operating at 60 • C instead of 20 • C will increase the Reynolds number by a factor of four but will decrease the solubility in the liquid by a factor of 10 and by a factor of seven in the membrane.

Because of these antagonist effects, it is not obvious to model the influence of the temperature. On the absorption process, the temperature increases the mass transfer mechanisms but decreases strongly the absorption capacity of the liquid. On the membrane process, a temperature increase will increase the mass transfer in the liquid film and through the polymer but will decrease the absorption capacity of the polymer.

Experimentally, results show that rising the temperature decreases the overall efficiency of absorption but increases the efficiency of pervaporation. The usual law proposed for the latter one is

J = J 0 exp - E R 1 T - 1 T 0 (14)
with E as the activation energy found to be equal to 23.024 kJ mol -1 in case of DEHA mixture enriched at 9 g L -1 of toluene (Heymes et al., 2006c). Fig. 6 shows the results calculated about an industrial case (10 000 m 3 h -1 , toluene concentration = 5 g m -3 ). The absorption column was chosen as supplied with pure absorbent and the pervaporation unit was chosen as supplied with a 10 g L -1 toluene-DEHA mixture. This figure shows that increasing the temperature up to 60 • C will divide the absorption rate by a factor of six and will multiply the regeneration rate by a factor of three. Increasing the process efficiency by modifying the temperature will in all cases promote one side and harm the other side. A best temperature, ideal for the overall process, should be determined.

Fig. 6 cannot be used to calculate that ideal temperature since both processes are coupled. In the previous considerations, the liquid was considered as pure at the inlet of the absorber and enriched with 10 g L -1 at the inlet of the membrane device. This would not be the case in the coupled process and complicates the understanding of the unit. Fig. 6 shows that increasing the temperature will decrease the absorption efficiency, and consequently the liquid enrichment at the bottom of the absorber. For example, raising the temperature from 20 to 60 • C will lower the bottom concentration from 1.4 to 0.22 g L -1 . Consequently, the regeneration will be harder, and finally increasing the temperature will also reduce the pervaporation efficiency.

Influence of liquid flow rate

The liquid flow rate has a strong effect on mass transfer due to boundary layers effects and diffusion resistances. Moreover, in the packed column, the liquid flow rate has to be high enough to absorb sufficiently the toluene. This point can be checked by the absorption rate defined as R=L/GH . The higher the R will be, the better the absorption will be. But the flow rates cannot vary widely in a packed column since the hydrodynamics has to be located in the loading zone conditions. It is always desirable to be situated in a domain close to 60% of flooding, since this zone corresponds to the best contact of gas and liquid (maximum interface area). Decreasing the liquid flow rate will lead below the loading zone with poor mass transfer efficiency, rising up the liquid flow rate can lead to flooding. In pervaporation, increasing the liquid flow rate will promote turbulence and increase mass transfer. Two equations were used to check this point:

• Mass transfer in the packed column (Eq. ( 7)):

Sh = K abs L aD L = 1.67 × 10 -8 a a wet Sc L Re 1.7 G Re -0.048 L .
Fig. 7. Influence of temperature on the absorption and the pervaporation processes.

• Mass transfer in a tubular membrane unit [START_REF] Néel | Pervaporation[END_REF]:

Sh = K perv L d D = 1.85 Re Sc d L 1/3 . ( 15 
)
Results are illustrated in Fig. 7. The black symbols represent the VOC flux absorbed in the column or extracted in the membrane device. Both fluxes increase with the liquid flow rate, what is due to higher mass transfer.

However, it should be observed that an increase in flow rate leads to a lower enrichment or regeneration of the liquid. This is shown with the white symbols in Fig. 7. At a liquid flow rate of 4.6 m 3 h -1 , the liquid is enriched with 13 g L -1 in the absorber and loses 1.9 g L -1 of toluene in the membrane device. At a higher flow rate of 30 m 3 h -1 , the liquid is enriched only with 1 g L -1 in the absorber and loses only 0.6 g L -1 of toluene in the membrane device. This can be understood as a loss of transferred matter due to a lower time spent in the device. In case of the coupled process, this could play a limiting role on the overall efficiency.

In conclusion, the study of the coupling values shows that the hybrid process depends on both temperature and liquid flow, whose effects can have opposite consequences on the performance of each operation. The aim of the following section is to model the system in order to determine that optimum.

Formulation of equations for the coupled process

Considering the case of a continuous process such as that shown in Fig. 1, the hybrid system can be modelled from basis equations ( 8)-( 13). The problem therefore consists in resolving the following system of equations:

⎧ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎨ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎩ K abs L aV ((C G,in /H ) -C L + ) -((C G,out /H ) -C L -) ln(((C G,in /H ) -C L + )/((C G,out /H ) -C L -)) = Q G (C G,in -C G,out ) Q L (C L + -C L -) = Q G (C G,in -C G,out ) ln C L + C L - = K M L S Q L ⎫ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎬ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎭ . ( 16 
)
This system can be modified as the following:

⎧ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎨ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎩ K abs L aV H (1 -H C L + /C G,in ) -(C G,out /C G,in )(1 -H C L -/C G,out ) ln((C G,in /C G,out )(1 -H C L + /C G,in )/(1 -H C L -/C G,out )) = Q G 1 - C G,out C G,in Q L H H C L + C G,in - C G,out C G,in H C L - C G,out = Q G 1 - C G,out C G,in ln H C L + /C G,in H C L -/C G,out C G,in C G,out = K M L S Q L ⎫ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎬ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎭ . ( 17 
)
At this point we introduce the dimensionless values X + and X -:

X + = H C L + C G,in and X -= H C L - C G,out .
X + and X -represent the ratio of the hypothetic gas concentration in equilibrium with the liquid with the real gas concentration. In all cases X + and X -would be as 0 < X + < 1 and 0 < X -< 1. The case X + = X -= 1corresponds to an infinite absorption column achieving thermodynamic equilibriums. Feeding the absorption column with pure liquid would lead to X -= 0. We obtain the following system:

⎧ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎨ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎩ K abs L aV H (1 -X + ) -(C G,out /C G,in )(1 -X -) ln((C G,in /C G,out )(1 -X + )/(1 -X -)) = Q G 1 - C G,out C G,in Q L H X + - C G,out C G,in X -= Q G 1 - C G,out C G,in ln C G,in C G,out X + SX - = K M L S Q L ⎫ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎬ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎭ . ( 18 
)
Four ratios appear:

A = K abs L aV H Q G which characterizes the absorption column, P = K perv L S Q L which characterizes the pervaporation device, E = C G,out C G,in which characterizes the overall efficiency, R = Q L H Q G
which characterizes theflow rates in the system.

Finally, we obtain the system

⎧ ⎪ ⎪ ⎪ ⎨ ⎪ ⎪ ⎪ ⎩ A (1 -X + ) -E(1 -X -) ln((1 -X + )/E(1 -X -)) = (1 -E) R(X + -EX -) = (1 -E) ln X + EX - = P ⎫ ⎪ ⎪ ⎪ ⎬ ⎪ ⎪ ⎪ ⎭ . ( 19 
)
This system can be reorganized:

⎧ ⎪ ⎪ ⎪ ⎪ ⎪ ⎨ ⎪ ⎪ ⎪ ⎪ ⎪ ⎩ (1 -E) A ln 1 -X + E(1 -X -) = (1 -X + ) -E(1 -X -) X + -EX -= (1 -E) R ln X + EX - = P ⎫ ⎪ ⎪ ⎪ ⎪ ⎪ ⎬ ⎪ ⎪ ⎪ ⎪ ⎪ ⎭ . ( 20 
)
The smallest form of the system is

⎧ ⎪ ⎪ ⎪ ⎪ ⎪ ⎨ ⎪ ⎪ ⎪ ⎪ ⎪ ⎩ ln 1 -X + E(1 -X -) = A R -1 R X + -EX -= (1 -E) R ln X + EX - = P ⎫ ⎪ ⎪ ⎪ ⎪ ⎪ ⎬ ⎪ ⎪ ⎪ ⎪ ⎪ ⎭ . ( 21 
)
The problem can thus be reduced to the resolution of this system of three independent equations with four dimensionless parameters. A and P can be rewritten as

A = K abs L aV C G H Q G C G = K abs L aV (C a L,eq -C L ) Q G C G with C L = 0 (pure absorbent), P = K perv L SC L Q L C L = K perv L S(C L -C perv L,eq ) Q L C L with C perv L,eq = 0 (membrane resistance negligible).
It appears that A represents the ratio of the toluene absorption flow in case of a pure absorbent (optimum flow rate) on the amount of toluene carried by the gas. The higher the A is, the better the air is cleaned. Similarly, P represents the ratio of the toluene removal mass transfer in case of no membrane resistance (optimum flow rate) on the amount of toluene carried by the liquid. Obviously, A 0 and P 0. For the gas flow to be treated, the column should be designed such that A?1. Once the column is designed and C L + known, the membrane separator has to be designed such as P ?1. E represents the overall removal percentage. E = 0 means a total treatment of the air, E = 1 means no absorption at all. Therefore 0 S 1. R is the absorption rate well known in absorption and it is recommended that R?1.

Given that this system of independent equations contains three equations for only two unknowns, one of the parameters necessarily becomes an unknown. Any of the 4 parameters can be chosen in function of the nature of the problem:

• If, for a given column, we set a purification objective and an absorption rate value, the equations give the membrane surface area required (P becomes an unknown). • If the column height and membrane surface area are fixed, the purification efficiency can be predicted according to the absorption rate (S becomes an unknown). • If the column height and membrane surface area are fixed, together with a purification objective, the equations give the absorption rate to be applied (R becomes an unknown). • Finally, if we fix a priori an absorption rate for a given purification efficiency, with a fixed membrane surface area, we can calculate the column height required (A becomes an unknown).

The solutions of the system are proposed according to the type of resolution required. The constant K = A(R -1)/R is introduced to simplify the equation writing. To determine X -, Fig. 8. Resolution of the system of equations: A, X + and X -vs P .

X + and P , the resolution of the system gives the following equalities:

⎧ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎨ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎩ X -= RSK -R + 1 -S RS(K -1) X + = RS exp(K) -R + K(1 -S) R(K -1) ln(P ) = 1 + [K -1](1 -S) R(SK -1) + 1 -S ⎫ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎬ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎭ . ( 22 
)
To determine X -, X + and A, the resolution of the system gives the following equalities:

⎧ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎨ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎩ X -= (1 -S) RS[exp(P ) -1] X + = (1 -S) exp(P ) R[exp(P ) -1] A = R -1 R ln[(exp(P )[R -1 + S] -R)/(RS exp(P ) -RS -1 + S)] ⎫ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎬ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎪ ⎭ . ( 23 
)
In the other two cases, the analytical resolution is complex and the solutions are given by a numerical resolution.

The system was solved as the example in Fig. 8. The toluene removal efficiency was taken as E = 0.9, meaning that 90% of the initial amount of toluene will be removed from the exhaust air. An average absorption rate was chosen to be R = 2. Fig. 8 shows on the first vertical axis the A value necessary to fulfill an abatement S as a function of P . This means that the first curve shows the necessary K L aV value to treat 90% of a polluted air stream as a function of the pervaporation device efficiency. This curve shows that for a deficient pervaporation unit (P >1), a large column is needed (A?1). On the other hand, if the column is not very efficient (A>1), a large pervaporation device will be needed (P ?1) to fulfill the requirements. These remarks can be understood while considering X + and X -values in the figure. In case of a very efficient absorption device (A?1), X + is very close to unity (absorbent quite completely saturated). The pervaporation conditions are very good and membrane device can be quite small. In the case of a very efficient pervaporation device (P ?1), the liquid is quite completely regenerated (X -close to zero). A small absorption tower is required to absorb toluene with quite pure absorbent.

Uncoupling the process

The above points have shown that the coupling values can have opposite influences on the efficiency of either operation in the process. It may therefore be interesting to uncouple these values in an industrial process.

Temperature can be uncoupled by utilizing heat exchangers, one to cool the fluid before the column, the other to reheat it before the pervaporation module (Fig. 9). In addition, a heat recovery system could be used to optimize the global yield. In Fig. 10, we observe that the flux of toluene transferred will be maximized for each step. While the gain in terms of facility size is obvious, the cost of additional heat exchangers should nonetheless be taken into account, together with their operating costs.

The liquid flow can be uncoupled by using two additional pumps and a container to act as buffer volume (Fig. 11). By this way, the liquid flow in the column could be adjusted in function of the hydrodynamic conditions in the packing, whereas the liquid flow in the pervaporation module could remain constant. Note that the pump at the foot of the column could be eliminated if conditions enabled gravitational flow. In addition, the utilization of the buffer volume would make it possible to consider an interesting sequential operating system for the hybrid process. During stoppage of emission of gaseous effluents to be treated, the absorption column could be kept on stand-by while the pervaporation module could continue the regeneration process, in order to purify more washing liquid or regenerate it at times of lower operating costs (for example, at night). Direct uncoupling of the concentrations would occur during uncoupling of the liquid flow rates. Nonetheless, this uncoupling would not be favorable for the user. The dilution effect of the buffer volume on the overall operation would be negative. A simple mass balance equation shows that the concentration of the buffer volume would be both lower than that at the foot of the column and higher than that of the liquid regenerated by the pervaporation module:

⎧ ⎨ ⎩ Q 1 • C L + + Q 3 • C L -= Q 3 C M + Q 2 C M + dV C M dt Q 1 + Q 3 = Q 2 + Q 3 + dV dt ⎫ ⎬ ⎭ . ( 24 
)
In the case of a permanent regime, we obtain

C M = Q 1 • Q 2 + Q 3 C L + + Q 3• Q 2 + Q 3 C L - Q 1 = Q 2 , ( 25 
)
and thus,

C M = Q 2• Q 2 + Q 3 C L + + Q 3• Q 2 + Q 3 C L -. ( 26 
)
Since all the terms in this equation are positive, C L -C M C L + . The two facilities would therefore operate under less favorable conditions for mass transfer.

Application: scale-up of an industrial plant

The case of a continuous emission of toluene-loaded air will be used as the basis for the scale-up. It could, for example, be a varnishing workshop. The effluent of air to be treated was chosen to present the following specificities: gaseous flow rate = 10 000 m 3 h -1 , toluene concentration at factory outlet 5 g m -3 and temperature 25 • C. The constraints of the specifications are as follows: (i) in compliance with the decree regulating gaseous emissions, which fixes emission limits at 110 mg m -3 of total organic carbon, the maximum acceptable toluene concentration in the gas flow is fixed at 120 mg m -3 . (ii) Since the varnishing workshop does not possess a heating utility, the process is chosen as mono-thermal. Varnishing being continuous, the utilization of a buffer tank is considered superfluous and the simplest version of the process is chosen. (iii) The absorption column is a packed column filled with Hiflow rings. (iv) The pervaporation process is carried out in a 1 mbar vacuum. Based on the results of this work, it was decided to use a planar pervaporation module fitted with PDMS membranes. This is a distinctly optimistic hypothesis, since industrial plants operate at downstream pressures of 100 mbar. Nonetheless, this downstream pressure of 1 mbar will be retained so as to be able to use the results of this study.

The quantity of toluene to be recovered per hour is 48 800 g h -1 . In order to determine the diameter of the column, we choose an arbitrary liquid flow rate R = 5, which is a median value. For 60% flooding, the calculated column diameter is 130 cm. The empty column gas speed would therefore be 2.09 m s -1 , and the surface liquid flow from 3.03×10 -3 m s -1 . With these values, the K L a in the column is 7.6 × 10 -3 s -1 .

The value of the parameter S is fixed at 0.0024 (C G,in = 5 g m -3 and C G,out = 0.12 g m 3 ). R is chosen as parameter, A is the variable and X -, X + and P are the solutions determined using the equations given above. The results are presented in Fig. 12. A good deal of information can be concluded from that figure:

• An increase in membrane surface area enables the column height to be reduced (and vice versa). • For a given liquid flow rate, there is a membrane surface area above which any additional increase in surface area is superfluous. The process is limited by absorption. • For a given liquid flow rate, there is a column height area above which any additional increase in column height is superfluous. The process is limited by pervaporation. • For a given membrane surface area, the column height required for purification of the polluted effluents increases if the liquid flow rate increases. • For a given column height, the membrane surface area required for regeneration increases if the liquid flow rate increases.

These observations are easily explained by the fact that if regeneration is very effective (high membrane surface area), then the liquid is highly depleted and the column operates under more favorable conditions, hence the lower column height required. The inverse can be explained by the fact that a high column leads to an enrichment of the liquid, which is then easier to regenerate.

Considering Fig. 12, it appears that the most economic plant to treat 10 000 m 3 h -1 of toluene enriched at 5 g m -3 should be a 3.6 m high column (diameter 1.3 m) coupled with a 20 m 2 membrane unit.

Certain hypotheses have been made that should be underlined. In the first place, it was assumed that the extrapolations of the mass transfer equations in the column and pervaporation module remain valid on the industrial scale. Next, it was assumed that the hydrodynamic behavior in the column (scaled for an absorption rate R = 5) would not change when the absorption rate varied in the range [1-30], whereas flooding is likely to occur with R values so far from the initial value. Fi-nally, the hypothesis of an industrial vacuum of 1 mbar is not realistic and a value of 100 mbar should be considered. A loss of permeate flow is to be expected. Nonetheless, the interest of this modelling study was to show the feasibility of the hybrid process. The feasible column and membrane sizes calculated in this section confirm that the hybrid process is industrially viable. Furthermore, it has been shown that there are infinite possibilities for dealing with a given problem: column size, membrane surface area, several compromises are possible. To choose the best compromise, an economic analysis is required. That is beyond the scope of this work due to lack of information. The remainder of this paper nonetheless positions the process with respect to other processes, without including any economic analysis.

Positioning of the hybrid process: comparison with other air treatment processes

The strengths and weaknesses of the process can be highlighted. The strengths are with respect to the limitations of other air treatment processes:

• flexibility of utilization, possibility of sequential or continuous operation, • no by-products generated apart from pervaporates, • relatively low temperature, therefore low risk of explosion or fire, • possibility of operating under humid conditions, • possible reuse of pervaporates.

Nonetheless, certain weaknesses should be presented:

• Unknown service-life of membranes, which may considerably increase the cost of the plant. • The need to study the behavior of the membrane with each new pollutant and take into account the coupling effects. • If dust or solid matter is present in the gas to be treated, there is risk of accumulation in the circulation loop. However, this risk can be avoided by upstream dedusting.

It should also be noted that distillation under vacuum is a possible alternative technological solution instead of pervaporation for regenerating the absorbent. If we assume that the liquid and gas phases are ideal, the equilibrium curves at constant pressure can be traced from the saturated vapor pressures. The packed column absorption experiments showed that the concentrations at the foot of the column do not exceed 20 g L -1 , i.e., a molar fraction of toluene of 0.083. The minimum number of theoretical plateaux can be calculated by means of Fenske's equation. If we assume a toluene molar fraction at the head of the column greater or equal to 0.999 and an absorbent purification rate below or equal to 0.001 (0.23 g L -1 ), then Fenske's formula gives N min = 2.42.

Regeneration of the DEHA by distillation would therefore be entirely feasible, provided that the DEHA is thermally stable. Preliminary heating experiments in which the DEHA was maintained at 100 • C for 30 days showed that the refraction index and viscosity of the DEHA were unchanged. Nonetheless, further studies at higher temperature or lower pressure are indispensable in order to decide whether distillation should be used for the regeneration process. The comparison between distillation and pervaporation requires a technical-economic analysis which is beyond the scope of this paper for reason similar to those mentioned above. Nonetheless, an essential point in the comparison is the operating mode of the plant for reasons of thermal inertia; distillation is more cost-effective in continuous operation, whereas pervaporation is potentially suited to continuous or sequential regimes.

Conclusion

VOCs are chemical species involved in the problems of atmospheric pollution. They are currently the target of regulation intended to reduce their emission levels. This measure must therefore be accompanied by the development of processes able to satisfy the new requirement in terms of emissions. This study falls within the scope of that general context. The aim of this research was to develop a treatment process for air loaded with hydrophobic compounds by coupling absorption and in situ membrane-based regeneration. The approach can be split into several steps. The first consisted in finding an absorbent likely to be suitable for an industrial application: DEHA. The second concerned the characterization and validation of the hydrophobic absorption by means of a pilot-scale apparatus. The next was devoted to studying toluene-absorbent separation using a dense membrane. Finally, the work was completed with a study of the coupling of the absorption step and regeneration by pervaporation.

DEHA was used in a pilot-scale packed absorption column. High efficiencies were observed when the column was fed with pure liquid. These efficiencies fell sharply when the absorbent became loaded with toluene, hence the need to regenerate the absorbent. The experiments showed that resistance to mass transfer was situated on the liquid side and also enabled calculation of the liquid-side mass transfer constant. It was shown that the correlations proposed in the literature do not correctly predict the experimental results, probably because of the higher viscosity of DEHA compared to the liquids used by the authors.

Organic separation by pervaporation is a subject of current importance that has given rise to many studies. Authors propose various selective membranes made of complex materials, but PDMS was finally chosen as the membrane material for separating toluene from DEHA. The influence of various operating parameters (temperature, downstream pressure, flow rate) was investigated, as were models from the literature. It was shown that the limiting phenomenon in the process is boundary layer resistance, much higher than resistance inside the membrane material. The hydrodynamics of the upstream part of the module is thus the key to the regeneration process.

The hybrid process was coupled in function of three values: flow rate, temperature and concentration. The concentration of toluene in the absorbent has a determining effect on the efficiency of the overall process. However, it is not a directly adjustable parameter, unlike temperature and flow rate. Temperature has opposite effects on the efficiency of the two steps in the process, which means either finding an optimum compromise or dithermal operation (different temperatures for the absorption column and pervaporation module). Important information was provided by formulating the equations of the system and using the correlations determined in the previous sections. It was shown that there were multiple possible membrane surface area/column height compromises for treating a given gaseous effluent. Any increase in membrane surface area can be compensated by a decrease in column height (operating at low global toluene concentrations in the liquid phase). Inversely, a high column enables a lower membrane surface area to be used (operating at high global toluene concentrations in the liquid phase). Calculating the initial investment and operating costs will enable the user to choose the best compromise between column height and membrane surface area.

The field of this study is vast and research has been deliberately restricted. For the absorption part, the problems of VOC absorption by viscous fluids have not been much studied in the literature. The existing correlations did not prove sufficiently accurate for predicting mass transfer constants, so additional work in this area would be useful. Similarly, the hydrodynamics of the boundary layer upstream of the membrane requires further investigation in order to determine the diffusion behavior and validate the appropriate correlations.

These two limitations are naturally also seen in the extrapolation of results obtained in the laboratory to the scale-up of an industrial unit. While it is always hard to extrapolate results obtained on a small scale to an industrial application, this is made even more difficult by the fact that the hydrodynamics of a laboratory pervaporation module is very different from those of an industrial facility. Appropriate studies are therefore indispensable in order to specify these factors. The work ended with an analysis of the coupling parameters and did not attempt an economic assessment of investment and operating costs. We consider that the scale-up results have not been sufficiently validated for costs to be estimated that would situate the project from an economic point of view.
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Table 1

 1 Selection of physicochemical properties of the system

	Pure component properties

• C) (m 2 s -1 ) 8.65 × 10 -10

Table 2 Experimental results of mass transfer in the packed column Experiment

 2 

Table 3

 3 Toluene flow measured during pervaporation of pure toluene (T = 48 • C)

	Toluene concen-	Liquid	velocity	Average pervaporation flow
	tration in feed	(m s -1 )		
	(g L -1 )			rate (kg m -2 h -1 )
	4.6	0.34		3.8
	4.6	0.60		5.1
	4.6	0.95		6.2
	6.3	0.34		5.0
	6.3	0.60		6.8
	6.3	0.95		8.6
	10.7	0.34		8.4
	10.7	0.60		11.1
	10.7	1.30		16.9

Table 4

 4 Influence of temperature on Reynolds number and thermodynamic equilibriums

	Temperature ( • C)	10	20	30 40 50	60
	Reynolds number	217 334 484 667 880 1118
	Henry's constant H (×10 6 )	118 231 431 772 1334 2231
	Air-membrane solubility constant S 2500 1352 777 470 298 197
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