N

N

Flow regime assessment in falling film evaporators using
residence time distribution functions
Arlan Caldas Pereira Silveira, Gaélle Tanguy-Sai, I. Tuler Perrone, Romain

Jeantet, Fabrice Ducept, Antonio Fernandes de Carvahlo, Pierre Schuck

» To cite this version:

Arlan Caldas Pereira Silveira, Gaélle Tanguy-Sai, I. Tuler Perrone, Romain Jeantet, Fabrice Ducept,
et al.. Flow regime assessment in falling film evaporators using residence time distribution functions.
Journal of Food Engineering, 2015, 160, pp.65-76. 10.1016/j.jfoodeng.2015.03.016 . hal-01173930

HAL Id: hal-01173930
https://hal.science/hal-01173930
Submitted on 27 May 2020

HAL is a multi-disciplinary open access L’archive ouverte pluridisciplinaire HAL, est

archive for the deposit and dissemination of sci-
entific research documents, whether they are pub-
lished or not. The documents may come from
teaching and research institutions in France or
abroad, or from public or private research centers.

destinée au dépot et a la diffusion de documents
scientifiques de niveau recherche, publiés ou non,
émanant des établissements d’enseignement et de
recherche francais ou étrangers, des laboratoires
publics ou privés.


https://hal.science/hal-01173930
https://hal.archives-ouvertes.fr

Journal of Food Engineering 160 (2015) 65-76

Contents lists available at ScienceDirect

= journal of
food engineering

Journal of Food Engineering

journal homepage: www.elsevier.com/locate/jfoodeng

Flow regime assessment in falling film evaporators using residence time
distribution functions

@ CrossMark

Arlan Caldas Pereira Silveira *™““, Gaélle Tanguy *, italo Tuler Perrone ¢, Romain Jeantet ™,
Fabrice Ducept ¢, Antonio Fernandes de Carvalho, Pierre Schuck *"*

2INRA, UMR1253, F-35000 Rennes, France

P Agrocampus Ouest, UMR1253, F-35000 Rennes, France
€Scholarship Student by CNPq, Brazil

dUniversidade Federal de Vicosa, 36350-000 Vicosa, Brazil
€ AgroParisTech, INRA, UMR1145, F-91744 Massy, France

ARTICLE INFO ABSTRACT

Article history:

Received 21 November 2014

Received in revised form 5 March 2015
Accepted 12 March 2015

Available online 27 March 2015

A falling film evaporator (FFE) is an industrial device to concentrate solutions. The aim of this study was
to identify the flow regime, and characterize and model the residence time distribution (RTD) functions of
a FFE. Experimental runs were carried out with skim milk at three different feed mass flow rates. Flow
was characterized using experimental Reynolds number (Rey). The RTD function in the FFE was measured
in four sections of the vacuum evaporator equipment. These RTD functions were modeled by a combina-
tion of perfectly mixed reactor tanks in series. In this study, when the flow regime changed from wavy-

;(;ﬁ‘i’rvlorésl;} evaporators laminar to laminar, the mean residence time increased. The flow was analyzed as a main and a minor
Skim %’nilk P retarded flow, where two layers of product flowed through the evaporation tubes. The future of this work

Residence time distribution consists of extending the RTD approach to other products and operating conditions in the evaporator

Flow regime device.

© 2015 Elsevier Ltd. All rights reserved.

1. Introduction

Concentration by vacuum evaporation is used to decrease the
volume and weight of the product, which subsequently reduces
the cost of packaging, storage and transport and facilitates the con-
servation of the concentrate by lowering the water activity
(Bouman et al., 1993; Prost et al., 2006; Bimbenet et al., 2007).
This process is used for the production of final (sweetened con-
densed milk, evaporated milk, etc.) (Ganzle et al., 2008), and inter-
mediate products before any further operations such as
crystallization, precipitation, coagulation or drying (infant formu-
lae, whey and milk powders, etc.) (Schuck, 2002; Bimbenet et al.,
2007; Zhu et al., 2011).

Falling film evaporators (FFE) are widely used in the chemical
and food industries for their ability to process heat-sensitive prod-
ucts. The evaporator device is called “falling film” because the liq-
uid falls in a trickling film along the inner wall of the tube. This
type of device allows higher heat transfer coefficients, therefore
lower residence times can be achieved in comparison with other

* Corresponding author at: INRA, UMR1253, F-35000 Rennes, France. Tel.: +33
(0)2 23 48 53 22 (Std); fax: +33 (0)2 23 48 53 50.

E-mail address: pierre.schuck@rennes.inra.fr (P. Schuck).
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0260-8774/© 2015 Elsevier Ltd. All rights reserved.

designs of evaporator (Bimbenet et al., 2007). However, industrial
control of this process often relies on an empirical understanding
of the phenomena involved, which then results in a time and cost
consuming development phase to establish optimal operating con-
ditions when the final product quality must be changed or a new
type of product processed.

As boiling and concentration occur simultaneously inside the
FFE, the study of the mechanisms is complex (Li et al., 2011;
Pehlivan and Ozdemir, 2012); indeed, the rates of enzymatic and
chemical changes depend on solute concentration, product tem-
perature and time, and it is therefore necessary to take into
account these three parameters in order to control thermal damage
of constituents and process-dependent properties (product
physicochemical properties and product end-properties).

Moreover, the few scientific papers available on the topic of
vacuum evaporation in food and chemical domains mainly focus
on the calculation and optimization of the heat transfer coefficient
(Chun and Seban, 1971; Mafart, 1991; Jebson and Iyer, 1991;
Bouman et al., 1993; Chun and Park, 1995; Jebson and Chen,
1997; Silveira et al., 2013), and there is a lack of research and infor-
mation concerning the characterization of the flow regime and of
the residence time distribution (RTD) functions of the product,
E(t), during concentration in FFE. Moreover, RTD is a powerful
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Nomenclature

A heating surface (m?)

a fraction of feed flow rate going into the reactor set A (-)
D tube diameter (m)

Ei(t) residence time distribution of section i (s)

height (m)

mass flow rate (kg-h™1)
number of tanks in series (-)
pressure (MPa)

heating power (kW)

film Reynolds number (-)
time (s)

evaporation tube 1
evaporation tube 2

ov=zg =

- =
(2
R

— —
N —

T3 evaporation tube 3

tmin minimum residence time (s)

TS total solids (g-kg™1)

x(t) tracer injection (g-kg™!)

y1i(t) tracer concentration at the bottom of Ti (g-kg™!)
Greek symbols

r mass flow rate per unit circumference (kg-s~'-m~1)
n viscosity (Pa-s)

0 temperature (°C)

Vimax maximum flow velocity (m-s™1)

p density (kg-m~3)

T mean residence time (s)

approach to characterizing the mixing phenomena and flow
regime in chemical reactor systems, which allows comparison with
ideal reactors.

Determination of the product RTD is an overall and experimen-
tal approach which provides valuable information about the pro-
duct flow regime in the evaporator, according to the operational
conditions. It does not provide a good physical understanding of
the operation as computational fluid dynamics does but, on the
other hand, it integrates the product and process complexity fully.

Computational fluid dynamics (CFD) allow study of the conse-
quences of modifications in operating conditions (temperature,
flow rate) and process configuration with regard to particle charac-
teristics (temperature, water content) and trajectories in the dryer
(Ducept et al.,, 2002; Verdurmen et al, 2002). Nevertheless a
numerical simulation of a real evaporator process is not accessible
in practice: complex geometry (evaporation tubes, pipelines,
pumps, etc.), presence of water and vapor, pressure alterations,
etc. The experimental CFD is too complex, and hardly representa-
tive of the evaporation process. The experimental RTD allows, in
a relatively simple way, to have valuable information about the
product and process complexity fully.

Since the pioneering work of Danckwerts (1953), the RTD the-
ory has been widely developed, and is nowadays used in a more
general context in order to determine a population balance model
(Villermaux, 1982), where the basis of this model is that the num-
ber of entities with certain properties in a system is a balanceable
quantity. Such properties include size, mass, and age. RTD theory is
also used to optimize the process in terms of capital and operation
costs (Malcata, 1991). The latter represent an essential step to
managing and controlling the quality of food products. Burton
et al. (1959) applied the concept of RTD to food engineering in
order to calculate the sterilizing effectiveness of an UHT apparatus
for milk processing. Baloh (1979) showed that the loss of sugar in
pasteurization and evaporation processes of various processing
schemes in the sugar industry could be significantly lowered by
reducing the mean residence time of sweet juice. Thor and
Loncin (1978) established the mechanisms of rinsing (e.g. mass
flow rate and shear stress) of a plate heat exchanger by the mea-
surement of RTD and thereby laid down the basis for optimizing
rinsing equipment in food engineering. Jeantet et al. (2008) calcu-
lated and modeled the RTD for different sections of a spray-drying
tower for skim milk and described the intensity of the heat treat-
ment that the product was subjected to during this process.

No studies have been published on the characterization and
modeling of RTD in falling film evaporators for concentration of
food products. Understanding both RTD and kinetics of product
temperature along its flow in the equipment should pave the

way for further prediction of chemical changes (e.g. protein denat-
uration) that occur during this processing step. The aim of this
study was first to characterize RTD functions of a pilot falling film
evaporator experimentally, and then to model these RTD functions
and identify the flow regime of the process.

2. Materials and methods
2.1. Pilot vacuum evaporator

The equipment used in these experiments consisted of a pilot
scale, single stage falling-film evaporator (GEA Process
Engineering, St Quentin-en-Yvelines, France; Fig. 1). This equip-
ment, described in Silveira et al. (2013), has three evaporation
tubes in series. The inner diameter of the first tube (T1) is greater
than those of the second and third tubes (T2, T3), which have the
same diameter (Table 1).

Each tube has an independent electrical heating system (b in
Fig. 1) that provides the vaporization energy. As the vapor emitted
by the product (secondary vapor) is not used for heating the pro-
duct in the next tube, this pilot is a single stage evaporator. The
secondary vapor is condensed in the condenser (a in Fig. 1), and
eliminated (7 in Fig. 1) by the condensate extraction pumps.

The experiments were performed at a total heating power of
25.20 £ 0.05 kW (Table 1). The heating power (8.40 + 0.02 kW for
each tube) was controlled by measuring the current and the volt-
age with a clamp meter and a voltmeter (Fluke Co Ltd, Everett,
USA) respectively.

All experiments were performed at an absolute pressure (Paps)
of 0.02 MPa, and thus the saturation temperature of evaporation
was maintained at 60 °C throughout the three tubes.

The evaporator is equipped with probes to record the tempera-
tures of the product and the secondary vapor in each tube (points
311, 312, and 313 - Fig. 1). Feed product, concentrate and condensate
flow rates were measured with flow meters at different points
(points 1, 5, and 7 - Fig. 1), and conductivity with conductivity
meters (points 4tq, 41, and 473 - Fig. 1) placed at the bottom of
each tube.

2.2. Experimental runs

Experimental runs were carried out with skim milk at three dif-
ferent feed mass flow rates (60 kg-h!, 70 kg-h~! and 80 kg-h™1).

Skim milk was recombined at 100 g -kg~! of total solids (TS)
from skim milk powder (Lactalis ingredients, Bourgbarré, France).
It was heated at 60 °C before entering the evaporator. After passing
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Fig. 1. Single-effect falling-film evaporator. 1 — 7: measurement parameters, a — ¢: equipment components.

Table 1
Operating and design parameters of the three tubes in the FFE. Wall thickness of each
tube is 1 mm.

Tube No. D (m) h (m) A (m?) Q (kW)
1 0.036 4.0 0.45 8.4
2 0.023 4.0 0.29 8.4
3 0.023 4.0 0.29 8.4
Total 1.03 25.2

D = diameter; h = height; A = heating surface; Q = heating power.

through the three evaporation tubes (Fig. 1) (first run - 1R), the
product (still at 60 °C) was reintroduced into the equipment and
re-concentrated a second time, again passing through the three
evaporation tubes (second run - 2R). This operation was performed
once more time (third run - 3R). The inlet and outlet TS of skim milk
concentrates at the bottom of the three evaporations tubes for the
three feed mass flow rates and runs studied are shown in Table 2.

The conductivity of skim milk concentrates exceeding
520 g-kg~! of TS could not be measured reliably due to their high
viscosity. Therefore, for the feed mass flow rate of 60 kg-h™!, the
TS of the product exiting the second run at 389 g-kg~! (Table 2)

were diluted to 283 g-kg~! of TS and re-introduced into the evap-
orator for the third run. This dilution was undertaken to limit the
concentration to 520 g-kg~! of TS at the end of the third run.

In total, 27 experiments were performed, at three feed mass
flow rates and in three runs. The experimental conditions are sum-
marized in Table 2.

2.3. Total solids

The feed and final total solids content (TS) were calculated
according to weight loss after drying 5 g of each sample with sand
in a forced air oven at 105 °C for 7 h.

The TS of the product at the bottom of the first and second tube
were calculated as:

o 1—i‘lini : TSini

TS;
Mout;

(1)
where myy, is the inlet mass flow rate of the product in tube i, TS;y,
corresponding to the TS of the inlet product in the bottom of tube i,
and m,,,, corresponding to the outlet mass flow rate of the product
in tube i.



Table 2
Operational and product properties at the bottom of each evaporation tube for the three feed mass flow rates and runs studied. T1: Evaporation tube 1, T2: Evaporation tube 2, T3: Evaporation tube 3, 1R: first run, 2R: second run, 3R:
third run.
Feed mass flow rate 80 kg-h™! 70 kg-h™! 60 kg-h™!
Evaporation tubes T1 T2 T3 T1 T2 T3 T1 T2 T3
1R I (kgs~'m™1) 0.170 + 0.000 0.235 + 0.000 0.199 + 0.001 0.156 +0.001 0.211 +0.001 0.177 + 0.000 0.125 + 0.000 0.162 +0.001 0,127 +0.001
TS (g-kg™) 108 + 1 123+4 145 +2 114+2 133+4 161+2 123 +2 149 +5 195+3
p (kg-m~3) 1024 £ 0.5 1031 +£0.6 1040+ 0.7 1027 +1.0 1035+ 1.1 1047 £ 0.5 1031+0.8 1042 +2.2 1062 +1.5
100 (1073 Pas) 0.7£0.1 1.0+0.1 1.0+ 0.1 0.7 £0.1 1.0+0.1 1.1+0.1 0.9+0.0 1.0+0.0 1.6+0.1
Re¢ 971 940 796 891 844 643 555 648 317
2R I (kgs~'m™1) 0.171 + 0.000 0.238 £ 0.001 0.199 + 0.001 0.158 +0.001 0.213 +0.000 0.181 +0.001 0.127 + 0.000 0.163 +0.001 0.130 + 0.000
TS (g~kg’1) 1653 187 +4 240+3 188 +4 2215 264+1 234+4 2901 389+5
p (kgm~3) 1049 £ 0.8 1058 £ 1.7 1081 £ 0.5 1059+1.8 1073 £2.1 1091 £ 0.9 1078 £ 1.5 1103 +1.4 1145 £2.1
100 (1073 Pa-s) 1.2+0.0 1.5+0.0 2.610.1 1.5+0.0 2.1+£0.0 34+0.1 2.5+0.0 44+0.0 123 +0.1
Re¢ 570 635 306 421 406 213 203 148 42
3R I (kgs~'m™) 0.177 £ 0.001 0.240 + 0.000 0.206 + 0.000 0.163 +0.000 0.219 + 0.000 0.189 + 0.001 0.128 £ 0.001 0.165 + 0.000 0.138 +0.001
TS (g-kg™) 254+2 298 +3 350+1 305+4 365+5 434+6 3311 417 +£2 516 £4
p (kg-m~3) 1087 +0.9 1106 £ 1.5 1128 +2.3 1109 + 1.1 1135+09 1164+ 1.6 1120+ 1.8 1157 £ 1.6 1200+ 0.7
100 (1073 Pas) 3.0+0.1 4.8+0.0 59+0.1 52+0.1 9.6+0.0 33.0:0.1 6.7+0.1 16.5+0.0 68.3+0.1
Reg 236 200 139 125 91 23 76 40 8

I' = mass flow rate per unit circumference; TS = total solids; p = density; 7100 = apparent viscosity at 100 s~'; Re = film Reynolds number.
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2.4. Viscosity measurement

Viscosity measurements were obtained at 60 °C with a Physica
MCR 301 rheometer (Anton Paar, Graz, Austria) using a coaxial alu-
minum cylinder (inner radius 23.05 mm; outer radius 25 mm;
height of rotor 30 mm; gap 5 mm). Shear rates between 10s~'
and 1000 s~! at 60 °C, were used for rheological determinations.
As skim milk behaves as a non-Newtonian fluid at higher concen-
trations, apparent viscosity at a shear rate of 100s~! (1100) was
used to make comparisons between the different products. This
shear rate value was chosen because it is representative of the
value reached in agitation, flow in tubes and other industrial
operations (Steffe, 1996). The viscosity of the product was mea-
sured immediately after taking the samples at the bottom of the
evaporator tubes.

2.5. Density measurements

A Mettler-Toledo densimeter DE40 (Mettler-Toledo, Columbus,
USA) was used to determine the density of the products at 60 °C.

2.6. Conductivity

The conductivity of the product was measured every second
(after tracer injection) at the bottom of the three tubes (points
414, 415 and 413 - Fig. 1) by conductivity-meter (Endress Hauser
SAS, Huningue, France). The conductivity was measured in an indi-
rect way to determine the concentration of the tracer. Calibration
curves were established to take into account the intrinsic conduc-
tivity of the product, which changes according to the skim milk
concentration (Sharifi and Young, 2012), and to estimate the con-
centration of the tracer.

2.7. Characterization of the flow

For falling films, the flow regimes are usually characterized by
the degree of turbulence in the liquid phase, and a significant
dimensionless number used for characterizing the flow is the
Reynolds number of the film (Ref). It measures the importance of
inertia relative to viscous effects and is defined for falling films
as follows:

4r
Re; = — 2
= (2)

where I' is the mass flow rate per unit circumference of the tube
(kg-m~'-s~!) and 5 the apparent viscosity of the product (Pa-s), both
measured at the bottom of the tubes.

I" was measured according to Eq. (3):

m

r= D (3)
where m is the concentrate mass flow rate measured and D is the
inner diameter of the tube.

Flow was characterized using an experimental Reynolds num-
ber, and the classification defined by Bird et al. (1960) that estab-
lished the flow regimes for the falling film in three regions was used:

e Rer< 25: laminar flow;
e 25 < Rer< 1000: laminar flow with waves (wavy-laminar);
e Res>1000: turbulent flow.

As Rer was always measured at the bottom of the evaporation
tubes, the characterization of the flow behavior in sections @
and @ was always the same, as both were measured at the bottom
of T3.

The maximum flow velocity, corresponding to the velocity of
the first fluid elements that arrived at the bottom of the evap-
oration tube, was calculated according Eq. (4).

length of a section
Vmax = g (4)

Imin

where Vi, is the maximum flow velocity and t; , the time that the
first particles of tracer take to arrive at the bottom of tube;.

2.8. Measurement of residence time distribution

RTD are determined experimentally by injecting an inert chemi-
cal, molecule or atom, called a tracer, into a reactor at some time,
t=0, and then measuring the tracer concentration in the effluent
stream as a function of time. In this study, RTD characterization
was based on the follow-up of the concentration of sodium chlo-
ride added to the product, according to Jeantet et al. (2008).
Therefore the time that the sodium chloride molecules and the
product fluid elements took in the evaporator equipment was con-
sidered to be the same.

As the pilot operates as a continuous process, the products with
and without the tracer were put in two different tanks connected
to the feed line with a three-way valve, which allowed rapid
change in the nature of the feed product. Using this technique
the shape of the injection signal could be considered to be square.
The product with 10 g-kg™! of sodium chloride was injected into
the evaporator for 30 s (Fig. 2).

The outlet sodium chloride concentration, measured indirectly
by conductivity, was calculated at the bottom of the three evap-
oration tubes. It was then possible to plot the sodium chloride con-
centrations in the effluent stream as a function of time, (yi(t))
(Fig. 2).

The RTD signal (Ej(t)) was measured in four different sections of
the vacuum evaporator (Fig. 3) with MATLAB and Statistics Toolbox
Release (2014b, The MathWorks, Inc., Natick, Massachusetts,
United States). @ corresponds to the section from the feed to the
bottom of the first tube; @ the section from the bottom of the first
tube to the bottom of the second tube; @ the section from the bot-
tom of the second tube to the bottom of the third tube; and @ the
section from the feed to the outlet of the evaporator.

E@(t) was calculated by numerical deconvolution of yr;(t) with
the injection signal (x(t)). The sodium chloride concentration mea-
sured at the bottom of T1 (yri(t)) was the injection signal for
calculating E@(t). E@(t) was therefore calculated by numerical
deconvolution of yr(t) with yr(t). For E@)(t) the injection signal

12 4

10
8 4
a
_';A)
& °
o
=
Z 4]
2 .
0 T T T 1
0 100 200 300 400
Time (s)

Fig. 2. Tracer injection x(t) and output signal at bottom of T1 (y4(t)), T2 (y,(t)) and
T3 (ys(t)). Measurements at feed mass flow rate of 70 kg-h~! at 3R.
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was yr(t), and thus E@(t) was calculated by numerical decon-
volution of yr,(t) with yrs(t) (Egs. (5)-(7)). The overall RTD from
the inlet to the outlet of the evaporator (E@(t)) was calculated
by numerical deconvolution of yr3(t) by the injection signal (x(t))
(Eq. (8)).

i () = x(t) © Egy(f) ()
Y12 (t) =y (t) @ Egy (£) (6)
Ir3(t) = yna(t) © Eg (£) (7)
Ir3(t) = x(t) @ Egy () )

Having determined E;(t) for the different sections of the vacuum
evaporator, it was then possible to determine the residence time of
each fluid element, and, conversely, the time at which a certain
fraction of the material entering at t =0 was no longer present in
the equipment. The mean residence time, 7, corresponds to the
time when 50% of the material entering at t =0 passed through
the equipment.

The RTD functions for the four different sections of the FFE were
modeled by a set of perfectly mixed reactor tanks in series in order
to take into account the flow regime in the evaporator. Each reactor
set includes N; reactor tanks in series, and can be characterized by a
mean residence time (7;). Its own RTD function is defined by:

Ni Ni—1 ot/ T
Ei<t):<Ni) A exp(Ni /)

T (N; = 1)! ©)

The number of tanks in series, N;, provides information about
the dispersion of the fluid elements: a high N value indicates small
dispersion of the particles in the reactor (Gutierrez et al., 2010).

For modeling the RTD of the four different sections (Fig. 3), it
was considered that the product passed through two reactor sets,
A and B (Fig. 4), characterized by two RTD functions E,(t) and
Ep(t). Reactor set C, is a combination of these two reactor sets. It

is characterized by the function E.(t), which describes the experi-
mental RTD of FFE (Fig. 4) (Eq. (10)).
Ec(t)=(1—-a) Ex(t) +a-Ea(t) (10)
where a refers to the fraction of feed flow rate going into reactor set
A. The three parameters of each reactor set (a;, 7; and N;) were
adjusted in order to fit the modeled curve to the experimental
curve. A manual trial and error methodology was used to fix the
optimal values of model parameters instead of a classical algorithm
minimizing the sum of squared error between predicted and mea-
sured values.

Model accuracy was evaluated by calculation of the standard
deviation between the model and experimental RTD curves.

3. Results and discussion
3.1. Product and flow characterization

Although the mass flow rate of product was higher in T1 com-
pared to the other two tubes, the value of I' at the bottom of T1
was always lower than those at the bottom of T2 and T3 for the
same feed flow rate because of a higher inner diameter (0.036 m
for T1 instead of 0.023 m for T2 and T3 (Table 1)). As tubes T2
and T3 had the same diameter, I" at these points depended only
on the mass flow rate of the product (Eq. (3)). Due to evaporation,
the mass flow rate of the product at the bottom of T2 was always
higher than that at the bottom of T3: I'r; > I'ts. For the experi-
ments conducted at 80 kg-h~!, when the concentration of the pro-
duct increased from 108 g-kg~! to 254 g-kg~! of TS at the bottom of
T1/1R and T1/3R, respectively (Table 2), the I' increased from
0.170kg-s~m~! to 0.177 kg-s"!-m~!, evidencing an increase in
the product flow rate, since the tube diameter was constant.
Compared to other tubes and runs, the increase in the product con-
centration caused an increase in the I, and therefore a decrease in
the evaporation rate, as the concentrate mass flow rate increased.

Tl T2 T3
Feed Outlet
11.08 m 12.24m 12.96 m
(1] (2] e
36.28 m
(4]

Fig. 3. Sampling points for determination of local and overall RTD. @): measurement from inlet to outlet of tube 1; @: measurement from outlet of tube 1 to outlet of tube 2;
@© measurement from outlet of tube 2 to outlet of tube 3; @: overall RTD measurement from inlet to outlet of the falling film evaporator.
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Fig. 4. Reactor tank sets in series used for modeling the RTD of FFE for the four sections studied.

These results are in agreement with those of Morison and Broome
(2014).

The concentration of the product at the bottom of the three
evaporation tubes for the three feed mass flow rates and runs stud-
ied is shown in Table 2. At 80 kg-h~! the skim milk concentration at
the end of the third run of the evaporation process was 350 g-kg ™!
compared to 434 g-kg~! and 516 g-kg~! at feed mass flow rates of
70 ke-h~! and 60 kg-h™!, respectively. As the evaporation parame-
ters, and in particular the heating power, were kept constant
(except for the feed mass flow rate) the energy transferred to the
product was the same, and therefore the concentration of the pro-
duct at the bottom of the evaporator tubes increased according to
the decrease in feed mass flow rate.

Density increased proportionately with TS of the skim milk con-
centrates, whereas viscosity increased exponentially from approxi-
mately 365 g-kg~! of TS, which is consistent with the results of
Chong et al. (2009). The apparent viscosity, #100, of skim milk con-
centrate at 516 g-kg~! of TS was 68.3-103 Pa-s. This value, that was
higher than that found by Silveira et al. (2013), might be explained
by the time that the product remained at 60 °C before measure-
ments. Indeed at higher concentration, the viscosity of the milk
concentrate increased with time, a phenomenon known as age
thickening (Westergaard, 2004). Thus the residence time of the
product during concentration in the FFE may affect the viscosity
of the concentrate (Baldwin et al., 1980). Viscosity is an important
parameter to be monitored for optimal atomization in a spray-
dryer (Schuck, 2002; Westergaard, 2004).

The values of Res are shown in Table 2. Res varied between 971
and 8, points corresponding to the maximum and minimum flow
rates and product concentration at 80 kg-h~! at bottom of T1/R1
and at 60 kg-h~! at the bottom of T3/3R. In this study, Re; decreased
as the product passed through the evaporation tubes, decreasing
its flow rate and increasing its viscosity. These two factors thus
led to a lower Res at the bottom of the third tube compared to
the first and second tubes for the same feed mass flow rate.

The flow regimes at the bottom of the evaporation tubes are
presented in Table 3. Almost all products presented a wavy laminar
profile, except T3/3R at 70 kg-h~! and 60 kg-h~! for which a lami-
nar flow was deduced from Rey.

3.2. RTD characterization

To improve understanding of the path of the skim milk fluid ele-
ments in the evaporator, and thereby improve the characterization
of the flow in the FFE, the residence time distribution (RTD) func-
tion was maintained. The RTD curves in the third run at a feed

mass flow rate of 70 kg-h~! are presented in Fig. 5. All curves had
the same surface area. The experimental RTD curves at 80 kg-h™!
and 60 kg-h~! presented similar shapes. For all feed mass flow rates
and runs studied, a more highly concentrated product led to a
lower peak on the curves and greater dispersion of the fluid
elements.

The times that the first fluid elements took to arrive at the bot-
tom of the evaporation tubes (ty,) after tracer injection are shown
in Table 3 for the different sections studied. t;, was the same for
each section and feed mass flow rate, wherever the run. Only the
feed flow rate and the distance covered by the product in the evap-
orator influenced this parameter. The distance covered by the pro-
duct of section @ was greater than section @, which in turn was
greater than section @. Section @ represented the sum of the
other three (Fig. 3).

The maximum flow velocity, vimax, defined as the ratio of the
length of a section over tn;, and measured at the bottom of the
tubes, is shown in Table 3. Vmax was 0.33+0.01m-s ',
0.31+0.00m-s~! and 0.26 + 0.01 m-s~}, for T1 in the experiments
conducted at 80 kg-h~!, 70 kg-h~' and 60 kg-h~', respectively. Vimax
was 0.31+0.00m-s™', 023+0.00m-s~', 022+0.00ms"' at
70 kg-h~! for T1, T2 and T3, respectively, and v of Section @
represented approximately the mean maximum velocity
(0.25 m s~ !) of the three sections. In this study, vmax decreased as
the product passed through the evaporation tubes. This was mainly
due to the reduction in the mass flow rate and increase in viscosity,
due to product evaporation.

The mean residence time, 7, for a given section was the same for
experiments conducted at a feed mass flow rate of 80 kg-h™!. At
70 kg-h~'and 60 kg-h~!, © was higher in R3 for Sections @ and
@. The increase in T was assumed to be associated with a higher
viscosity of the product, which in turn, is a key parameter for
determining the flow regime. Higher liquid film dispersion con-
tributed to a higher mean residence time of the product. When
the flow regime changed from wavy-laminar to laminar flow,
was increased. For the experiments conducted in this study, the
laminar flow regime has a mean residence time above that of
wavy-laminar flow, hence the lower mean velocity.

As previously discussed, the evaporation rate decreases with
product concentration, possibly due to a decrease in the heat trans-
fer coefficient, a change in flow regime, a boiling delay phe-
nomenon (i.e. product having a high boiling point due to greater
concentration of solutes), etc. When the evaporation rate
decreased, the mass flow rate of the product concentrate decreased
less compared to high evaporation rate, which also increased the
flow velocity and therefore decreased the residence time of the



Table 3
Flow behavior, average and minimum residence time of particles of skim milk in falling film evaporators. Measurements performed at three inlet mass flow rates and three runs for each. 1R = first run, 2R = second run, 3R = third run.
Feed mass flow rate 80 kg-h! 70 kg-h™! 60 kg-h™!
Section (Fig. 2) (1] (2] (3] (4] (1) (2] (2] (4] (1] (2] (3] (4]
1R timin (S) 33+1 44 +2 57+1 134+1 36+1 52+2 59+2 146 +2 41+2 51+1 74+2 1712
Vinax (M-s™1) 0.33+£0.01 0.29+0.01 0.23+0.01 0.27 £0.02 0.31+0.00 0.23+0.00 0.22 £ 0.01 0.25+0.02 0.27 £ 0.02 0.24+0.01 0.17 £ 0.02 0.21 £0.02
T (s) 54+2 56 +2 72+£2 178 £2 55+1 62+2 731 186+ 1 67+2 742 95+2 229+2
Flow behavior W.L W.L W.L W.L. W.L. W.L W.L W.L W.L W.L W.L. W.L
2R tmin (S) 33+1 43+1 57+2 133+2 36+2 52+1 59+1 1451 42 +1 50+1 75+1 1752
Vimax (m-s~1) 0.33£0.01 0.28 £0.01 0.23+0.01 0.27 £ 0.02 0.31+0.00 0.23+0.00 0.22 £ 0.01 0.25+0.02 0.26 £ 0.01 0.24 +0.02 0.17 £ 0.02 0.21 £ 0.02
T(s) 53+2 57+2 721 1791 54 +1 61+1 731 186 +1 68 £2 722 94+2 231+2
Flow behavior W.L W.L W.L W.L W.L W.L W.L W.L W.L W.L W.L W.L
3R tmin (S) 32+2 43+1 58 +1 135+2 36+1 52+1 60 +2 147 +2 42+2 51+1 76£2 172 +£2
Vimax (M-s~1) 0.35+0.01 0.28 +0.01 0.22+0.01 0.27 £0.02 0.31+0.00 0.23+0.00 0.22£0.01 0.25+0.02 0.26 £ 0.01 0.24+0.01 0.17 +£0.02 0.21£0.02
T (s) 51+2 58 +1 71+£2 1791 55+1 63+2 77 £1 1962 69+2 75+2 1061 2462
Flow behavior W.L W.L. W.L. W.L. W.L. W.L. L. L. W.L. W.L. L. L.

tmin = Minimum time; Vpax

= maximum velocity; 7 = mean residence time; L. = Laminar; W.L. = Wavy-laminar.
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Fig. 5. Residence time distribution curves of skim milk in FFE at feed mass flow rate of 70 kg-h~! and 3R. @: measurement from inlet to outlet of tube 1; @: measurement
from outlet of tube 1 to outlet of tube 2; e measurement from outlet of tube 2 to outlet of tube 3; e: overall RTD measurement from inlet to outlet of the falling film

evaporator.

product. Measurement of the mean residence time was not sensi-
tive to detect a decrease in the mean residence time when the
evaporation rate decreased very slightly.

It is of note that, one dimensionless number, Re; was used for
determining the flow regime. In this work Re; described not only
the flow regime, but also the mean residence time of the product
in the FFE. Where Re; < 25, in sections @ and @, in 3R at 70 kg-h™!
and 60 kg-h~!, the flow behavior changed from wavy-laminar to
laminar flow and the mean residence time of the product increased
from 73 sto 77s, 186s to 1965, 94 s to 106 s and 231 s to 2465,
compared with 2R in the same section, where Ref> 25. In these
experiments, to minimize heat treatment (time/temperature),
which is an important factor in controlling final product quality,
the flow regime of skim milk in FFE should be in the wavy-laminar
region, Res > 25. This can be achieved by changing the operational
parameters, i.e. mass flow rate, heating power, etc. In a recently
work Gourdon et al. (2015) showed that the flow behavior of whole
and skim milk in FFE, was affected by total solids contents, flow
rates and driving temperature differences.

All experimental RTD curves for Section @ presented shoulder
areas at the end of passage through the FFE. These shoulders were
also observed from Section @ in the 2R at a feed mass flow rate of
80 kg-h~! and 70 kg-h~!, and from Section @ in the 2R, at a feed
mass flow rate of 60 kg-h™!.

Fig. 6 shows the models and experimental curves for the 3R of
experiments conducted at a feed mass flow rate of 60 kg-h~". For
modeling the results of RTD, two reactor sets were used in parallel.
This model represents two different flows, where a main and minor
flow was represented by the reactor set A and B, respectively. The
parameters used for modeling each reactor set and the standard
deviation between model and experimental RTD for all sections,
runs and feed mass flow rates are presented in Table 4.

The accuracy and reproducibility of the model was satisfactory,
considering the very low standard deviations obtained (Table 4).

In this model, E(t) describes the path of between 94.0% and
99.9% of product fluid elements. N, could therefore be used to
describe the dispersion in the residence time of the skim milk in
FFE. A more highly concentrated product required a smaller num-
ber of tanks in series, corresponding to greater dispersion of the
product. Among the 27 skim milk concentrations studied, the pro-
duct with the lowest concentration, located at the bottom of T1/1R
at 80 kg-h~ ', had a value of N, = 14. This value decreased when the

product was concentrated. The value of the product with greater
concentration at the bottom of T3/3R at 60 kg-h~!, was N,=6.
Function Ey(t), described a small fraction of the fluid elements
and served to explain the shoulder curves in the experimental
RTD functions (Figs. 6 and 7).

When the shoulders in the RTD curves did not occur, 99.9% of
the product fluid elements passed through reactor set A, and the
values of 7; and N; were the same for both reactor sets. From the
moment that the shoulders were observed, the product fluid ele-
ments going to reactor set A decreased and N, and 1, increased,
showing an increase in the fluid elements that passed through
reactor set B. These fluid elements represented 0.9-7% of total skim
milk fluid elements that entered the evaporator. At a feed mass
flow rate of 80 kg-h™!, the fluid elements that passed through reac-
tor set A decreased from 99.1% to 96.0% at T1/R2 and T3/R3, respec-
tively. For section @ at T3/R3, 4.0%, 4.5% and 5.0% of fluid elements
passed through reactor set B for the feed mass flow rates of
80 kg-h~!, 70 kg-h~! and 60 kg-h~', respectively.

In section @ the shoulders were always present in the RTD
curves, even if they were not present in the RTD curves of pre-
viously sections. It may be due to sensitivity of the model to
detecting a small quantity of the fluid elements passing through
reactor set B. The quantity of product passing through reactor set
A decreased from 96% to 92.5% for Section @, at T3/R3 at feed mass
flow rates of 80 kg-h~! and 60 kg-h~! respectively. Comparison of
different sections showed that the fluid elements going to reactor
set A decreased when the product concentration increased, and
thus an increase in the shoulders at the end of RTD curves was
observed.

As mentioned before, the model used in this study takes into
account a main and a minor flow. For the experiments when the
shoulders in the RTD curves were noted, the minor flow should
be considerated as a retarded flow (Fig. 7), due to the high mean
residence time presented. These two different flows possibly flow
in two layers:

e One representing a small proportion of the fluid elements,
demonstrated by reactor set B, where the layer of product flows
in contact with the walls of the evaporation tubes; and

e One layer flowing over the first, in the center of the evaporation
tubes, representing a greater proportion of the product fluid
elements, demonstrated by reactor set A.
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Fig. 6. Experimental (full line) and model (dotted line) curves of residence time distribution of skim milk in FFE, at 3R for experiments performed at inlet mass flow rate of
60 kg-h~". @: measurement from inlet to outlet of tube 1; @): measurement from outlet of tube 1 to outlet of tube 2; @ measurement from outlet of tube 2 to outlet of tube
3; e: overall RTD measurement from inlet to outlet of the falling film evaporator. Experimental curves calculated according Eqs. (5)-(8). Model calculated according Eq. (10).

Table 4

Model parameters and standard deviation of the model compared with the experimental curves. 1R: first run, 2R: second run, 3R: third run. @: measurement from inlet to outlet
of tube 1; @: measurement from outlet of tube 1 to outlet of tube 2; @ measurement from outlet of tube 2 to outlet of tube 3; @): overall RTD measurement from inlet to outlet

of the falling film evaporator.

Feed mass flow rate 80 kg-h™! 70 kg-h™! 60 kg-h™!
Section (Fig. 2) (1) (2) (3] (4] (1) 2] (2] (4] (1] [2) (3] (4]
1R a 0.999 0.999 0.999 0.960 0.999 0.999 0.999 0.945 0.999 0.999 0.999 0.930
Ta 50 47 58 60 51 53 59 60 57 65 79 91
Tp 50 47 58 120 51 53 59 145 57 65 79 199
N, 14 14 11 10 14 13 11 5 11 11 10 8
Np 14 14 11 80 14 13 11 80 11 11 10 60
Standard deviation 0.002 0.006 0.008 0.014 0.004 0.005 0.006 0.012 0.003 0.003 0.006 0.009
2R a 0.999 0.991 0.990 0.955 0.999 0.950 0.980 0.940 0.975 0.975 0.975 0.927
Ta 49 50 59 75 50 53 59 63 61 63 77 92
Tp 49 50 104 175 50 98 100 181 123 113 137 208
N, 13 11 10 9 13 11 10 5 10 8 9 7
Np 13 90 60 110 13 85 60 40 110 80 100 115
Standard deviation 0.002 0.004 0.006 0.010 0.003 0.003 0.005 0.009 0.002 0.003 0.005 0.008
3R a 0.980 0.980 0.960 0.950 0.980 0.960 0.955 0.937 0.975 0.960 0.950 0.925
Ta 51 51 57 69 51 61 61 71 66 65 89 111
T 97 97 109 159 101 101 116 169 113 115 199 214
N, 12 11 10 8 11 10 7 5 9 7 6 6
Ny 100 100 100 40 110 30 80 100 80 50 117 70
Standard deviation 0.002 0.004 0.006 0.012 0.002 0.003 0.004 0.010 0.002 0.005 0.003 0.008

A = fraction of flow rate going into the E,(t); T, = mean residence time of E,(t); T, = mean residence time of E,(t); N, = number of tanks in series of E,(t); N, = number of tanks in

series of Ep(t).
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Increased viscosity in the FFE results in increased film thickness
(Gray, 1981), that could be caused by an increase in the flowing
fluid elements in contact with the surface of the evaporation tubes.
This layer would be decelerated by friction forces, surface tension,
viscosity, etc. and thus present a longer residence time. On the
other hand, the majority of the product may flow in a superim-
posed layer, where the above deceleration forces have a minor
influence, thus contributing to a higher flow velocity and shorter
residence time.

4. Conclusion

The Re¢ provided information about the mean residence time of
the skim milk flow in the FFE. The mean residence time of the
product was higher when the flow regime was characterized as
laminar flow. The flow velocity in wavy-laminar conditions was
higher than in laminar conditions.

The RTD approach provided greater understanding of the flow
in FFE. The concentration affected the dispersion of flow in the
FFE but not the time required for the first particles to exit from
the evaporator: the more concentrated the product, the greater
the dispersion of its particles. The change in t,,;, was affected by
the mass flow rate and section (distance covered by the product).

Some RTD curves exhibited shoulders at the ends. This phe-
nomenon characterized part of the product that followed another
path in the FFE, classified as two different flows, a main and a
minor flow, where two layers of product flowed through the evap-
oration tubes. One, represented by reactor set B, and flowing in
contact with the inner surface of the tube, had a longer mean resi-
dence time, and the second, demonstrated by reactor set A and
representing the greater fraction of product, and flowed over the
first layer, and had a shorter mean residence time compared to
the first layer.

The model with two reactor sets in parallel was effective in
modeling the RTD curves. This model allowed calculation of the

amount of product that took different paths in the FFE, and helped
to improve understanding of the flow of skim milk in FFE.

The future of this work involves combining the RTD approach
with different products and operating conditions in the evaporator.
These parameters can be accessed either by modeling or by mea-
surement, and will make it possible to describe the time/tempera-
ture history of the product, and to establish further correlations
with changes in constituents and operating parameters.
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