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ABSTRACT: In this paper a high-gain observer used to estimate the product compositions in a distillation column for a
non-ideal mixture (ethanol–water) through the tray temperature measurements is presented. The design of this observer
is

 

based

 

on

 

a

 

simplified

 

mathematical

 

model.

 

One

 

of

 

the

 

main

 

advantages

 

of

 

this

 

observer

 

is

 

its

 

constant

 

gain,

 

therefore

 

its

 

tuning

 

depends

 

only

 

on

 

choosing

 

a

 

few

 

constant

 

parameters

 

satisfying

 

some

 

simple

 

algebraic

 

inequalities.

 

The

 

effectiveness

 

of

 

the

 

proposed

 

method

 

is

 

demonstrated

 

through

 

on-line

 

experiments

 

in

 

a

 

distillation

 

pilot

 

plant.
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INTRODUCTION

For chemical processes, the on-line measurement of the
variables that are not accessible or that can be mea-
sured only as a combination of some state variables is
a fundamental difficulty in process engineering. Their
main control problems are caused due to tight inter-
actions between the process variables, nonlinearities of
the process, process and measurement delays and the
large number of involved variables.

State observers, which are generally named ‘virtual
or software sensors’, are applied in order to cope with
problems associated to the lack of on-line sensors by
using on-line and/or off-line measurements (see e.g.
Ref.[1–4]).

In chemical processes, observers have represented
a suitable solution to estimate the unmeasured vari-
ables despite process disturbances and model uncert-
ainties.[5,6] Authors in Ref.[7] developed a state esti-
mator which is stable for systems with probabilistic
sensor gain reductions, unknown external disturbance
and delayed data.

Distillation is the preferred separation process of
fluid mixtures in chemical industry. For this reason,

*Correspondence to: C. M. Astorga-Zaragoza, Centro Nacional de
Investigación y Desarrollo Tecnológico, Interior Internado Palmira
s/n, Col. Palmira, C.P. 62490, Cuernavaca, Mor., Mexico.
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many research works are in progress in this field (see
e.g. Ref.[8−10]). This work focuses on the estimation
problem in distillation columns which is motivated by
the necessity of improving their monitoring and control
schemes. One important variable to estimate in order to
control distillation columns is the product composition.

In order to reconstruct the product composition
dynamics some secondary measurements are used (e.g.
temperatures and pressures). Therefore a significant
amount of effort has been devoted to develop algo-
rithms that provide an accurate parameter identification
and state estimation (state observers) in order to per-
form this reconstruction using secondary measurements
(e.g., temperatures and flows).[11–17]

However, an important difficulty when applying state
observers to nonlinear systems is related to the com-
plex calculation of the observer gain, for instance, Deza
et al .[12] proposed an observer based on a Kalman filter
for distillation columns. However, the robustness of the
numerical resolution of the differential Ricatti equation
is not guaranteed. Other authors have used extended
Luenberger observers,[18,19] but the proposed designs
use a coordinate transformation to update the observer
gain. This implies that the observer design becomes
impractical for systems with a large number of differ-
ential equations (complexity of calculus of the Jacobian
matrix). In Ref.[20] the authors proposed an observer
based on the differential geometry theory which is appli-
cable to either observable or detectable systems and is
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characterized by a systematic construction-tuning proce-
dure, the negative aspect related to the development of
a nonlinear geometric observer for distillation columns
stems from the coordinate transformation on which the
estimator algorithm is based. The geometric approach
requires a quasi-linearization of the nonlinear system,
which is obtained by applying a Lie derivative transfor-
mation to the measured outputs, with a derivative order
depending on the dimension of the state vector and the
number of available measured outputs.

In this paper, a simple constant-gain observer is
synthesized in a distillation process using a recent
approach for the class of nonlinear systems studied
in Ref.[21]. This approach involves a single tuning
parameter despite the number of differential equations
considered in the model. Authors in Ref. [21] show that
the proposed observer is stable and simulation results
were presented considering an ideal binary mixture
composed of methanol–ethanol.

The main interest of this work is the on-line test
of this observer in a pilot plant, and to verify if this
observer is useful to estimate the plate compositions for
a non-ideal mixture composed of ethanol–water, using
only two on-line measurements: the condenser and the
boiler temperatures.

THE BINARY DISTILLATION COLUMN MODEL

The binary distillation column model is derived from
the binary distillation column scheme shown in Fig. 1.
There are three principal stages considered in a distil-
lation column (condenser, trays and boiler); for every
stage, the balances of energy and material should be
formulated as well as the vapor–liquid equilibrium rela-
tions of the mixture.

General aspects

The scheme of a typical distillation column is shown
in Fig. 1. The binary feeding mixture (molar flow rate,
F ) is introduced toward the middle of the column (the
feeding tray). The distilled product (molar flow rate, D),
which mainly contains the light component in liquid
phase (a total condenser is assumed), is removed from
the top of the column. The bottom product (molar
flow rate, B ), which contains the heavy component in
higher concentration, is removed from the bottom of the
column. Part of the overhead product (reflux) is returned
into the column to improve purity by manipulating the
reflux rate using a three-way valve. Column stages
are labeled using an ascendent numeration from the
condenser to the boiler: i = 1, . . . , N . Sections of the
column are:

• Condenser, tray i = 1.

Figure 1. Mathematical model of a distillation col-
umn. This figure is available in colour online at
www.apjChemEng.com.

• Rectifying section, trays i = 2, . . . , f − 1.
• Feeding tray, tray i = f .
• Stripping section, trays i = f + 1, . . . , N − 1.
• Boiler, tray i = N .

Physics behavior

Due to its physical structure, a distillation column can
be modeled like a set of interconnected stages using a
mass balance and an equilibrium relation at every stage.

The algebraic and differential equations of the model
are formulated to calculate the composition of the light
component in the liquid and vapor phases (designated
by x and y , respectively).

Assumptions
The following assumptions, taken from Ref.[22,23] are
considered in the model formulation:

• (A1) Constant pressure.
• (A2) Ideal liquid–vapor equilibrium.
• (A3) Liquid properties behave as a non-ideal mixture.
• (A4) Negligible molar vapor holdup compared to the

molar liquid holdup.
• (A5) Boiler as a theoretical tray.
• (A6) Total condenser.
• (A7) Constant liquid volumetric hold up.

Vapor–liquid equilibrium
If a vapor and a liquid are in intimate contact for a
long time period, equilibrium is attained between the
two phases. This concept of vapor–liquid equilibrium
(VLE) is elemental to model distillation columns. If the
vapor–liquid equilibrium exists, then the component
vapor composition y and its liquid composition x
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can be computed by correlating equations such as
(yeq , x eq) = K (T , PT ), where T is the temperature, PT

is the total pressure, yeq and x eq are the vapor and liquid
composition of the component at the equilibrium phase,
respectively. The equilibrium constant K depends on
the thermodynamical properties of the mixture.

The non-ideality of a binary mixture is due to
different causes, the most common is the non-ideality
of the liquid phase. In consequence, specially designed
models are used to represent these non-idealities. For
low pressure systems, the equation that represents the
vapor composition of the desired component is:

yPT = P sat xγ (1)

where P sat is the vapor partial pressure and γ is
the activity coefficient of the component in every
stage. This is a correction factor highly dependent on
the concentration. In this work the vapor composition
is calculated as a function of the light component
(ethanol). One method to determine this coefficient uses
the Van Laar equation:











lnγEOH = A12

(

A21(1−x)

A12x+A21(1−x)

)2

lnγH 20 = A21

(

A12x
A12x+A21(1−x)

)2
(2)

where A12 and A21 are two interaction parameters
established for a binary mixture and x is the liquid com-
position. Their values for the ethanol–water mixture can
be found in Ref.[24].

Mass transfer effects
In order to deal with the mass transfer effects, the
Murphree’s efficiencies are introduced. The Murphree
stage efficiency Ei is the ratio between the current
change in vapor composition between two stages and
the change that will occur if the vapor is in equilibrium
with the liquid leaving the stage.

In mathematical form the Murphree’s efficiencies for
the stripping section are given by

Ei =
yi − yi+1

y
eq

i − yi+1

, i = f , f + 1, . . . , N − 1 (3)

and EN = 1 considering assumption (A5).
In the rectifying section, the Murprhee efficiency ei

is defined with respect to the liquid phase:

ei =
xi − xi−1

x
eq

i − xi−1

, i = 2, 3, . . . , f − 1 (4)

Molar flow rates
In the rectifying section the vapor molar flow VR and
the liquid molar flow LR are:

{

VR = VS + (1 − qF )F , i = 1, . . . , f

LR = (1 − rv )VR, i = 1, . . . , f − 1
(5)

where

qF = 1 +
Cp(Tb − TF )

λ
(6)

qF describes the feeding condition according to
Table 1, rv is a binary variable representing the reflux
valve position (a three way ON-OFF valve), i.e. rv = 0
means that LR = VR and rv = 1 means that LR = 0 (see
Fig. 1).

In Eq. (6) Cp is the specific heat, Tb is the boiling
temperature, TF is the feeding temperature and λ is the
vaporization enthalpy.

F is the molar flow of the feeding stream

F = FV [ρEOH wEOH + ρH 20(1 − wEOH )]

×

(

xf

MWEOH

+
1 − xf

MWH 20

)

(7)

where FV is the volumetric flow of the feeding
stream, ρEOH , ρH 2O are densities and MWEOH , MWH 2O

are molecular weights (subscripts EOH and H 2O

denotes ethanol and water respectively). wEOH is the
weight fraction of the light component given by

wEOH =
xf ρEOH

xf ρEOH + (1 − xf )ρH 20

(8)

The distilled product flow rate, D is given by D =
VRrv , where rv is a binary variable representing the
reflux valve opening, i.e. rv = 0 means that D = 0 and
rv = 1 means that D = VR .

In the stripping section, the vapor molar flow VS and
the liquid molar flow LS are, respectively

VS =
Qb

λEOH xN + λH 20(1 − xN ),
i = f + 1, . . . , N

LS = LR + qF F , i = f , . . . , N (9)

where Qb is the heating power on the boiler. Finally,
the molar flow rate of the bottom product is:

B = (LS − VS )bv

Table 1. Feeding condition.

Value Vaporization degree

qF < 0 Superheated vapor
qF = 0 Saturated vapor
0 < qF < 1 Liquid and vapor
qF > 1 Subcooled liquid
qF = 1 Saturated liquid
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where bv is a binary variable representing the bottom
valve opening, i.e.

bv =







0, (if batch distillation is performed)

1, (if the bottom product is withdrawn

from the boiler)

The dynamic model

Tray and distilled product compositions are estimated
by using the dynamic model based on material, com-
ponent and energy balances. Taking into account the
assumptions (A1) to (A7), a set of differential equa-
tions can be derived for the material balance of the
light component at each tray:[25]







































dM1

dt
= V2 − L1 − D

dMi

dt
= Vi+1 − Li − Vi + Li−1 + δ(i )F , i = 2, 3,

. . . , N − 1

dMN

dt
= LN −1 − VN − B

(10)

The component balances for each stage are given by







































d(M1x1)

dt
= V2y2 − L1x1 − Dx1

d(Mi xi )

dt
= Vi+1yi+1 − Li xi − Vi yi + Li−1xi−1

+δ(i )Fzf (11)

d(MN xN )

dt
= LN −1xN −1 − VN yN − BxN

where

δ(i ) =

{

1 if i = f

0 if i �= f

zf is the molar composition of the feeding stream
given by

zf =

(

vEOH ρEOH /MWEOH

vEOH ρEOH /MWEOH + vH 20ρH 20/MWH 20

)

(12)

where vEOH , vH2O are the initial volume of each
component (ethanol or water) on the feeding container
(depicted as D1 in Fig.3).

The molar hold-up for every stage Mi can be approx-
imated as[26]

Mi = vi

1

xi MWEOH

ρEOH

+
(1 − xi )MWH2O

ρH20

; i = 1, . . . , N

(13)

The enthalpies of the process are considered constant,
therefore the energy balance is not taken into account
to develop this model.

OBSERVER DESIGN FOR A CLASS OF
NONLINEAR TRIANGULAR SYSTEMS

The following notation will be used in the rest of
the paper: bold letters denote vectors or matrices; the
superscript T denotes matrix transpose.

Consider the following nonlinear system written in a
compact form:















ζ̇ 1(t) = f1(ζ (t), u(t)) + ε1(t)

ζ̇ 2(t) = f2(ζ (t), u(t)) + ε2(t)

̺(t) =
[

̺1(t) ̺2(t)
]T

=
[

Cn1
ζ 1(t) Cn2

ζ 2(t)
]T

(14)

where ζ 1(t) ∈ Rn1 , ζ 2(t) ∈ Rn2 , are the state vectors
of the system, such that n1 + n2 = n is the order of
the system (nj , j = 1, 2, is the size of every state
vector ζ j (t)). Superscripts 1 and 2 are used to denote

subvectors, i.e. ζ (t) =
[

ζ 1(t) ζ 2(t)
]T

∈ Rn , whereas
subscripts are used to denote the elements of a vector,

i.e. ζ j (t) =
[

ζ
j

1(t), ζ
j

2(t), . . . , ζ
j
nj
(t)

]T

.

u(t) ∈ Rm is the input vector; εj (t) ∈ Rnj , j = 1, 2
are two unknown and bounded disturbance vectors;

̺(t) =
[

̺1(t) ̺2(t)
]T

∈ R2 is the measured output vec-
tor. Cnj

= [1 0 . . . 0] ∈ Rnj , j = 1, 2, then the expres-

sion Cnj
ζ j (t), j = 1, 2 means that only the first ele-

ment of vector ζ j (t), j = 1, 2 is measurable, i.e. j̺ (t) =

ζ
j

1(t), j = 1, 2. Finally, the vectors fj (t), j = 1, 2 have
the following triangular structure (the time dependency
is omitted for the sake of simplicity):

f1(ζ , u) =



















f 1
1 (ζ 1

1 , ζ 1
2 , u)

f 1
2 (ζ 1

1 , ζ 1
2 , ζ 1

3 , u)

...

f 1
n1−1(ζ

1, u)

f 1
n1

(ζ , u)



















and

f2(ζ , u) =

















f 2
1 (ζ 2

1 , ζ 2
2 , u)

f 2
2 (ζ 2

1 , ζ 2
2 , ζ 2

3 , u)
...

f 2
n2−2(ζ

2
1 , . . . , ζ 2

n2−1, u)

f 2
n2−1(ζ

2, u)

f 2
n2

(ζ , u)

















The following assumptions are considered in order to
design the observer:where vi are the liquid hold-up volume in the trays.
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• (A8) fj (t) is globally Lipschitz with respect to ζ (t).
• (A9) The state variables ζ (t) are bounded

Consider the following notation:

Anj
(t) =











0 a1(t) 0 0
... a2(t) 0

0
. . . anj −1(t)

0 . . . 0 0











(15)

where ak (t), k = 1, . . . , nj − 1 are bounded and
unknown functions satisfying the following assumption:

• (A10) There are two finite real numbers α, β with
α > 0, β > 0 such that α ≤ ak (t) ≤ β.

Lemma As in Ref.[21 ] assume that (A10 ) hold, then for

every σj > 0, j = 1, 2 there exists a nj × nj Symmetric

Positive Definite (S.P.D.) constant matrix Snj
and ∃ηj >

0 such that

AT
nj
(t)Snj

+ Snj
Anj

(t) − σj C
T
nj

Cnj
≤ −ηj Inj

;

∀t ≥ 0; j = 1, 2 (16)

where Anj
(t) is given by Eqn (15), Inj

is the nj × nj

identity matrix, and

Snj
=















s11 s12 0 0

s12 s22

. . .
...

0
. . .

. . . 0
...

. . . s(nj −1)nj

0 . . . 0 s(nj −1)nj
snj nj















Assume that the system given in Eqn (14) satisfies
hypothesis (A8) to (A10). The following theorem is
given:

Theorem Denote by ε the least upper bound of

‖εj (t)‖, j = 1, 2 , i.e. ε = supt≥0 ‖εj (t)‖ (sup denotes

the supremum). Let δ1 , δ2 be two strictly positive con-

stants such that

2n1 − 1

2n2 + 1
δ1 < δ2 <

2n1 + 1

2n2 − 1
δ1; (17)

and �θ
δj = diag(θ δj , θ2 δj , . . . , θnj δj ), j = 1, 2 . Then,

there exist two S.P.D. matrices Snj
, j = 1, 2 given by

Lemma such that the system







˙̂
ζ

1

= f1(ζ̂ , u) − r1�θ δ1 S−1
n1

CT
n1

(Cn1
ζ̂ 1 − ̺1)

2

is an observer for the system given in Eqn (14)

if ∃r1 >0, ∃r2 >0, ∃θ >0, ∃ν1 >0, ∃ν2 >0, ∃µ >0,
such that ∀ζ̂ (0), ζ (0):

‖ζ̂ (t) − ζ (t)‖ ≤ ν1e−µt‖ζ̂ (0) − ζ (0)‖ + ν2ε (19)

Remark If ε �= 0, the estimation error er = ζ̂ (t) −
ζ (t) lies in a ball B(0, ν2ε), however, if ε = 0, the
estimation error er converges toward 0 ∈ Rn in a finite
time. A complete proof of this result is given in Ref.
[21].

APPLICATION OF THE OBSERVER TO A
DISTILLATION COLUMN

The model in nonlinear state-space form

The dynamical mathematical model of the distillation
column is a set of N coupled nonlinear differential
equations given in Eqn (11) (considering Eqn (13), the
material balance given in Eqn (10) become algebraic
equations). A straightforward simplification is obtained
if the Lewis hypothesis is considered, which implies
that vapor and liquid flow rates are constant along the
stripping section and the rectification section. In this
work all the mixture was placed initially in the boiler
and the feed flow rate was not considered (semi-batch
distillation, F = 0, zf = 0). Then L = L1 = L2 = . . . =
LN −1, V = V2 = V3 = . . . = VN .

The states of the model are the liquid compositions
xi (i = 1, . . . , N ). They can be classified in two vec-
tors:

x1(t) =









x1

x2
...

xf −1









x2(t) =









xN

xN −1

...

xf









where clearly n1 + n2 = N . Physically, the elements
of the vectors x1(t) and x2(t) represent the liquid
concentrations in the rectifying and the stripping section
respectively.

The two control variables are u(t) = [u1(t) u2(t)]
T

= [V L]T . These input variables can be manipulated
by varying the heating power applied on the boiler
Qb(t) and the opening period of the reflux valve rv (t)

respectively.
If the top and the bottom product compositions x1 and

xN can be measured, then the measured output vector
is

̺(t) =
[

̺1(t) ̺2(t)
]T

= [x1(t) xN (t)]Tζ
˙ˆ = f2(ζˆ , u) − r2�θδ2 Sn

−
2

1Cn
T

2 
(Cn2 ζˆ 

2 − ̺2)
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This notation leads to the following compact repre-
sentation of the dynamical mathematical model of the
distillation column:

ẋ1(t) = f1(x(t), u(t))

ẋ2(t) = f2(x(t), u(t)) (20)

̺(t) =
[

Cn1
x1(t) Cn2

x2(t)
]T

where x(t) =
[

x1(t) x2(t)
]T

∈ Rn , n = N and

f1(x, u) =



















f 1
1 (x 1

1 , x1
2 , u)

f 1
2 (x 1

1 , x1
2 , x1

3 , u)

...

f 1
n1−1(x

1, u)

f 1
n1

(x, u)



















f2(x, u) =

























f 2
1 (x 2

1 , x2
2 , u)

f 2
2 (x 2

1 , x2
2 , x2

3 , u)

...

f 2
n2−2(x

2
1 , . . . , x2

n2−1, u)

f 2
n2−1(x

2, u)

f 2
n2

(x, u)

























Cnj
= [1 0 0 . . . 0] (j = 1, 2)

Clearly, the system in Eqn (20) have the same form
than Eqn (14) where ζ (t) = x(t) and εj (t) = 0, j =
1, 2 (usually F and zf are considered disturbances, see

for instance Ref.[27]), then the following system is an
observer for the distillation column (assumptions (A8)-
(A10) are fulfilled, see Ref.[21]):

{

˙̂x
1

= f1(x̂, u) − Q1θ (Cn1
x̂1 − ̺1)

˙̂x
2

= f2(x̂, u) − Q2θ (Cn2
x̂2 − ̺2)

(21)

where Qjθ = rj �θ
δj S−1

nj
CT

nj
, for j = 1, 2.

Observer experimental validation

Distillation pilot plant description
The distillation pilot plant, located at the Process Con-
trol Laboratory of the National Center of Technological
Research and Development (CENIDET) in Cuernavaca,
Morelos, Mexico, where the experiments were carried
out is shown in Fig. 2. It has 12 trays, where temper-
ature measurements are available through 8 Resistance
Temperature Detectors (RTDs) Pt-100 located at trays
1, 2, 4, 6, 7, 9, 11 and 12. Using these measurements

Figure 2. The distillation pilot plant interacting with the
monitoring station (PC). This figure is available in colour
online at www.apjChemEng.com.

and considering the equilibrium relation (see section on
Vapor–Liquid Equilibrium), the respective liquid com-
positions can be obtained.

The instruments of the distillation column (an instru-
mentation diagram is shown in Fig. 3) are connected
to two Digitric 500 controllers.[28] These instruments of
the column allow controlling:

• the flow of the cooling liquid through the pneumatic
valve (FV1) and the flow controller (FC1).

• the residual pressure of the plant, which provides
the possibility to operate the column at values lower
than atmospheric pressure; through the pneumatic
valve (PV1), the vacuum pump (G2) and the pressure
controller (PC1).

• the feeding mixture temperature through a pre-
heating electric thermo-coil (J1).

• the feeding mixture doses through the feeding pump
(G1).

6



Figure 3. Distillation column instrumentation. This figure is available in colour online at www.apjChemEng.com.

Figure 4. Monitoring station (no data). This figure is
available in colour online at www.apjChemEng.com.

The monitoring station allows controlling the column,
as well as monitoring the measured temperatures on-
line. The main window (user interface) of the station is
shown in Fig. 4.

Figure 5. Observer on-line implementation. This figure
is available in colour online at www.apjChemEng.com.

High-gain observer tuning
The observer shown in Eqn (21) was implemented in the
process control interface system described in Ref.[29.]
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Figure 5 shows the block diagram of the observer-
interface configuration.

This observer estimates the liquid composition of the
light component (EOH ) for every stage by having the
temperature measurements on stage 1 (condenser) and
stage 12 (boiler).

The high-gain observer is obtained by fixing r1 =
r2 = 25; θ = 0.09 and satisfying (21) with δ1 = 1.2,
δ2 < 2n1+1

2n2−1
δ1 = 1.38 (where n1 = f − 1 = 6, n2 = n −

f + 2 = 6). Finally the Lemma gives:

Snj
=













1 −1 0 0 0 0
−1 2 −1.5 0 0 0
0 −1.5 4 −2 0 0
0 0 −2 8 −3 0
0 0 0 −3 10.5 −4
0 0 0 0 −4 15.5













The observer convergence speed may be chosen
arbitrarily; if θ is large, then the convergence time
becomes shorter. Although if θ is large enough, then
the observer becomes more measurement-noise sensi-
tive (measurement-noise means the deviation of the
measured (observed) value from the true value). The
tuning of nonlinear observers is still theoretically dif-
ficult to achieve, then only simulations and/or on-site
experiments allow obtaining an adequate compromise
between the fast convergence of the observer and its
measurement-noise sensitivity.

Experimental results
Different experiments were developed in order to vali-
date the on-line performance of the observer, consid-
ering the convergence time and the estimated states
accuracy as the main validation parameters. Obtained
results were similar during these different experiments
therefore only one is reported in this paper.

The mixture used in these experiments was ethanol
(EOH )and water (H2O) which is considered a non-ideal
mixture. The physical specifications of the components
of the binary mixture are presented in Table 2.

The experimental validation of the observer given in
Eqn (21) is done considering: EOH volume of 2000 ml,
H2O volume of 2000 ml and process total pressure of
105.86 kPa.

Table 2. Specifications of the components of the
mixture ethanol–water.

Parameter Ethanol Water Units

Density (ρ) 0.789 1 g/cm3

Molecular weight (MW ) 46.069 18.015 g
Boiling temperature (Tb) 78.400 100 ◦C
Vaporization enthalpy (Hvap) 38.560 40.650 kJ /mol
Specific heat (Cp) 0.112 0.076 kJ/mol ◦C

Table 3. Process inputs.

Input Signal Start time

Qb Step 0 − 1000 W 0 min
Reflux Total 0 min
Qb Step 1000 − 1250 W 18 min
Reflux Pulse(ton = toff = 6 s) 38 min
Reflux Total 69 min

The observer initial conditions for the light compo-
nent composition were:

x̂1(0) = [0.862 0.860 0.744 0.743 0.740 0.641]

x̂2(0) = [0.163 0.371 0.560 0.574 0.641]

The temperature measurements available at trays
1, 2, 4, 6, 7, 9, 11 and 12 were used to estimate
the respective liquid compositions as measured data
(see section on Vapor–Liquid Equilibrium). The VLE
curve was adjusted using off-line measurements of the
composition, which were performed using an adequate
alcoholometer.

Since the results obtained for all the trays are quite
similar, only those related to five of them are presented:
the condenser (tray 1), tray 4 in the rectifying section,
the feeding tray, tray 9 in the stripping section and the
boiler (tray 12).

The selected sampling time was 3 s and the time the
experiment lasts was 88 min once it had reached the
steady-state. In the 38th minute, a change in the input
Qb is applied. In the 68th minute, the system goes from
total reflux to partial reflux. These inputs changes are
shown in Table 3.

Figure 6. Measured and estimated composition of EOH at
the condenser. This figure is available in colour online at
www.apjChemEng.com.
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Figures 6 to 10 show a comparison between the
estimated composition and the composition obtained by
using the measured temperatures (experimental data).
In these figures good tracking and quick convergence
of the observer to the experimental data can be seen.
Therefore, it can be assumed that this observer is
adequate to estimate the compositions of the light
component in the binary mixture of ethanol–water
accurately.

An important aspect that makes this case study
interesting is that the equilibrium temperature does not
change significantly when the ethanol mole fraction in
the liquid phase changes from 0.33 to 0.87; in particular,

Figure 7. Measured and estimated composition of EOH at
tray 4 (rectifying section). This figure is available in colour
online at www.apjChemEng.com.

Figure 8. Measured and estimated composition of EOH at
the feeding tray. This figure is available in colour online at
www.apjChemEng.com.

Figure 9. Measured and estimated composition of EOH
at tray 9 (stripping section). This figure is available in
colour online at www.apjChemEng.com.

Figure 10. Measured and estimated composition of EOH
at the boiler. This figure is available in colour online at
www.apjChemEng.com.

the temperature varies by 3◦C approximately within this
mole fraction interval, with a 0.3◦C variation in the
interval from 0.548 to 0.87. This implies that a small
error (or noise) in the measured temperature output can
lead to a large error in the top composition estimation.
On the other hand, at high ethanol dilution on the
bottom, the temperature is very sensitive to composition
changes and measurement noise has a much lower
impact on the estimation.

CONCLUSIONS

In this paper a nonlinear observer for a special class
of multi-output nonlinear system has been presented.
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The nonlinear observer was synthesized by using a
very simple model of a binary distillation column
(ethanol–water) and used to estimate on-line (by using
a process control interface developed for this end) the
ethanol composition at each tray in the column, based
only on temperature measurements in the condenser and
the boiler.

Although this observer was proposed previously in
Ref. [21] there are not previous works covering the on-
line implementation in a real pilot plant. By doing that,
an interesting conclusion arises: this nonlinear observer
can be used not only to estimate the plate compositions
of ideal mixtures, but composition estimation can also
be performed for non-ideal mixtures by using simple
models rather than very complicated models involving
a large number of phenomenons. That means, the
correction term of the observer Qjθ (Cnj x̂

1 − j̺ ), (j =
1, 2) in Eqn (18) compensates well the difference
between the model and the real process.

The main advantage of this kind of correction term is
that the gains Qjθ , (j = 1, 2) are constants and explicitly
given. This feature avoid to compute dynamically the
gains (such is the case in observers based on Kalman
filters, where the solution of the differential Riccati
equations can be very time consuming for this kind
of nonlinear systems involving several state variables)
and then the algorithm becomes faster and easier to be
tuned.

NOMENCLATURE

Capital letters
A12 Van Laar constant
A21 Van Laar constant
B Bottom product flow, mol/min
Cp Specific heat, kJ /mol◦C

D Distilled product, mol/min

E Murphree’s efficiency
F Molar flow of the feeding stream, mol/min

FV Volumetric flow of the feeding stream, mL/min

K Equilibrium constant
L Liquid molar flow, mol/min
LR Liquid molar flow (rectifying section), mol/min

LS Liquid molar flow (stripping section), mol/min

M Molar hold-up, mol

MW Molecular weight, g

N Number of trays
P sat Partial pressure (saturation), kPa
PT Total pressure, kPa

Qb Heating power, Watts

T Temperature, ◦C

Tb Boiling temperature, ◦C

TF Feeding temperature, ◦C

V Vapor molar flow, mol/min
VR Vapor molar flow (rectifying section), mol/min

VS Vapor molar flow (stripping section), mol/min

Lowercase letters

bv Bottom valve opening, [0, 1]
i Tray number
e Murphree’s efficiency
f Feeding tray
qF Quality of the feed
rv Reflux valve opening, [0, 1]
v Volume ml3

w Weight fraction
x Liquid compositions
x eq Liquid compositions in equilibrium
y Vapor compositions
yeq Vapor compositions in equilibrium
zf Feed composition

Greek letters

γ Activity coefficient
λ Vaporization enthalpy, kJ /mol

ρ Component density, g/cm3

Subscripts

EOH Ethanol
H 20 Water
N Number of trays
i Tray number
f Feeding tray
R Rectifying section
S Stripping section
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V. González-Alvarez, C. Pelayo-Ortiz. Dev. Chem. Eng.
Miner. Process., 2005; 13(3–4), 267–278.

[6] R.W. Jones, M.T. Tham. Asia Pac. J. Chem. Eng., 2007; 2(6),
517–525.

[7] X. He, Z. Wang, D.H. Zhou. Asia Pac. J. Chem. Eng., 2008;
3, 712–716.

[8] K. Kolmetz, W. Kiong, S. Hua, T. Lim, D. Summers,
C. Soyza. Asia Pac. J. Chem. Eng., 2007; 2(4), 294–307.

[9] B.V. Babu,M. Khan. Asia Pac. J. Chem. Eng., 2007; 2(4),
322–335.

[10] K. Kolmetz, A. Mardikar, H. Gulati, W. Kiong, T. Yee,
P. Sim. Asia Pac. J. Chem. Eng., 2007; 2(4), 308–314.
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