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ABSTRACT

This study continues from a previous work on the impact of packing density on the fluid flow distribution
in a hollow fiber module [1].

A numerical model was developed to simulate the growth of a particle cake along the surface of a
hollow fiber membrane and the subsequent fluid flow during a microfiltration operation. The model
accounts for the continuous change in porous domain (cake and porous wall) geometry and permeability
as long as filtration occurs. The effect module packing density has upon cake growth is carefully analyzed
both for inside/out (I/0) and outside/in (O/I) filtration modes. The results exhibit significant differences
in the time variations of cake spatial distribution along the fiber as a function of packing density for both
filtration modes. Then a confrontation between forward filtration and backward filtration velocities offers
some conclusion on the effect of packing density on the backwash efficiency. This in turn underlines the

Backwash importance of design parameters in the filtration performance of a hollow fiber module.

1. Introduction

Microfiltration membranes are used in a variety of particle sepa-
ration processes, ranging from turbidity removal from waste water
[2,3] to haze removal from wine, beer and fruit juice [4]. Hol-
low fiber modules have become ubiquitous not only due to their
low manufacturing cost and simple handling but also for their
high membrane area per unit volume of module, compared to
other membrane configurations. Moreover, due to their low aspect-
ratio hollow fiber membranes offer high mechanical strength and
backwashing capability at low module energy costs, compared
to alternatives such as plate-and-frame, spiral wound or tubular
membranes.

However this module configuration has some disadvantages at
high packing densities. Hollow fiber modules need empty spaces
among fiber bundles and around each fiber, not only for the flow of
the permeate, but also to facilitate the mass transfer between the
fiber at the heart of the bundle to the periphery. For high packing
densities, mass transfer and permeate flow could be limited.

Many authors have studied experimentally the influence of
fiber bundle characteristics in microfiltration performance and

* Corresponding author at: Laboratoire d’ingénierie des Systémes Biologiques et
des Procédés, UMR INSA CNRS 5504, UMR INSA INRA 792, 135 avenue de Rangueil,
31077 Toulouse Cedex 04, 5 France.

E-mail address: jan.gunther@insa-toulouse.fr (J. Glinther).

particularly the impact of packing density on permeate flux [6-13].
Hollow fiber membrane modules can provide an extremely high
filtration area mainly because of the high packing density of
low-diameter hollow fibers. Wu and Chen [7] have studied the
contribution from flow distribution on shell-side mass trans-
fer performance in randomly packed hollow fiber modules. They
observed that the mass transfer coefficients rapidly decreased with
increasing packing density until the volume fraction reached 50%.
It then increased with higher packing densities. The fiber packing
density could change shell-side mass transfer coefficient as much
as five fold in a hollow fiber module used for water degassing.
Zheng et al. [9] have analyzed the effects of the fiber distribution
or fiber random packing, on the mass transfer coefficient for a
parallel flow module. They found a misdistribution of fluid flow
in the shell side of the randomly packed hollow fiber module that
became more apparent when the packing density was increased.
Chang and Fane [6] experimentally studied the influence of fiber
diameter on filtration and flux distribution in hollow fiber modules
for cases with gas/liquid two phase flows. They also examined the
influence of fiber arrangement; two kinds were studied with 4 and
8 fibers, and for two channel widths (24 and 8 mm). They showed
that an increased fiber density decreased the rate of flux decline.
They linked this phenomenon to a decrease in bubble size and a
deteriorating inter-fiber hydrodynamic environment.

High packing densities can also promote fouling phenomenon
due to the unfavourable hydrodynamic conditions within the fibers
[8]. Flux decline is a ubiquitous feature of membrane separation



processes due to an accumulation of retained material in the form of
a cake or a precipitate at the membrane surface or from adsorption
within the membrane pores that increases the membrane filtration
resistance. In dead-end microfiltration systems, the flux decline
depends on various features of the feed stream that influence the
filtration resistance of the retained cake [14,15]. For hollow fiber
membrane systems, the flux decline mechanisms are even more
complex. Several causes can be described and pressure drop gradi-
ents are considered first.

For a vertically mounted hollow fiber membrane module oper-
ating in outside/in filtration mode, when pressure is applied to the
external side of the fiber (to obtain permeate flow through the
porous membrane) some of the internal pressure drop will occur
along the membrane while permeate flows in the fiber lumen. The
local transmembrane pressure, which is obtained from the differ-
ence between outside and inside pressure, is higher at the exit and
lower at the entrance of flow. The local flux at the permeate exit is
therefore higher resulting in more rapid membrane fouling in this
area [6]. These flux gradients depend upon fiber design characteris-
tics such as fiber length, fiber diameter and membrane permeability
[8].

In literature, different two dimensional numerical models have
been described to simulate the flow in a membrane or thin channels
with permeable walls [8,16-20]. Some authors have based their
models on a module design in which the position of the feed inlet
creates a radial pressure drop, i.e., inflow is via a tube situated at
the centre of the bundle [21,22], or at the inlet of the outer surface
of the bundle. These models however, generally underestimate the
pressure drop due to packing density.

The computational fluid dynamics based model developed in
our previous work [1], has explored the impact of geometrical
parameters of hollow fibers on the filtration performances of ultra-
pure water of the module. An axisymmetric 2D model operating
in dead-end filtration mode has underlined the major effects of
packing density on the pressure profile and spatial distribution of
permeate velocity along the fiber length. In this study, a numeri-
cal model was developed to simulate the growth of a particle cake
along the surface of a hollow fiber membrane and the subsequent
fluid flow during a microfiltration operation of particles in the con-
text of a microorganism separation. The model accounts for the
continuous change in permeability and the geometry of the fluid
and porous domains during filtration. Numerical simulations were
performed to study the particular case of a hollow fiber module that
is usually used in a particular experimental device [27]. The hollow
fiber module is used inside a membrane bioreactor that was previ-
ously designed to study microbial interactions [5]. In this device, a
physical separation of the different microbial species in two tanks
is obtained thanks to the hollow fiber module. Thus, the growth
of each microbial species is easily analyzed as pure cultures. How-
ever, in order to ensure environmental conditions similar to ones
obtained if all the microorganisms were in a same reactor, filtra-
tion stage should not be restrictive for biological kinetics and all
soluble compounds taking part in microbial activity must cross the
membrane.

For this device, in the same way as other fiber bundles in many
different applications, studies have shown the significant effect of
hydrodynamics on filtration performances and on the growth of
a fouling cake. Consequently, in order to get the best separation
performances the module design should be optimized taking into
account the links between its geometry, hydrodynamics and foul-
ing.

Firstly we present the geometrical domain and the associated
set of governing equations for fluid. Secondly we carefully detail
the model developed to account for cake formation in the case of
spherical monodispersed particles (modeling yeast cells). Then the
simulation results are presented and discussed in terms of time

Table 1
Summary of parameters values used for numerical model.

Ti 125e%m

Te 210e5m

L 0.125m

em 85 um

K 1.7e-16 m?

dp 5e~6m

D|® 25e~%m/0.850e~° m/0.6100e~° m/0.4
P[_ — Pg +0.8 bar

variations and spatial distribution of particle cake along the fiber
both for inside/out (I/O) and outside/in (O/I) filtration mode. Finally
some recommendations are given to improve not only the filtration
stage but also the backwash stage.

2. Methods
2.1. Flow model

A model based on the finite element method was developed in a
previous paper [1] to simulate numerically the flow in a dead-end
hollow fiber module. For the sake of clarity we briefly recall the
geometrical domain, the governing equations and the associated
boundary conditions of the aforementioned model.

Assuming a regular arrangement and a homogeneous working
of the fibers in the module, the geometrical domain is simplified
as a unit element of the module, i.e., a single hollow fiber of length
L. An annular region of fluid surrounding the fiber is considered in
order to account for the packing density of the module according to
the classical Happel’s free surface model [24]. The final domain is
therefore axisymmetric and consists of two cylindrical fluid regions
(i and o) separated by a porous region (p) as depicted in Fig. 1.

The inner and outer radii of the hollow fiber are r; and re, respec-
tively and the thickness of the fluid envelope surrounding the fiber
is D. The ratio “fluid volume to solid volume” in the single cell model
is taken equal to the ratio “fluid volume to solid volume” in the
entire module, when considering all the fiber. The characteristics
parameters of the fiber modules and the operating conditions (fiber
size, pressure value) studied in the paper are reported in Table 1.
These values are based on the experimental conditions used in
previous experimental studies [1,23].

We consider a stationary, laminar and incompressible flow of a
Newtonian fluid in the inner (k=i) and outer fluid channels (k=0).
The Navier Stokes equations govern the mass and momentum bal-
ances:

vauk=0 (1)

where p is the fluid density, w is the fluid dynamic viscosity, P is
the pressure, and u is the velocity vector. The flow in the porous
domain p is ruled by the Darcy Brinkman equation as follows:

b k
p.% + p(uk.Vuk) = —vpk + pv2uk (2)

where p is the fluid density, w is the fluid dynamic viscosity, p is
the pressure, and u is the velocity vector. The flow in the porous
domain p is ruled by the Darcy Brinkman equation as follows:
P

‘E’.%Jrueffvzup—wp—%ul?:o 3)
where eff is the effective dynamic viscosity, commonly considered
as u/e, € representing the porosity and K; is the intrinsic perme-
ability of the porous domain. It is noted that the Darcy model is
perfectly adequate to model fluid flow in porous media however,
the Darcy Brinkman model is preferred when coupling fluid and
porous flow problems, in particular in the transition region where
the continuity can thus be preserved for u and its derivatives.
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Fig. 1. Geometrical simplification of the hollow fiber bundle and scheme of the model with I: internal channel, M: membrane, E: external channel, Rex: outer radius, D:

distance between two fibers, L: length of the fiber.

The associated boundary conditions were chosen to represent a
real application, i.e., constant working pressure, where the overall
pressure difference between inlet and outlet is specified. Constant
pressure values are therefore considered at the inner fluid region
inlet and the outer fluid region outlet. The free surface condition,
proposed by Happel [24],is assumed at the external boundary of the
outer fluid region. It is also assumed that there is a no slip velocity
at the fluid/porous interface [25]. Finally the whole boundary con-
ditions with respect to r and z axis, summarized in Fig. 1, can be
written as:

Inner fluid region:

pPO=<r=r,z=L)=P (4a)
u(0<r<r,z=0)=0 (4b)
ul(0<r<r,z=0)=0 (4¢)
%(r:O,nggL):O (4d)
ul(r=0,0<z<L)=0 (4e)
Outer fluid region:
po(re<r<re+D,z=0)=Py (5a)
U(re<r<re+D,z=L)=0 (5b)
UW(re<r<re+D,z=L)=0 (5¢)
%(r:re+D,0§Z§L):O (5d)
wW(r=re+D,0<z<L)=0 (5e)
Porous region:
W(ri<r<re,z=L)=0 (6a)
W(ri<r<re,z=L)=0 (6b)
W(ri<r<re,z=0)=0 (6¢)
uP(ri<r<re,z=0)=0 (6d)

Porous/fluid interface:

W(r=re,0<z<L)=1u(r=re,0<z<L) (7a)
pP(r=re,0<z<L)=p°(r=re,0<z<1) (7b)
UW(r=re,0<z<L)=ul(r=re,0<z<L)=0 (7¢)
Wr=r,0<z<L)=ul(r=r,0<z<L) (7d)
pP(r=r,0<z<L)=pi(r=r,0=<z<L) (7e)
Wr=r,0<z<L)=ul(r=r,0<z<L)=0 (79)

where the superscriptsi, o, and p are used for inner fluid, outer fluid
and porous regions, respectively, and the subscripts zand rindicate
the axial and radial velocity components, respectively.

It can be noticed that P; — Py is positive or negative in inside/out
filtration mode (IO) or outside/in filtration mode (OI), respectively.

2.2. Fouling model

The development of the fouling model begins by considering the
fouling of a plain filter medium - the membrane - in a cake filtration
operation. It is commonly assumed that the total resistance of the
fouled membrane R; is the sum of two resistances given by:

Rt =Rm +R¢ (8)

where Ry, is the intrinsic resistance of clean membrane and Ry is
the fouling layer resistance.

Firstly it is assumed that: (i) there is separation of the scales,
i.e., the particle size is much larger than the pore size and sec-
ondly; (ii) the fluid flow is uniform at the membrane surface. These
assumptions can fail in some complex cases [26,27] where the
total resistance is actually an order of magnitude higher than that
obtained by Eq. (8) at the beginning of filtration. The fouling resis-
tance is null for a clean membrane but will increase as filtration
occurs. Ry can be considered as the sum of the external and internal
fouling resistances. The external fouling resistance is due to a cake
layer formed by the accumulation of particles at the membrane
surface. The internal fouling resistance is due to pore blocking and
pore constriction. For simplicity, due to the differences in pore and



particle size, it is assumed that the internal resistance is negligible
in the present study. Thus fouling is only considered as the conse-
quence of the accumulation of large particles — micro-organisms in
the considered application - at the surface of the membrane. More-
over, particles are supposed to be monodispersed and spherical.
This can be a reasonable approximation for some microorganisms
such as Saccharomyces cerevisiae. It is true that it is a drastic sim-
plification for many other cases but we can thus make use of the
Carman Kozeny model to evaluate cake resistance and thus focus
our analysis on modeling the filtration at the fiber scale. However,
this part of the modeling would certainly deserve to be significantly
improved and it would be easy to incorporate any improvement
in the modeling at the plane filter medium scale in our approach.
The hydraulic resistance of a cake layer made of monodispersed
spherical particles is given by the Carman Kozeny model [28]:

 150ec(1 — gc)?

Re
2.3
dged

9)

where d;, is the particle diameter and ec and &c are the thickness
and the porosity of the cake layer, respectively. Therefore the total
resistance of the fouled membrane becomes:

Rt = Rm + Rc (10)

The thickness of the cake layer ec can be calculated from the
mass of particles deposited per unit area as:

___ ™
Pp(1 —&c)

where pp is the density of particles and is considered similar to
that of the fluid. Hence in this approach, the cake is characterised
by one single parameter: its porosity €.. Furthermore it is assumed
that the cake is not compressible and its porosity is constant and
uniform.

The next step consists of combining the fouling model for the
plain filter medium with the flow model described in Section 2.1 to
model the filtration at the fiber scale.

During the filtration process, particles are transported by the
fluid towards the membrane. Particle motion depends on several
mechanisms such as convection, Brownian diffusion, gravity and
inertia [29]. Gravity effect can be neglected as particles are non-
buoyant [34]. The relative magnitude of Brownian diffusion and
inertia compared to convection can be estimated using the two fol-
lowing dimensionless numbers: Peclet, P. and Stokes, S¢ numbers
expressed as:

€c (11)

677 Urd>
e = Tp (12)
_ pprdg
S= g (13)

where us is the characteristic filtration velocity, k the Boltzmann
constant, T is the temperature and ! is a characteristic length scale
of the fluid domain (r; for I/O and D for O/I filtration modes, respec-
tively). Using the typical data for the considered application gives
Pe>103 and S;<10-° and indicates that both Brownian diffusion
and inertia have a negligible effect on the particles motion. There-
fore, on the basis of the above estimates, it is assumed that particles
follow the streamlines until they make contact with the membrane
or the cake. Moreover, the molecular interaction forces allow parti-
cles to adhere as soon as they make contact. The particle deposition
rate is then simply proportional to the local filtration velocity. As a
result of the particle capture, a filtration cake eventually forms at
the membrane surface. This induces a modification of the free fluid
domain since the channel aperture decreases as the cake grows.
This in turn results in the evolution of the free fluid flow within

the entrance channel (inner fiber in I/O or outer fiber in O/I filtra-
tion modes, respectively) due to the modification of both the free
fluid domain geometry and filtration velocity distribution along the
membrane. These effects are accounted for in the model under the
assumption of a quasi-steady evolution of the entrance channel
flow. This assumption is supported by the fact that the travel time
of a particle in the entrance channel is much smaller than the time
needed for observing a significant change in the filtration cake local
thickness.

2.3. Numerical method

The set of equations (1)-(7) is solved using the commercially
available finite element code COMSOL multiphysics™. To compute
the evolution of filter medium properties as far as filtration occurs,
inner fiber radius (I/O filtration modes) or outer fiber radius (O/I
filtration modes) is no longer uniform and constant but becomes
time dependant and varies all along the z axis.

The method used to account for particle deposition and cake
layer in the simulations is identical for I/O and O/I filtration modes.
So let us consider for instance the I/O filtration mode. As discussed
in Section 2.2, the particle deposition rate can be assumed to be
proportional to the local filtration velocity. Thus the time variation
of mass of particles deposited per unit area at time t at the position
z along the membrane is equal to the convective flux of mass of
particles. This can be expressed as:

%(z, £) = Goui(r =17, 2, t) (14)
where Cp, is the particle concentration in the fluid (kg/m3).

Cake growth, resulting from the mass of particles deposited, is
modeled using a mesh deformation method, named A.L.E (Arbitrary
Lagrangian and Eulerian method). This method aims to increase the
porous domain constituted by the porous wall (membrane) and the
cake layer and to decrease the inner fluid domain with respect to
cake layer thickness without any remeshing [30]. The permeability
and the thickness of the new porous domain are no longer uniform
and constant and vary with respect to Eqs. (9)-(11) as follows:

el(z)
K2 = Rc(2) + Rm (15a)
ei(z) = ec(z) +em (15b)

where K; is the permeability of the porous domain (instead of Ki,)
and e; is the thickness of the porous domain (instead of e, ).

From a technical point of view, the velocity component of the
fluid-cake interface in the r-axis direction, u¢ has to be considered.
It is simply derived from Eq. (11):

dmy,/dt
C(y)— _ p 16
Ui = - (16)
Then using Eq. (14), we obtain:
uz) = ——Bu(r =1, 2) (17)

B Pp-(1—¢&c)

It can be noticed that the negative sign indicates that the
fluid-cake interface moves towards the centreline of the fiber (I/O
filtration mode). In O/I filtration mode, the method is the same and
uf is be written as:

c _ CP Oy
uy(z) = pp'(l_gc)ur(r_re,z) (18)

The A.L.E. model is solved at each time step to calculate the new
mesh, using uf as the boundary condition at the interface of the
fluid/porous domain meshes (inner fiber side for I/O and outer fiber
side for O/I, respectively). It means that the displacement veloc-
ity of the mesh is prescribed at the fluid/porous domain interface



in the direction of cake growth. In addition, a free mesh displace-
ment in the radial direction is required at z=0 and z=L in the fluid
domain in which the cake develop. Finally a condition of no mesh
displacement is imposed at the other boundaries.

Numerical computations are finally performed according to the
following steps:

- At t=0: K¢(z) =K and e:(z) =en. Fluid flow is computed in both
fluid and porous domains.

- At t=At: mp(z) and ec(z) are calculated from ul(r =y, z). Then
Ki(2), et(z), ut(z) are also calculated.

- The mesh and then the size of the fluid domain (inner fiber for I/O
and outer fiber for O/I, respectively) and of the porous domain are
changed using A.L.E. model and fluid flow is computed in the new
domains.

- and so on.

The time dependant solver is used with a direct linear system
solver (PARDISO) and the time step is free taken by the solver but
controlled by a relative tolerance of 1% for an accurate transient
simulation. In our case, this time step ensures an increase of the
cake thickness always lower than one monolayer of particle (about
5pm).

To sum up, the assumptions that were done in this study are
listed below:

- Shear-induced cake removal as observed in cross-flow or
submerged filtration model was not included. Moreover, back-
transport phenomena based on diffusion were neglected.
According to these assumptions, the particles follow stream lines
until approaching the membrane or the cake surface, where
they form a deposit. For this typical device, the filtration could
be assimilated as dead end filtration. The shear induced cake
removal was neglected because the fluid flow velocity in the z
direction remained small compared to the fluid flow in r direction.

- The particles were envisioned as non-buoyant, monodisperse
spheres, which formed cakes of homogeneous porosity. Phenom-
ena such as pore blocking or cake compressibility were not taken
into account. The spherical particles (7 pwm diameter) are more
than 10 times the size of the pore (0.1 m), so pore blocking was
not taken in account.
The void fraction of a hollow-fiber bundle was represented as an
outer fluid region with a thickness was corresponding to the pack-
ing density. This fluid region was assumed to be of annular shape,
thus neglecting fiber-fiber contacts as observed for an irregular
fiber arrangement. In our previous study we have shown good
agreement between this 1D model and experimental data which
validate this last assumption.

2.4. Calculation mesh

Typically, a mesh with 100 cells along the fiber, 20 cells across
the inner channel, and 10 cells across the porous medium were
used. For the external annular channel, 5 cells, 10 cells and 20 cells
were used for diameters of D=25pum, D=50 pm and D=100 pm,
respectively. Moreover, a non uniform mesh distribution was used
forinternal and external channel, with the cell density being higher
at the membrane interface. Special care was taken to avoid exces-
sively high cell stretch rates. In all the three cases, we checked that
the filtration velocity profile along the fiber and flow rate of the
external channel were independent of the mesh used. Using a mesh
five times smaller, the difference was below 0.2% and 0.04%, respec-
tively for the filtration velocity and for the flow rate values. From
these results, we choose a grid containing:

~

e

Fig. 2. Numerical simulations performed using flow model and fouling model in
outside/in filtration mode.

- 3250 elements for D=25 pm (@ =0.8),
- 3450 elements for D=50 um (©=0.6) and
- 4950 elements for D=100 pum (®=0.4).

3. Results

Numerical simulations performed using the flow (Section 2.1)
and fouling (Section 2.2) models are illustrated in Fig. 2, where a
typical outside/in filtration is presented. After a certain filtration
time, a non-uniform cake developed on the outer fiber surface. The
membrane and cake create a non-uniform porous region (in light
grey in Fig. 2) that separates the inner and outer fluid regions. The
streamlines (straight lines) show the fluid flow from the entrance
(bottom of the outer fluid region, i.e., the outer fiber) to the exit (top
of the inner fluid region, i.e., the inner fiber) of the system. In this
particular case, the computational results indicate that filtration
preferentially takes place close to the entrance since streamlines
are more tightly packed at the bottom than at the top of the porous
region.

As already mentioned, all the numerical simulations were per-
formed for a constant and uniform cake porosity &.=0.45. The
results are presented and discussed in terms of filtration velocity v¢
(m/s) and cake thickness e. (m) along the fiber length. The filtration
velocity is defined as the radial velocity at the inner fluid/porous
interface for 1/0 filtration (ug(z) = uP(r;, z) = ui(r;, z)) and at the
outer porous/fluid interface for O/I filtration (uf(z) = uP(re, z) =
u?(re, z). In the associated figures, the bottom of the fiber corre-
sponds to the z=0 position and the top is the z=L position. For I/O
the suspension entrance is at the top of the fiber while for O/I the
flow circulates from the bottom to the top of the fiber.

3.1. Inside/out filtration mode

Longitudinal profiles of filtration velocity: (i) with pure water
and (ii) with a particle suspension are shown in Fig. 3. For pure
water filtration, previous work [1] has shown that space restric-
tion in the annulus due to an increase in packing density, leads
to a higher pressure at the top of the external channel than at
the bottom. This phenomenon generates a high local transmem-
brane pressure gradient along the fiber that governs the flux value
(Fig. 3a). Thus, filtration takes place preferentially in the region
where the local transmembrane pressure is higher. The filtration
flow velocity is 70% higher at the bottom of the fiber than at the top
with a high packing density (@ =0.8). Conversely, filtration prefer-
entially takes place at the top of the fiber with a low packing density
(®=0.4) leading to a filtration flow velocity 25% higher.

When an actual filtration takes place (where the fluid contains
particles), the cake formation modifies the longitudinal profile of
the filtration flow velocity. The plots in Fig. 3b-d illustrate the
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Fig. 3. Axial flux profiles for IO filtration mode without particles (a), and for fouling of the fiber for three packing densities with time: (b) @=0.8, (c) ©=0.6, (d) ®=0.4.

decline in filtration velocity from when t=10s to t=120s for the
three packing densities.

For the highest packing density (@ =0.8) (Fig. 3b), the filtration
velocity is lower towards the entrance of the fiber flow than at the
bottom due to a lower local transmembrane pressure. The time
variations of the longitudinal profile show a homogenization of the
filtration velocity along the fiber in the first minute and then a slight
change in the flow profile probably due to the cake characteristics
(thickness). Fig. 4a shows that the cake deposit is thicker at the
bottom of the fiber by 50% after 10s and 10% after 120s. Consid-
ering a medium packing density of @=0.6 (Fig. 3c), the variation
in the filtration flow velocity along the fiber remains low. How-
ever, at the beginning of the filtration, the filtration flow velocity
is slightly higher near the entrance and at the bottom of the fiber
during the first 10s. The profile becomes more homogeneous after
30 and 120s. This tendency is confirmed in Fig. 4b which reveals
a higher cake thickness at both extremities of the fiber at the ini-
tial stage of filtration and a homogeneous cake thickness at the
final stage. When considering the lowest packing density (& =0.4),
the situation is opposite to that obtained for the highest packing
density. The filtration velocity is higher at the top of the fiber lead-
ing to a thicker cake near the entrance. The results for this latter
case are close to those for filtration models described in literature
[31,32].

3.2. Outside/in filtration mode

The filtration flow velocity profile along the fiber with pure
water (i) and a particle suspension (ii) are shown in Fig. 5. Fig. 5a
summarizes the flow velocity obtained without particles, i.e., at the
beginning of the filtration step and illustrates how packing density
affects filtration flow velocity profile along the fiber length. Due
to pressure variations along the fiber, the greatest variation in the
flow velocity profile along the fiber is experienced with the highest
packing density where as it is more homogeneous with a medium
fiber packing density.

When filtering a particle suspension, the longitudinal filtra-
tion flow velocity profile drastically changes with time as the cake
grows. With the highest packing density, the flux reduction along
the fiber length appears to be more important than for [/O filtration
due to the local pressure conditions. Considering high (Fig. 5b) and
medium (Fig. 5¢) packing densities, at the beginning of filtration,
the highest flow velocity values are first obtained in the inlet half
of the hollow fiber. For fiber densities of @=0.8 and @ =0.6, the
filtration velocity is 80% and 10% higher near the entrance (at the
bottom of the fiber), respectively. For a packing density of ®=0.4,
the filtration flow velocity profile is more homogeneous; filtra-
tion takes place all along the fiber rather than at the ends of the
fiber, at both the beginning and end of the filtration simulation.
These results show that a decreasing packing density leads to a
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higher filtration flux and a more homogeneous flux profile along
the fiber.

The spatial deposition of particles and the resulting cake growth
along the fiber length is a direct consequence of the preferential
flow profile described above. At the end of the filtration simula-
tion, the cake becomes thicker when moving towards the bottom
of the fiber and is more significantly so between the middle and the
bottom of the fiber for the high and the medium packing densities
to preserve its initial spatial distribution. Considering the lowest
packing density, the cake growth is more or less uniform along the
fiber with time due to the stability of the flux profile. The over-
all cake deposition along the fiber is more important but more
homogeneous than the one obtained at higher packing densities.

The overall performance of the two filtration modes can be
expressed by the net flow rate of one fiber Q (j1/s). This is derived
from a simple integration of the filtration velocity over the mem-
brane area as follows:

L
Q=2nri/ ul dz
0

The time variations of the flow rate values illustrate the
strong influence of the filtration mode on filtration performance
(Figs. 7 and 8) since for the I/O filtration mode the flux tends to

(19)

level off while in the O/I filtration mode a continuous decrease is
still present after 120s.

For packing densities of 0.8 (Fig. 6a) and 0.6 (Fig. 6b), it is noted
that the filtration stops at 20s and 60s, respectively. After these
times, the cake is so thick at the entrance (the bottom) that it
prevents the fluid from entering the outer region and therefore fil-
tration stops. This phenomenon is illustrated in Fig. 8 the evolution
of the filtration flow rate with time for the O/I filtration mode is pre-
sented. For packing densities of 0.8 and 0.6 the filtration stops as
previously described at 20 and 60 s (arrow) with a flow rate equal to
zero. For a packing density of 0.4, the filtration simulation reaches
the designated filtration time of 120 s where the cake grows to a
thickness of 75 pm along the whole fiber (Fig. 6¢). This value is of
the same order of magnitude obtained for the cake thickness for
an I/0 filtration of the same time. This suggests that for a packing
density of 0.4, the pressure gradient is not large enough to over-
come the combined resistances of the membrane and the cake at
any point along the fiber and thus results in a very low filtration
flux (<5 wl/s at 1205s) as shown in Figs. 7 and 8.

4. Discussion

The observed distinct patterns of cake deposition onto the
membrane surface can be assumed to be a consequence of the
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non-uniform filtration velocity profile which, appears to depend
on the membrane permeability and fiber packing density as
demonstrated previously [1]. The impact of the packing density on
the fouling of the hollow fiber membranes could be described in
three distinct mechanisms, characterised by preferential areas of
particle deposition and cake growth along the fiber length.

(i) The first mechanism is related to the simple problem of fil-
tration in a single porous tube with suction. With an 1/O
filtration mode and very low packing density, the fiber behaves
as if it was a single fiber without neighbours, the filtration
velocity along the fiber should then be independent of the
packing density and the outer pressure is uniform. This mech-
anism is deduced from Fig. 3a (I/O filtration without particles)
which, gives the longitudinal profile of filtration velocity at
the beginning of the filtration and Fig. 4c which shows the
time variations of the aforementioned profile during filtration.
The highest flux is first obtained near the entrance of the fiber
where the pressure difference is higher. This increases the par-
ticle deposition on membrane surface near the entrance. The
flux profile and the subsequent cake growth then progres-
sively become more uniform. It can be deduced from Fig. 4c
that the difference between the maximum and minimum cake
heights relative to the mean cake height, |ec max — €minl / (€c),
decreases with time.

(ii) The second mechanism is due to space restrictions in the exter-
nal annulus, corresponding to the high packing density. The

resulting filtration pattern is characterised in Figs. 4a and 6a,
by preferential deposition of the particles between the middle
and the bottom of the fiber. Consequently, the most produc-
tive region of the membrane, in terms of flux, is fouled first
and the filtration velocity decreases more rapidly than for the
rest of the fiber as shown in Figs. 3b and 5b. Nevertheless, the
distribution of cake growth is different for the outside/in and
in/outside filtration modes. This could be explained by a higher
effect of external region restriction due to the existence of the
deposit on the outer pressure.

(iii) The third mechanism describes how a more homogeneous

filtration takes place along the fiber as the packing density
decreases and the pressure distribution along the fiber in the
external channel is more uniform. It can be assumed that part
of the fiber membrane surface area that was not readily acces-
sible at high packing density becomes accessible and active
when the density decreases. As a result, the rate of cake growth
is higher as shown in Fig. 4b and 6b however, this can have a
negative effect on the filtration as the channel diameter will
decrease quicker due to the increased cake deposition. This
phenomenon is more pronounced with an outside/in filtration
mode and is clearly illustrated by Fig. 6a and b. As the cake
grows in the channel, the fluid flow cross section becomes
smaller. At a critical moment occurs at 60s, where the pres-
sure distribution becomes similar to that obtained for a high
packing density and then, the filtration mainly takes place near
the entrance of the fiber (Fig. 5¢, t=605).
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As described in the previous sections, Figs. 3a and 5a represent be noticed that in the context of the application of interest which is
the longitudinal variations of the filtration velocity along the fiber an immersed membrane bioreactor [5], the resistance of the cake
without particles for the inside/out and outside/in filtration modes, was less than the resistance of the membrane.
respectively. Fig. 4 and 6 represent the cake thickness profiles for Indeed, for this fluid, the cake and membrane resistance were
the inside/out and outside/in filtration modes, respectively. It can measured experimentally and it was shown that the cake resistance
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was far less than the membrane resistance in the range of time used
in this membrane bioreactor [33]. Thus, we can use these simulated
profiles and associate them to optimize the operating conditions
of a whole cycle of filtration including a one step filtration fol-
lowed by a backwash step. In this case, the deposit would be formed
according to the constraints of the filtration module geometry. The
confrontation of the I/O and O/I profiles allow some conclusions
to be made and advice to be given. For the inside/out filtration
mode and a low packing density (@ =0.4) the backwash filtration
flow velocity will be higher at the top of the fiber leading to better
removal of the cake deposit in this area. For higher fiber packing
densities (@ =0.8), the backwash flow velocity will be higher at the
bottom of the fiber leading to better removal of the deposit in this
area. The same conclusions are reached for the outside/in filtration
mode.

In this study, simplified model conditions have been selected
and particles have been considered inert and monodispersed.
Obviously, in the objective of an application to filtration of real
microorganisms, other phenomena should be taken into considera-
tion depending on the particle characteristics (size, shape, chemical
interactions with the membrane,. . .) and will be the aim of further
work.

5. Conclusion

The effect packing density has on spatial cake growth along
the fiber was studied using a general handling two dimensional
axisymmetric model which considers a coupled physical prob-
lem of fluid flow in a channel and through a porous media with
an original method to account for cake growth. For simplicity,
cake properties like compressibility, specifics of the feed and
non-convective transport phenomena were not included. A non-
uniform filtration velocity along the fiber is ubiquitous in hollow
fiber filtration and leads to uneven particle deposition and cake
growth. The model shows aninversed particle deposition pattern at
the highest packing density considered, compared with the lowest
packing density, in which the fibers can be considered individually.
This leads to higher particle deposition at the bottom of the fiber
for both the outside/in and inside/out filtration modes. Finally, the
results show that a moderate packing density leads to a higher fil-
tration flux and a more homogeneous axial flux profile along the
fiber.

This approach highlights the interest of models describing flows
and cake growth in hollow fiber filtration modules as a powerful
tool for analyzing the effect of the filtration device geometry on
the filtration performance. This approach is therefore useful in the
design of these filtration devices.

Nomenclature

Cp particle concentration (kg/m3)

D thickness of the fluid envelope (m)

dp particle diameter (m)

ec thickness of the cake layer (m)

em thickness of the membrane (m)

e total thickness of the porous domain (m)
10 inside/out filtration mode

Km permeability of the membrane (m?)

K¢ total permeability of the porous domain (m?)
k Boltzman constant (J/K)

L length of the fiber (m)

M membrane or porous sub domain

mp mass of particle deposited per unit area (kg/m?2)
ol outside/in filtration mode
P pressure (bar)
Pe Peclet number
P —Py net pressure drop in the module (bar)
T inner fiber radius (m)
Te outer fiber radius (m)
Rc cake resistance (m~1)
Rm membrane resistance (m~')
Rt total resistance (m~1)
St Stokes number
T temperature (K)
u velocity (m/s)
Superscripts
i inner fluid region
p porous fluid region
o} outer fluid region
Greek symbols
AP local transmembrane pressure (bar)
&c porosity of the cake layer
€ porosity
" dynamic viscosity (Pas)
Weff effective dynamic fluid viscosity (Pas)
packing density
Pp particle density (kg/m3)
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