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Experimental and numerical investigation of two-phase pressure drop in vertical cross-flow over a horizontal tube bundle
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Experimental pressure-drop data for vertical two-phase air-water flow across horizontal tubes is presented for gas mass fractions in the range 0.0005-0.6 and mass fluxes in the range 25-700 kg/m 2 s. The square inline tube bundle had one column containing ten tubes and two columns of half tubes attached to the walls.

The tubes had a diameter of 38 mm and a pitch to diameter ratio of 1.32. This data and air-water and R113 vapour-liquid data available in the literature are compared with the predictions from two kettle reboiler models, the one-dimensional model and a one-dimensional formulation of the two-fluid model. The one-dimensional model was implemented with three separate void fraction correlations and one twophase friction multiplier correlation. The results show that the two-fluid model predicts air-water void fraction data well but R113 data poorly with pressure drop predictions for both being unsatisfactory. The one-dimensional model is shown to predict pressure-drop and void fraction data reasonably well, provided a careful choice is made for the void fraction correlation.

Introduction

Shell and tube heat exchangers are widely used in the process industry with the kettle reboiler being one of the most common. A kettle reboiler consists of a tube bundle placed in a shell. The heating fluid flows inside the tubes while the heated fluid boils outside the tubes, figure 1. The difference in densities between the two-phase mixture flowing in the bundle and the liquid flowing between the bundle and the shell wall causes natural circulation to occur. To determine the circulation flow rate, different modelling approaches have been proposed.

The simplest approach is the one-dimensional model, where the liquid is assumed to enter the bundle from the bottom and evaporate while it moves vertically upwards. The two-phase pressure drop in the tube bundle is assumed equal to the static head of the liquid between the bundle and the shell. Since the two-phase pressure drop has gravity, acceleration and friction components, the void fraction and a two- Attempts to model the two-dimensional flow have been made using the algebraic slip model and the twofluid model. The former assumes that the two phases move in the same direction but with different velocities and was used by Burnside [START_REF] Burnside | 2-D Kettle Reboiler Circulation Model[END_REF]. The two-fluid model is a more advanced approach to modelling the two-phase flow in a complex geometry. The model assumes that each phase has its own conservation equations describing mass, momentum and energy. These are solved together with closure equations used to define the interaction between the phases and between the phases and the tubes in the bundle. The interfacial drag coefficient allows the drag force between the phases to be found and is one of the most important closure equations because it strongly affects the void fraction and consequently influences the pressure drop.

Edwards and Jensen [START_REF] Edwards | Two-Dimensional Numerical Model of Two-Phase Heat Transfer and Fluid Flow in a Kettle Reboiler[END_REF] produced a 2-D model for the kettle reboiler using the two-fluid approach.

However, due to the absence of information on the interfacial momentum force at that time, the authors assumed a constant drag coefficient for the whole flow field. The value used allowed the experimental void fraction results to be approached, but convergence problems appeared when they got within 30% of the experimental values.

Rahman et al. [START_REF] Rahman | Interfacial Friction Correlation for Shell-Side Vertical Two-Phase Cross-Flow Past Horizontal in-Line and Staggered Tube Bundles[END_REF] were the first to model the interfacial drag coefficient for vertical two-phase flow across a horizontal tube bundle. The drag coefficient was developed from experimental data with the assumption of negligible resistance between the tube walls and the gas or vapour flow, arguing that only the liquid phase was in contact with the tubes in the bundle. The drag coefficient was correlated as a power law function of the Reynolds number.

Stosic and Stevanovic [START_REF] Stosic | Advanced Three-Dimensional Two-Fluid Porous Media Method for Transient Two-Phase Flow Thermal-Hydraulics in Complex Geometries[END_REF], Stevanovic et al. [START_REF] Stevanovic | Horizontal Steam Generator Thermal-Hydraulics at Various Steady-State Power Levels[END_REF], Stevanovic et al. [START_REF] Stevanovic | Numerical Simulation and Analyses of the Loss of Feedwater Transient at the Unit 4 of Kola Npp[END_REF] and Pezo et al. [START_REF] Pezo | A Two-Dimensional Model of the Kettle Reboiler Shell Side Thermal-Hydraulics[END_REF] proposed two correlations for the drag coefficient, one for the bubbly flow regime and the other for the churn flow regime. They derived their coefficients from the air-water void fraction measurements reported by Dowlati et al. [START_REF] Dowlati | Hydrodynamics of Two-Phase Flow across Horizontal in-Line and Staggered Rod Bundles[END_REF]. The details are given in Simovic et al. [START_REF] Simovic | Interfacial Friction Correlations for the Two-Phase Flow across Tube Bundle[END_REF]. The two-fluid model, with these drag coefficient correlations, was used to model boiling flows in horizontal steam generators and kettle reboilers.

The aim of this study is to investigate the reliability of modelling methods for kettle reboilers in reproducing one-dimensional flow data. This is accomplished by obtaining two-phase pressure-drop data from a test bundle and comparing these, and other data, with predictions from the two-fluid model and the one-dimensional model implemented with three different void fraction correlations.

The two-fluid model

A one-dimensional version of the two-fluid model, similar to that used by Simovic et al. [START_REF] Simovic | Interfacial Friction Correlations for the Two-Phase Flow across Tube Bundle[END_REF], was derived for adiabatic, steady state, fully developed flow. Thus, the conservation equations for energy were omitted and the mass equations reduced a constant velocity for each phase. The model was developed using the porous media approach, which assumes that the volume of the domain consists of a solid fraction, s ε , a liquid fraction, l ε , and a gas fraction, g ε , so that the total volume fraction is

1 = + + g l s ε ε ε ( 1)
The volume fraction available for flow, i.e. the porosity, φ , is
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For the square in-line tube bundles considered in this study, the porosity can be obtained from

2 4 1 - = P D π φ ( 3)
where D is the tube diameter and P is the tube pitch. The volume fraction of the gas and liquid phases are given by φ ε α The momentum equation for the liquid phase can be written as
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where gl F is the force on the liquid by the gas per unit volume of domain and sl F is the force on the liquid by the solid per unit volume of domain. The momentum equation for the gas phase is given by
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where lg F is the force on gas by the liquid per unit volume of domain and sg F is the force on the gas by the solid per unit volume of domain. Equating pressure gradients form equations ( 6) and [START_REF] Burnside | 2-D Kettle Reboiler Circulation Model[END_REF], with lg
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The force on the liquid by the gas per unit volume, gl F , is related to the gas velocity g u and the liquid

velocity l u through l g l g gl l D gl u u ) u u ( A C 2 1 F - - ρ = ( 9)
where D C is the drag coefficient and the area of the gas bubbles, gl A , is the cross sectional area of all N bubbles of diameter p D that occupy a unit volume of domain. Thus To close the model, the force on the gas by the tubes, sg F , the force on the liquid by the tubes, sl F , and the drag coefficient must be specified. For bubbly flow, the drag coefficient is obtained from the correlation of Ishii and Zuber [START_REF] Ishii | Drag Coefficient and Relative Velocity in Bubbly, Droplet or Particulate Flows[END_REF], as adapted by Stevanovic et al. [START_REF] Stevanovic | Horizontal Steam Generator Thermal-Hydraulics at Various Steady-State Power Levels[END_REF], i.e. For churn flow, the equation proposed by Stevanovic et al. [START_REF] Stevanovic | Horizontal Steam Generator Thermal-Hydraulics at Various Steady-State Power Levels[END_REF] is used, i.e.
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The force per unit volume on the liquid and on the gas by the solid are calculated respectively from
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and
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where
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) is the single-phase loss coefficients obtained from ESDU [START_REF] Esdu | Crossflow Pressure Loss over Banks of Plain Tubes in Square and Triangular Arrays[END_REF] and D is the tube diameter. The single-phase loss coefficient is a function of Reynolds number based on the minimum superficial velocity, given for the liquid phase by
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And for the gas phase by in which x is the gas mass fraction . It should be noted that the porosity is not mentioned in equations 14

or 15 because it is included implicitly in the single-phase loss coefficient correlation.

The one-dimensional model

For a fully-developed flow, the momentum equation for the one-dimensional model is given by

sf tp F g y p + - = ∂ ∂ ρ ( 18)
where tp ρ is the two-phase density, given by
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and sf F is the force on the fluid by the tubes and is given by
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where lo j is the liquid velocity when it flows alone and φ l 2 is the two-phase multiplier, given by In the present work, an in-line tube bundle has been designed and constructed to obtain pressure-drop data for air-water flows. The flow loop and the corresponding test section are illustrated in figures 2 and 3 respectively. Compressed air was supplied to the test section and was measured and adjusted using magnetically-coupled rotameters and manual valves. Three flow meters with ranges of 0-0.0039, 0-0.034 and 0-0.35 kg/s were used in a parallel arrangement. The accuracy of the flow meters was ±1.6%. Water from the supply tank was measured using one of four different orifice plates, placed in parallel, downstream of the positive displacement pump. These were accurate to ±1%. The water flow from the pump could pass to the test section or be returned to the supply tank through the re-circulation line.

Adjustment of the manual valve placed in the re-circulation line gave the required water flow rate.

The test section consisted of five separable sections including a bubble generator, a convergent section, a settling length, the tube bundle and a second converging section, as shown in figure 3 The porous tube was manufactured by GKN Sinter Metals and had a small effective pore size of 206 microns (SIKA-B). Water entered the Perspex box from below. The air was fed to the porous tubes from both sides to produce a reasonably even two-phase flow that passed through the first convergent section and the 224 mm settling length before entering the tube bundle.

The tube bundle consisted of ten rows of tubes 38.0 mm in outside diameter with one full central column of tubes and two columns of half tubes placed on the walls to reduce bypass leakage. The tubes were 50 mm in length and were arranged in an in-line configuration with a pitch to diameter ratio of 1.32. The flow from the tube bundle passed through the second convergent section and into an air-water separator, where the air was released to the atmosphere and the water was returned to the supply tank.

Eleven pressure taps were placed across the rows to allow pressure drops across each tube to be measured. However, in this study, only the two-phase pressure drops between pressure taps 3 through to 10 are reported. The first two tubes and the last tube were excluded to avoid entrance and exit effects.

The pressure drops were measured using a smart pressure transducer so that the pressure drop range could be adjusted. The upper range value was set to accommodate the expected pressure drop and thus maximize the measurement accuracy. The pressure drop data were collected through a data logger connected to a PC controlled by Labview software. Before pressure drop readings were taken, all lines in the pressure-drop measurement system were purged with water to remove any air. The two-phase pressure drop measurements were conducted at approximately atmospheric pressure with 0.00047 < x < 0.57 and 25 ≤ G ≤ 688 kg/m 2 s. Each experiment was repeated to ensure repeatability. The pressure transducer was accurate to ± 0.25% 5 Model comparisons

Single Phase Pressure Drop

To test the experimental approach, air tests were undertaken at Reynolds numbers of 8920 and 19400.

The loss coefficient for each row was determined from and the homogeneous void fraction, h α , is given by ( )

l g h x x ρ ρ α - + = 1 (26)
The Dowlati correlation is given by correlation, figure 8, over-predicts most of the data for mass fluxes between 156 and 688 kg/m 2 s and is particularly poor for gas mass fractions above 2%.
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Air-water data of Dowlati

Void-fraction and pressure-drop data were obtained by Dowlati et al. [18], predicted their experimental friction pressure drop data reasonably well for mass fluxes greater than 100 kg/m 2 s. The two-fluid model is compared to this in figure 13 for a range of gas mass fractions. The two-fluid model substantially under-predicts the data at low gas mass fraction and over-predicts it at higher values.

Discussion

The predictions from the two-fluid model with the interfacial gas-liquid drag coefficient determined from the correlations proposed by Stevanovic et al. [START_REF] Stevanovic | Horizontal Steam Generator Thermal-Hydraulics at Various Steady-State Power Levels[END_REF] have been compared to several experimental data sets.

The comparison with the pressure-drop measurements from this study is poor, figure 5 predicted by the one-dimensional model using the Feenstra et al [3] correlation. This is not significantly different. However, the void fraction predictions are compared in figure 14, where the two-fluid model is shown to significantly over-predict the void fraction.

Conclusions

This study has investigated the modelling of one-dimensional data with one-dimensional methods. Of those investigated, the most accurate modelling method is the one-dimensional model with the Feenstra et 

  phase friction multiplier are required to complete the model. Several investigators have proposed void fraction correlations, e.g. Schrage et al. [1], Dowlati et al. [2] and Feenstra et al. [3]. For the two-phase multiplier, various investigators have applied the Lockhart and Martinelli [4] method, represented by a simple correlation designed by Chisholm and Laird [5]. The one-dimensional model provides satisfactory prediction at low heat flux. However, at heat fluxes greater than 20 kW/m 2 , the flow becomes twodimensional, Burnside et al. [6].

  . These parts were fabricated from Perspex sheet 12 mm thick and joined together by bolts to provide a transparent view of the flow. The bubble generator consisted of two pieces of porous tube 110 mm long and 50.0 mm in outside diameter placed in a rectangular Perspex box 224 mm in height × 100 mm in depth × 100 mm in width.

  figure 4. The figure reveals very large loss coefficients on the first row followed by increasing coefficients to about row 4, with constant values thereafter, indicating that fully developed flow exists from about row 4 onwards. The ESDU correlation agrees reasonably well with the measured fullydeveloped flow values. This indicates that the approach produces data comparable with previous researchers and justifies the use of the ESDU correlation for finding values to the single-phase loss coefficient used in the one-dimensional and two-fluid flow models.

C 2 C

 2 Figures 5-8 show the predicted pressure drops divided by the measured values varying with the gas mass fraction, or quality. The two-fluid model, figure 5, is shown to predict the pressure drop data to within % 20 ± if the mass flux lies between 312 and 688 kg/m 2 s. However, for mass fluxes out-with this range, the predictions are poor, particularly for gas mass fractions above 1%. The one-dimensional model, with the void fractions obtained from the Feenstra et al. [3] correlation, figure 6, or the Dowlati et al. [2], figure 7, predicts the measured data reasonably well for most mass fluxes. However, for the lower mass fluxes the predictions are less reliable. In contrast, the one-dimensional model with the Schrage et al. [1]

  [2]. The experiments were performed in an in-line tube bundle with 20 rows and 5 columns of tubes with an outside diameter of 19 mm on a pitch to diameter ratio of 1.3. The experimental pressure drops presented were obtained from the single-phase frictional pressure drops, calculated from the correlation of Zukauskas [19], and the experimental two-phase multipliers. Figures 9 and 10 show a comparison of void fraction and pressure drop data for a range of gas mass fractions at mass fluxes of 96 and 503 kg/m 2 s with predictions from the two-fluid model and the one-dimensional model with the Feenstra et al [3] correlation, figure 9. The twofluid and the one-dimensional model with the Feenstra et al. [3] correlation predict the void fraction data very well. However, the pressure drop results, figure 10, reveal that both models predict the pressure drop at a mass flux of 503 kg/m 2 s reasonably well but at the mass flux of 96 kg/m 2 s, both models significantly under predicts the data.5.4 R113 vapour-liquid data of DowlatiExperimental data obtained with R113 as the working fluid were reported byDowlati et al. [20]. The experiments were carried out on an in-line tube bundle consisting of five columns and twenty rows of tubes, 12.7 mm in outside diameter on a 1.3 pitch to diameter ratio. The working fluid was boiled by feeding heated oil inside the tubes to generate uniform heating on all tubes. Figures11 and 12show the comparison of the two-fluid model predictions with the void fraction measurements at three different mass fluxes and a range of gas mass fractions. Also included in the figures are the predictions of the onedimensional model with he correlations of Feenstra et al. [3] and Dowlati et al. [2]. For these predictions , Dowlati et al. [20]. The two-fluid model does not predict the measured void fraction data very well, particularly at low mass flux, figure 11. It over predicts the experimental data over the range of mass fluxes by an average of 20%. The one-dimensional model with the correlation of Dowlati et al. [2] under predicts the data at low mass flux and over predicts it at higher values. The one-dimensional model with the correlation of Feenstra et al. [3] shows reasonable agreement with the measured data. Dowlati et al. [20] reported that the two-phase friction multiplier correlation suggested by Ishihara et al.

  . The air-water void fraction data of Dowlati et al.[2] is predicted very well, figure9. This is not surprising since these were part of the data set used in the formulation of the drag coefficient correlations. At first sight, the failure of the model to predict the corresponding pressure drop data is surprising, figure10. However, the drag coefficient data were deduced by Simovic et al.[START_REF] Simovic | Interfacial Friction Correlations for the Two-Phase Flow across Tube Bundle[END_REF] from equations 8 and 11, with the forces on the fluid by the tubes, F sl and F sg , determined similarly to the method given in Section 2. Thus, the experimental pressure drops were not used in the formulation of the drag coefficient correlations. The poor agreement in figures 5 and 10 is therefore indicative that the modelling of these forces does not capture the actual pressure drop characteristics. The drag coefficient correlations were deduced using only air-water data. The failure to predict the R113 void fraction data ofDowlati et al. [20], figures 11 and 12, suggests that the scaling parameters used in the formulation of the drag coefficient correlations may not allow them to be extrapolated to other fluids. Further work is needed to understand the forces on the fluid by the tubes so that more general drag coefficient correlations can be produced. For most mass fluxes, the one-dimensional model compares reasonably well with the pressure drop data from the present study provided either the Dowlati et al. [2] or the Feenstra et al. [3] correlation is used to determine the void fraction, and the two-phase friction multiplier suggested by Ishihara et al. [18] is used to predict the frictional pressure drop, figures 6 and 7. The deviation at lower mass fluxes probably results from failings in the correlation for the two-phase friction multiplier, which has been reported to be inaccurate at these conditions, Dowlati et al. [2,14,20]. The failure of the model to predict the pressure drop data of Dowlati et al. [2], figure 10, is again indicative of the failings of the frictional pressure drop method at low mass fluxes. Dowlati et al. [2] reported that equation 21 predicted the experimental friction pressure drop data at mass fluxes above 260 kg/m 2 s. Below this, the model under predicted the data. The poorer agreement between the R113 void fraction data of Dowlati et al. [20] and the correlation of Dowlati et al. [2] suggests that it is not as effective for a range of fluids as the correlation of Feenstra et al. [3]. The over-prediction in pressure drop by the one-dimensional model when the Schrage correlation is used to predict the void fraction, figure 8, is indicative of the failure of this method to predict air-water void fractions. Dowlati et al. [2] found that the Schrage et al. [1] correlation underestimated their void fraction measurements by up to 50%. Feenstra et al. [3] found that their model agreed very well with data from several investigators, except that of Schrage et al. [1]. Consequently, the higher pressure-drop predictions observed in figure 8 are probably caused by this void fraction correlation giving a higher gravity pressure drop than actually occurred. The under-predictions are again due to the low mass flux shortcomings of the frictional pressure drop method. Further work is therefore required to investigate the frictional pressure drop at low mass fluxes.Most of the experiments reported are for controlled forced convection flows. In a kettle reboiler, the recirculation results from density differences between the in-bundle flow and the liquid flow between the bundle and the shell wall. These flows are one-dimensional at heat fluxes below 10 kW/m 2 , Burnside et al[6]. To show the consequences of the modelling approaches, a 17 tube column bundle of tubes, 19 mm in diameter on a 25 mm square pitch array was simulated to boil R113 at atmospheric pressure at a heat flux of 10 kW/m 2 . The pressure head was fixed as the hydrostatic head of liquid, which is a common design practice. A mass flux of 151 kg/m 2 s was predicted by the two-fluid model while 138 kg/m 2 s was

  al.[3] correlation used to find the void fraction and the Ishihara correlation [18] used to determine the two-phase multiplier and this is the best design method for kettle reboilers at low heat fluxes, less than 10 kW/m 2 . However, kettle reboilers at higher heat fluxes have a two-dimensional flow field, Burnside et al.[6]. Further work is therefore required to extend the one-dimensional models to two-dimensions. These methods should reduce to the one-dimensional flow model at low heat flux and therefore could be based on some form of extrapolation of them.
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