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The typical example of a non-compact heat exchanger is the shell-and-tube type.

However, many attempts have been made to increase the compactness of such heat exchangers. Among these are the use of enhanced surface tubes in order to replace the smooth tubes still used. This paper describes the evolution of experimental observations and reviews the main models available in the literature for predicting the shell-side heat transfer coefficients for single tubes and tube bundles for pure fluids and azeotropic mix tures and for non-azeotropic mixtures.

ln the case of condensation of pure fluids, heat transfer is controlled by the thermal resistance of the condensate fil.m. The augmentation of condensation heat transfer can be achieved through thinning the condensate film. This can be obtained by draining the con densate via gravity, surface tension or, more rarely, electrical or other mechanical forces.

Another way is to augment turbulent mixing of the condensate. In the case of mixtures, a supplementary resistance appears which is produced by the accumulation near the liquid vapour interface of a layer of the more volatile vapour whose condensation rate is lower than those of the other vapours. This resistance controls condensation heat transfer in most cases and the ways to augment heat transfer should be different.

A large number of specifically designed enhanced surface tubes have been tested to find tlhe best surface geometry for condensing either pure fluid or vapour mixture. These surfaces can be classified in three types: one-dimensional ( 1-D) surfaces (smooth tubes), two-dimensional (2-D) surfaces (with transverse plain fins) and three-dimensional (3-0)

surfaces (with interrupted fins, spines, wires, etc ... ). The 2-D and 3-D surfaces allow the surface tension effects to be enhanced. Moreover, other enhancement techniques can be employed by using promoting systems attached to the tubes such as drainage strips or external systems such as electric fields.

In this paper, main results concerning condensation heat transfer at the outside of smooth tubes are recalled to serve as a reference. Then, main experimental results and theoretical methods of performance prediction are presented and discussed for 2-D sur face tubes. Finally. some resuhs and theoretical models are presented for 3-D surface tubes and comparison is made with 2-D surfaces. Several relevant reviews have already been presented by many authors. One can cite Marto ( 1984) for smooth tubes and heat transfer augmentation techniques and Marto ( 1988) for smooth or integral-fin and enhanced surface tubes, Webb ( 1988), [START_REF] Sukhatme | Condensation on enhanced surface horizontal tubes[END_REF] and more recently, Browne and Bansal ( 1999). The role of surface tension was emphasised by [START_REF] Shah | The role of surface tension in film condensation in ,extended surface passages[END_REF] and Yang ( 1999) .. A statistical review was carried out by Rifert ( 1998) in which are included the basic principles of models as well as the dynamic of the published works from 1947 to 1997. Whilst the effects of the vapour velocity will not 1Ģ considered here it is useful to mention the paper of Cavallini et al. (1996) which is, to our knowledge. the only work which looks at the effects of vapour velocity on condensation on integral-fin tubes.

However, these reviews concerned essentially condensation of pure vapours. For this rea son, special attention will be paid to vapour mixtures of which few results have been pub lished in the literature.

PURE FLUIDS 1.1 Single horizontal smooth tubes

The early film condensation analysis for a horizontal smooth tube was carried out by [START_REF] Nusselt | Die Oberflachen Kondensation der Wa sserdampfes[END_REF], with the following hypotheses: heat transfer in the liquid film restricted to conduction, pure vapour at saturation temperature 1ûtat' wall temperature Tw uniform and no shear at liquid-vapour interface. Neglecting momentum effects, a balance of the shear, gravity and pressure forces leads to the classical expression of the average heat transfer coefficient: (1)

where p1 and p,, are the liquid and vapour density respectively, }1 1 the liquid dynamic vis cosity, 11 the liquid thermal conductivity and &11v the latent heat of condensation.

Defining the Nusselt number Nu by: a D Nu=-

(2)
1t, formula (I) can be written by using dimensionless numbers, as ( )t j-1
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where Ga is a Galileo number defined by

Pr 1 the liquid Prandtl number and Ph the phase change number:

Ga = 8 (P I -P1• ) p,i D3 2 Pt v, (3) 
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The other way is to define a Nusselt number independently of geometry (also called condensation number) by writing or by u. ing the above defined dimensionless numbers:
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Numerous studies followed the pioneering work of Nusselt accounting for condensate subcooling [START_REF] Rohsenow | Heat transfer and temperature distribution in laminar film condensation[END_REF], vapour superheating, inertial forces (Span-ow & Gregg, 1959) and shear stress. Nevertheless, the Nussclt formula remains a� a standard to calcu late the heat transfer coefficie nt when the vapour is stagnant. Note that this formula was established by assuming the fluid thermophysical properties to be constant and taken at the saturation temperature. It is accepted now that the nuid properties are to be taken at a characteristic temperature which is often chosen as the arithmetic average T1 between the wall temperature Tw and the saturation temperature 1úw r (I I)

A diffe rence up to I 0% may be observed when using different characteristic temperatures Other characteristic temperatures can be used, in particular if condensate subcooling is taken into account.
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I .2 Smooth tube bundle

With the same assumptions as in the case of a single tube, Nusselt analysed conden sation on horizontal banks of smooth tubes. He assumed all the condensate dropping from any tube fa lls on the next lower tube. He found that the heat transfer coefficient averaged over all n tubes in a vertical bank is given by: or a, = 0. 728 a1 being the heat transfer coefficient of the top tube. The experimental data for banks of tubes falling above the values of the equation ( 13), Collier and Thome ( 1994). [START_REF] Kern | Process Heat Tr an� fe r[END_REF] proposed to adapt this formula by modifying the 1/4 exponent to take into account the dif ference between actual phenomena (ripples, etc ... ) and ideal model of Nusselt. This kt.l to a family of correlations of the form: a,, = , -r a , ( 14) y= I /6 being the value proposed by Kern. For the jl11 tube, one obtain. the following rela tion:

a j _ -t -r ( ' I J ' •r --} -j- a , ( 15 
)
This modification does not account for the dependence of aj on the heat nux or on the temperature difference T.wt -T," . Chen ( 1961) suggested that since the condensate is subcooled, further condensatiolil can occur on the liquid falling from one tube to the other. Assuming all the cooling energy is removed and considering the additional effect of the momentum gain. he found the following result: 

Single integral-fin tubes (2-D)

The basic surface extension is the low-fin 2-D geometry. These fins are either rectan gular or trapezoidlal and the fin density can vary from 433 fins per meter (fpm) or 11 fins per inch (fpi) to 1640 fpm. (42 fpi). Other 2-D geometries were used whose most com mon are given in fig ure 3. The effect of the fins is to drain the condensate either by gravity or by surface tension effects, improving the heat transfer coefficient. However surface tension effects are also responsible for condensate retention or flooding between the fins in the lower part of tubes which deteriorate the heat transfer coefficient (Figure 4). The resulting coefficient is a compromise between these two effects. 

Gravity drainage models

The fi rst model to analyse the condensation on rectangular fi ns was developed by [START_REF] Beatty | Condensation of vapors on outside of finned tubes[END_REF]. These authors neglected surface tension forces and considered a Nusselt-type condensation on a vertical plate ( fin flanks) and on horizontal tubes (fin tips and space between fins). The heat transfer coefficient can be written as

I [ A r 1 7 JA! l an K = --a"+ a,. TJ A A (I 7)
where a H and a P are the heat transfer coeffLcients given by Nusselt for horizontal tube and vertical plate respectively and where A1 and Ar are the surfaces of the fin flanks and of the tube parts between the fins respectively. The total surface is A=A,.+Ar 11 is the surface efticiency (taken as I by Beatty and Katz) and n1 the fin efficiency.

This heat transfer coefficient can be written under the classical form:
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where the equivalent diameter is defined as
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and where e"q is an equivalent tin height 

(20)

In tine above formulae, De and Dr are the diameters at the tin tip and at the fin root respec tively (Figure 5).

The Beatty and Katz formula was improved by Smirnov and Lukanov ( L 972) to account for fin tips. the formula is unchanged if using the new equivalent diameter:
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A ,lf f' :.(,.f A ct t {) : / .J A eq D :./-1 1.3.2. Surface tension ef f ects a -Retention angle Several authors ( see for instance [START_REF] Rudy | An analytical model to pred ict condensate retention on horizontal integral-fin tubes[END_REF], [START_REF] Masuda | Static configuration of liquid films with low radial fins: impl ications for condensation heat transfer[END_REF]) have calculated and/or measured the angle e1> 1 of the liquid rise height between the fins. The widely accepted value is that calculated by [START_REF] Honda | Augmentation of condensation on horizontal finned tubes by attaching a porous drainage plate[END_REF] who developed an approximate expression for tlhe unflooded angle C!>: Moreover, [START_REF] Masuda | Static configuration of liquid films with low radial fins: impl ications for condensation heat transfer[END_REF], by observing static liquid retention have shown that the liquid can be retained on the upper part of the tube (unflooded region) at the bound ary of the fm flank and of the tube surface. b -Heat trans f er coe f ficient The most simplest method to account for condensate retention by surface tension fo rces is to use the Beatty and Katz theory by substracting the submerged part of a tube.

In their model, Beatty and Katz do not take into account explicitly the flooding of the lower part of the finned tube. However, the coefficient 0.689 in place to 0.728 has been obtained by fitting experimental results for condensation of 6 fluids on a low fin density tube. Butrymowicz and Trela (1997) consider that such a modification is the consequence of condensate retention allowing the flooding angle to be determined as (/> -0.689

f -0.728
Such a constant value is not in agreement with the theoretical results. A first attempt to account for the variable flooded region was made by Rudy and Webb (1981) in as.suming that only the unflooded region is active. They wrote a =anK ; =anK (I � <1> : ) =anK ( I � Cv)

(24)
where C b is the fraction of the tube which retains the condensate. The authors fo und that this equation underpredictetl their experimental results and po. tulated that other mecha nisms occurred to drain the condensate. Another approach is to account for the retention effect by doing a weighted average of the heat transfer coefficients for the flooded and the unflooded region. Sardesai et al. ( 1982) and Owen et al. ( 1983} proposed an extension to the Beatty and Katz model and expressed the average heat transfer coefficient as: or under the form:
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where a h is the heat transfer coefficient in the flooded zone calculated from usual corre lations for single phase flow. However, these authors fo und al o that this method under predicted the experimental results.

We bb et al. ( 11985) developed a theoretical model which assumes that (i) equation ( 17) applied only for the unflooded fraction and (ii) the heat transfer coeffi cient on the fin flanks a1 is established by assuming that surface tension is the dominant force in conden sate dramage from the fin surface. They proposed the equation:

( A . Ar +A, ) a 11 = ( I -Cb ) a H -t + 11 f a 1 • A + Cb ab (27)
where aH is the heat transfer CQefficient on the unflooded root surface of the tube between tins. The determination of a r is made by using the method of [START_REF] Adamek | Bestimmung der Kondensation-grossen auf Feigewellten Obertlachen zur Auslegun Optimaler Wandpro file. Wiirm e-1111d Stoffii bertJ[END_REF] who describes the curvature of the• surface condensate with a function depending on an expo nent t; who e exact value i difficult to know. They fou nd that their model predicted their experimental data for R-1 I to within ± 20 %and Wan niarachchi et al. ( 1986) fo und that their experimental data for steam were predicted within about ± 20 % except fo r com pletely flooded tubes.

The most complete but complex method was developed by Honda and Nozu ( 1987) to predict the average heat transfer coefficient for film condensation on horizontal tubes with trapezoidal fins. In their model, the tl!lbe is divided in flooded and unflooded region (Figure 6). On the fin surface, the authors assume that the condensate is drained by sur face tension and gravity and that in the interfin space the condensate is drained only by gravity. They solve numerically the equation for the condensate film thickness and, based on their numerical results, they give an approximate expression for the Nusselt numbers in both the unflooded (Nud,) and flooded (Nud f ) regions. They finally give the average heat transfer coefficient under the form: ... where 11 is the tin efficiency, T wu and T 11'( are the dimensionless wall temperatures in the unflooded and flooded zones respectively. In the model are included the wall temperature variations determined by an iterative procedure. The model predicts the experimental results of various investigators within ± 20 %. A further extension of this analysis by [START_REF] Honda | A generalised pred iction method for heat transfer during film condensation on a horizontal low ti nned tube[END_REF] reduced the prediction to within ± I 0 %. Another model was presented by [START_REF] Adamek | Pred iction of tilm condensation on horizontal integral finned tubes[END_REF] for predicting the heat transfer coefficient for condensation on tubes with trapezoidal or rectangular fins. In their model, the tube surface is divided in 3 regions: unflooded, flooded and drop-off zones. This last zone, where a condensate drop is formed, insulates the fin tips. The heat trans fer in this zone, estimated to represent I 0 % of the tube circumference, was neglected. The average heat transfer coefficient is given by:
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where N 1 is the number of fins per meter, Lel'll the tube length and A the heat exchange sur face area. The mass flow rate 1iz1111f1o o ded is determined by adding the contributions of the different parts of a tin in the unflo. oded region. The mass flow rate ,;,flooded is given by the condensate formed on the fin tip which is considered as the only active part in the flood ed region. This model is rather easily usable since it does not need a iterative procedure. It was tested with 7 fluids and 80 different tube geometries and predicted the experimen tal results to within± 15 % for most of them.

More recently, [START_REF] Sreepathi | Heat transfer during film condensation of R-123 vapour on horizontal integral-fin tubes[END_REF] have developed a generalised correlation from a theoretical model in which the fin tube surface has also been divided in two region: flooded and unflooded. The fin surface was divided into three parts (i) the fin tip and the upper corner of the fin where the condensate flow is assumed to be smface tension driv en (ii) the fin flank where the condensate flows by gravity (iii) the valley part for which an empirical relation was used. Using the different heat transfer correlations for each part, they obtained the correlation:
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(30)
where 8 is the condensate thickness in the valley region, Su is the surface tension number, n1, 1r2, n3, n4, C 1 , C , . and Care constants which have been determined by comparison with experimental data for fluids as different as R-123, R-I I, water and ethylene glycol with different fin geometries. They obtained:

n 1 = 0./8, n 2 =0.25, n3 = 0.2/, n4 = 0.51 c, = 1.14, c,. = 2.40, c = 0.97.
This. corre lation predicts the heat transfer performance to within ± 30 % or better depend ing on the fluid.

A different appro<:.eh was employed by [START_REF] Rose | An approx imate equation for the vapour-side heat transfer coefficient for con densation on low-tinned tubes[END_REF] by using approximate relations and dimensional analysis arguments to obtain an algebraic expression of a condensation enhancement ratio £defined as the rat io of the heat transfer coefficient of a tinned tube based on the surface area of a plain tube with diameter equal to the fin root diameter, divided by that of a plain tube with diameter equal to the fin root diameter at the same vapour-side temperature diff erence. At given t1T, this enhancement ratio is:

where
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and em is a effect�ve mean vertical fin height given by: eC/J e =--for C/J �TC I 2
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and �(fP) a function whose a polynomial approximation is:
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Some of the terms of this equation depend on constants determined by fitting existing experimental data. In particular the 8 1 constant is taken as 8 1 = 2.96. Briggs and Rose ( 1994) improved the model by accounting for fin efficiency.

The last two methods can be easily used without iterative procedures . Moreover, the Rose method shows a correct variation of the heat transfer coefficient as a function of fin pitch. Briggs and Rose ( 1999) give a detailed comparison of the results of many of the pre viously described models, with a large data base of experimental results.

Optimisation principles

Despite the considerable number of theoretical models proposed in the literature, the prediction of the optimal fin parameters (geometry, fin spacing, fin height and fin thick ness) is still not accurate. As a result, interest was focused on experimental studies in order to investigate the effects of various fin parameters on the vapour-side heat transfer coeffi cient. In this section some investigations related to the optimal fin parameters will be pre sented.

a -Fin height An increase in the fin height results in a surface exchange augmenta tion, which enhances the heat transfer coefficient. On the other hand an increase in the fin height increases the flooded fraction and also reduces the conduction heat transfer through the fin, which deteriorates the heat transfer coefficient. These two antagonistic tendencies yield to an optimum fin height. [START_REF] Wanniarachchi | Film condensation of steam on horimntal lin ned tubes: effect of fin spacing. thickness and height[END_REF] provided experimental data for steam condensation outside a horizontal copper tube with rectangularly-shaped fins. The tubes have a fin spacing of 1.5 mm, a fin thickness of I mm and four different fin height (0.5 mm, I mm, J .5 mm and 2 mm). They found that the enhancement ratio increases with increasing fin height, but the percentage increase in the enhancement ratio is less than the percentage increase in area ratio. A fin height of 2 mm gave the best heat transfer performance. [START_REF] Das | Effects of fin height and thermal conductivity on the performance of integral-fi n tubes for steam condensation[END_REF] conducted experiments during condensation of steam on integral finned tubes. Four different material tubes (Copper, Aluminium,

Copper-Nickel and Stainless Steel) were tes.ted, with diameters at the fin base of about 14 mm, and fin heights ranging from 0.4 to 1.5 mm. They found that when increasing the fin height the enhancement ratio increased for higher conductivity tubes (Cu. Cu-Ni and AI), and decreased with lower conductivity tubes (Stainless Steel). The Stainless Steel tube behaviour was explained by the fact that the effect of conduction through the fins is stronger for lower conductivity materials. They indicated! that the optimum tin height lies beyond 1.5 mm for high conductivity tubes and may lie below 0.5 mm for Stainless Steel tube.

b -Fin thickness [START_REF] Wanniarachchi | Film condensation of steam on horimntal lin ned tubes: effect of fin spacing. thickness and height[END_REF] conducted experiments on the conden sation of steam on horizontal copper tubes with diameters at the fin root of 19 mm, a fin spacing of I mm and a tin height of I mm. They found a best fin thickness in the range of 0.75 mm to lmm. When the fin thickness was increased (> I mm) the surface area decreased and resulted in a decrease in the HTC. When the fin thickness was decreased below 0.75 mm, the amount of condensate retained in the intertin spaces was more impor tant, which lead in an increased thermal resistance and a decrease in the heat transfer coef ficient. [START_REF] Briggs | An experimental investigation of condensation on integral fin tubes: effect of ti lm thickness, height and thermal conductivity[END_REF] experimentally investigated the fin thickness influence on the con densation heat transfer coefficient during condensation ofCFC 113 and steam outside hor izontal finned tubes. They tested three tubes made of different materials (copper, brass and bronze) with rectangular-section fins, having fin spaci ng of I mm, two different fin heights (0.9 m111 and 1.6 111 111 ), and fin thickness in the range 0.25 to 0.75 111 111 . The other geometric parameters were the same for all tubes. For CFC I 13 the enhancement ratio shows a minimum for a fin th ickness of 0.5 mm. This minimum was the same for all three tube materials and for both fin heights. For steam they found that there is slight increase in enhancement ratio when the fin thickness increases. They explained this by the fact that a lin thickness increase resulted in conductance of the thicker fins, which outweighs the decrease in surface area.

c -lnrer-j in space The two antagonistic phenomena (the condensate drainage on the fin sides and the condensate retention) due to the surface tension forces suggests the exis tence of an optimal inter-fin spacing and this optimum depends on the fluid nature. [START_REF] Marto | Film condensation of steam on hor izontal tinned tubes: Effect of tin shape[END_REF] experimentally studied the steam condensation on copper tubes having a diameter at the fin root of 19 111m, a fin thickness and a fin height of I mm. They found that the optimal inter-fin space is about 1.5 mm.

Sreepa thi et al. ( 1996) conducted condensation experiments outside a horizontal cop per ttUbe with HCFC 123 as the working fluid. They noted that for a tube with a fin spac ing of 0.85 mm and a fin thickness of 0.15 mm the optimum fin base spacing value is around 0.3 rnm. They pointed out that the heat transfer performance is very sensitive to fin buse spacing around the optimum value.

Belghazi (200 I) condensed HFC 134a outside copper horizontal finned tubes with trapezoidal shaped fins. The diameter at the fin base is about 16 mm and the fin height is 1.4 mm. He fo und the optimal fin spacing to be around 0.6 mm. d-Tube diameter An experimental study conducted by [START_REF] Michael | Filmwise condensation of R-113 on horizontal integral-tin tubes of diffe rent diameters[END_REF] provides CFC I 13 data during condensation on copper tubes having three diffe rent diameters ( 1 2.7 mm, 19.05 mm, and 25 mm). All the tubes have a fin thickness and a fin height of 1 mm and fln spacing of 0.25 mm, 0.5 mm, 1 mm, 1.5 mm, 2 mm and 4 mm. Although it would appear that the tube diameter has negligible effect on the heat transfer enhancement ratio due to the normalisation method, it is found that this ratio increases with tube diameter, probably due to decrease in flooding.

e -Fin shape pro file The fin shape optimisation is of a great importance in the enhancement of integral-fin tube performances. [START_REF] Gregorig | Film condensation on finely rippled surfaces with consideration of surface ten sion[END_REF] performed a theoretical study assuming that the surface tension fo rces are dominant, and proposed an optimal fin profile which drains more easmly the condensate on the fmn flanks, and gives an effective enhancement of the vapour side heat transfer coefficient. [START_REF] Marto | Recent progress in enhancing film condensation heat transfer on horizontal tubes[END_REF] conducted experiments during condensation of steam on horizon tal finned tubes. Data were obtained for copper tubes with fins of rectangular, triangular, trapezoidal, and near-parabol ic cross sections. They concluded that the near-parabolic fin shape providing a gradually decrease in curvature from the fin tip to the fin root results in an increase of I 0 to 15 percent in steam-side heat transfer coefficient compared to the heat transfer coefficient of the three other finned tubes tested. [START_REF] Webb | Row effect for R-11 condensation on enhanced tube[END_REF] compared the performance of the Gewa SC tubes with a "Y" shaped fins to I 024 fin per meter integral-fin tube during condensation of R II, they found that the average condensation coefficient of the Gewa SC tube is 27 percent higher than that of the I 024-fpm tube.

Kedzierski and Webb ( 1990) proposed a fin profi le with a curvature changing monot onically from the tip to the middle part of the fin foanks and having a small fin tip radius. A numerical study of [START_REF] Zhu | Optimisation of fin geometry of a hori.wntal low-finned condenser tube[END_REF] reveals that the optimum fin shape resembles the fnn shape proposed by Kedzierski and Webb ( 1990).

Blane ( 1994) condensed R l34a and R22 outside the Gewa SC and the Gewa K26 (I 024 fpm) tubes. He pointed out that the vapour-side heat transfer coefficient of the Gewa K26 is 15 percent higher than the Gewa SC tube, because the retention of the condensate in the lower part of the tube is greater for the Gewa SC tube than of the Gewa K26 tube. He noted also that the Gewa SC overall heat transfer coeffi cient is 40% higher than the K26 value because the Gewa SC has a finned inner surface. [START_REF] Honda | Effect of circumferential rib on film condensation on a horizontal two-dimensional fin[END_REF] proposed a fin profi le with a circumferential rib on the flank of a two-dimensional fin. They concluded that the circumferential ribbing enhances the film condensation on a hor�zontal two-dimensional fin tube. The enhancement is more significant for a double rib than for a single rib fin.

Lmr integra/finned tube bundle

The models developed for a single enhanced tube are not directly applicable to tube banks, since the heat transfer in the lower rows is affected by condensate inundation and the HTC is lower for these tubes. In the literature there are two approaches to thi prob lem:

The fir t simply consists in applying the Nu. selt approach developed initially for smooth tubes. [START_REF] Katz | Condenstion of six tinned tubes in a vertical row[END_REF] where r is the flow rate of falling condensate per unit length.

(40)

In the column mode case there is an affected (A-region) and an unaffected (U-region) regions, whereas in the sheet mode case there is just one region (A-region) see figure (6). Then, they calculate the heat flux for each region and deduce the average heat flux of the considered• tube as in the single tube case, taking into account the proportion of sum-face area covered with impinging condensate. The comparison of this model to the experimental results of Marta ( 1986) who pro vided data of steam condensation outside a bundle of horizontal finned tubes shows an under-estimation of experimental results ranging from 5% to 20%.

Murata & Hashizume ( 1992) developed a model predicting the HTC of tube bundles having rectangular fins. For this purpose they carried out an analysis of the film conden sate. The inundation is taken into account through the condensate flow rate of the upper tubes which leads to a modification of the condensate thickness in the interfin space. To validate their model they compared it to experimental data during condensation of R II and R 114 in bundles of 8 rows, with rectangular fin tubes of various fin pitches. Theory and experiments differed by about 20%. Belghazi (200 I) provided data of HFC 134a con densation outside five commercial horizontal finned tubes (Ki t, K 19, K26, K32 and K40 tubes having II, 19, 26, 32 and 40 fins per inch respectively). He fou nd that the Katz & Geist ( 1948) correlation gives good results for the tubes having high fin densities (K26, K32 and K40) but underestimates the inundation effect for the K II and K I 9 (Figure 7). He also pointed out that the Honda et al. ( 1989) and Murata & Hashizume ( 1992) models did not give a significant amelioration in comparison to the [START_REF] Katz | Condenstion of six tinned tubes in a vertical row[END_REF] corre lation (Figure 7), despite of their rather complex approache .

• ••••••••• ••• ••••••••• ••••••••• . .
1.5 Spec ial enhanced stuface tubes (3D)

I Sill g le tube

A lot of geometries have already been tested, for example, spine [START_REF] Webb | Investigation of surface tension and gravity effects in film condensation[END_REF], saw-tooth shape (Webb andMurawski, 1990, Cheng andTao, 1994), Gewa C+ (Belghazi, 200 1). To study the surface tension effects in 3-D geometries (spines), experiments were con ducted by [START_REF] Webb | Investigation of surface tension and gravity effects in film condensation[END_REF]. A gravity ba ed model failed to represent experimental re ults whilst a surface tension based model predicted the condensation coefficient with in 10%.

Belghazi (200 I) developed a model to determine the heat transfer coefficient during condensation of HFC 134a on a Gewa C+ tube (Figure 8). He divided the tube into four regions : (a) the fin region upon the notch, (b) the fin region below the notch, (c) the fin f1ank between two notches and finally the circumferential region between the fins. He as umed that the condensate f1ow is surface tension driven in the regions (a) and (c), and is gravity driven in the regions (b) and (d). The heat transfer coefficient is given by : a b and a d are calculated from the Nusselt correlation for a vertical plane plate and for a (4 1) smooth horizontal tube respectively. a a and a c are also calculated from the Nusselt expression for a vertical plane plate, where the gravity force p1g is replaced by an equiv alent in terms of surface tension. He found that this model agrees fai rly (±I 0%) with the experimental results.

Tu be bundle

Webb & Murawski ( 1990) presented experimental results of condensation of R.l l on the shell side of a vertical bank of five horizontal tubes. They compared two kinds of three-dimensional tubes (Turbo C and Tred D) to integral fin tubes (I 024 fpm) and to the Gewa SC tubes. They pointed out that the turbo C tube shows the highest single-tube per formance.

They found that the data for all tubes fo llow similar curves, when plotted in a i versus

Re the condensate Reynolds number, the straight line curve fits yield equations of the form: aj = CRe-w (42)

They found further that w is equal to 0.58, 0.51, 0.22 and almost zero for the Tred D, Turbo C, Gewa SC and the integral-fin tube respectively concluding that the Turbo C and the Tred D have an important inundation effect.

Cheng & Wang ( 1994) tes�ed three three-dimensional tubes and compare its perform ances to low integral fi nned tubes of 26, 32 and 41 fins per inch, during condensation of stationary vapour of HFC 134a on a bundle of three rows. They concluded that the row effect (inundation effect) is more pronounced for three-dimensional-fin tubes than for low-fin tubes.

Honda et al. ( J 991 )( 1992) conducted experiments during condensation of R 113 on staggered and on in-line bundles of three-dimensional tubes and of flat-sided-fin tubes. They found that the inundation is more important in the in-line bundle than in the stag gered bundle, and there is more inundation in the case of three-dimensional-fin tube bun dle compared to the flat-sided-fin tube bundle. The same conclusion was fo und by Belghazi (200 I) for condensation of HFC 134a.

VA POUR MIXTURE

General

The studies of condensation heat transfer of mixtures were first linked to petrochem ical problems and the first theories of mixture condensation were established 65 years ago with the work of Colburn and Hougen (J 934). Their interest has increased again during the last decade with the use of new refrigerant mixtures. Nevertheless, there are very few publications on condensation heat transfer of mixtures on horizontal smooth or finned tubes. We can only cite two previous review papers: the first from Wang and Chato ( 1994) and the second from Thome ( 1994). An interesting review on condensation of mixtures on flat and finned vertical plates must be cited (Hijikata and Himemo, 1990) because the main parameters controlling heat and ma transfer are discussed. A li t of recent the<Oret ical studies of steady laminar film condensation of a vapour mixture on a flat plate is given by Rose et al. ( 1999). In this section we will give an overview of cur rent theories and of the experimental resu lts with underlining the main t7e atures compared to pure fluid condensation. Some new results obtained with the R23/R D4a mixture will serve as a base of discussion.

Current theories

For a mixture of several vapour , two cases have to be considered. First, �hen the mixture fo rms an azeotrope, the behaviour of the fluid is similar to that of a pure fluid. In this case, the temperature profile near the wall is comparable to the one seen fl gure 9 (a). On the contrary, for a zeotropic mixture, the less volatile vapour condenses prefer entially, the more volatile accumulating near the liquid-vapour interface thus creat�ng a layer (called diffusion layer) through which the less volatile component must diffuse (Figure 9 (b)).

As shown in figure 9 (a), the main resistance to heat transfer is located in the con densate film for condensation of a pure fluid. For a zeotropic mixture an additional ther mal resistance due to the vapour diffusion layer affec ts heat and mass transfer towards the interface. In most cases this latter resistance controls the condensation process. To deter mine the heat and mass flow rates, two methods are currently in use:

an equilibrium method caJied the "condensation curve" or "cooling curve" theory, -the film method.

Others methods have been developed which consist to solve the boundary layer equa tions for natural or forced convection of the vapour mixture parallel to a flat plate or per pendi,cular to a smooth tube.

1. Condensation curve methods

In these methods, developed by [START_REF] Silver | Gas cooling with aqueous condensation[END_REF] and [START_REF] Bell | An approximate generalized uesign method for multicomponentlpar tial condensers[END_REF], the fluids ( vapour, gas and condensate ) are assumed to be local ly in equilibrium throughout the condenser. In the Silver method the heat transfer coeffi cient aex, between the bulk gas and the condenser wall is calculated by:

I I Z R ---=--+-- aext 1 a 1 1} ag A , (43) 
In this equation, a1 is the heat transfer coefficient for the condensate layer and the heat transfer coefficient a 8 is calculated for the gas phase flowing along the condenser by itself. The Zg coeftic ient is given by

Z X _ dT g = g Cpg dh/11 (44) (45) (46)
where X is the mass flow fraction of the gas, c is the specific heat of the gaseous mix ture anldT/d hm is the inverse slope of the equ{Jfbrium condensation curve hm = f(T ), hm being the specific enthalpy of the fluid. Ty pical condensation curve for a binary mixture is given in figure 10. In the liquid-vapour zone, one can distinguish 3 types of curves: (a) the concentration of the more volatile component is greater than that of the less volatile, (b) the two components have nearly the same concentration, (c) the conce.ntration of the more volatile component is smaller than that of the less volatile.

The main interest of this method is its simplicity, since the mass transfer parameters need not be known (diffusion coefficients in particular ). It is suffic ient to determine the condensation curve and the heat transfer coefficients a1 and a�. If Q is the heat flow rate, the local overall heat transfer coefficient U between the gas and the coolant is defined by:

(47)
where T8 is the bulk gas temperature, Tc the coolant temperature and where U is calculat ed by adding the thermal resistances:

I I I --= + ,.11'(1/1 + ( 48) U 1 arool A ; aext A1
where anwf is the coolant side coefficient, A; the internal heat exchange surface area and r"'1111 the thermal resistance of the tube wall. 2.2.2 Film theory This theory was first developed by Colburn and Hougen ( 1934) for con densation of a vapour in the presence of a non-condensable gas and ex tended by [START_REF] Colburn | The condensation of mixed vapors[END_REF] to condensation of a zeotropic binary mixture. Then, it was improved by [START_REF] Ackermann | WarmeObergang und molekulare Stoffli bertragung im gleichen Feld beigrossen Te mperatur und Partialdruckdifferenzen, (Simultaneous heat and mass transfer with large temperature and partial pressure differences)[END_REF]. The heat transfer coefficient ad between the condensate/gas illler fac e and the coolant is defined by the heat balance equation:

• ,.. Y -Y 1 a,t fT J-Tc )=a� (Tg -Tt)+ L11 1Jv f3o � (49) I-Yv
where T1 is the interface temperature, 1Ê1v the molar latent heat of condensation, r: , and Y� are the mole fraction of the vapour in the bulk gas and at the interface respectively. {30 * is the corrected mass transfer coefficient given by: where * .::

f3o = f3o -;- (50) 
e--I

(5 1) fir is the total molar condensed flow rate and {30 is the mass transfer coefficient which can be obtained from the analogy between heat and mass transfer [START_REF] Chilton | Mass transfer coeffi cients prediction from data on heat transfer and fluid friction[END_REF]:

_ at:: ( Pr )213 f3o --1m: -- cPI� Sc ( 52 
)
This coeffic ient can be calculated by using standard correlations for a, or by adapting these correlations from spec ific experiments [START_REF] Honda | Experimental measurements for condensation of downward-nowing R 123/R 134a in a staggered bundle of horizontal low-tinned tubes with fo ur geometries[END_REF].
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On the other hand, the ad coefficient is given by:

I I I --= +r w + -- (53) ad 1 acoot A ; a , A,
The heat transfer coefficient a � is the gas-phase coefficient corrected for mass trans fer effect as:

(54)
The local overall heat transfer coefficient may be defined as:

Q = U 1 ( T8 -Tc )=ad Ao ( Tt -Tc ) (55)
A systematic comparison between the film and the condensation curve methods was conducted by Webb et at. ( 1996) who indicated the limits of the latter method.

2.3 Smooth tubes 2.3. 1 Sin g le horizontal smooth tube Many papers have been published on condensation on horizontal smooth tubes, in the presence of non-condensing gas. To the authors' knowl edge, few studies have been carried out on condensation <Of a vapour mixture on a smooth tube and most of them up to 1990 were listed by Fuji et al. (1990). The first theoretical study seems to be thfé one by Denny and South (I 972). These authors developed the boundary layer equations to investigate the effect of bin ary mixture condensation at the fo rward stagnation point of a horizontal cylinder and gave numerical results for a steam methanol mixture. [START_REF] Kuang | An experimental investigation for condensation of non-azeotropic refrig erant mixtures outside a horizontal tube[END_REF] adapted the Nusselt equation to the case of a zeotropic mixture by replacing the leading constant 0.728 and the exponent 1/4 lby two constants AO and A I respectively. These constants were tilted with the experimental results for 4 mi xtures: RI I/RI2, Rl i/R22, RI I/R502, and RII/RI2/R22. Fujim et al. ( 1990) studied several different pattefÅs of gravity-controlled condensation of hi nary mix tures on a single smooth horizontal tube, and [START_REF] Hijikata | Condensation of azeotropic and non-azeotrop ic binary vapor mix tures[END_REF] studied the per formances of the binary mixture CFC 1 13/CFC 114 on a smooth tube while including the intluence of the vapour tlow direction on the heat transfer performance. [START_REF] Wang | Condensation heat transfer of a non-azeotropic binary mix ture on a horizontal tube[END_REF] solved the boundary layer equations in the case of natural convection neglecting the pres sure gradient in each phase and compared their model to the results of the experiments carried out with the binary mixture HFC 152a/HCFC22 (Figure II). The complete equa tion system for condensation of a binary mixture on a smooth horizontal tube has been given by Belghazi (200 1). [START_REF] Signe | Condensation heat transfer of a pure fluid and bina ry mixture in a bundle of smooth horizontal tubes. Comparison of experimental results and classical models[END_REF] and [START_REF] Belghazi | Condensation heat transfer of a pure tluid and binary mixture outside a bundle of smooth horizontal tubes. Comparison of experi mental results and a classical model[END_REF] presented exper imental results for the R23/R 134a zeotropi,c mixture. The experimental results of these two latter authors are summarised in figure 12 where the heat transfer coefficients as a function of t1T =Th-T11., (Th is the bulk vapour temperature and T, . . the tuhe wall tempera ture), are represented. ...

Sfoth tube
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, 22 27 These results can be analysed similarly to those of [START_REF] Hijikata | Condensation of azeotropic and non-azeotrop ic binary vapor mix tures[END_REF] for a tlat plate:

(i) The results tend to the Nusselt solution as t1T increases.

(ii) In the small llT region the heat transfer coefficient is rate controlled by the dif fusion layer (iii) The value of the heat transfer coefficient could be explained by considering that the thermal resistances of the liquid film and of the diffusion layer coex ist independently in series.

The use the condensation curve theory allows these results to be qualitatively inter preted. In the small t1T region the a1 value is very high (Nusselt theory) and the corre spondtng thermal resistance is low. Moreover, in the case of the lowest concentrations of the more volatile component, the corresponding condensation curve is the (c) curve in fig ure I 0. In this case, the slof of the condensation curve dh/dT at the dew point Td is high leading to a small value of the l/a factor i-e to a high value of the corresponding thermal resistance. Conversely, for highe/concentrations, the slope of the condensation curve at

Td is low and it can be written:

� � R23 low cvncellfration < �I � R23 llil(h ("IIIICtlllmtion (56) 
In accordance with the experimental results, for a given i1T, the condensation heat transfer coefficient for low concentration or the more volatile component (R23) is higher than that for high concentration. For high fyT value, the heat transfer is rate controlled by the condensate film because the reverse mass diffusion becomes negligible.

The theoretical analysis of these re. ults has been made with the conden at ion curve method (Figure 1.3). If the agreement is fa irly good for the very small concentration in the more volatile component ( 1.5 % in R23), it is rapidly becoming worse as this concentra tion increases. The authors proposed, as suggested by [START_REF] Webb | The relationship between tne Colburn and Silver methods of corndenser design. l11[END_REF] to introduce the Lewis number Le in the fo rmula (43):

with I I 1É1C2 Z ---= --+ � a ext Ao a, A , ax A, Le =a/ V (57) (58) 
a being the thermal diffusivity and Vthe mass diffusivity of the mixture. In this case the agreement is rather good, even for high concentrations of the more volatile component. in condensation of a vapour mixture in a bundle of tubes is the choice of the vapour tem perature. Indeed, the bulk vapour temperature is strongly dependent on the position in the condenser. Moreover, condensation can occur on the temperature sensor itself leading to an erroneous measurement. A way of avoiding such problems is to u. e only one tempera ture, the dew temperature being generally chosen. Seveml authors on the contrary have placed thermocouples inside the bundle either by shielding the thermocouple under u dummy tube (Signe et al., 1998. Belghazi et al., 200 I) to measure the vapour temperature or by attaching a shield and a gutter just above and below the thermocouple to measure the vapour and the condensate temperature respec tively [START_REF] Honda | Experimental measurements for condensation of downward-nowing R 123/R 134a in a staggered bundle of horizontal low-tinned tubes with fo ur geometries[END_REF]. An example is shown on the figure 14 in which the local vapour temperature is measured for a given composition of the mixture R23/R 134a (Belghazi et at., 2001 ). Contrary to pure fluids, no influence of the inundation effect on the heat transfer coefficient was observed. It can be noticed that theoretical calculations using the modified condensation curve method are in good agreement with the experimental results. Comparison between experimental results and modified condensation curve theory.

Fin ned tubes

2.4.1 Single horizo11tal finned tubes A resume of results for the condensation of zeotrop ic mixtures on the outside of fm ned tubes is shown in table 1. Reference From the experimental studies of [START_REF] Murphy | Condensing !heat transfer for RI I4/R 12 mixtures on horizontal finned tubes[END_REF], [START_REF] Hijikata | Condensation of azeotropic and non-azeotrop ic binary vapor mix tures[END_REF] and Belghazi et at. ( 1998), the first general conclusion is that the higher concentration in the more volatile component and the more degraded the heat transfer coefficient if compared to the less volatile component one. This can be observed in figure 15 from the Hijikata and Himeno studies ( 1990) for condensation of R 113/R I I and R I 13/R 114 and in figure 16 which corresponds to a complete study carried out for condensation of a R23/R 134a mix ture on low finned tubes whose fjn pitches varied from I I to 40 fpi. The fo llowing remarks, some being similar to those for a smooth tube, can be done:

(I) A small amount of the more volatile component is sufficient to create a dif fusion barrier which controls the heat transfer and causes the heat transfer coefficient to be strongly decreased.

(2) As for a smooth tube, in the small DT reg ion the heat transfer coefficient is rate controlled by the diffusion layer

(3) As flT increases, the heat transfer coefficient for a finned tube increases markedly, while it increases only slightly for a smooth tube.

(4) At high flT the heat transfer coefficient tends towards the heat transfer coef ficient of the less volatile fluid.

(5) The more important the mass frac tion of the more volatile component, the greater the decrease in the heat transfer coefficient.

(6) At high concentration of the more volatile fluid the heat transfer coefficient tends to an asymptotic limit.

(7) When the concentration of the more volatile component has a significant value (> 3 % in this case), the order of magnitude of the heat transfer coeffi cient is bare ly dependent on the concentration.

To the above, one can add the results of [START_REF] Hijikata | Condensation of azeotropic and non-azeotrop ic binary vapor mix tures[END_REF] who remark that contrary to the pure fluid case, the best f¡rformances are obtained with high fins when a vapour mixture is condensing. Considering the figure 17, it can be seen that the thickness of the diffusion layer greater or smaller than the fin height. If the thickness is small com pared to the fin height, the wavy heat exchange surface area is greater than the projected area of the tube. Conversely. for a thickness greater than the fin height, the heat exchange surface area is approximately the same as the projected area and the heat transfer coeffi cient diminishes. For small flT, the fins are covered by the diffusion layer and the heat transfer coefficient strongly decreases. As the condensate film thickness increases, the temperature diffe rence between the vapour bulk and the liquid-vapour interface decreases and the diffusion layer in thinned. The fins are no longer covered by the diffusion layer leading to a significant augmentation of the heat transfer coefficient.

As for smooth tubes, a theoretical analysis can lbe carried out by the condensation curve method. In the case of finned tube the formula (57) has been adapted by the simple following way: the orders of magnitude of the heat transfer cffficients a 1 and a 8 are very di fferent (factor I 00 to 200). The choice of an accurate theory to determinea1 is less important than in the case of pure fluids. It is the reason why in this case the Beatty and Katz formula was chosen. On the other hand, the gas heat transfer is efficient on the unflooded part of fins, and the formula (57) becomes: This poor agreement can be explained by remarking that the dependence with the Lewis number is not as simple as it is proposed in the formula (59).
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2.4.2. Finned wbe bundle It has been seen that, for pure fluids, the inundation of lower tubes in a bundle has a smaller effect for finned tubes than for smooth tubes. In the case of a mixture, the bulk vapour temperature varying strongly between the condenser inlet and the outlet, this tends to increase the value of the heat transfer The combi nation of these two effects can make the heat transfer coefficient be increased compared to the first row of the bundle. This is observed in figure I 9 for the condensation of R23/R 134a on tubes with I 9 fpi. In this figure, together with experimental results are given the theoretical interpreta tion with the modified condensation curve model. The strong variations of the heat trans fer coefficient cannot be represented by this method. However, the total heat power is cal culated with a good accuracy (± I 0 %, Figure 20 

Enhanced surfa ce tu/Jes

The condensation of a vapour mixture on enhanced surface tubes has induced less studies than for pure fluids. Indeed, the first industrial approach is to use the tubes manu factured for pure fluids. As an example, the heat transfer coefficient for condensation of the R23/R 134a mixture Gewa C + tube is given in fi gure 21. It can be observed a drastic fa ll of the heat transfer coefficient even at low concentration of R23. ln this particular case, this can be explained by remarking that the fin height of this tube is slightly smaller than that of the trapezoidal fins previously studied. The tins are completely covered by the diffusion layer.

CONCLUSION

The effects of the different parameters (tube geometries and fluid properties) on shell side condensation heat transfer are presented in th is paper. Low-finned tubes (20 geome tries) are currently in use in shell-and-tube condensers and sp ecial enhanced surfaces (3D geometries) are in development. These two types of tubes are used with pure fluids as well as with vapour mixtures. The main conclusions that can be drawn are:

Low finned tubes. Single tube. Pure fluid.

(i) The heat transfer enhancement factor compared to a smooth tube can vary from 5 to 10.

(ii) The optimal co nfiguration of fins is close to be ing establ ished. The presence of ri bs on the fin flanks add a supplementary enhancement factor.

(iii) The rete ntion of the condensate on the underside of the tubes has a detrimen tal effect on heat transfer. More research is needed to minimise this effect.

(vi) The models of [START_REF] Honda | A generalised pred iction method for heat transfer during film condensation on a horizontal low ti nned tube[END_REF] and Rose ( 1994 ), allow the heat transfer coeffic ient to be predicted with a good accuracy .. However, the Rose model is more easy to use.

Low finned tubes. Tube bundle. Pure fluid.

(i) Low-finned tubes are barely affected by the inundation effect.

(ii) The problem of the tube arrangement in a shell-and-tube heat exchanger is mot completely solved.

(iii) The model of [START_REF] Honda | A generalised pred iction method for heat transfer during film condensation on a horizontal low ti nned tube[END_REF] is the most complete which predicts the heat transfer coefficient of a bundle. However, the inundation effect can be predicted with a correLation of Nusselt type having an exponent varying from 0 to 0.07.

Spedal enhanced surface tubes. Single tube. Pure fluid.

(i) 3D surfaces have been shown to have heat transfer coefficients greater than 2D surfaces.

(ii) No general models exist. Specific geometries have specific models.

Special enhanced surface tubes. Thbe bundle. Pure fluid.

(i) 3D surfaces can be strongly affected by the inundation effect.

Low finned and enhanced surface tubes. Vapour mixtures.

(i) A small amount of the more volatile component produces a strong decrease in the heat transfer coefficient compared to that of the pure less volatile fluid.

(ii) The classical condensation curve method underestimates the experimental results. This method was adapted by introducing the Lewis number. Theoretical results are in good agreement with experimental results espedal ly for low concentrations of the more volatile component.

(iii) The 3D surfaces are not any more effkcient than 2D surfaces since the ther mal resistance of the diffusion layer controls the heat transfer.

NOMENCLATURE Latin Letters

Thermal diffusivity Heat transfer surface area Fin spacing at fin root h, 
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  where ris the lineic condensate mass fiow. With these notations, the Nus eft theory gives:

FIGURE 1 .

 1 FIGURE 1. lnnuencc of fluid characleristic tem p erawres on theoretical values of the heat transfer coefficient (After Belghazi, 200 I).

  .. ;� fl hl l •]' / -1 ( c "i (T_ (ot •Til. J) a , =0.728 , 1+0.2 (n-1)_.:,_ _ __ _ II /) J.. lf (7 .(l/1 -Til. ) L1 ����with the condition that c ' '' ( T.wu -T i l. ) This equation agrees reasonably well with experimental data. It has been shown that using the Chen sugge tion with the Kern exponent allows the two phenomena of ripples and subcooled falling condensate to be taken into account and to obtain a better agreement ( Belghazi et al., 200 I) (Figure 2) 2. Varintion of the ratio hetween the heat transfer coeflicient of the jth row and the heat transfer <:oeftkicnt of the lir�a row as a function of the row numher. (a) Con1rarison experimental rc. ults and Chen ct al. model. (.h) Com p arison experimental resulls nnd modified Chen ct al. model.

  3. Fin profiles in 2-D geometries: (a) Rectangular fin. (b) Trapezoidal fin. (c) Curved profile and rectangular part. (c) Curved profile.

FIGURE 4 .

 4 FIGURE 4. Condensate retention at the lower part of integral-fin tubes.

FIGURE 5 .

 5 FIGURE 5. Definition of geometrical parameters in a tube with trapezoidal tins.

  <l> = COS I -l With e >b,/2 . [( 4 a cos. e ) ] .

  t:,.ll ) (I . c b ) + (I . t;�l ) c b (28)

  proposed a correlation in the form of equation ( 15) with g equal to 0.04 instead of 1/4 as proposed by Nusselt in the smooth tube bundles. The second consists in developing a model, first for a single tube, and then for a bundle, by considering two different situations according to whether the lower tubes are unflooded or flooded by the condensate flowing from the lll pper tubes. Such a model. was proposed by Honda ct at. ( 1989) who extended their model developed initially for a single horizontal finned tube. In this model they calculate . eparatcly the heat flux in the flooded and unflooded regions for the top tube row. For the second and . ubsequent rows they distin guish the flow mode of impinging condensate using the following criteria: with Column mode for K � 0.42 Sheet mode K> 0.42

  -6. Physical motlcl of llonda ct at. (I 989).
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FIGURE 7 .

 7 FIGURE 7. Heat transfer coefficient in a tube bundle during condensation of HFC 134a (Bclghazi, 200 I).

  FIGURE 8. Three-dimensional tube geomelries.

FIGURE 9 .

 9 FIGURE 9. Temperature profiles near the wall: (a) Pure fluid or azeotrope. (b) Zeotropic mixture.

A0

  and A0 are respectively the reference surface area and the actual extef¬al surface area of a tube, A0 being equal to A0 for smooth tubes. The a8 coefficient can be corrected for mass transfer effects by writing[START_REF] Mcnaught | Mass-transfer correction terms in design methods for multi-component/par tial condensers[END_REF] the molar flux of the condensing v af¢ur.

  . 10. Specific enthalpy or a binary mixture as a function of temperature for different concentrations of the �:omponents.

  Condensation hcul tnm�fer cocnicicnt <1S , a function of DT for the R 152a/R22 mixture at differ ent concentrations (After Wang et al.. 1995).

FIGURE 12 .

 12 FIGURE 12. Condensation heat transfer coefficient as a function of .1T for the R23/R 134a mixture at differ ent concentrations.
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  Cl � � ��� � �1Ĉ f!' � �� :�o' t1 [ o" ,_ --_J A •�».' •. ,.Tw ( K) FtC.l'RE I J. C<)nden�atiQn of R2J/R 134a mix lUre: Comparison of experimental results with classical 11nd rnm.lilicd condensation curve theories.30 2.3.2 Smooth wbe lnmdle A crucial problem in the heat transfer coefficient measurements

FIGURE 14 .

 14 FIGURE 14. Condensation of R23/R 134a mixture: Heat transfer coeffi cient as a fu nction of the row number.

Fluid

  Low finned tube (Tube bundle) and Takata{ 1999 2 

  Heat transfer coefficient of free convective condensation of mixtures on a high-fin tube (after Hij ikata ct al., 1986).

  t.• ' .... .. l' JJ ' ...... o5t,�� &3,. � 'Xi\ �u�

  Condensation heat transfer coefficient for R23/R J34a mixtures with different composition on finned tube�.

  17. Comparison hetwcen diffusion layer thi•ckness and fin height (After Hijikata and llimeno.It can be seen in the figure18that the agreement is fairly good for low concentrations in the more volatile component but this agreement becomes poorer as the concentration

  -------r-------,--------.------: I R. Condensation of R23 /R 134a mixture. Compmison of experimental resulls with condensation curve theory.

FIGURE 19 .

 19 FIGURE 19. Condensation of R23/R 134a mixtures on finned tubes with 19 fins per inch. Ratio of the heat transfer coenicient of the jth row by the heal transfer coefficient of the first row as a fu nction of the row number.

  FIGLIRF. 20. Measured heat flux as a function of the heat flux calculated with the condensation curve method.
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  --.-----�-----,----.,..• --•----•------, 21. Condcnsntion of R23/R 134a mixtures on Gcwn C+ tubes. Ratio of the heat transfer coefficient of lhc j th row hy the hent trnnsfcr coct'tkicnt of the lirst row as a function of the row numhcr.

TABLE I .

 I Condensation studies on finned tubes with vapour mixtrures.
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